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Abstract

The severe rise in global surface temperature and its associated damages to the ecosystem are primarily
attributed to anthropogenic carbon dioxide emissions. The present CO2 levels in the air today and the
continuing emissions necessitate even the most ambitious development scenarios to rely on net nega-
tive CO2 emissions to limit the global temperature rise to 1.5 °C until the year 2100. Direct Air Capture
(DAC) refers to the direct extraction of carbon dioxide from the ambient air and addresses the need for
net negative emissions. As the technology is still in its infancy, understanding and modeling the occur-
ring processes is crucial.

This thesis addresses the challenges in modeling adsorption and desorption processes in solid-sorbent
Direct Air Capture, focusing on the complexities introduced by the porous structures of sorbent mate-
rials and the effects of humidity. Current models fail to incorporate the full spectrum of mass transfer
processes, or do not consider the significant effects of humidity on the process. To bridge this gap, a
detailedmass transfer and reaction kineticsmodel at the particle scale was developed, aiming to provide
a more accurate framework for predicting the performance of amine-functionalized sorbents in DAC ap-
plications. Themodel was developed on a particle scale, and subsequently included in contactor models
of a packed-bed and a monolith. The study considered all relevant transport mechanisms, finding that
pore diffusion and reaction kinetics are critical in governing sorbent uptake dynamics. The contactor
model effectively compares the performance of packed-bed andmonolith reactors, highlighting a trade-
off between productivity and energy efficiency, with significant potentials for energy savings offered by
the monolith.
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1
Introduction

The Intergovernmental Panel on Climate Change (IPCC) has reported a rise in global surface temperature
of approximately 1.1 °C between 1850−1900 and 2011−2020, primarily attributed to human activities [10].
Carbon dioxide, followed bymethane, is the primary greenhouse gas influencing climate change [80, 10].
Over the past 200 years, the concentration of CO2 in the atmosphere has increased from approximately
280ppm [96] to about 420ppm in 2024 [90, 56]. Anthropogenic CO2 emissions have consistently risen
over recent decades, reaching approximately 41.46Gt per year in 2022 [68]. In the recent IPCC synthesis
report from 2023 [10], multiple scenarios for development until the end of the century are explained and
compared. Only in a small fraction of the most ambitious scenarios can global warming be limited to an
increase of 1.5 °C without overshooting before 2100. Rogelj et al. [69] conclude from their analysis that
there is no feasible scenario that avoids an overshoot. Overshoot implies that the global temperature in-
crease will exceed 1.5 °C before subsequently reducing to that level before 2100 by removing greenhouse
gases from the atmosphere. An overshoot entails severe and potentially irreversible consequences for
ecosystems affected by processes such as glacier melt or sea-level rise. A larger overshoot necessitates
a higher amount of CO2 that must be removed from the atmosphere. It can be estimated that approx-
imately 220Gt of net negative emissions will be required to decrease the global surface temperature
by one-tenth of a degree. All pathways mentioned in the report - with or without overshoot - rely on
net negative emissions of CO2 between 220 and 360Gt in total [10] to achieve the goal of limiting the
temperature rise to 1.5 °C. In general, technologies to capture CO2 can play a crucial role in achieving to:

1. lower emissions in the near future,
2. balance emissions from distributed sources, such as in aviation and
3. compensate for the overshoot by achieving net negative emissions [10].

To drive the development of solutions to reduce emissions in the near future (1), Carbon Capture and
Storage (CCS) has been a key research topic in recent years [31]. Despite the increased employment
of renewable energy sources, carbon emissions keep rising. To promptly reduce emissions, capturing
carbon from exhaust gases at significant anthropogenic point sources like fossil power stations or steel
and iron production sites, represents a promising approach. However, this method is insufficient to
address the challenge of balancing emissions from distributed sources (2) or achieving net negative
emissions to compensate for overshoot (3). Given that approximately half of the annual carbon dioxide
emissions originate from distributed sources, the need for an alternative solution is evident [73]. Direct
Air Capture (DAC) refers to the direct extraction of CO2 from the ambient air, and was first proposed
for climate change mitigation by Lackner in 1999 [43]. Since then, the field of DAC gained attention by
many scientist and the number of publications increased significantly, particulary in the last fifteen years.
Additionally, several start-up companies have been established, focusing on scaling up the technology to
a commercial scale [73]. DAC offers the flexibility to be deployed independent of location and emission
source, thus enabling the compensation for distributed sources. If the process is powered by sufficiently
low-carbon energy and the extracted CO2 is permanently stored, net negative emissions can be achieved.

1



1.1. Approaches to DAC 2

1.1. Approaches to DAC
The design of a process to extract CO2 from the ambient air bears challenges due to the dilute pres-
ence of CO2, as well as the fluctuating environmental conditions like temperature and humidity. For
Direct Air Capture to become a viable solution, the process must demonstrate resilience across diverse
conditions and prioritize energy efficiency, while employing renewable energy sources to align with its
environmental objectives. A promising approach to capture CO2 from ambient air is the principle of sorp-
tion [82]. Various technologies, applying physical sorption, strong bases, amine-functionalizedmaterials,
aqueous amino acid solutions with guanidine precipitation, moisture-swing sorption, or electrochemical
swing sorption, have been explored and are still topic of current research [82].

Strong base materials exhibit high chemical binding energy with CO2 which makes them suitable to
capture it from ambient air. After the absorption, a concentrated CO2 stream can be released via a calci-
nation step. However, this requires high temperatures which makes the process energy-intensive [82].
Nevertheless, the first commercial DAC capture systems are based on aqueous alkali hydroxide solu-
tions (operated by Carbon Engineering [38]). In the closed-loop process, the air is exposed to the alkali
hydroxide solution in a contactor, which reacts with CO2 to form a solution that contains alkali carbonate
species. Next, the solution is brought in contact with Ca(OH)2 and calciumcarbonates are formed. The
subsequent regeneration of the sorbent and release of the CO2 is energy intensive, as it requires temper-
atures above 800°C [23, 100]. To avoid the drawbacks in efficiency, a route of regeneration through an
electrochemical process has been investigated. Although higher efficiency could be achieved, high costs
of membrane materials did not make this an economically competitive option [23]. Moisture-swing sor-
bents bind CO2 in dry and release it in humid conditions. This is achieved by the nature of quarternary
amines which are bound by a support structure. As a result, the adsorption and desorption processes
can be carried out without requiring external heating or cooling, leading to energy savings and eliminat-
ing the need for dedicated thermal units. However, applying the moisture-swing principle in Direct Air
Capture makes the process sensitive to the weather conditions [94] and might require large quantities
of water.

An approach by Custelcean et al. follows the principle of employing an aqueous amino acid solution that
captures the CO2, and binding it in crystalline form as a carbonate salt through guanidinium hydrogen
bonding. To regenerate, the CO2 can be released at temperatures around 80−120 °C, which facilitates an
approach to DAC with low energy and material costs [77, 14]. Although exhibiting high efficacy, further
research is needed to scale up and assess its practical viability [82]. Electrochemical processes for CO2
capture are intriguing, yet current methods require higher CO2 concentrations than present in ambient
air (≳ 0.04%/400 ppm), posing feasibility challenges for DAC development [82].

The principle of physical sorbents relies on van der Waals or ion quadruple forces. Typical materials are
zeolites, activated carbon, aluminia and metal-organic frameworks (MOFs). An advantage of physisor-
bents is the regeneration process. Due to the weak binding of CO2, regeneration is comparatively easy
and can be done at low temperatures [82]. However, a high binding strength is necessary to allow for
high adsorption capacities especially in dilute conditions as present in the atmosphere [34]. Kumar et
al. [41] compared the performance of four different physisorbents (one zeolite, two MOFs, and one hy-
brid ultramicroporous material (HUM)) and one chemisorbent (amine-functionalized mesoporous silica:
TEPA-SBA-15) in terms of sorption capacity under atmospheric conditions. The amine-functionalized
chemisorbent exhibits a high selectivity for CO2 in dry conditions, as the amine groups do not react with
N2. The tested physisorbents show a high selectivity for CO2 over N2 as well, however they are highly
influenced by the presence of water vapour, while the chemisorbents performance is not affected. The
CO2 uptake of physisorbents reduces drastically in the presence of water vapour as the molecules com-
pete with each other for the adsorption sites on the sorbents surface [41]. They conclude that the tested
physisorbents might be suitable to apply capture CO2 from gases with high concentrations and low hu-
midity, such as dried flue gases. Here the low regeneration cost could compensate for the lower uptake.
As their performance decreases in dilute and humid conditions, they are less useful in the case of DAC
when compared to amine-functionalized chemisorbents [41, 82]

The approach of employing amine functionalized materials for DAC originates from the long practiced
CO2 separation from gas mixtures, commonly by monoethanolamine (MEA), diethanolamine (DEA), and
methyldiethanolamine (MDEA) [59]. High energy costs in the regeneration step due to their high heat
capacities and heat losses due to evaporation lowers the efficiency of the process severely [82].
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The application of solid amine functionalized materials has gained attention in the last years, and is
already employed in multiple DAC plants, built by Climeworks [6] and Global Thermostat [29]. They
have shown high potential for DAC due to their low energy consumption for regeneration compared
to methods employing liquid solutions, chemical stability, high reversibility and availability [82, 23, 17].
They perform well under humid conditions [94], exhibit a higher binding strength than physisorbents as
they rely on covalent bonding [53], but can be regenerated at rather low temperatures around 70−150 °C
[94]. As amine functionalized solid materials are a central focus of research on materials for DAC today
[17], this work focuses on this technology.

1.2. Motivation and Research Questions
The diversity of materials considered for Direct Air Capture, including differences in porous structure,
support material, amine type, amine loading, and functionalisation methods introduces variations in
performance. Furthermore, the impact of humidity on the process is considerable [94]. Modeling the
adsorption and desorption process bears challenges regarding the description of the pore structure, the
kinetics and the interaction of CO2 and H2O. Prior dynamic models for the uptake of CO2 on amine func-
tionalized sorbents [27, 86, 35, 79, 57, 61] failed to encompass all relevant mass transfer processes and
often disregarded the distinction between intra-particle mass transfer and chemical reaction kinetics,
making them strongly material-specific. Additionally, these models often consider only dry air or pure
CO2, neglecting the effects varying degrees of humidity in air.

Understanding the relevance of the different mass transfer steps is the basis for further research
and crucial for process and material design. The influence of intra-particle mass transfer under DAC
conditions is not yet covered by models in literature, and will be the focus of this study, where the
following research questions are posed:

How do mass transfer and reaction kinetics on a particle scale influence adsorption and desorp-
tion in Direct Air Capture?

• Which mass transfer mechanisms are most relevant in the process of adsorption and desorption
on a particle scale?

• Which material parameters are crucial to describe the process?
• Can a particle-scale model predict the adsorption behaviour on a contactor scale?
• Which mechanisms govern the breakthrough time?
• How do a packed bed and a monolith contactor compare in terms of productivity and energy con-
sumption for the fan?

In this work, a rigorous mass transfer model for an amine functionalized, solid sorbent on the particle
scale is developed. A primary focus is set on including the influence of water during the adsorption and
desorption processes. For the development of the model, the commercially available sorbent Lewatit
®VPOC 1065 is chosen. Themodel is based onmaterial properties as well as thermodynamic and kinetic
parameters of the chemical binding mechanisms. This ensures the possibility of tailoring the model to
different materials. Furthermore, the particle-scale model is included in contactor models of a fixed bed
reactor and amonolith. The influence of particle-scale effects are evaluated and the performance of the
different reactors compared.

Chapter 2 covers relevant background on sorbent materials, the principles of the technology, and pre-
vious models found in the literature. In Chapter 3 the numerical models developed in this work are
explained, along with the relevant theory of mass transfer and adsorption effects as well as the specifi-
cation of the simulated cases. The results drawn are elucidated in Chapter 4, followed by a discussion
in Chapter 5. Chapter 6 provides a conclusion answering the research questions and recommendations
for future work.



2
Background

2.1. Sorbent Material
The selection of the sorbent material significantly influences the performance of Direct Air Capture, as it
can serve as a key solution to its inherent challenges. With variations in selectivity, capacity, kinetics, and
regeneration behavior, the choice of the sorbent strongly impacts the process efficiency. Moreover, the
choice of sorbents impacts the economic viability of the process, considering factors such as stability,
availability, and affordability. Thus, a sorbent must fulfill several requirements, which are measurable
through performance parameters summarized in the following [82, 94, 2]:

• Selectivity for CO2 and the influence of water: The selectivity for CO2 is a critical factor influ-
encing the sorbent’s uptake from the air stream and the purity of CO2 in the desorption process. It
can be expressed through selectivity towards a specific species and should be as high as possible.
Simultaneously, it should be low for other species present in air that are not desired to be adsorbed
[94]. Since water vapor is ubiquitous in the ambient air, it ideally should not adversely affect the
adsorption process [17].

• Loading capacity and efficiency: The absolute capacity represents the maximum adsorbed
amount of CO2 per kilogram sorbent under specific conditions, while the working capacity refers
to the difference in loading between adsorption and desorption conditions, and is lower than the
absolute capacity. Efficiency is commonly used to compare different sorbents and denotes the up-
take in relation to the available adsorption sites, such as amine sites, as further explained below.

• Kinetics: A carbon capture process benefits from fast kinetics, as higher CO2 capture in the same
time frame can enhance process efficiency and profitability [2]. However, kinetics depend not only
on the sorbent itself but also on surrounding conditions like temperature, gas flow rate, and sample
size and shape [79, 94].

• Ease of regeneration: For an efficient process, the regeneration step must be simple and energy-
efficient. Lower desorption temperatures reduce energy costs and potentially allow for heat inte-
gration with renewable sources.

• Stability: To facilitate numerous cycles, the sorbent material must demonstrate both physical and
chemical stability. Otherwise, the degradation of the support structure or the active adsorbent
may lead to capacity losses [30]. Considering the DAC process, resistance to water presence and
oxidation is crucial [41, 44].

• Availability and affordability: To make Direct Air Capture a scalable and profitable process, the
sorbent must be affordable and widely available [2].

4
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2.1.1. Amine Functionalized Sorbents
Amine-functionalized solid sorbents exhibit numerous advantageous characteristics, including chemi-
cal stability, low regeneration temperatures, high reversibility, widespread availability, and exceptional
performance in humid conditions [82, 17, 94]. Consequently, they are of central focus in research for
potential application in DAC [100]. Within this category, materials may vary in functionalization method,
amine type, support structure, amine loading, and applied additives, providing flexibility for designing
novel materials and optimizing their sorption performance. The following outlines these different char-
acteristics and their impact.

Classification
Supported amine sorbents are usually separated into three classes [73]. The first one (class 1) includes
materialswith porous supports (such as silica,mesoporousmaterials, carbonfibers or polymers) that are
impregnated with monomeric or polymeric amines by stirring the support with the amine in the organic
dispersant. The impregnation binds the amines physically to the surface of the support [48, 30, 100].
The preparation of class 1 sorbents is rather simple and they tend to exhibit high amine loading and
sorption capacity [30] which makes them attractive for commercial-scale DAC systems [42]. However,
the binding strength of the physical bounds between amines and support is rather low, which is why the
performance of these sorbents tends to decrease after multiple cycles, due to amine leaching. Another
challenge is the limited diffusive transport of CO2 molecules to the active amine sites [100, 30, 8]. The
performance of the sorbent can depend, amongst other properties, on the choice of the amine type.
Generally, small amines are preferred to avoid pore blockage and thus to keep the diffusion resistance
low, which enables more effective mass transfer within the porous material [100].

Sorbents where amines are linked to the support structure through covalent bonds fall in class 2 [48]
and are typically referred to as amine-grafted sorbents [100]. Class 3 describes adsorbents where amine-
containingmonomers are polymerized in situ on a porous support structure, yielding chemically grafted
polyamine components. Both classes exhibit similar properites, as amine polymers are chemically at-
tached to the support. They were developed to overcome the problem of degradation after adsorption
and desorption cycles of amine-impregnated materials as they have a higher thermal stability, typically
up to 200 − 250°C [39, 11]. They typically achieve a lower sorption capacity but higher amine efficiency,
as well as a better stability over consecutive cycles [30]. Furthermore, hybrid class 1/2 materials were
proposed for example by Didas et al. [17].

Primary, Secondary, Tertiary and Quaternary Amines
Similar to ammonia, amine groups consist of a nitrogen atom with a lone pair and three attachments.
They are distinguished in the amount of hydrogen atoms of ammonia that are replaced by substituent
groups. In primary amines, one hydrogen atom is replaced, in secondary two, and in tertiary amines all
three hydrogen atoms are replaced [52]. If there are four organic substituent groups attached to the
nitrogen atoms, one speaks of quaternary amines or quaternary ammonium cations, as they are perma-
nently positively charged [36]. The differences in their composition leads to differences in their binding
mechanisms with CO2. While primary and secondary amines follow the same mechanisms, tertiary and
quaternary do not form carbamates, but can only bind CO2 through the catalysis of CO2 hydration. The
chemical reactions of the formation of carbamates and bicarbonates will be explained in the following
chapter. The correlation between the humidity level and CO2 adsorption is positive for primary, sec-
ondary and tertiary amines, while it is negative for quaternary [36].

Supports
In general, sorbentmaterials should possess a high surface area-to-volume ratio to enable high sorption
capacities.

A suitable support for sorbents should exhibit the following criteria:

1. Large Pore Volume: The support should have a large pore volume, facilitating high amine loading
and, consequently, high sorption capacities.

2. Uniform Amine Distribution: A uniform distribution of amines on the support is crucial for effec-
tive sorption and must be enabled by the support structure.

3. Strong Bond with Amines: To ensure durability over many cycles, a robust and strong bond be-
tween the amines and the support is favorable.
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4. Resistance to Humidity: The support should be resistant to humidity to maintain performance
under varying environmental conditions.

5. Wide Temperature Range: A suitable support should be able to withstand a wide temperature
range, making it applicable in ambient conditions [100].

For class 1 sorbents, support materials such as silica, polymers, aluminia, carbon and metal organic
frameworks have been tested, where siliceous material have been most studied due to their favourable
properties regarding tunability in pore structure and amine-containing ability. Moreover, they are readily
available and demonstrate high thermal stability [100]. One extensively studied material is a divinylben-
zene (DVB) crosslinked polymer, commercially available as Lewatit ®VPOC 1065, and functionalized with
primary amines [97, 91, 9].

Amine Loading
The amine loading is a critical factor influencing the sorption capacity of a material. While it might seem
intuitive that higher amine loading leads to increased capacity, this relationship only holds up to a cer-
tain point. Excessive amine loading can result in elevated diffusion resistance due to pore blockage, ul-
timately lowering the capacity [19, 33]. This phenomenon is particularly noticeable for class 1 sorbents.
As a result, there exists an optimum amine loading that balances this trade-off, theoretically calculable
through the multiplication of amine density and pore volume [12]. However, this theoretical calculation
may not accurately represent the actual optimum loading, possibly due to some parts of the porous
structure being inaccessible for amines. Typically, the optimum amine loading falls between 30 and 70
wt% [100]. Lou et al. [50] compared a typical silica sorbent to a sorbent with an arranged amine assem-
bly. They found that the reduction in pore volume after vs. before the amine functionalization for the
arragend assembly was lower and the sorbent kept its cylindrical pore shape. The beneficial sorption ki-
netics found for this sorbent indicate that the amine sites have a higher accessibility due to the arranged
amine assembly.

2.1.2. Performance Measurement
The primary objectives in evaluating the performance of a sorbent include determining the adsorption
isotherm and breakthrough curve. An adsorption isotherm relates the amount of adsorbed species to
the concentration in the surrounding phase in equilibrium, while a breakthrough curve refers to the
adsorption kinetics by monitoring the concentration at the outlet of a fixed-bed reactor over time [13].
From these two measurements, essential parameters such as capacity, adsorption time, and working
capacity can be derived [94].

The breakthrough curve is commonly established through fixed-bed experiments [74, 95]. This involves
measuring the concentration at the outlet of a packed bed reactor throughwhich a feed stream is passed.
”Breakthrough” occurs when the concentration surpasses a predefined value, signifying a certain degree
of saturation in the sorbent material. From the breakthrough curve, the broad shape of the adsorp-
tion curve (adsorbed amount vs. time) can be derived. However, it is crucial to acknowledge that this
methodology is influenced by factors like heat of adsorption, axial diffusion and adsorption isotherm
[94].

For a more precise determination of adsorption curves, techniques such as thermal gravimetric analysis
(TGA) are employed. TGA is a technique used to study changes in a material’s weight as a function of
temperature. A sample is subjected to a controlled temperature ramp in a controlled atmosphere while
its weight is continuously monitored. The temperature can also be held at a certain value to obtain
equilibrium data [72]. The adsorption curve provides insights into both adsorption time and capacity
[94]. At the same time, TGA can give insights about the thermal stability of the sorbent.

Theworking capacity is typically estimated from isotherms at different temperatures [94], often obtained
through volumetric or gravimetric analysis methods [28].
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2.2. Adsorption Cycles
To implement Direct Air Capture effectively, a cycle capable of adsorbing CO2 from the air and subse-
quently desorbing it for storage or utilization is necessary. The type of process and its design employed
to achieve the capture by adsorption and desorption of CO2 directly impact the efficiency and perfor-
mance of DAC. An ideal process shouldmaximize working capacity, which is ameasure for the harvested
quantity of CO2 per cycle, while minimizing energy consumption.

Various cycles have been investigated in the past, including pressure-swing adsorption (PSA),
temperature-swing adsorption (TSA) and vacuum-swing adsorption (VSA). In VSA and PSA cycles, CO2
is adsorbed as ambient air passes through the packed bed, followed by a pressure reduction until des-
orption occurs [70]. TSA involves a cycle where the transition between adsorption and desorption is
achieved by a temperature change; the reactor is heated after adsorption. Combinations like pressure-
temperature-swing adsorption (PTSA), temperature-concentration-swing adsorption (TCSA) with an inert
or CO2 gas purge, and temperature-vacuum-swing adsorption (TVSA) are promising in order to avoid ex-
treme pressures or temperatures. The introduction of a gas purge results in an outlet stream that may
not be pure CO2, which can be undesirable depending on the application [78]. Additionally, cycles in-
volving a steam purge have been investigated, such as steam-assisted TSCA (S-TSCA), where the inert
gas is replaced by steam [100]. Following the desorption step, steam can be easily separated from CO2
through condensation, facilitating high purity of the CO2 product [99]. The steps of a TVSA or S-TVSA
cycle are displayed schematically in Figure 2.1.

A VSA process is not suitable for Direct Air Capture, as the desorption requires impractical low pressures
[99]. Elfving et al. [21] found that within realistically achievable pressure bounds, it is not possible to
achieve an equilibrium working capacity higher than 0.5mmolCO2/gsorbent with a PSA process, while ex-
ceeding 0.7mmolCO2/gsorbent for TSA. Bos et al. [9] also reported impractically low working capacities in
the PSA cycle. Comparisons of TSA and TVSA processes [21, 51, 78] showed that TSA leads to higher
equilibrium working capacities (+13% [78]), but TVSA exhibits a lower energy penalty. As an effective
desorption in TSA required 25min at 120 °C or in VSA 30min at 0.145bar, but only 7.5min at 120 °C and
0.145bar in a TVSA cycle [51], TVSA is advantageous regarding consumed energy, cycle time, and thus
productivity. Additionally, Elfving et al. found that the CO2 at the outlet is more pure in TVSA [21]. The
introduction of a steampurge during the desorption step (S-TVSA) provides an additional pressure swing
through purge by displacement. Steam enters the reactor at the desorption temperature and evacua-
tion pressure [83]. As the temperature can be rather low in this process, solar energy or waste heat can
be used for the supply [100]. This makes S-TVSA a very promising process for application in DAC [99].

Adsorption

Evacuation

Heating

Desorption

Cooling

Repressurisation

steamCondensation𝐂𝐎𝟐

𝐇𝟐𝐎

ambient air 𝐂𝐎𝟐 𝐥𝐞𝐚𝐧 𝐚𝐢𝐫

Figure 2.1: Schematics of a TVSA or S-TVSA cycle
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2.3. Modeling Approaches in Literature
Models in literature representing the adsorption reactions can be classified in isotherm and kinetic mod-
els. An adsorption isotherm relates the amount of adsorbent in the surrounding phase to the adsorbate
adsorbed to the sorbent and thus describes the sorption behaviour in equilibrium, while the kinetics
refer to the dynamic uptake behaviour.

In the case of CO2 adsorption on amine functionalised sorbents, the adsorption phenomena differ de-
pending on whether water is present or if the system is in dry conditions. In dry conditions, CO2 is bound
to the amine through the formation of a carbamate. The chemical adsorptionmechanisms extend in the
presence of water from only the formation of carbamates to the additional formation of bicarbonates.
The difference in the stoichiometric relations of the two reactions lead to different amine efficiency in
dry and humid conditions (Φ = 0.5 for carbamate and Φ = 1 for bicarbonate) leading to an overall higher
CO2 adsorption capacity in the presence of water. The adsorption of CO2 in dry conditions is typically
modeled with a Toth model [28], while pure water adsorption is well described by the Guggenheim-
Anderson-de Boer (GAB) isotherm [95, 65, 87]. Several different isotherm models for the co-adsorption
of CO2 and H2O have been introduced. Stampi-Bombelli [83] develop an empirical model of an adjusted
Toth isotherm to describe the effects occurring. Jung et al. [35] as well as Elfving et al. [21] propose
kinetic approaches to predict the equilibrium behaviour. Young et al. [97] propose two models; a mech-
anistic and a weighted average dual site Toth (WADST) co-adsorption model. Kaneko and Lackner [36]
introduce a generalized model that can be applied to primary, secondary, tertiary as well es quaternary
amines. Details of the different models are presented in Section 7.

Previous kinetic models made use of various driving force models, where relationships between the
current and the equilibrium CO2 loading are approximated. Examples are the pseudo first- and second-
order linear driving force models, Avrami’s model [79], or the Toth rate equation [9]. These models do
not explicitly model intra-particle mass transfer, which is why kinetic constants include the effects of
mass transfer as well as reaction kinetics. Ge et al. developed a dynamic model to describe the mass
transfer processes of the adsorption of CO2 on an amine impregnated mesoporous silica on a particle
scale [27]. They include different mass transfer phenomena in the particle, such as film diffusion, pore
diffusion, surface diffusion and chemical reaction. Ge et al. solely focus on dry conditions, not regarding
the effects of co-adsorption. Lee et al. [45] model the kinetic reactions of carbamate and bicarbon-
ate formation under the assumption of negligible intra-particle mass transfer. Suh and San extend the
model considering pore diffusion and chemical reactions under dry as well as under humid conditions
[86]. They however disregard desorption conditions as well as multi-component mass transfer.



3
Model description

In a typical solid sorbent DAC system, the air passes through a packed bed reactor of porous particles,
consisting of an amine functionalized material. In the process until adsorption and saturation of the ma-
terial, several mass transfer mechanisms play a role [27, 86]. The numerical model of this work consists
of a diffusion-reaction model on the scale of one particle of a sorbent, which is then included in a con-
tactor model. Due to the dilute conditions of CO2 in air, large volumes of air must be processed in the
contactor to capture a substantial amount of CO2. While the contactor typically utilized is a packed bed,
other structures such as monolith have gained attention for the application in DAC [84, 89]. Monoliths
offer the advantage of a low pressure drop, which decreases the electrical energy of the fan required
to blow the air through the contactor. Hence, examples of a packed bed reactor and a monolith are
considered in this study. For modeling the monolith, the particle-scale model is adjusted to cartesian
coordinates, modeling the penetration of the gas phase into the wall. In this chapter, the setup of the
particle-scale model is described, followed by an explanation of the contactor models.

3.1. Particle-scale model
Before CO2 can be adsorbed, the air is transported from the bulk towards and into the particle, through
the pores and to the surface of the amine functionalized sorbent. During desorption, CO2 and H2O de-
tach from the sorbent, diffuse away from the amine layer and exit the particle. This transport process
is governed by various mass transfer mechanisms, each potentially prolonging the adsorption or des-
orption steps of the process. Therefore, a comprehensive understanding of mass transfer phenomena
within the system and its associated constraints is crucial.

Themass transfer in porousmaterials can be divided in external and internal mass transfer. The connec-
tion between differentmass transfer phenomena is commonly represented by a resistor networkmodel
[37] (see Figure 3.1). External mass transfer includes all transfer steps relevant outside the porous par-
ticle, such as a flow through a reactor or the diffusion in the boundary layer of a particle. Inside the
porous system, mass transfer can occur through the following mechanisms:

1. Viscous Flow When a pressure gradient exists along the pore, bulk flow occurs following
Poiseuille’s law. The contribution of this flow to the overall mass transfer can be quantified using
a diffusion coefficient derived from Poiseuille’s law.

Dvis = Pr2/8µ (3.1)

Viscous flow occurs simultaneously to diffusive contributions andwill thus add to themass transfer
rate.

Dtot = Dvis +D (3.2)

2. Molecular Diffusion The effect is also called bulk-diffusion and describes the phenomenon of
inter-molecular collisions. These become relevant when the diffusing gas containsmultiple species,
and the pore size is big in relation to the molecule’s mean free path, which makes molecule-wall
collisions negligible over molecule-molecule interactions.

9
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Molecular Knudsen

Surface

Viscous

External Internal

Figure 3.1: Resistor network model of the mass transfer processes [37].

3. Knudsen Diffusion When the pore size is smaller than the mean free path of the gas molecules,
molecule-wall interaction becomes the dominating effect. This tends to occur in small pores and
at low pressures [37, 40]. In the transition to higher pressure or larger pore size, when the pore
size is of similar size as the mean free path, Knudsen diffusion and molecular diffusion both occur
simultaneously [37]. In order to determine whether Knudsen or molecular diffusion is dominant,
the Knudsen number Kn is defined as the ratio of the mean free path of the diffusing species and
the pore diameter [13].

Kn =
λ

dp
(3.3)

For the mean free path of gases the relation

λ =
4kBT

πσ2p
(3.4)

holds, where σ is the collision diameter of the species. If the Knudsen number is small (Kn ≪ 1),
molecular diffusion is dominant, while Knudsen diffusion becomes relevant at high values (Kn ≫ 1).

4. Surface Diffusion When the molecule does not leave the force field of the solid pore wall, so the
molecules diameter is of similar size as the pore diameter, the dominant phenomenon of diffusion
is described as surface diffusion or microporous diffusion, or for zeolitic materials as configura-
tional diffusion. It can occur in parallel to molecular and Knudsen diffusion and can have a sig-
nificant impact on the total diffusion rate [40]. In the case of physical adsorption of the diffusive
species, the molecules are highly mobile. If the molecules adsorb chemically their adsorption en-
ergy is greater whichmakes them less mobile. However, they can still move through the adsorbate
[13]. This is often described by hopping mechanisms from one to the next site, or Fickian models
[54]. Hopping mechanism models consider distinct sites with energy barriers between them that
a molecule needs to overcome in order to move from one to the other. Fickian models define sur-
face diffusion as the excess mass transfer of bulk diffusion, and split the diffusion flux in two parts,
accordingly:

Jtot = Jb + Js. (3.5)
The surface diffusion flux Js is quantified by subtracting the bulk diffusion Jb from the total mass
transfer. This leads to an overestimation of the surface diffusion, as the possibility of desorption,
bulk diffusion and re-adsorption is not included [54].

As the regime transitions between Knudsen andmolecular diffusion depending on the conditions, these
are displayed in series in the resistor model, while surface diffusion and viscous flow can independently
add to the mass transfer and are thus in parallel to the other two.

The mass transfer phenomena occuring around one single particle are presented in Figure 3.2. The
species diffuse from the bulk through the film that is surrounding a particle, where the dominant mech-
anism is molecular diffusion. After diffusing through the film and reaching the particle, some molecules
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will be adsorbed on the surface. With rising CO2 concentration in the solid phase, other molecules travel
inwards the particle, where mass transfer is governed by molecular diffusion or Knudsen diffusion de-
pending on pore size, pressure and temperature. Inside the pores of the particle, more molecules will
adsorb to the surface by physical adsorption or chemical reactions. After adsorption, surface diffusion
in the solid structure might still occur.

Figure 3.2: Schematics of a porous particle and relevant mass transfer processes during adsorption, (1) film diffusion, (2) pore
diffusion, (3) surface diffusion, (4) chemical reaction

3.1.1. Parametrization of pore structures
Porous sorbents inherently possess a complex structure. To facilitate quantitative comparison and de-
scription, various parameters have been established, as summarized in Table 3.1 and further explained
in this section.

Table 3.1: Parameters describing porous sorbents

Symbol Unit Meaning

ρb kg/m3 bulk density
ρp kg/m3 particle density
ε - porosity
Dp,eq m equivalent particle diameter
τp - Tortuosity
SBET m2/g BET surface area
dp m average pore diameter
Vp m3/g pore volume
f(r) m BJH pore size distribution

Porosity describes the ratio between voids, i.e. pore volume in a solid, and the solids total volume. It is
often expressed as a fraction and can be calculated as

ε =
Vv

Vt
, (3.6)

where Vv is the void volume and Vt is the total volume [49]. The porosity can be defined for the porous
material itself (εp) as well as for a packed bed of particles (εb) The bulk density refers to the density that
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the porous material typically assumes when placed in a container. Therefore, it encompasses the voids
between the particles as well as the pores within the individual particles. However, the bulk density can
vary based on surrounding conditions and the duration that thematerial (e.g., powder) has been settling
in the container [62]. The particle density or sorbent density describes the density of a single particle
and is defined by the ratio of the particle’s mass (mp) to its volume (Vp), including the voids due to pores:

ρs =
mp

Vp
. (3.7)

The bulk density and particle density are related by the void fraction of the bed, denoted as εb, according
to the equation:

ρb = ρs (1− εb). (3.8)

Considering that particles are typically not perfectly spherical and can have different shapes, the diam-
eter commonly referred to is an equivalent diameter. This is defined as the length of a line bisecting an
image of the particle [62].

𝒅𝒆𝒒

Figure 3.3: Equivalent diameter for an arbitrary particle [62].

The tortuosity relates the length of the porousmedium to the average length of a pore, and thus accounts
for the additional path length thought the medium [55]. The pores are considered as sinusoidal but
parallel pores with an average length. Tortuosity is defined as the ratio of the average pore length Le

and the length of the porous solid L [22];
τp = Le/L. (3.9)

It is τp > 1 as Le > L, for perfectly cylindrical pores the tortuosity would equal 1.

The specific surface area gives the ratio of total surface area to mass or volume of the porous material.
A well established method of determining that value is a gas adsorption measurement proposed by
Stephen Brunauer, Paul Hugh Emmett, and Edward Teller and is referred to as the BETmethod [49]. The
method is based on the measurement and analysis of an adsorption isotherm, typically conducted with
nitrogen at low temperatures and can measure specific surface areas in the range of 0.001 − 1000m2/g.
From the results of the BET method, an equivalent pore diameter dp can be determined. In order to
characterize pore sizes and pore size variations of a material, the Barrett - Joyner - Halenda (BJH) pore
size distribution is commonly given [3].
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3.1.2. Assumptions
For the development of the model, the material Lewatit ®VP OC 1065 (in the following referred to as
Lewatit) is considered. It consists of sphere-like particles, with effective sizes ranging between 300mm
and 1250µm, the average (by particle volume) effective particle diameter being Dp,eff = 520µm [46,
97]. The average pore diameter results from the BET surface area as explained and is given by the
manufacturer as dp,avg = 57nm. Veneman et al. and Young et al. [91, 97] measure the density of a single
particle to be ρs = 880 kg/m3 and estimate a particle voidage of εs = 0.238with a tortuosity of τp = 2.3. The
material contains primary amines (benzyl amines) [1], the loading of which can be estimated from the
nitrogen loading, which was measured to be qam = 6.7mol/kg by Alesi and Kitchin [1]. The concentration
of amines over the particle volume is calculated from the amine loading and the particle density, and is
found to be Cam,p = 5896mol/m3. In this model, the particle is assumed to be spherical with a diameter
of the effective particle size Dp,eff and a pore size equal to the average pore size dp,avg. For adjustment
to the application in the monolith, the same material parameters are assumed. The conditions over the
domain are assumed to be isobaric and isothermal, and the ideal gas law is applied for the gas phase. The
model considers film diffusion, pore diffusion due to molecular diffusion as well as Knudsen diffusion
and the chemical reaction kinetics. Surface diffusion is not included in the model, as it is assumed to
be not rate limiting. This assumption is made after the work of Ge et al. [27] and estimations of the
magnitude of surface diffusion in radial direction in the particle which can be found in the Appendix 8
of this work.

3.1.3. Species balance equation
To evaluate the mass transfer over one particle, a balance for each species i is drawn. The balance is
drawn in terms of concentration and reads for each diffusing species i

ρ

Mi

∂yi
∂t

=
∂Ci

∂t
=

∇ · Ji
Mi

+Gi (3.10)

ρ is the local density of the gas phase in kg/m3, yi the mass fraction, Ci the concentration in the particle
in mol/m3 and Ji denotes its flux in kg/sm3. Gi is the generation term due to adsorption and its calculation
is described in Section 3.1.8.

The adsorbed species in the material do not diffuse, so the balance equation reads

∂Ci

∂t
= Gi. (3.11)

The concentrations used in the calculations refer to the whole control volume, i.e. the particle volume
or the volume of the wall increment. The total concentration in the particle can be determined as

Ctot = εs · Cgas + (1− εs) · Cads,s, (3.12)

where the gas concentration is found with the ideal gas law, and the concentration of the adsorbed
phase refers to the solid volume of the particle. The concentration of the adsorbed phase is the sum of
all concentrations of immobile species on the solid phase.

Cads,s = Cam,s + Cpr,s + Ccm,s + CH2O,ads,s + Cbi,s (3.13)

The gas concentrations per particle volume are found with the ideal gas law and the porosity of the
particle,

Cgas =
P

RT
and CCO2 = εs · xCO2Cgas (3.14)

and the concentrations of the adsorbed phase per particle volume are calculated as

Cam = (1− εs) · Cam,s (3.15)

From this, the molar fractions of the total domain can be calculated

xi =
Ci

Ctot
(3.16)
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where the concentrations are with respect to the whole volume of the particle.

The species mass fraction is then

yi =
xiMi

M
, (3.17)

whereM =
∑

i xiMi for i = CO2, H2O, am, pr, cm, H2Oads, bi.

The CO2 loading on the material is calculated from integrating the concentration of adsorbed species
containing CO2 over the particle, and dividing it by the mass of one particle.

∂NCO2,p

∂t
= 4π

∫ Dp
2

0

(
∂Ccm

∂t
+

∂Cbi

∂t

)
· r2dr (3.18)

mp =
4

3
π

(
Dp

2

)3

ρp (3.19)

where ρp is the density of the particle.

In the case of modeling an increment of the monolith wall instead of a particle, the model is adjusted to
cartesian coordinates. The total number of moles adsobed in the control volume is then

∂NCO2,w

∂t
= dh · b1

∫ dw
2

0

(
∂Ccm

∂t
+

∂Cbi

∂t

)
dx (3.20)

mw = dh · b1 ·
dw

2
ρw (3.21)

where dh, b1 and dw/2 are the dimensions of the wall increment, and ρw is the density of the porous wall,
which is equivalent to the particle density ρp. The loading per mass sorbent is then

∂qCO2,p

∂t
=

1

mp

∂NCO2,p

∂t
(3.22)

for the particle or
∂qCO2,w

∂t
=

1

mw

∂NCO2,w

∂t
(3.23)

for a wall increment of the monolith.

3.1.4. Diffusion equation
To calculate the diffusive fluxes J , two models are implemented and compared. The first model makes
use of Fick’s law of diffusion, while the second model includes multicomponent effects and is based on
the Maxwell-Stefan equations, implemented in the dusty gas model. The diffusion coefficients for the
continuum diffusion are calculated by the correlation for binary diffusion coefficients [26]

Dij =
10−7T 1.75

(
1
Mi

+ 1
Mj

)0.5

P
[
(
∑

Vi)
1
3 + (

∑
Vj)

1
3 +

]2 . (3.24)

T is the temperature in K, Mi and Mj the molar masses of the species in kg/mol, P the total pressure
in atm and Vi and Vj the diffusion volumes of the respective species. For CO2, H2O and N2 the values
are given as 26.9, 12.7 and 17.9, respectively [26]. The diffusion coefficient for Knudsen diffusion can be
derived from the kinetic theory [37]

DKn =
dp
3

√
8RT

πMi
, (3.25)

where dp denotes the pore diameter, R the universal gas constant, T the temperature andMi the molec-
ular mass of the diffusing species i. In a transition region, where both Knudsen diffusion and molecular
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diffusion are relevant, the overall diffusion coefficient for the Fickian model can be calculated according
to [37]

1

Dtot
=

1

Dm
+

1

DKn
. (3.26)

The exact morphology of porous materials is arbitrary and and difficult to describe. The most simple
model is a straight, cylindrical pore, which is usually far from reality. Pore sizes can vary, and the struc-
ture might be hierarchical, with interconnecting pores and channels smaller than the gas molecules. To
represent the hindering of mass transfer in the pore structure, the diffusion coefficients are adjusted by
accounting the porosity and tortuosity of the particles [58]:

De =
εs
τp

D. (3.27)

Fick's law of diffusion
Fick’s law of diffusion is widely accepted and applied for various diffusion problems. It relates the dif-
fusive flux of a species Ji [mol/m2 s] linearly to the gradient of its concentration Ci [mol/m3], with the total
(3.26), effective diffusion coefficient Di [m

2/s] [13]:

Ji ≡ −Di∇Ci. (3.28)

The second law describes how the concentration changes with respect to time:

∂Ci

∂t
= Di∇ · (∇Ci) . (3.29)

However, Fick’s law is only valid for binary, idealmixtures ormulticomponentmixtureswith dilute species
[13]. Depending on the conditions in ambient air, this might be given for the adsorption process. Dur-
ing desorption however, carbon dioxide and water are present in non-dilute conditions to each other.
Consequently, relying solely on Fick’s law to describe the process may lead to inaccuracies.

Maxwell-Stefan equations and the dusty gas model
The Maxwell-Stefan equations offer a general approach for the description of diffusion problems [40].
The equations originate from the consideration of the mechanics of molecular collisions between the
involved species. Therefore the force exerted on a molecule of a species is set equal to the friction
between that and the other present species. The sum of momentum exchange thus depends on the
amount of momentum exchanged per collision and the number of collisions per unit volume.

Considering a binary mixture, the momentum transferred from a molecule of species 1 is proportional
to the velocity of molecule 1 and the velocity of molecule 2 (v1 − v2). The number of collisions per unit
volume and unit time depends on the number ofmolecules present and is thus proportional to themolar
fractions of the species xi. Accordingly, the driving force of diffusion has to be equal to these terms and
a proportionality factor f12 [37].

d1 = −f12x1x2 (v1 − v2) (3.30)

Maxwell and Stefan establish this proportionality factor by defining the Maxwell-Stefan diffusion coeffi-
cient D12 which is equivalent to an inverse drag coefficient.

d1 = −x1x2 (v1 − v2)

D12
(3.31)

It is important to note that the Maxwell-Stefan diffusion coefficient matrix is symmetrical, thus it holds
that D12 = D21 [88]. To get a more useful form of the equation the diffusion fluxes J are introduced,
which eliminates the molecular velocities:

d1 =
(x2J1 − x1J2)

ctD12
(3.32)

where ct is the total concentration.
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To treat multicomponent systems, the equations can be extended as follows

di = −
n∑

j=1

(xjJi − xiJj)

ctDij
. (3.33)

di is the driving force for diffusion of species i at constant temperature and pressure. For non-ideal
fluids it is defined with the chemical potential µi as

di ≡
xi

RT
∇T,P µi (3.34)

and for ideal gas mixtures
di = ∇xj . (3.35)

To model Maxwell-Stefan diffusion in a porous system, the Dusty-Gas Model (DGM) is a convenient
choice. It can incorporate different mass transfer mechanisms such as continuum diffusion, Knudsen
diffusion and viscous flow [16, 58]. The dusty gas model is based on the principle of adding a species of
big ’dust’ particles representing the porous structure. The central equation reads

j=N∑
j=1
j ̸=i

xjxivi − xixjvj

De
ij︸ ︷︷ ︸

Maxwell-Stefan
equations

+
xi

De
iK

vi︸ ︷︷ ︸
Knudsen
flow

+
xi

De
iK

B0

µ
∇P︸ ︷︷ ︸

Viscous
flow

= −∇xi −
xi

P
∇P︸ ︷︷ ︸

Driving force of
continuum diffusion

, (3.36)

where B0 is a characteristic of the pore structure, x denotes the mole fraction of a species, vi the diffu-
sion velocity and De

ij and De
iK are the effective binary diffusion coefficient (also referred to as Maxwell-

Stefan diffusion coefficient) and the effective Knudsen diffusion coefficient. They are adjusted to the
pore structure through the porosity εs and tortuosity τp. In this work, it is assumed that there is no
pressure gradient over the regarded particle [27], thus viscous flow is not of relevance and will not be
considered. This assumption reduces the equation to

j=N∑
j=1
j ̸=i

xjxivi − xixjvj

De
ij︸ ︷︷ ︸

Maxwell-Stefan
equations

+
xi

De
iK

vi︸ ︷︷ ︸
Knudsen
flow

= −∇xi︸ ︷︷ ︸
Driving force of

continuum diffusion

, (3.37)

From this, the flux-diffusion matrix Γ which is later applied to determine the diffusive flux is calculated.
Equation 3.37 can be written in matrix form as∑

j

F ′
ijvj = −∇xi, (3.38)

with

F ′
ij =

{∑
l ̸=i

xixl

De
il

+ xi

De
iK

if i = j

−xixj

De
ij

if i ̸= j
. (3.39)

The equation is transformed to mass fractions instead of mole fractions by using a conversion matrix M̃,
defined by [63]:

∇xi =
∑
j

M̃i,j∇yj . (3.40)
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It is defined as

M̃ij =

{
M
Mi

(yi − xi + σ) if i = j

M
(

yi

Mi
− xi

Mj

)
if i ̸= j

. (3.41)

where σ =
∑

i yi ≡ 1.

To express the Maxwell-Stefan equations in the flux form, matrix H’ = F’ R−1 with R = diag(ρyi) is
defined:

H ′
ij =


∑

l ̸=i
σM
ρMi

(
xl

De
il

)
+ σM

ρMiDe
iK

if i = j

− σM
ρMj

xi

De
ij

if i ̸= j
. (3.42)

Now, the equation can be expressed as∑
j

H ′
ijJj = −

∑
j

M̃ij∇yj , (3.43)

and total flux for species i is then

Ji =
1

Mi

∑
j

−Γij∇yj (3.44)

with Γ = H′−1
M̃.

When this model is incorporated in a mass balance with a source term like Equation 3.10, the model
definitions require that the sum of the source terms (in this case due to chemical reaction) is equal to
zero. Thus, all involved species, including the adsorbed phase, are considered.

In order to validate the implementation of themodel, the same isobaric test case as described inMousavi
et al. [58] was replicated. The fluxes calculated in this workmatched the numerically and experimentally
[66] determined ones, which makes the model suitable to be applied in the further proceedings.

3.1.5. Solution
The partial differential equations describing the system, are solved by the application of the Method
Of Lines (MOL) [76]. Herein, spatial discretization and approximation is applied to replace the spatial
derivatives of the Partial Differential Equations (PDEs). Thus, the problem is transformed to a system of
Ordinary Differential Equations (ODEs) and solved for time as the independent variable. The discretiza-
tion methods and boundary conditions used in this work are explained in the following.

The resulting system of ODEs is solved in Python with the module SciPy [92], applying the solver
solve_ivp. The method LSODA was found to be most efficient for the problem of this work.

The particle scale model exhibits mesh-independece from a resolution of 40 gridpoints. The particle-
scale cases were ran with 100 gridpoints to ensure mesh independence through all conditions.

3.1.6. Discretization
The mass balance is spatially discretized using central differences [25]. The particle is assumed to be
symmetric, and the balance in radial direction reads

(
∂Ci

∂t

)
k

=

[
1

r2
∂

∂r

(
r2Ji

)]
k

+ (Gi)k (3.45)

where k is the spatial index in radial direction. In the following, the index i describing the species is
left out for simplicity. The flux needs to be evaluated at the boundaries of the cells r = r + ∆r/2 and
r = r − ∆r/2, so that the diffusive term can be calculated. To calculate the flux, central differences are
applied as well, so that Jk+0.5 is dependent on the gridpoints k and k + 1.[

1

r2
∂

∂r

(
r2J

)]
k

≈
[
1

r2k

(
r2k+0.5Jk+0.5 − r2k−0.5Jk−0.5

∆r

)]
(3.46)
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When using Fick’s law, the flux becomes

Jk+0.5 = −DeCk+1 − Ck

∆r
, (3.47)

while Maxwell-Stefan’s law depends on a flux diffusion matrix Γ, and the flux is then calculated with

Jj,k+0.5 =
1

Mj

∑
j

−Γi,j
yj,k+1 − yj,k

∆r
. (3.48)

The discretization for the model of the wall increment follows the same schemes, and is adjusted to
cartesian coordinates.

3.1.7. Boundary and initial conditions
At the center of the particle (r = 0) or themid-point of themonolith wall (x = 0), a non-gradient boundary
condition is applied due to assumed symmetry. Thus, the flux at the boundary is set to zero.

Jj,k=−0.5 = 0. (3.49)

At the interface of the sorbent to the surrounding gas, a boundary condition is given that represents
the mass transfer from the bulk to the surface, i.e. film diffusion. A mass transfer coefficient h which
represents the convective effects is calculated. For the packed bed reactor the correlation

Sh =
Dp · h
Dm

= 2.0 + 1.1Sc
1/3 Re0.6 (3.50)

is used, for the monolith

Sh =
Dp · h
Dm

= 2.696

(
1 + 0.139

(
b1
L

)
ReSc

)0.81

(3.51)

is applied [67]. Dm represents the molecular diffusion coefficient of the respective species, Dp is the
diameter of the particle. The Schmidt number and the Reynolds number are calculated according to
Equation 3.73. The concentration gradient at the boundary is defined as(

∂C

∂r

)
r=Dp/2

=
h

Dm
(C∞ − Cr=R), (3.52)

When external mass transfer is not considered, a constant value condition can be applied, which as-
sumes the concentration of the ghost cell outside the particle to be equal to the bulk concentration. For
the model of the monolith wall, only the spatial variable r and thus ∆r are exchanged with x and ∆x.

For the initial conditions, the gas phase concentration in the particle is assumed to be zero. The initial
conditions of the adsorbed species are case dependent and given in Table 3.3
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3.1.8. Chemical reaction
In elucidating the mechanisms underlying Direct Air Capture (DAC) technology, understanding the bind-
ing mechanisms of CO2 on amine groups is crucial. Thus, the main chemical reactions are explained in
the following. To illustrate the chemical reactions, the example of primary amines is used [36].

Depending on the humidity level of the air and the type of amines, carbamates and bicarbonates are
formed [60]. When no water molecules are present, CO2 is chemically adsorbed by the formation of
carbamates as shown in Figure 3.4, where carbamic acid is formed in the first step:

CO2 + RNH2 RNHCOOH, (3.53)

and can split into a proton and a carbamate as:

RNHCOOH RNHCOO− + H+. (3.54)

To be stabilized, the resulting proton reacts with another amine:

H+ + RNH2 RNH3
+ (3.55)

Through these reactions, an ammonium carbamate ion pair is formed and the overall reaction is

CO2 + 2RNH2 RNH3
+ + RNHCOO−. (3.56)

As one amine group is needed to bind the CO2 and one to stabilize the produced proton, two amine sites
are used for the adsorption of one CO2 molecule in total. Hence this adsorption route gives an amine
efficiency of Φ = 0.5, with the amine efficiency being defined as the quantity of adsorbed CO2 molecules
per amine site.

The presence ofwater introduces another reaction that can occur alongside the formation of carbamates
and leads to the formation of bicarbonates. This occurs by:

RNH2 + H2O+ CO2 RNH3
+ + HCO3

−. (3.57)

Consequently, the amine efficiency of the formation of bicarbonates is Φ = 1, as only one amine site is
required to bind one CO2 molecule. This highlights how the presence of water in the adsorption process
can be beneficial, as a higher amine efficiency leads to a higher adsorption capacity.

The displayed reactions can occur both for primary as well as for secondary amines. It is important to
note that for tertiary amines, the formation of carbamates as described above does not occur. Thus, for
the adsorption on tertiary amines the presence of water is necessary [36].

(a) absence of water: carbamate (b) presence of water: carbonate

Figure 3.4: Species forming in the different binding mechanisms in dry and humid conditions [97]

It should be noted that the mechanisms of CO2 adsorption in humid conditions is still topic of current
research and other routes have been proposed. Li et al. [47] propose that the formation of bicarbonates
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is rather unlikely and suggest that hydronium carbamates play an important role. They also state that
carbamates are formed through a step of zwitterions, that can be stabilized through amines or water
which is another favourable reaction in terms of amine efficiency. However, as the described reactions
are the effects predominantly described in literature, they are considered as the basis for the model in
this work.

The adsorption process is modeled in terms of reaction rates, which means that the process can be
described using only thermodynamic and kinetic parameters of the reactions. This makes it possible to
describe the process in a general way, intra-particle mass transfer can be considered separately and the
model is adjustable to different materials.

The rates of the reactions of carbamate and bicarbonate formation, as well as of the physisorption of wa-
ter are described through the following equations [45, 86, 27]. The physisorption of carbondioxide prior
to chemical reactions is assumed to be of negligible impact as shown by Ge et al. [27]. The exponents
on the water concentration in Rph and Rbi were added to improve the model’s predictions.

Rcm =
∂Ccm

∂t
= kd

(
C2

amCCO2
− CcmCpr

Kd

)
(3.58)

Rph =
∂CH2Oph

∂t
= kph

(
C2

H2O −
CH2Oph

Kph

)
(3.59)

Rbi =
∂Cbi

∂t
= kbi

(
CamCn

H2Oph
CCO2

− CbiCpr

Kbi

)
(3.60)

with the kinetic factors

kj = Aj · exp
(
−∆Ei

RT

)
, j = cm, ph, bi. (3.61)

Ai and∆Ei with i = cm, ph, bi are the kinetic constants and activation energies of the carbamate reaction,
physical adsorption, and bicarbonate reaction, respectively. Ki are the equilibrium constants defined
in terms of the concentrations of the species. These approximate the thermodynamic definition of the
equilibrium constants, which are defined as

Kj = exp

(
−∆Gj

RT

)
, j = cm, ph, bi. (3.62)

∆Gj refers to the respective Gibbs free energy of the reaction, and is temperature dependent as

∆Gj = ∆Hj − T ·∆Sj , (3.63)

where ∆Hj and ∆Sj are the enthalpy and entropy change of the forward reaction, and are expected to
be negative in the considered reactions as heat is released togetherwith a reduction in entropy. The ther-
modynamic equilibrium constants can also be defined in terms of activities ai of reactants and products.
The activity can be expressed via the concentration and a reference concentration (c◦i ) and the activity
coefficient γi. If the quotient of the activity coefficients as well as of the reference concentrations is
approximated to 1, the thermodynamic equilibrium constant can be estimated with the concentrations.
With the example of the carbamate reaction:

Kcm =
acmapr
a2amaCO2

=

Ccm

C◦
cm

γcm
Cpr

C◦
pr
γpr(

Cam

C◦
am

γam

)2 CCO2

C◦
CO2

γCO2

≈ CcmCpr

C2
amCCO2

(3.64)

The generation termsGi due to chemical reaction can thus be calculated through the reaction rates and
the stoichiometric constants for the respective species and reaction νi,j

Gi =
∑
j

Rj · νi,j . (3.65)
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3.1.9. Calibration of model parameters
The model described here requires the input of parameters for the chemical reaction, including both
equilibrium parameters (enthalpy and entropy of reaction) and kinetic parameters (Arrhenius constants
and activation energies). The following sections detail the methodology and results of the estimations
for the model.

Thermodynamic parameters
To calculate the equilibrium state using the model as described above, values for the difference in en-
thalpy (∆H) and entropy (∆S) are required for each reaction. The parameters for the carbamate reaction
and the pyhsical adsorption of water can be fitted to pure component adsorptionmeasurements of CO2
andH2O, respectively. The values for the bicarbonate reaction can thenbe estimated fromco-adsorption
measurements.

The experimental data used for the fitting is reported by Young et al. [97], which covers the low pressure
region in detail. An error function between the experimental values (qex) and the model of this study in
equilibrium (qm) is defined. The error function is minimized using the least-square method.

f = qm − qex (3.66)

To calculate the loading in dry conditions with the model of this study, the carbamate reaction is eval-
uated in equilibrium which gives the constraint of the reaction rate being equal to zero. From this and
stochiometric constraints, the carbamate concentration is calculated, which determines the CO2 loading
on the material as

qCO2,m =
Ccm

ρp
, (3.67)

where ρp is the density of one particle. From this, the parameters∆Hcm and∆Scm can be fitted. For the
wet reaction, the same procedure is conducted to fit ∆Hph and ∆Sph.

The fit for the carbamate parameters was done in the low pressure region, including only data points
measured at a partial pressure of CO2 below 1·104 Pa. The temperature in the experimentswas varied be-
tween 289 and 381 K. The same temperature range was considered to fit the water adsorption equation,
and the partial pressure of H2O is calculated from the relative humdity RH of air at P = 1atm = 101325Pa,
which was varied between RH = 0− 60 %.

The parameter fitting was done using the least squares method with a Levenberg-Marquardt algorithm.
To evaluate the quality of the model and the fit, the relative standard deviation σrel was calculated for
each fitted parameter. It is derived based on a linear approximation to the model function around the
optimum and is defined as

σrel =

√
S(θ)

n− p
, (3.68)

where S(θ) is the square of the error sum of the squares function dependent on the parameter vector
θ, n is the number of data points and p is the number of parameters [93]. All fitted values together with
their relative standard deviation are reported in Table 3.2.

Table 3.2: Fitting results of thermodynamic parameters

Case Carbamate H2O

∆H [kJ/mol] -72.0 -82.65
rel. std. dev [%] 5.43 0.98
∆S [J/mol K] -225.63 -179.54
rel. std. dev [%] 5.49 1.40
Number of Datapoints 23 56

To estimate the parameters of the bicarbonate reaction, co-adsorption isotherms are considered. Under
these conditions, with experimental isotherm data from Young et al., the least-square method did not
provide satisfactory results, however, a qualitative solution was found. A difference in enthalpy of the
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(a) Fitted isotherm model for pure CO2. Comparison to data for low
partial pressures of CO2.

(b) Fitted isotherm model for pure H2O. Comparison to data at different
partial pressures of H2O, corresponding to given RH in air at ambient

pressure and respective temperature.

Figure 3.5: Comparison of the fitted pure-component isotherms of this model to the experimental isotherms from Young et al.
[97]. Lines represent the model, experimental data represented by dots.

bicarbonate reaction of∆Hbi = −50 kJ/mol, a difference in entropy of∆Sbi = 130 J/mol K, and the exponent
n = 0.7 were chosen. The model follows the shape of the isotherm, predicts an increase of adsorption
in humid conditions, and a decrease with higher temperature. Besides a comparison to experimental
data from Young et al. [97], data from Elfving et al. [20] on a polymeric, amine-functionalised sorbent
is shown together with the model’s predictions (Figure 3.6). To account for the different material, only
the density of the sorbent material was adjusted. It can be seen that the model describes neither of the
data quantitatively, but gives a good qualitative estimation of the isotherms.

(a) Datasets from Young [97] with constant partial pressure of H2O
corresponding to given RH of air at ambient pressure and respective

temperature.

(b) Datasets from Elfving [20] with constant percentage of H2O in the gas
mixture.

Figure 3.6: Comparison of co-adsorption isotherms from the model estimations (lines) and experimental isotherm data
(symbols) on a low partial pressure range of CO2. Data for different temperatures and H2O content.
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Kinetic parameters
The kinetics of the reaction model are represented through the kinetic factors ki (i = cm, ph, bi). These
are temperature dependent, and characterized by the Arrhenius prefactor Ai and the activation energy
of the forward reaction ∆Ei. To approximate the kinetic factor for the carbamate reaction, data of
experiments in dry conditions is used. Bos et al. [9] measure the uptake of CO2 at pure conditions with
low partial pressures. They show that the diffusive effects are minimized at pure conditions for small
particles (Dp ≈ 200µm), which makes the data suitable to fit the kinetic factors of the reaction equation.
Data of experiments at a partial pressure pCO2

= 1 · 104 Pa and temperatures between T = 278 − 313K
was used to fit the parameters Acm and∆Ecm. The resulting values are Acm = 22.0489 · 10−3 m3/mol3 with
a standard deviation of 133.83% and ∆Ecm = 24501 J/molK with a standard deviation of 12.78%. While
the standard deviation on the Arrhenius prefactor is high, the values yield a good approximation of the
experimental data in the regarded conditions. The result of the model compared to the experimental
data is shown in Figure 3.7a. Young et al. report data of a TGA experiment on the same material at
T = 75°C in pure CO2 a partial pressure of CO2 of pCO2

= 20Pa. The model approximates the uptake of
CO2 with good accuracy under the assumption of a particle size equal to the effective size given by the
manufacturer (Dp,eff ). The prediction of the model vs. the experimental data can be seen in Figure 3.7b.

(a) Comparison to experiments from Bos et al. [9], conditions with pure
CO2 at a partial pressure of pCO2

= 1 · 104 Pa and different T
(b) Comparison to experiments from Young et al. [97], conditions with

pure CO2 at pCO2
= 20Pa and at T = 75 °C

Figure 3.7: Loading over time from the model and experimental data from Bos et al. [9] and Young et al.[97]

It is assumed that the physical adsorption of water is not rate limiting [45, 86], and an accordingly high
value for the kinetic factor is applied. The effects of the kinetic parameters of the bicarbonate reaction
can be evaluated with co-adsorption data. To avoid significant external mass transfer effects, dynamic
data from TGA experiments under non-dilute conditions is most suitable. Young et al. [97] report data
of an experiment on Lewatit under T = 25°C and a partial pressure of H2O equivalent to 30%RH in air at
ambient conditions. With the assumption of the particle diameter being equal to the equivalent diameter
Dp,eq and the pore size equal to the average pore size dp,av , the kinematic factor of the bicarbonate
reaction is estimated by comparing the model’s prediction to the experimental results from Young’s
experiment at a partial pressure of pCO2

= 20Pa. Young et al.’s study is the only available data source of
a suitable co-adsorption TGA experiment, with reported dynamic uptake. As the data is only given for a
single temperature, it is only possible to fit the kinematic factor kbi, without distinguishing between the
Arrhenius factor Abi and the activation energy∆Ebi. Thus, their ratio is estimated from data in literature
[86]. The absolute value of the kinematic factor given in literature are lower than what is found in this
work, which iswhy those values are not directly applied. The results of the estimation areAbi = 3.5mol3/m3

and Ebi = 60 kJ/molK.
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Figure 3.8: Comparison of the loading over time from experimental data by Young et al. [97] to the model’s prediction.
Conditions of pCO2

, RH = 0.3 and T = 25 °C.

3.2. Contactor model
The schematics of the contactors are displayed in Figure 3.9. The packed bed consists of a cylinder with
many spherical particles of the sorbent with a bed porosity εb. Themonolith is assumed to have a square
cross-section with square channels and unit cells of width b2. The wall between two channels consists
of the porous sorbent material of width dw, yielding a channel width of b1. The porosity of the monolith
εmon follows directly from the dimensions of the channels and the wall. The assumption is made that
all channels behave the same, thus one channel is considered for the calculations. Both reactor models
are set up as one-dimensional in axial direction and the ideal gas law is applied for all fluid phases.

(a) Packed bed (b)Monolith

Figure 3.9: Schematics of the two considered contactors with dimensional parameters of the cross section of the monolith.
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3.2.1. Species balance equation
Themodel is set up after the models from Elfving et al. [20] and Stampi-Bombelli et al. [85]. The balance
equation over the interstitial control volume of the gas phase reads

∂Ci

∂t
= DL

∂2Ci

∂z2
− vs

εj

∂Ci

∂z
− 1− εj

εj
ρs

∂qi
∂t

(3.69)

for each species i and both reactors. The right most term is the change in loading of the material and
is calculated in the particle-scale model, which will be explained in the following section. Ci is the con-
centration of species i, εj is the porosity of the bed or the monolith, ρs is the density of the sorbent (and
thus of one particle or thematerial of the wall of the monolith) andDL denotes the axial dispersion coef-
ficient. vs the superficial velocity of the gas phase. It is assumed to be constant in the adsorption cases,
where air is pushed through the column with a blower. The changes in velocity over the column length
due to molecules adsorbing is neglected, as it is done in similar models in literature [20, 84, 75]. In the
case of desorption, pressure is reduced and the influence of the released molecules on the velocity in
the column might not be negligible. Thus, an equation for the calculation of the local velocity is added
[75] (

1

εj

p

RT

)
∂vs
∂z

=
(1− εj)

εj
ρs

n∑
i=n

∂qi
∂t

, (3.70)

which couples the change in loading on the sorbent with the velocity in the column, under the application
of ideal gas law. The dispersion coefficient DL differs for the two contactors and can be calculated as
follows. For the packed bed, a correlation from Reazei [67] is used as

DL,pb =
vs
εb

Dp

(
0.45 + 0.55εb

ReSc
+ 0.5

)
, (3.71)

with the interstitial velocity vi. For the monolith the following is applied [64]

DL,mon = Dm +

(
vs

εmon

)2

b21

192Dm
. (3.72)

with RP being the averaged radius of the adsorbent particles, Re the Reynolds number and Sc the
Schmidt number according to

Re =
Dpvs
ν

and Sc =
ν

Dm
(3.73)

using the kinematic viscosity of the inlet gas mixture. Dm is the molecular diffusion coefficient, and b1
the width of one channel in the monolith structure.

3.2.2. Solution
Just like for the particle model (see Section 3.1.5), the PDEs are solved by the application of the method
of lines and the ODE solver solve_ivp from SciPy, under the application of the method LSODA [92]. A
mesh independence study was conducted for an exemplary case, and its results presented in Appendix
8.

3.2.3. Discretization
The contactor is discretized with N control volumes in one dimension over its length L. In the center of
each control volume, a calculation point k is located, with k = 0 in the first cell at the inlet and k = N
at the last cell before the outlet of the column. In the following, the discretization is shown for the
concentration of a species i where the index i not written for the sake of simplicity. All convective terms
are approximated through first order upwind differences [25]:

∂C

∂z

∣∣∣∣
k

≈ Ck − Ck−1

∆z
. (3.74)

For the diffusive terms, central differences are applied
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∂2C

∂z2

∣∣∣∣
k

≈ Ck+1 − 2Ck + Ck−1

∆z2
. (3.75)

3.2.4. Boundary and initial conditions
The boundary condition at the end of the column (z = L) is a zero-gradient boundary condition

∂C

∂z

∣∣∣∣
z=L

= 0. (3.76)

At the lower boundary (z = 0), a Danckwert’s boundary condition is applied

DL
∂C

∂z

∣∣∣∣
z=0

= −vi (C
∞ − C|z=0) , (3.77)

where C∞ is the concentration in the feed gas.

The initial concentrations of CO2 and H2O in gas phase in the column and in the particle are chosen to
be zero. The initial conditions for the adsorbed species in the material are dependent on the case and
given in Table 3.3. Generally, for the adsorption cases no prior binding of CO2 and H2O is assumed, and
the equilibrium state after adsorption is applied as the initial conditions for desorption cases.

3.2.5. Performance indicators
To compare the performance of the reactors, two performance indicators are calculated. The energy
consumption of the blower providing the mass flow of airWfan is calculated as

Wfan =
1

ηfan

∫ tads

0

V̇∆P dt, (3.78)

and gives an indication of the difference in electrical energy required for the adsorption step. ηfan is the
efficiency of the blower and assumed to be ηfan = 0.5, tads is the time considered until evaluation, V̇ is
the volumetric flow rate of air and ∆P is the pressure drop over the considered contactor. To calculate
∆P , the Ergun equation [24] is applied for the packed bed

∆P

L
= 150

(1− εb)
2

ε3b

µ

D2
p

vs + 1.75
1− εb
ε3b

ρ

Dp
v2s (3.79)

where ρ and µ are the density and viscosity of the air passing through the contactor. For the monolith,
the Hagen-Poiseuille equation is applied [15]

∆P

L
=

32µ

D2
cεmon

vs (3.80)

where Dc is the hydraulic diameter of one channel in the monolith, which is equal to the channel width
b1. The productivity is calculated as

Pads =
qads
tads

, (3.81)

where qads is the loading CO2 on the sorbent.

3.3. Considered cases and dimensions
Table 3.3 summarizes the conditions for the simulated cases, which include four adsorption scenarios
and one desorption scenario. In all adsorption cases (Dry, Low RH, Medium RH and High RH), the pres-
sure is maintained at 101325Pa, the temperature at 25°C, and the partial pressure of CO2 at 40.54Pa. The
relative humidity varies among these cases: 0% for the dry case, 30% for the low RH case, 55% for the
medium RH case and 90% for the high RH case, resulting in corresponding partial pressures of water
vapor. The Low RH case is considered the base case in this study, and is evaluated when different pa-
rameters are varied. The initial concentrations for the adsorption cases reflect the amine loading of the
material, with the assumption that no water or CO2 is adsorbed initially.
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For the desorption case, the pressure is significantly reduced to 5Pa, and the temperature is increased
to 55°C. The partial pressure of CO2 is lowered to 0.5Pa. Unlike the adsorption cases, the desorption
scenario does not involve relative humidity but considers a specific partial pressure of water vapor. The
initial concentrations of adsorbed species for the desorption case are based on the equilibrium out-
comes of the Low RH adsorption case, with specific values for amines, carbamates, bicarbonates, and
adsorbed water. Thermophysical properties of air like the density ρ, and the viscosity µ are obtained
from the python module coolProp [4].

Table 3.3: Conditions of the considered adsorption and desorption cases

Parameter Ads. dry Ads. low RH Ads. medium RH Ads. high RH Desorption

P [Pa] 101325 101325 101325 101325 5
T [°C] 25 25 25 25 55
pCO2

[Pa] 40.54 40.54 40.54 40.54 0.5
RH [%] 0 30 55 90 N/A
pH2O [Pa] 0 946.50 1735.23 2839.46 4.5

ρ [ kgm3 ] 1.185 1.181 1.177 1.172 not considered
µ [Pa · s] 1.844 · 10−5 1.839 · 10−5 1.834 · 10−5 1.828 · 10−5 not considered
Cam,0

[
mol
m3

]
5896 5896 5896 5896 4440.58

Ccm,0

[
mol
m3

]
0 0 0 0 603.97

Cbi,0

[
mol
m3

]
0 0 0 0 247.48

Cpr,0

[
mol
m3

]
0 0 0 0 851.45

CH2O,ads,0

[
mol
m3

]
0 0 0 0 1062.60

To evaluate the influence of intra-sorbent mass transfer on the overall adsorption and desorption pro-
cess, a parameter study is conducted with varying sorbent characteristics. In the evaluation on a particle
scale, the particle size, pore size and tortuosity are varied from the values given for Lewatit. The consid-
ered particle sizes are Dp = 150µm, 200µm, 520µm and 1000µm. Values for the average pore size are
considered to be 15 nm, 20 nm, 57 nm, 100 nm and 150 nm. The tortuosity of the material is varied from its
original value 2.3 to 1, 3 and 6.

To evaluate the differences between the packed bed and the monolith, different dimensions of the reac-
tors are considered. Estimations of a feasible channel size and wall-thickness for the monolith are taken
from Stampi-Bombelli et al.’s work [84], in which a commercially availablemonolith is studied. The size of
one cell in the cross-section of the monolith is taken to be b2 = 3,mm, withNch = 144 channels arranged
in a square pattern. To maintain the same diffusion length within the sorbent, the wall thickness dw is
chosen to be equal to the particle size Dp in the packed bed, and the width of a channel b1 follows from
that. The cross-sectional area of both contactors is kept the same for all configurations, leading to iden-
tical superficial velocities for a given flow rate. Additionally, the total mass of sorbent Msorbent = 0.1 kg
is consistent between the two reactors, ensuring the same maximum quantity of adsorbed carbon diox-
ide. From the given cross-sectional area, the radius of the packed bed is calculated. The porosity εb is
estimated from literature [97], the porosity of the monolith εmon follows from the chosen dimensions of
the width of the channel and the walls as

εmon =

(
b1
b2

)2

(3.82)

The length of each reactor is calculated from the given sorbent mass, the cross-sectional area and the
porosity. Two configurations are considered in this study, one with a particle size and wall thickness of
the effective particle size of Lewatit (Dp = dw = 520µm; standard dimensions), and onewith an increased
intra-sorbent diffusion length (Dp = dw = 1000µm; variation). In order to associate the different mass
transfer mechanisms to their influence on the results, a variation to a very small intra-sorbent diffusion
length (Dp = dw = 100µm; control) is considered. This configuration is not realistically feasible, for
example in terms of stability of the monolith, but serves the purpose of comparison. Tables 3.4 and 3.5
summarize the dimensions of the contactors. In addition to the variation of the contactor dimensions,
the volumetric flow rate of air is varied from a chosen standard rate of V̇ = 51.84 L/s to a reduced rate of
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V̇ = 6.48 L/s. Lastly, a case where the fan power required to blow the air through the contactors is held
constant to Ẇfan = 6.86W is evaluated.

Table 3.4: Considered dimensions for the packed bed

Parameter fixed

Msorbent [kg] 0.1
Rcol [mm] 20.31

std. dim. variation control

Dp [µm] 100 520 1000
εb [-] 0.4 0.4 0.4
Lb [mm] 146.13 146.13 146.13

Table 3.5: Considered dimensions for the monolith

Parameter fixed

Msorbent [kg] 0.1
b2 [mm] 3.0
Nch [−] 144
Nch,row [−] 12

std. dim. variation control

dw [µm] 100 520 1000
εmon [-] 0.683 0.444 0.934
Lmon [mm] 276.9 157.8 1337.5



4
Results

4.1. Particle-scale model
In the first part of this section, the effects of film diffusion on the adsorption process is evaluated. Fol-
lowing this, the low RH adsorption case and the desorption case are analyzed, with a detailed evaluation
of the differences between the Fickian and Maxwell-Stefan models. Next, the influence of humidity is
assessed by comparing the adsorption cases at different humidity levels. Following, the results of the pa-
rameter sensitivity analysis of the particle size, pore size, and tortuosity representing the pores structure
are reported.

4.1.1. Film diffusion
The effects of diffusion through the boundary layer around the particle are added through a boundary
condition as described in Section 3.1.7. The influence of the external mass transfer is evaluated with
the Fickian model. The implementation of film diffusion in the Maxwell-Stefan model is not straight-
forward, and bears source of inaccuracies. This is because the flux-diffusion matrix is set up in terms of
the effective diffusion coefficients that apply within the porousmaterial. Additionally, themass fractions
can only be calculated by considering the concentrations of the adsorbed species at the surface of the
particle, which can lead to inaccuracies when the concentrations at the boundary are dynamic over time
and the gradients are steep. The relevance of film diffusion is the same for both models, which is why
the conclusions from the analysis with the Fickian model can be applied to the Maxwell-Stefan model.

The predictions of the model are calculated by including the influence of external mass transfer and
compared to the outcomes of the model disregarding this effect. The results are evaluated for the ad-
sorption case under low RH and the material parameters for Lewatit. The CO2 concentration profiles
over the particle radius is the displayed in Figure 4.1a for the case of an external velocity v = 0m/s and
under neglecting external mass transfer. The loading over time on the particle is shown for in Figure 4.1.
The largest effects of film diffusion are expected when the external mass transfer coefficient is small,
which occurs at low bulk velocities. This is exemplified in the limiting case of stationary gas at v = 0m/s.
The concentration profiles indicate that due to film diffusion, the concentrations at the surface of the
particle (r = R) increase over time. However, even in the limiting case of v = 0m/s, the effect is minimal.
The differences are low both at the surface and in the center of the particle, which is why the particle size
is not expected to change the observation. Therefore, external mass transfer has a negligible influence
on the change in loading on the material, as illustrated in Figure 4.1b. Due to these findings, external
mass transfer is excluded from the model for the following analysis, and the constant value boundary
condition is applied.

29
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(a) Comparison on the gaseous CO2 concentration profiles over the
particle (b) Comparison on the CO2 loading over time

Figure 4.1: Results with external mass transfer boundary condition under zero bulk velocity v compared to the outcomes
disregarding external mass transfer.

4.1.2. Example case and comparison of diffusion models
Comparison loading over time
The adsorption case with low RH (30%) as well as the desorption case are evaluated until equilibrium
is reached, which is verified as at the end of the simulated time, the total loading changes less than
0.05% within 30min. The resulting loading over time is shown in Figure 4.2. The adsorption time is
tads = 253.3min, which is defined as the time after which the loading has reached 98% of the equilib-
rium value. The desorption time tdes = 112.5min is defined as the time after which 98% of the total
desorbed quantity have been desorbed. The results show a steeper decrease of the loading in the be-
ginning compared to the increase during adsorption. This is due to the elevated temperature and the
decreased pressure, which elevate the reaction rates and decrease the diffusion resistances. The two
models (Maxwell-Stefan and Fick) predict only slightly different uptakes in the adsorption case, and the
curves coincide fully for desorption. The Knudsen number (Section 3.1) refers to the intra-particle dif-
fusion regime and indicates whether Knudsen diffusion or molecular diffusion is governing. According
to literature, Knudsen diffusion dominates at values of Kn > 10, while continuum diffusion dominates
at Kn < 0.1. Between 0.1 and 10, the regime is in transition and both effects influence the diffusion [37].
For CO2, it is Kn = 1.527 for the adsorption case, and Kn = 3.4 · 104 for the desorption case. Due to the
low pressure and elevated temperature at desorption, the Knudsen number is high and the diffusion
is expected to be governed by Knudsen diffusion. The adsorption process takes place in the transition
regime, making both mechanisms relevant. The fact that the models do not differ in their descriptions
of Knudsen diffusion, explains that they coincide for the desorption case.

The Maxwell-Stefan model is computationally more expensive. For the considered adsorption case and
a simulated time of 8 h, the simulation time is ∼ 30 times longer than for the Fickian model.
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(a) Loading over time for adsorption under 30% RH (b) Loading over time for desorption

Figure 4.2: CO2 loading on the material over time during the adsorption process under 30% RH and the desorption process

Concentration profiles adsorption case
Figure 4.3 shows the the concentration profiles of the gaseous CO2 and H2O vapour over the particle. It
can be seen that the profiles show significant differences between the surface (r = R) and the center
of the particle (r = 0). This demonstrates the diffusion effects and indicates that intra-particle diffu-
sion is relevant for the adsorption rate. Differences between the Fickian and Maxwell-Stefan model are
present in the concentration profiles at the center of the particle r = 0, where diffusion effects are rele-
vant. Close to the surface of the particle (at r = R), the concentrations of adsorbed species is the same
for both models, which verifies that the models only differ in the diffusive effects. The Maxwell-Stefan
model predicts the diffusion to be faster than the Fickian model, at most time steps. The profiles of the
H2O concentration however show a change in that behaviour at later time steps (evident in the Figure at
t = 30.0min). This shows that the different species influence each other during diffusion in the Maxwell-
Stefan equations. The overall faster diffusion leads to quicker adsorption and thus an earlier rise in the
concentration of adsorbed species as can be seen in Figure 4.4. This Figure illustrates the concentration
profiles of carbamates, bicarbonates and their sum, the total adsorbed CO2 concentration, for the ad-
sorption case at the center of the particle. The bicarbonate concentration exceeds the equilibrium value,
and then declines after reaching an initial peak. This is due to the fact that the bicarbonate reaction in
the model is faster than the carbamate reaction. Generally, a delay in rise in concentration can be seen,
which is due to diffusion effects. This shows that the diffusion through the particle is limiting the adsorp-
tion process to some extent. Comparing the whole domain of the particle, diffusive effects are most
important here as the gases need to travel the longest distance to the center of the particle. The eval-
uation of the adsorbed species at the surface of the particle (r = R) shows instant and fast adsorption.
Here, 98% of the equilibrium value of adsorbed CO2 is reached ∼ 90 minutes earlier than at the center
of the particle (at r = R after 213min, at r = 0 after 302.5min), which is 35.5% of the total adsorption time.

While the two models show differences over the radius of the particle, the differences between the two
models in the prediction of the loading is minor (see Figure 4.2). This is due to the fact that diffusive
effects in the regions close to the surface of the particle do not or only slightly differ. These regions
contribute more to the total loading, due to the spherical shape of the particle.
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(a) Gaseous CO2 concentration over the particle predicted by the Maxwell-Stefan and the Fickian model

(b) H2O vapour concentration over the particle predicted by the Maxwell-Stefan and the Fickian model

Figure 4.3: Concentration profiles of gaseous CO2 and H2O vapour over the particle during the adsorption process

Figure 4.4: Concentrations of Carbamates, Bicarbonates and total adsorbed CO2 at the center of the particle over time,
predicted by the Maxwell-Stefan and Fickian model
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Concentration profiles desorption case
Results for CO2 profiles over the particle during the desorption case are displayed in Figure 4.5. The car-
bon dioxide level rises first and decreases as CO2 is transported outside the particle. The concentration
of gaseous CO2 equalizes with the boundary condition significantly earlier than during adsorption. This
is due to higher reaction rates elevated temperatures and lower diffusion limitations at reduced pres-
sure. As the difference of the two diffusion models lies in the continuum diffusion effects, they predict
the same results for the desorption case, which is governed by Knudsen diffusion. Only a slight differ-
ence in CO2 concentration profiles at t = 1min is visible (Figure 4.5), which is attributed to numerical
inaccuracies or slight influences of molecular diffusion that are not of relevance in the overall results.

Figure 4.5: CO2 concentration over the particle during desorption, predicted by the Maxwell-Stefan and the Fickian model

4.1.3. Humidity
To evaluate the influence of water on the adsorption process, the results of four adsorption cases are
compared. Figure 4.6 displays the loading of the particle over time in the different cases. As illustrated in
Figure 4.6a, the amount of CO2 captured by the particle increases with the humidity level in the air. This
behavior is expected due to the difference in stoichiometry between the carbamate and bicarbonate
reactions. Figure 4.6b shows the loading normalized to the equilibrium loading for each case, allowing
for a comparison of the uptake dynamics. The humid cases exhibit faster uptake in the early stages than
the dry case, followed by a decrease in the uptake rate. This can be attributed to the faster kinetics of the
bicarbonate reaction, followed by a transition to the carbamate reaction dominating. In all cases, equi-
librium loading is reached after approximately 300 minutes, as the final stages of uptake are governed
by the carbamate reaction kinetics. The high humidity case shows a similar, and at times slower uptake
rate compared to the case with medium humidity. Furthermore, Fick’s law overpredicts the uptake rate
slightly in this case, while it shows a constant unprediction of the diffusion rate in the other cases. Still,
both models yield very similar results, making both models valid to represent the adsorption process.
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(a) Absolute loading (b) Loading normalized with equilibrium loading

Figure 4.6: CO2 loading on the material over time for different humidity levels on an absolute and normalized scale

To explore the reason for the difference in rate prediction under high humidity, the concentrations of the
adsorbed species at the center of the particle is displayed in Figure 4.7. It can be seen that in this case,
more bicarbonates are formed than carbamates, while carbamates dominate for the lower humidity
levels considered. This gives the diffusion of water in the particle a higher relevance. While the Fickian
model predicts the bicarbonate level to exceed its equilibrium value (like in the case with low RH), the
Maxwell-Stefan model does not predict such behaviour at the center of the particle. Figure 4.8 shows
that the Maxwell-Stefan model arrives at higher diffusion limitations of water at t = 100min, which is
when the predictions on the bicarbonate levels of the two models intersect. In conclusion, the Fickian
model still underpredicts the overall diffusion rate, however shows an overprediction of the diffusion of
water at later time steps. This is due to the Maxwell-Stefan model taking multicomponent effects into
account, and thus giving a more accurate representation of the interaction of reaction diffusion effects.

Figure 4.7: Concentrations of Carbamates, Bicarbonates and total adsorbed CO2 at the center of the particle over time, for the
adsorption case under 90% RH. Results predicted by the Maxwell-Stefan and Fickian model.
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Figure 4.8: Gaseous CO2 concentration over the particle, for the adsorption case under 90% RH. Results predicted by the
Maxwell-Stefan and the Fickian model.

4.1.4. Particle size
The dynamic uptake of CO2 is compared for different particle sizes for the adsorption case under low
humidity and the desorption case. The results of the variations are illustrated in Figure 4.9, in form of
the loading on the particle over time. The time until the equilibrium loading is reached increases with
the particle diameter which reveals the influence of the intra-particle mass transfer on the adsorption
process. The curves for particle diameters of Dp = 150µm and Dp = 200µm coincide, which shows
that the diffusion limitations become insignificant from Dp ≲ 200µm. The curves show a change in
gradient after around 20 minutes, which corresponds directly to the transition from the bicarbonate
to the carbamate reaction dominating. These findings are in agreement with the conclusion Bos et al.
[9] draw from their experiments, and validates the magnitude of the diffusive part of the model. The
same evaluation was done under the conditions of Bos et al.’s experiments, which revealed the same
correlation and is shown in Figure 8.3. With the increase in relevance of diffusion on the adsorption
process, the differences between the Maxwell-Stefan model and the Fickian model increase as well. The
desorption case (Fig. 4.9b) shows an increase in time until equilibrium as well and thus confirms the
trend. The Fickian and Maxwell-Stefan model predict the same results as only Knudsen diffusion is
relevant.

(a) For adsorption under RH = 30% (b) For desorption

Figure 4.9: CO2 loading over time for different particle sizes during adsorption under 30% RH and desorption. Results calculated
by the Maxwell-Stefan and Fickian model.
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4.1.5. Pore size
With an increase in pore size, the pore resistance decreases and diffusion to the center of the particle
faster. On a particle of a diameter of Dp,eff , the results of different pore sizes are evaluated on the
example of the adsorption case. As expected, the rate of change in loading rises with the pore size.
From around a pore size of dp = 100 nm, the behaviour does not change with further increase. This
shows that from this size, the process becomes reaction limited. Furthermore it can be seen that at a
pore size of dp = 15nm, the Maxwell-Stefan model and the Fickian model do not differ anymore, which
indicates that the diffusion is nowmainly governed by Knudsen diffusion. The Knudsen number for CO2
for this pore size is Kn = 5.8 which supports the conclusion.

Figure 4.10: CO2 loading over time during adsorption under 30% RH for different pore sizes. Results calculated by the
Maxwell-Stefan and Fickian model.

4.1.6. Pore structure
In thismodel, the pore structure is represented by the tortuosity, a parameter that is notoriously difficult
to measure accurately. The tortuosity can be significantly influenced by the arrangement of amines on
thematerial, making it a variable of considerable interest. Given these complexities, examining different
tortuosity values provides insights into how variations in the effective pore structure affect the adsorp-
tion process. In literature, typical values for the tortuosity lie between 2 and 6, with an average of 3 [13].
Thus, the values considered here are the tortuosity of Lewatit measured by Veneman [91] (τp = 2.3),
the average tortuosity τp = 3 and an elevated value τp = 6. For comparison, a tortuosity of τp = 1 is
considered, which corresponds to straight pores. The results in terms of the CO2 loading on the particle
are displayed in Figure 4.11. It can be seen that for a tortuosity equal to unity, the influence of diffusion
becomes very small, as the loading curve adapts the shape resulting from the chemical reaction kinetics,
and the Maxwell-Stefan and the Fickian model coincide. The tortuosity of the material (τp = 2.3) shows a
change, indicating the influence of diffusion. An elevation of the tortuosity factor only becomes relevant
for a significant rise, as a value of τp = 3 gives similar results, while the behavior changes significantly for
τp = 6.
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Figure 4.11: CO2 loading over time during adsorption under 30% RH for different pore sizes. Results calculated by the
Maxwell-Stefan and Fickian model.

4.2. Contactor model
In the first part of this section, the results of the packed bed model are compared to experimental data
from breakthrough experiments. After that, the exemplary case with low relative humidity is analysed
and the outcomes for both reactors are compared. That is followed by an evaluation of the effect of
different humidity levels, a variation of the intra-sorbent diffusion length, i.e., the particle size in the
packed bed and the wall thickness in the monolith and a variation of the inflow rate. The parameter
analysis is followed by an evaluation of the effect of the Maxwell-Stefan model vs. the Fickian on the
contactor scale. The conducted simulations are then analysedby the evaluation of the previously defined
performance indicators. Lastly, a desorption case is examined.

4.2.1. Comparison to breakthrough experiments
In this section, the predictions of the packed bed model are compared to experimental data from Shi
et al. [81]. They conduct breakthrough experiments with a column filled with ∼ 600mg Lewatit particles
of a diameter of Dp = 500 − 550µm, which is approximated in the simulation to the effective particle
size Dp = 520µm. The bed porosity is reported to be εb = 0.464 and with the inner diameter of the
column, the bed length is estimated. Although the same material is used, the properties reported by
Shi et al. differ from those found in other literature [91, 97] and considered in the development of this
model. Shi et al. estimate the material density to be ρs = 744 kg/m3 and a particle porosity of εs = 0.338
(ρs = 880 kg/m3 and εs = 0.238 is considered in this study). The breakthrough experiment is conducted
with a dry CO2/N2 mixture at ambient pressure and T = 298K, with a CO2 content of 400 ppm, which
corresponds to the dry adsorption case considered in this study. The superficial velocity is vs = 0.3m/s.
The resulting breakthrough curve predicted by the model is displayed in Figure 4.12.

The shape of the curve is typical for a breakthrough experiment. t5 and t95 mark the times of 5% and 95%
breakthrough, respectively. Themodel predicts to reach 5%of the breakthrough (meaning the outlet con-
centration being equal to 5% of the inlet concentration) after t5 = 246min and 95% of the breakthrough
to be reached after t95 = 549min. These times differ significantly form Shi et al.’s conclusions. They
measure t5 = 93min and t95 = 278min. Thus, the modeled breakthrough curve is offset by ∆t5 = +153
minutes and the breakthrough of 95% is reached∆t95 = +271 minutes later than in the experiment. The
lagging period, which is until t5 is reached, takes up 44.8% of t95 in the simulation, while 33.45% in the
experiment. Consequently, the breakthrough period between t5 and t95 takes up 55.2% and 66.55% in
the simulation and the experiment, respectively. Hence, the curves show slight differences in their slope.
Conclusions on the total uptake of CO2 can be drawn from the area above the breakthrough curve and
below the equilibrium value. This differs significantly for the two curves, suggesting that the capacity of



4.2. Contactor model 38

Figure 4.12: Breakthrough curves from experimental data from Shi et al, and predicted by the model under conditions from Shi
et al.’s experiments [81]. t5 and t95 mark the times of 5% and 95% breakthrough, respectively

the considered columns is not equal. Possible reasons for these discrepancies will be further discussed
in Chapter 5.

While the time required for breakthrough does not match the experiment by Shi et al. [81], it can still be
expected that qualitative conclusions from variations of geometries and conditions can be drawn from
the model.

4.2.2. Comparison packed bed and monolith
The exemplary case of adsorption under low humidity is evaluated for both reactor models. In Figure
4.13, the breakthrough curves of both reactors with standard dimensions are shown. The monolith
considered in this study has a higher porosity than the packed bed, resulting in increased length and
lower interstitial velocity. It can be seen that the packed bed reactor exhibits a steeper breakthrough
curve compared to themonolith. Additionally, the curves show a slight offset, with themonolith reaching
the turning point later than the packed bed. This can be accredited to the difference in length of the
contactors.

A steeper breakthrough curve generally indicates higher mass transfer efficiency, as the sorbent quickly
saturates from initial breakthrough [13]. To estimate whether the flow in the contactor is dominated by
convection or dispersion the Péclet number evaluated. It is a dimensionless number and defined as

Pe =
Lvs
DL

(4.1)

withL being the reactor length, vs the superficial velocity andDL the dispersion coefficient. A high Péclet
number indicates that the system is dominated by convective mass transfer, while the Péclet number is
low for systems dominated by dispersion. In typical fixed bed adsorption columns convection dominates
over dispersion and the Péclet number ranges between 50 − 500 [71]. In the considered case, with the
velocity vs = 0.04m/s, the Péclet number is∼ 275 for the packed bed and∼ 700 for themonolith, showing
that dispersion is minor compared to convective transport. Thus, the difference in steepness of the two
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reactors is not due to disperse effects, but to mass transfer limitations, which have a higher impact on
the adsorption rate in the monolith due to a lower surface area of the sorbent.

Figure 4.13: Normalized breakthrough curves of the packed bed and the monolith for the low RH adsorption case, indicated
times mark 5% and 95% breakthrough.

To evaluate the efficiency of the usage of the sorbent, it is common to normalize the time with the
stoichiometric time ts which represents the time required to pass the amount of CO2 equal to the total
adsorption capacity through the column [71]. It is defined as

ts =
Ntot

V̇ C∞
(4.2)

where Ntot is the total adsorption capacity in mol, V̇ the volumetric flow rate in m3/s and C∞ the inlet
concentration in mol/m3. The non-dimensionalised time scale is then defined as

τ =
t

ts
. (4.3)

As the values defining the stoichiometric time is equal for both reactors considered, the normalisation
only influences the absolute values. In an ideal reactor, breakthrough would start at τ = 1, which means
adsorption of its full capacity before breakthrough occurs, minimizing leakage and thus the energy re-
quired for maintaining the gas supply. Figure 4.14 shows the breakthrough curve on the stoichiometric
time scale. Early breakthrough occurs at τ = 0.75 in the packed bed reactor, while at τ = 0.5 in the
monolith. This indicates a more efficient utilization of the sorbent in the packed bed.
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Figure 4.14: Normalized breakthrough curves of the packed bed and the monolith for the low RH adsorption case on a time
scale normalized with the stoichiometric time.

4.2.3. Variation of humidity
The breakthrough curves for the different humidity levels in the packed bed reactor are shown in Figures
4.15a. They show that the breakthrough time increases with the humidity level. As humidity enhances
the adsorption capacity, the total amount of carbon dioxide adsorbed is higher. The flow rate is constant
for all the cases, which implies the same supply of carbon dioxide. As more CO2 is adsorbed in the
column, the breakthrough time increases. The slope of the curves is very similar, however shows a slight
increase with the rise of humidity level. This difference is most clear in the period of early breakthrough,
and indicates an influence of the chemical reaction rate, which is slower for the dry carbamate reaction.
This difference is more relevant in the beginning of the process, as the CO2 can adsorb in the outer
regions of the particles, without being hindered by intra-particle diffusion. The same analysis is done for
the results in the monolith, shown in Figure 4.15b. The offset between the curves of different humidity
levels are similar to the behaviour in the packed bed. Differences in the slopes can not be identified,
indicating less influence of the reaction rate on the overall uptake process, and thus a higher relevance
of intra-sorbent diffusion.

(a) Normalised breakthrough curves of the packed bed at dry conditions,
low RH, medium RH and high RH

(b) Normalised breakthrough curves of the monolith at dry conditions,
low RH, and high RH

Figure 4.15: Breakthrough curves of the packed bed and the monolith under the different considered humidity levels.
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4.2.4. Variation of diffusion length
The diffusion length is varied to evaluate the influence of intra-sorbentmass transfer on thewhole break-
through behaviour. Figure 4.16 shows the breakthrough curves of the packed bed and the monolith
of the exemplary case of low RH on the stoichiometric time scale for different intra-sorbent diffusion
lengths i.e. varied particle size and wall thickness. The Figure shows that an increase ofDp and dw leads
to a reduction of the slope of the breakthrough curves. It can further be seen that the increase has a
stronger affect on themonolith, indicating that intra-sorbent diffusion is more important for this reactor.
For a diffusion length of Dp = dw = 100µm, intra-sorbent mass transfer effects become irrelevant and
the adsorption process on thematerial is reaction limited. The breakthrough curves of themonolith and
the packed bed coincide despite their difference in length and interstitial velocity, demonstrating that
these differences are irrelevant for the overall uptake process.

(a) Results for the packed bed reactor (b) Results for the monolith

Figure 4.16: Normalised breakthrough curves of the low humidity case on the stoichiometric timescale τ for different diffusion
lengths.

Evaluation of performance indicators
In this section, the performance indicators productivity and required electrical energy for the fan, as
defined in Section 3.2.5 are evaluated. The values are calculated for 50%, 70% and 95% breakthrough.

Figure 4.17 illustrates the productivity of the packed bed and the monolith evaluated at different times,
for the intra-sorbent diffusion lengths Dp = dw = 520µm and Dp = dw = 1000µm. The values indicate
a generally higher productivity of the packed bed compared to the monolith. The differences are more
prominent for the evaluation at later stages of breakthrough, close to saturation of the sorbent, as the
productivity of the monolith declines more compared to the packed bed. This follows from the steeper
breakthrough curve of the packed bed. The differences are enhanced for the higher diffusion length.

The required energy for the fan is compared in Figure 4.18. It can be seen that the energy requirements
for maintaining the flow through the packed bed are massively higher than for the monolith. For better
visibility, the findings for the monolith are displayed on a different scale in Figure 8.4. To reach 95%
breakthrough, 4597.4 J are required for the packed bed, while only 23.5 J to power the fan for the mono-
lith, which is a ∼ 200 times higher energy consumption for the packed bed. With rising the particle size
to 1000µm, the energy required for the fan until 95% breakthrough in the packed bed is reduced by 95%,
arriving at an energy consumption of 1410.9 J. The energy saving is due to a significant reduction of the
pressure drop over the bed. The energy required for the flow through the monolith increases with an
increase of the intra-sorbent diffusion length, originating from slight increase in pressure drop due to
a reduction in channel size, and the increase in time required to reach the breakthrough times consid-
ered. The required energy for 95% breakthrough rises to 43.8 J, which is an increase of 35%. Despite this,
the energy consumption for achieving 95% breakthrough for the monolith remains substantially lower,
being 32 times less than that of the packed bed.
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Dp = dw = 520 μm Dp = dw = 1000 μm

Figure 4.17: Productivity of the packed bed and monolith after reaching 50%, 70% and 95% breakthrough. Diffusion lengths
Dp = dw = 520µm andDp = dw = 1000µm are evaluated.

Dp = dw = 520 μm Dp = dw = 1000 μm

Figure 4.18: Energy consumed by the fan for the packed bed and monolith after 50%, 70% and 95% breakthrough. Diffusion
lengthsDp = dw = 520µm andDp = dw = 1000µm are evaluated.
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4.2.5. Variation of velocity
For further evaluation of the differences between the contactors, two cases of different velocities are
presented. The conditions considered correspond to the exemplary adsorption case under low RH.

Lower velocity
In the cases considered so far, dispersion does not play a role. This was shown by the evaluation of the
Péclet number. In this section, the inflow rate is lowered so that dispersion plays a minor role in the
column. It is chosen to be V̇ = 6.48 L/s, corresponding to a superficial velocity of vs = 5 · 10−5 m/s. This
corresponds to Péclet numbers Pe = 59.26 in the packed bed, and Pe = 122.44 in the monolith, making
dispersion more relevant in the packed bed compared to the monolith. The breakthrough curves shift
significantly to later times, which can be directly attributed to the lower flow rate.

They are presented on the stoichiometric time scale in Figure 4.19. The graph reveals that the lower
flow rate increases the overall mass transfer efficiency in the column, as breakthrough occurs closer to
τ = 1. This is due to the lower velocity in the column increasing the residence time of the gas and thus
the contact time of the gas and the sorbent. The differences between the monolith and the packed bed
decrease suggesting that the uptake is limited by the supply rate instead of reactor specific processes.

Figure 4.19: Breakthrough curves of the packed bed and the monolith under the standard volumetric flow rate in this work and
the reduced one. The time scale is normalized with the stoichiometric time.

Constant fan power
As DAC involves significant energy costs to extract CO2 from the atmosphere, energy savings are crucial.
Additionally, unlike other adsorption column applications, the efficient use of the feed gas is less critical
because the feed gas in DAC is simply ambient air, which is abundantly available. Therefore, an industrial
perspective is adopted by maintaining a constant fan power between the monolith and packed bed
reactors, rather than keeping the supply rate constant, allowing for a more practical comparison of their
performance. The fan power required to maintain the volumetric flow rate of V̇ = 51.84 L/s is Ẇfan =
6.89W and is considered for this comparison. As the pressure drop over the monolith is substantially
lower than over the packed bed, this fan power generates an increased volumetric flow rate of V̇ =
772.21 L/s, which corresponds to a superficial velocity of vs = 0.596m/s. The standard dimensions for the
reactors are used for this comparison. Figure 4.20 displays the breakthrough curve of the packed bed
and the monolith under the fan power of Ẇfan = 6.89W. It can be seen that the effluent reaches the
feed concentration 2.5 times earlier for the monolith than for the packed bed. The time after which 95%
breakthrough is reached is t95,M = 488.25min for themonolith, and t95,pb = 2136.0min for the packed bed,
resulting in a 4.38 times higher energy consumption for the packed bed. This illustrates the energetic
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advantage the monolith provides. The advantageous behaviour of the monolith can also be seen from
its higher productivity compared to the monolith. The productivity at 50%, 70% and 95% breakthrough
is illustrated in Figure 4.21. The differences between the values decreases for increasing considered
breakthrough time, which is due to the steeper breakthrough curve of the packed bed. The productivity
after 95% is 4.2 times higher in the monolith compared to the packed bed.

Figure 4.20: Breakthrough curves of the packed bed and the monolith under a constant fan power of Ẇfan = 6.89W, for the
low RH adsorption case.

The result for the monolith shows immediate breakthrough up to a value of 0.5 times the feed con-
centration, stabilizing at 0.25 · C∞

CO2
. Then, the concentration slowly approaches the feed concentration,

where it shows a change in slope after 100min. Here, the regime changes to being solely governed by
intra-sorbent diffusion and reaction limitations, and the concentration profiles over the reactor length
adapt a linear shape. This happens because the residence time in the column is short, and the CO2
concentration inside the particles lags behind the concentration in the bulk fluid.
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Figure 4.21: Productivity of the packed bed and the monolith after 50%, 70% and 95% breakthrough, at a constant fan power of
Ẇfan = 6.89W. Results are for the low RH adsorption case.

(a)monolith reactor (b) packed bed reactor

Figure 4.22: Concentration profiles over the reactor length during adsorption under a constant fan power of Ẇfan = 6.89W.
Results are for the low RH adsorption case.
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4.2.6. Maxwell-Stefan model
In this section, the results of the contactor models applying the Fickian and the Maxwell-Stefan model
on the intra-sorbent scale are compared. The comparison is done on the case with elevated particle
size and wall thickness (Dp = dw = 1000µm), as intra-sorbent diffusion is more relevant here, and differ-
ences between the models thus larger. The results of the breakthrough curves for the packed bed and
the monolith can be seen in Figure 4.23. They show that the curves are steeper under the application of
Maxwell-Stefan equations compared to Fick’s law. This is coherent with the observation in the particle
model, that Fick’s law underestimates the intra-sorbent diffusion. It can further be seen that the dif-
ferences between the models are larger for the monolith, confirming the hypothesis that intra-sorbent
diffusion is of higher importance compared to the packed bed.

(a) Results for the packed bed reactor (b) Results for the monolith reactor

Figure 4.23: Normalised breakthrough curves predicted by the Maxwell-Stefan and the Fickian model for adsorption under low
RH

4.2.7. Desorption
While a constant gas velocity in the column is assumed for the adsorption model, the velocity in the
desorptionmodel is calculated based on the change in loading of the material. Typical desorption condi-
tions are reduced pressure and elevated temperature. Purge gas might be applied to increase transport
through convection. Numerical issues arise in the calculations, when the conditions of the desorption
case considered in the particle model are applied. Due to the very low pressure, values become too
small and the tolerances are too big for the solver to proceed. Also the consideration of a steam purge
led to numerical difficulties, with instabilities prolonging the calculation and decreasing the quality of
the results.

To demonstrate the principle of the model, a desorption case is run in dry conditions and under the
consideration of nitrogen purge gas. While this is not a useful application for direct air capture, it is
applied here for demonstrative reasons and as a starting point for future work. The pressure in the
considered case is set to Pdes = 1 · 104 Pa, the temperature is T = 328K and the constant inlet velocity
corresponds to a volumetric flow rate of nitrogen of V̇ = 0.68 L/s.

Figure 4.24 shows the development of CO2 concentration at the outlet of the packed bed over time. The
development of the concentration profile is typical for a desorption process [13]. After a steep rise dur-
ing the inital desorption, the concentration slowly decreases and approaches zero. Figure 4.25 shows
the profiles of the interstitial velocity over the packed bed at different time steps. It can be seen that the
velocity rises initially, exhibiting a linear rise over the column length. At around t = 0.01 s a peak in veloc-
ity is reached, after which the profiles decline until a constant value of the initial velocity is established
throughout the column. In this study, desorption is modeled by applying the equilibrium conditions
from the adsorption phase, while adjusting for changes in temperature and pressure, without explicitly
simulating the heating and evacuation processes. Consequently, molecules that would normally desorb
gradually during these phases are instead assumed to desorb instantaneously at the start of the desorp-
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tion simulation. This immediate desorption results in a significant initial velocity peak. Themagnitude of
this peak increases under lower pressure conditions, which is why the low-pressure desorption scenario
could not be solved. A similar issue arises when considering humidity; the rapid physical adsorption re-
action of water leads to steep gradients in the simulation, causing numerical difficulties.

Figure 4.24: CO2 concentration at the outlet of the packed bed during desorption with a nitrogen purge.

Figure 4.25: Interstitial velocity profiles over the packed bed at different time steps during desorption with a nitrogen purge.
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Discussion

5.1. Particle model
The model on the particle scale was evaluated for different cases, varying the adsorption conditions in
terms of humidity, as well as the characteristics of the sorbent in terms of particle size, pore size and
pore structure.

While themodel gives a good quantitative prediction of the adsorption isotherm in dry conditions (based
on carbamate formation), it is limited to qualitative predictions for the isotherm under humid conditions.
This leads to the presumption that more or other effects are relevant in the process of co-adsorption
of carbon dioxide and water than considered. Li et al. [47] suggest the formation of hydronium carba-
mates dominating over bicarbonates, and accredit a critical role for the kinetics to the formation and
solid-diffusion of different intermediates stabilizing water molecules after physical adsorption. Mean-
while, Kaneko and Lackner [36] extend the mechanisms considered in this study by taking hydration
water around ions and, subsequent to the formation of bicarbonates, the reaction to carbonates into
account. Both mechanisms are new suggestions for the chemical pathways of CO2 adsorption under
humid conditions and have not yet [36] or only in a limited study considering one material [47] been
validated.

While appropriate data was available to fit the kinetics of the carbamate reaction, the kinetic parameters
of the bicarbonate reaction bear uncertainties due to the limitation in available data of dynamic TGA
measurements on co-adsorption. The diffusion effects could not be excluded when adjusting the kinetic
parameters, and the fit relies on the predictions of the diffusion model. Furthermore, the temperature
dependency could only be estimated from literature. Rigorous experimental data on small particles - and
thus excluding diffusion limitations - under various humidity levels and temperatures would provide the
basis to obtain accurate kinetic parameters describing the co-adsorption effects.

Under the considered conditions, the model reflects the increase in CO2 loading on the material with
increased humidity in the air well, and predicts a higher uptake rate under humid conditions. Pressure
and temperature considered in this study correspond to the data used for the approximation of the
thermodynamic parameters, giving confidence in the equilibrium loadings calculated. The particle size,
pore size and tortuosity, which directly influence the diffusion rate, have significant influence on the up-
take rate of carbon dioxide, which demonstrates the influence of intra-sorbent diffusion on the process.
The model predicts the same threshold for the particle size from which intra-particle diffusion becomes
relevant for the overall uptake process as experimental results [9], which validates the magnitude of
the diffusion model. However, literature reports varying values for the structural properties of Lewatit
(such as pore size), yielding uncertainty when comparing model predictions to experimental data. The
current diffusion model assumes an average pore size and effective particle size, which represents an
averaged estimation. The consideration of a pore size distribution (for example by including a parallel
poremodel, see Appendix 7) and particle size distribution would increase the accuracy of themodel, and
its applicability to different materials.

48
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Differences between the Maxwell-Stefan and the Fickian model are present only in the adsorption case
which is due to the chosen conditions. The differences between the models scale with the relevance
of intra-sorbent diffusion on the whole process. Thus, the differences between the model might be-
come relevant for different materials with differently shaped or bigger particles. Furthermore, they
behave differently depending on the concentration of water, as the Maxwell-Stefan model considers
multi-component effects, while Fick’s law does not. The effect of the differences between the models
however is small on the adsorbed species and the loading. For Lewatit, as considered in this work, the
difference between the twomodels is near negligible and considering the larger computation time of the
Maxwell-Stefan model, the application of the Fickian model is preferred. The application of the Maxwell-
Stefan model might become relevant for larger or differently shaped sorbent structures.

The desorption case considered is close to vacuum and governed by Knudsen diffusion. In practice,
desorption might be conducted under higher pressures, and under the application of a steam purge.
Those conditions were not regarded in this work, as a mixture of steam and the desorbed CO2 will show
non-idealities, making the results on the particle scale with the assumption of ideal gases inappropriate.

5.2. Contactor model
The contactor model could not be validated with the experimental results from Shi et al. [82]. Although
the experimental conditions as statedwere adapted to the simulation, themodel predicts delayed break-
through together with a slightly more gradual breakthrough curve. The differences suggest a discrep-
ancy in the capacity of the column between the experiment and the simulation. Possible reasons are
uncertainties in the material parameters as well as the true experimental conditions. Shi et al. report
different values in material-intrinsic properties such as sorbent density, sorbent porosity and tortuos-
ity than reported by the manufacturer and other literature [46, 97, 91]. The sorbent density is directly
connected to the loading calculated in the model, while the porosity and tortuosity have influence on
the diffusion and thus uptake dynamics as shown in Section 4.1. The properties are adjusted for the
validation case in the model, however they do not correspond to the values used in the development on
the model. The lower density of the material reported by Shi et al. [82] leads to predictions of higher
loading at the given concentration, disrupting the essential, intrinsic consistency between concentration
and carbon dioxide loading of the model.

Due to the fact of only minor differences between the Maxwell-Stefan equations and Fick’s law in the
particle model, and the significant difference in computation times (∼ 12 times higher for the Maxwell-
Stefan model), the analysis of the contactors were done under the application of the Fickian model.
However, in cases where the influence of intra-sorbent diffusion is more significant, the results of the
two models exhibit considerable differences. Hence, in the modeling of configurations with a strong
influence of intra-sorbent diffusion the choice of diffusion model is relevant for the overall adsorption
process.

Comparisons of the packed bed and the monolith contactor revealed a steeper breakthrough curve of
the packed bed in the base case with standard dimensions and relative humidity of 30%. Variations
in the humidity levels led to delayed breakthrough with similar slope of the breakthrough curves in
both the monolith and the packed bed, reflecting the larger total uptake under humid conditions. A
variation of the intra-sorbent diffusion length shows that the monolith exhibits a higher dependency
on this parameter, indicating a higher relevance of intra-sorbent diffusion. This observation can be
explained by the intrinsic geometry of the sorbent in the two reactor configurations. In a packed bed,
the spherical shape of the sorbent results in a significant portion of its volume being concentrated in the
outer regions. This configuration reduces the diffusion length for the gas, allowing it to access a large
fraction of the adsorption sites more efficiently. In contrast, the sorbent in a monolith is structured as
a straight wall, where the increase in accessible material is linear with respect to the distance of intra-
sorbent diffusion. Generally, the sorbent in themonolith exhibits a lower specific surface area compared
to that in the packed bed. This is a general phenomenon connected to the penetration theory, applicable
for heat and mass transfer, and addressed for instance in Bird et al. [7].

In the cases considered in this study, this effect causes significant differences between the breakthrough
curves of the contactors for a sorbent thickness Dp = dw = 520µm, and increases to higher differences
forDp = dw = 1000µm. Larger particle sizes in the packed bed lead to a slight decrease of efficiency and
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productivity, while an increase of the wall thickness of the monolith showed more significant effects on
the breakthrough time. Increasing the particle size in the packed bed also leads to a substantial decrease
of pressure drop over the reactor, leading to significant savings in electricity costs for the blower. This
demonstrates a trade-off between productivity and electricity costs, where the reduction in required
electricity is higher (×3 lower) than the penalty in productivity (×0.16 lower) for the considered particle
sizes. The model developed in this work generally offers a suitable method for determining the optimal
particle size to balance this trade-off, thereby supporting reactor design. Constructing monoliths with
very thin walls bears challenges tomaintain stability andmight not be feasible. The considered thickness
of 520µmwas found to be applied in a commercially available monolith with a length of∼ 15 cm [84], but
scaling up the total size wouldmost likely also require thicker walls to ensure the stability of themonolith.
Thus, the intra-sorbent diffusion will play a significant role in monoliths applied for Direct Air Capture.
Yet, the monolith demonstrates substantially lower pressure drops, offering massive energy savings for
the operation of the fan required tomaintain flow through the reactor. This results in a trade-offbetween
productivity and energy required by the fan between the two reactors. In the considered configuration,
200 timesmore electrical energy for the blower is required to reach 95% breakthrough in the packed bed
compared to the monolith. This considerably outweighs the monolith’s disadvantage in productivity,
which is still 80% of the productivity of the packed bed in the case with the highest difference (after 95%
breakthrough for Dp = dw = 1000µm). Applying equal fan powers highlights the advantages of the
monolith, and reveals a 4.2 times higher productivity after 95% breakthrough and a thus 4.3 times lower
energy consumption with respect to the packed bed under these conditions. In this case, the monolith’s
breakthrough curve shows immediate breakthrough and a more gradual slope compared to the packed
bed, suggesting a less efficient utilization of the feed. However, in Direct Air Capture, where ambient air
is the feed and is abundantly available, the column’s efficiency is less critical compared to factors such
as productivity and energy costs.

The numerical challenges encountered in desorption cases within the contactor model stem from the
substantial quantity of species that desorb during the heating and evacuation phases. Since these steps
are not explicitly modeled in this study, the abrupt change in conditions causes a sudden release of a
large number of desorbing molecules, resulting in steep concentration and velocity gradients within the
column. These issues become particularly severe at very low desorption pressures and in the presence
of water, due to the rapid physical adsorption and desorption of water. To prevent this rapid increase
and the associated numerical difficulties, it is necessary to explicitly model the heating and evacuation
steps.
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Conclusion and Recommendations

This thesis aimed to address the challenges inmodeling the adsorption and desorption processes in DAC,
particularly focusing on the complexities introduced by the diverse porous structures of the sorbent
materials and the effects of humidity. The motivation for this research stemmed from the limitations
of existing models, which fail to incorporate the full spectrum of mass transfer processes, or do not
consider the significant effects of humidity on the process. By developing a comprehensivemass transfer
and reaction kinetics model at the particle scale, this work sought to bridge these gaps, providing amore
accurate and adaptable framework for predicting the performance of amine-functionalized sorbents in
DAC applications.

All mechanisms transporting CO2 and water from the bulk around the particle, through the pores of the
materials until reaching and adsorbing to the amine site are considered in the developed model. The
findings give clarity over their relevance for adsorption and desorption.

• FilmDiffusion Themodel shows that filmdiffusion is fast compared to diffusionwithin the sorbent.
Thus, it does not limit the adsorption process.

• Pore Diffusion It was found that pore diffusion influences the uptake rate, where the magnitude
of its influence depends on the pore structure and particle size. Under the considered conditions,
pore diffusion is relevant for the uptake process for particles with a diameter ≳ 200µm, which is
coherent with experimental results [9]. The structure of the material was represented by including
the effective particle size Dp,eff , the average pore size dp,avg , porosity εs and tortuosity τp. While
these parameters were sufficient to correctly predict themagnitude of diffusion through the pores,
accuracy and applicability of the model to different materials can be increased by including a parti-
cle size and pore size distribution. While the representation by Fick’s law is simplified compared to
the Maxwell-Stefan equations, the differences between the models on the overall adsorption pro-
cess are slight for the considered material and conditions, making both models appropriate. With
an increase of the particle size, the pore size or the tortuosity, and thus essentially an increase of
the relevance of intra-particle mass transfer, the differences between the models can become sig-
nificant. Under the considered desorption conditions, Knudsen diffusion is the relevant diffusion
mechanism, hence the predictions of the twomodels are the same. The influence of pore diffusion
compared to other phenomena on the process is the same as for the adsorption process.

• Surface Diffusion On the basis of findings in literature [27] and estimations of the magnitude of
surface diffusion, it was shown to be irrelevant for the overall process. Hence, it was not further
considered in the model.

• Chemical Reaction The kinetics of the chemical reactions influence the uptake on a particle scale
together with pore diffusion. The adsorption reaction was modeled through the consideration
of physical adsorption of water, carbamate and bicarbonate formation. The respective reactions
were considered and parameterized through the thermodynamic values of reaction enthalpy and
entropy, and kinetic factors determined by and Arrhenius factor and the activation energy. In order
to set the maximum loading of CO2 on the material, the concentration of amine sites is considered.
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The reaction model does not reflect experimental results quantitatively over large ranges of pres-
sure and temperature (and thus does not represent an accurate isothermmodel), but it was found
to describe the shape of the isotherms qualitatively, applicable for different materials. The kinet-
ics of the chemical reaction of the formation of carbamates is in coherence with the magnitude of
pore diffusion, as experimental results of Bos et al. [9] were validated. The kinetic parameters of
the bicarbonate reaction were estimated from experiments and values in literature, and require
further validation with appropriate data.

Hence, the results of the particlemodel show that pore diffusion and reaction kinetics govern the uptake
dynamics on the sorbent. Which mechanism dominates depends on the particle size, pore structure as
well as temperature and pressure conditions. The particle scale model implemented in a packed-bed re-
actor model could not be validated with the experimentally obtained breakthrough curves from Shi et al.
[82]. While the slope of the breakthrough curves are similar, the total capacity between the experiment
and the simulation differs. Multiple reasons might contribute to the discrepancies between the model
and the experimental data, including uncertainties in the material parameters and possible differences
between the experimental vs. simulation conditions. A detailed experimental study on breakthrough
with Lewatit is required to gain certainty in the comparison. Despite the lack of experimental validation,
the contactor model remains applicable for comparing the performance of a fixed-bed reactor and a
monolith, as both models are based on the same fundamental principles.

The comparison at equal volumetric flow rates indicates that the packed-bed reactor generally produces
steeper breakthrough curves and consequently, offers amore efficient use of the sorbent than themono-
lith, as well as a higher productivity (∼ 10−24% at the same diffusion length). This difference is primarily
attributed to greater intra-sorbent mass transfer limitations in the monolith, resulting from its geomet-
ric configuration. The reduced specific surface area and the sorbent arrangement within the monolith
make diffusion limitations particularly significant. Additionally, in realistic, scaled-up reactors, themono-
lith walls are expected to bewider than the particles in a packed bed due to stability concerns. As a result,
intra-sorbent diffusion limitations are anticipated to have a greater impact on the overall process in the
monolith compared to the packed bed.

Under the considered volumetric flow rate of 51.84 L/s, dispersive effects were minor in the contactors,
making the breakthrough time limited by the supply rate, intra-sorbent diffusion and chemical reaction
rate, where their relevance depend on the diffusion length. In a regime where dispersive effects are
governing, the residence time is increased such that intra-sorbent diffusion effects are minor and the
uptake in the reactors is limited by the supply rate. For an increased flow rate in the monolith (in the
case of constant fan power), the breakthrough time wasmainly governed by intra-sorbent mass transfer
and chemical reaction rate.

The profoundly lower pressure drop over the monolith, offers the potential of large energy savings for
the operation of the fan required to maintain the flow through the reactor. The energy savings for the
monolith outweigh its disadvantage in productivity, as up to 200 times less electrical energy is required
to power the process. With equal fan power for both contactors, the monolith can achieve a 4.2 times
higher productivity, which highlights its advantage. Although the packed bed shows higher efficient
utilization of the feed, this is less critical for the application of DAC compared to productivity and energy
costs, due to the reason that the feed is ambient air which is abundantly available.

This study shows the large potential monolith reactors offer on energy savings during operation, while
maintaining a similar productivity compared to the packed bed. To determine which contactor is more
advantageous, the reactors must be evaluated alongside other factors, such as the feasibility of produc-
ing thin monolith structures and the cost differences in manufacturing beads for a packed bed versus a
monolith. Given the degradation of amine-functionalized materials over multiple cycles, this aspect can
become of significant impact. Addressing manufacturing constraints in detail, however, is beyond the
scope of this study.

The explicit modeling of intra-sorbent diffusion and reaction kinetics, allows for analysis of their influ-
ences under different conditions and geometries. Although the model requires improvements in ac-
curacy, this study demonstrates the potential of a rigorous mass transfer model for further research
in sorbent and reactor design. Given the significant impact of intra-sorbent mass transfer on uptake
dynamics, it should be a central focus in future research on DAC process modeling.
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6.1. Recommendations
The accuracy of themodel for isotherms of co-adsorption can be enhanced, once a better understanding
of the chemical mechanisms is established. Given that intermediates from water adsorption [36] or the
formation of hydronium carbamates [47] may influence the process, additional research is required
before the isotherm model can be refined by adjusting to these mechanisms. Certainty in the reaction
kinetics, specifically under the influence of water, can be obtained by gathering more suitable dynamic
TGA data for the co-adsorption of carbon dioxide and water under varying temperature conditions. This
data should be obtained under the consideration of small particles, to exclude intra-sorbent diffusion
effects. Furthermore, the model should be extended with the consideration of heat transfer effects,
accounting for changes in temperature due to heat of adsorption. The diffusion model can be improved
by including the consideration of a pore size and particle size distribution, and comparing different pore
structure models such as the parallel or the random pore model [37]. An experimental analysis on
sorbents with larger particles and of varying shape would provide valuable data for further refinement
of the diffusion model. Further detailed breakthrough experiments with different geometries and inlet
conditions are required to validate the model or gain insights on the discrepancies between the model
and experimental results. This way, reliability of further predictions can be enhanced.

This study highlights the large potential of using monoliths as contactors in Direct Air Capture (DAC),
particularly due to their substantial energy savings on required fan power compared to packed beds.
Further research should focus on the feasibility and cost-effectiveness of producing these structures,
which heavily depends on their design. The issue of sorbent degradation over multiple cycles makes the
cost of producing the sorbent structures especially critical. Addressing the stability and durability limita-
tions of monoliths made from amine-functionalized sorbents is essential for their successful application
in DAC. Consequently, scaling up these reactors to larger sizes, such as those required for pilot-scale
operations, should be a key research priority.

To maintain low pressure drops while enhancing the sorbent surface area and overall efficiency, innova-
tive contactor designs are essential. One approach could involve optimizing the shape of monolith walls
to minimize the impact of intra-sorbent diffusion limitations, with only a marginal increase in pressure
drop. Similarly, the shape of the channels could be adjusted to increase flow efficiency. Another strategy
could be the development of hybrid contactors that combine the benefits of monolith and packed bed
reactors, such as layered designs or parallel configurations.

The evaluation of reactor designs that cannot be adequately represented by a 1-dimensional model ne-
cessitates the application of computational fluid dynamics (CFD). Given the importance of intra-sorbent
mass transfer, integrating the findings of this study into CFD models is recommended. For instance, in-
corporating the 1-dimensional particle-scale model into 3-dimensional CFD simulations could pave the
way for predictions of the performance of complex reactor designs.
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Appendix A

Isotherm Models
Pure Water Adsorption
The adsorption of pure H2O on amine-functionalized sorbent materials is commonly described by the
Guggenheim-Anderson-de Boer (GAB) isotherm [95, 65, 87]. It is developed on the basis of the Langmuir
and BET (Brunauer-Emmett-Teller) isotherm models [65]. The GAB isotherm model assumes a tightly
bound monolayer on the sorbent surface, and a following multilayer where the molecules have a lower
binding energy (which is equivalent to the heat of adsorption) than in the monolayer. The multilayer is
assumed to include the second up until the ninth layer, in subsequent layers the heat of adsorption is
assumed to be equal to the latent heat of condensation, just like in the bulk liquid [65, 97]. The heat of
adsorption for the different layers are dependent on temperature, for which experimental data needs
to be used to obtain an empirical fit [97]. The GAB isotherm equation is thus:

qH2O =
qmkcx

(1− kx)(1 + (c− 1)kx)
. (7.1)

qH2O [mol kg−1] is the water loading, qm [mol kg−1] the loading at themonolayer which acts as ameasure
of the available adsorption sites. The parameters k and c are dimensionless and need to be fitted to
experimental data. c describes the binding strength of the molecules in the first layer compared to
the molecules in the multilayer. Large values imply a stronger binding in the monolayer and a large
difference to the multilayer. k indicates the same for the multilayer and the bulk fluid [65].

Dry CO2 Adsorption
The adsorption of CO2 on amine-funtionalised sorbents in absence of H2Ohas previously been described
with a temperature-dependent form of the Toth model [28]. Compared to the Langmuir isotherm it
improves the fit at high and low pressure. The Toth isotherm is defined as

qCO2 =
q∞(T )b(T )pCO2(

1 + (b(T )pCO2
)
τ(T )

) 1
τ(T )

(7.2)

with qCO2 [mol kg−1] being the loading of CO2 on the adsorbent, pCO2
(in Pa) the partial pressure of CO2.

q∞ [mol kg−1] is the maximum CO2 capacity and is described as

q∞(T ) = q∞,0 exp

(
χ

(
1− T

T0

))
(7.3)

where q∞,0 is at a reference temperature T0 [K], T [K] is the temperature and χ [-] is a factor for the
temperature dependency. b [Pa−1] is defined by

b(T ) = b0 exp

(
−∆H0

RT

)
(7.4)
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and describes the affinity of CO2 to the adsorbent. b0 is an affinity parameter, ∆H0 [Jmol−1] is the isos-
teric heat of adsorption and R is the universal gas constant. τ [−] is a parameter to account for surface
heterogeneity and is given by

τ(T ) = τ0 + α

(
1− T0

T

)
(7.5)

with the factor α used to describe the temperature dependency and τ0 at a reference temperature.

Co-Adsorption
Themathematical modeling of the co-adsorption isotherm for H2O and CO2 remains a current subject of
research. The following section provides an explanation and comparison of both empirical and kinetic
approaches to address this modeling challenge. When both H2O and CO2 are present, different interac-
tion mechanisms can influence the adsorption behavior. While the presence of CO2 typically does not
have a significant impact on the adsorption of H2O on typical amine-functionalized sorbents [91, 5, 28,
18], water can alter the adsorption capacity of CO2. As the ambient air contains between 18−60% humid-
ity on average, depending on the season, this effect is highly relevant [31]. As described in Section 3.1.8,
the chemical adsorption mechanisms extend from only the formation of carbamates to the additional
formation of bicarbonates when water vapour is present. The difference in the stoichiometric relations
of the two reactions lead to different amine efficiency in dry and humid conditions (Φ = 0.5 for carba-
mate and Φ = 1 for bicarbonate) leading to an overall higher CO2 adsorption capacity in the presence of
water. Another effect that leads to higher CO2 adsorption is that the presence of water changes the heat
of adsorption, which changes the affinity to form bonds favourably. Yu et al. [98] find the heat of adsorp-
tion of carbamates to be higher than the one of species that involve the binding of water. As the heat
of adsorption corresponds to the binding energy, this also alters the energy requirements for the TSA
cycle. Less energy will be required to desorb CO2 in the form of bicarbonates compared to carbamates,
however, extra energy will be required to desorb the watermolecules. Moreover, high amounts of water
molecules present can block the CO2 molecules access to amine sites, which can lower the adsorption
capacity.

Empirical model based on the Toth-Isotherm [83] The model introduced by Stampi-Bombelli et al.
is based on the Toth isotherm and extended by an affinity coefficient b [Pa−1] and a water uptake depen-
dence nS [mol kg−1]. The isotherm is defined as

qCO2
= nS(T, qH2O)

b(T, qH2O)pCO2[
1 + (b(T, qH2O)pCO2

)τ(T )
]1/τ(T )

(7.6)

with
ns (T, qH2O) = ns(T )

[
1

1− γqH2O

]
γ > 0, (7.7)

and
b (T, qH2O) = b(T ) (1 + βqH2O) β > 0. (7.8)

The parameters γ and β [kgmol−1] are then determined by equilibrium data for the present material,
but are suggested to be positive. However, Young et al. state that γ might have negative values as they
revise the model in their work and take into account the possibility that water molecules block available
amine sites and thus reduce the CO2 uptake capacity [97]. As explained above, the presence of water
leads to a change in the adsorption capacity of CO2 as well as to a change in its affinity [83, 32, 97]. In
this model, the water uptake dependence nS leads to an increase in both when water is present, and
leaves the model as the regular Toth isotherm in dry conditions [83].
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Isotherm and kinetics models [35, 20] Jung and Lee [35] propose a model that includes the adsorp-
tion kinetics and equilibrium for co-adsorption of H2O and CO2 on amine functionalized sorbents. The
model is based on the mechanisms of the formation of carbamate and bicarbonate with the amines.
However, the model neglects the reaction stoichiometry and the partial pressures of CO2 and H2O that
were studied are higher than the ones occurring in ambient air, and are thus not applicable to DAC [20].

Elfving et al. [20] follow a kinetic approach which they use to develop an equilibrium model as well as
a dynamic model that they fit to a column experiment. They introduce a 5-parameter and 7-parameter
model that are based on the reactions forming carbamates in dry, and bicarbonates and hydronium
carbamates in humid conditions. They include the fact that a formation of a carbamate includes two
amine sites, while the formation of bicarbonates and hydronium carbamates only include one. Both of
their models yield good results in describing the equilibrium data of the adsorption isotherm, with the
7-parameter only showing a slight improvement in the fit in the case of low humidity and low partial
pressure. The difference in the dynamic model was clearer, as the 7-parameter model gave reasonably
good results in regions where the 5-parameter model failed [20].

Mechanistic co-adsorption model [97] The mechanistic co-adsorption model is based on the three
governing mechanisms described above (presence of water increasing the amine efficiency, presence of
water changing the heats of adsorption, water molecules blocking access to amine sites for CO2). The
CO2 loading qCO2

[mol kg−1] is defined dependent on the humidity, by including the amine efficiency
under present conditions (Φ [−]) and dry conditions (Φdry [−]):

qCO2
=

Φ

Φdry
f(pCO2

, T,∆Have). (7.9)

Here, f is the isotherm equation, which is dependent on temperature T [K], partial pressure pCO2
[Pa] and

the average heat of adsorption ∆Have [Jmol−1].

The effect of water blocking amine sites is included in the model by calculating the available amine sites
for CO2 adsorption.

Φavailable = Φmax − fblocked (7.10)

Φmax can be assumed to be 1, as it describes the maximum possible amine efficiency, and the fraction
of the sites blocked fblocked needs to be determined. It is assumed that it is proportional to the size of
adsorbed water aggregates, which is related to the loading of water on the adsorbent. Young et al. [97]
compare the growth of the aggregates to the process of crystals growing in time and propose Avrami’s
equation.

To describe the transition of species formed, which leads to one molecule of CO2 bonding with a single
amine group instead of two, Young et al. [97] propose to use a Maxwell-Boltzman distribution.

Φ = Φdry + (Φavailable − Φdry)e
− A

qH2O (7.11)

The critical water loading value A [mol kg−1] needs to be fitted.

The effect of the change in heat of adsorption is included by calculating a weighted average between the
wet and dry states with

∆Have =

(
1− e

− A
qH2O

)
∆Hdry + e

− A
qH2O ∆Hwet. (7.12)

WADST co-adsorption model [97] To be able to use the mechanistic model, everything about the
adsorption process of the pure species on the sorbent must be known. To develop a more general
approach, the weighted average dual site Toth (WADST) model is proposed [97]. In this approach, the
different species that can be formedduring adsorption are viewed as different types of sites, i.e. onewith
an available water molecule and one without. Just like in the mechanistic model, an Arrhenius equation
is used to describe the critical water loading A, which leads to equation

qCO2
=

(
1− e

− A
qH2O

)
q∞,dry(T )bdry(T )pCO2(

1 + (bdry(T )pCO2
)
τdry(T )

) 1
τdry(T )

+ e
− A

qH2O
q∞,wet(T )bwet(T )pCO2(

1 + (bwet(T )pCO2
)
τwet(T )

) 1
τwet(T )

. (7.13)
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The Tothmodel is used here to define the dry site of the isothermwith the pure-component parameters,
while the wet site is fit to co-adsorption experiments.

General IsothermModel [36] Kaneko and Lackner develop a general analytical binary isothermmodel
that can, among other cases, be applied to solid amines interacting with CO2 and H2O [36]. The model is
generalized for primary, secondary, tertiary as well as quaternary amines. All the chemical species and
reactions are included in the model. According to Kaneko and Lackner, only the adsorption process of
water to the sorbent is specific to each material, and is thus not defined in the model. Instead, the water
concentration in the solid, meaning the adsorbed water molecules to the solid amine surface needs to
be taken into account, as well as the hydration water around ions. Accordingly, the water concentration
is introduced in the reaction equations with the definition of hydration numbers. By defining equations
for charge neutrality and mass conservation of the total nitrogen, and inserting the definitions of the
equilibrium coefficients and Henry’s constants, a set of equations is derived that can be solved for the
CO2 concentration. This general equation is firstly defined for aqueous ammonium, secondly adjusted
for aqueous amine solutions including primary and secondary amines and lastly generalized to amine
solids. The model is validated for aqueous ammonia, and Kaneko and Lackner suggest that it will be
transferable to solid amines. A validation for the latter has however not yet been conducted.

Comparison of the models Young et al. compare their models and the one introduced by Stampi-
Bombelli [83] by assessing their accuracy when validated with experimental data. Including the co-
adsorption behaviour mainly led to differences in the results of CO2 loading and mole fraction [97], thus
changing the working capacity, which is one of the main indicators of the process performance. Young
et al. find that the WADST and mechanistic model yield similar results, estimating the loadings ∼ 50%
higher during adsorption, and ∼ 30% higher after desorption, leading to a ∼ 50% higher cyclic working
capacity compared towhen no co-adsorption is included. As both themechanistic andWADSTmodel led
to similar results, the choice depends on available input parameters. Opposed to that, Stampi-Bombellis
model [83] predicts a similar working capacity in both cases [97]. They conclude that this behaviour is
because of the fact that the empirical model does not take temperature into account, i.e. the model
assumes the isotherm parameters to be dependent on the water loading but not on temperature, and
predicts a constant increase in affinity and decrease in capacity for a certain water loading. Thus, it over-
predicts the capacity at higher temperatures, leading to an under-prediction of the working capacity.
Young et al. reject the findings of the Stampi-Bombelli model due to its inability to predict the behaviour
at higher temperatures [97].

Jung et al. and Elfving et al. both developmodels that are based on the kinetics of the occurring reactions
[35, 20]. Jung et al.’s model is limited due to neglecting the reaction stoichiometry, furthermore it is only
validated for partial pressures of CO2 and H2Ohigher than the ones occurring in ambient air [20]. Elfving
et al. include the change in stoichiometry and obtain accurate results for all tested partial pressures.
Crucial input parameters for both models are the kinetic constants of the reactions.

While Kaneko’s and Lackner’s model is themost general, applicable to different processes, it requires the
knowledge of many input parameters such as equilibrium coefficients of all the transitions occurring in
the process as well as measures for the water concentration in the solid and the hydration water, which
are not easy to obtain. Thismakes the application to differentmaterials, as well as different temperature
conditions difficult. Moreover, it has not yet been validated for solid sorbents.

Models of adsortion kinetics
Kinetic models of the adsorption process in literature make use of various driving force models, where
relationships between the current and the equilibrium CO2 loading are approximated. Examples are
the pseudo fist-order and second-order model [79], Avrami’s kinetic models [79], the fractal-like kinetic
model [57] and the Dual Kinetic Model [61], which yield reasonably good results. However, thesemodels
do not explicitly model intra-particle mass transfer, which is why kinetic constants include the effects
of mass transfer as well as reaction kinetics. By modeling the adsorption in terms of reaction rates,
the process can be described using only thermodynamic and kinetic parameters of the reactions. This
makes it possible to describe the process in a more general way, dependent on different mechanisms
of intra-particle mass transfer andmore easily adjustable to different materials. Ge et al. [27] model the
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kinetics of dry adsorption by using the reaction equation of carbamate formation. Lee et al. [45] propose
a model that combines carabamate and bicarbonate formation in order to depict the process in humid
conditons. Their model is adapted and adjusted by Suh and San, who combine it with a intra-particle
diffusion model [86]. Later, a model based on the reactions for the formation of hydronium carbamates
instead of bicarbonates is proposed by Li et al. [47].

Pore System Models
Parallel Pore Model If the pore size distribution is not uniform, one needs to account for the variation
in diameter of the pores additional to their length, when defining the diffusivity. This is commonly done
by using the parallel pore model, calculates the effective diffusivity based on the following equation:

⟨εD⟩ =
∫ ∞

0

Deff (r)f(r) dr; Deff =
⟨εD⟩
τ

. (7.14)

Here f(r)dr is the fraction of pore volume that has a radius between r and r + dr, i.e. the pore size
distribution function [37]. This model is equivalent to a structure that connects the different pore sizes
in parallel.

Random Pore Model As pores of different sizes can be connected in series or parallel, the model was
extended to the random pore model. This models the structure as an assembly of stacked layers of
particles with a microporosity εmi that form a macroporosity εma between them. The structure of two
layers can then be described by four possible paths from which the following equation for the effective
diffusivity can be derived:

De = ε2maDma + (εmi)
2 (1 + 3εma)

1− εma
Dmi. (7.15)

Dma and Dmi refer to the macro- and micropore diffusivity, respectively.
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Appendix B

Rate of Surface Diffusion
Geet al. [27] estimate a surface diffusion coefficient forCO2 throughbranchedPEI ofDS = 5.8e−14m2/s at
T = 300K. They consider a material with a support of mesoporous ordered silicia (SBA-15). To estimate
surface diffusion, they consider the PEI to be arranged in a layer of thickness δ = 2nm, covering the pore
wall. For diffusion through the pore, they estimate a diffusion coefficient of DP = 1.48e − 7m2/s, which
agrees with estimations for Knudsen diffusion. As the difference between the diffusion coefficients is
of several orders of magnitude, and the area of the cross section of the layer compared to the pore is
small, surface diffusion does not play a deciding role in the diffusion in radial direction, and can thus be
neglected.

To show this, the flow due to surface diffusion and the flow due to pore diffusion are estimated.

ΦS = JS ·AS and ΦP = JP ·AP (8.1)

with
JS = DS

C∞ − 0

R
and JP = DP

C∞ − 0

R
(8.2)

and

AS = π

(
dp
2

+ δ

)2

−AP and AP = π

(
dp
2

)2

. (8.3)

DS is taken as 5.8e− 14m2/s, andDP is taken as the Knudsen diffusion coefficient, which is dependent on
the pore size. The thickness of the layer δ is assumed to be in the same relation to the diameter as the
pore as in Ge et al.’s estimations. Thus, the parameter k = L

dp is kept constant. Now, the flow inside the
layer and the pore are compared, while varying the pore size. For pore sizes between dp = 0.01−100 nm,
the diffusive flowdue to pore diffusion is higher (≫) than the one due to surface diffusion. This behaviour
stays the same when the ratio k of δ and dp is increased.
The same estimation can be made for water, when adjusting the respective values. However, as CO2

lacks behind water in pore diffusion (see Section 4.1), surface diffusion of water is not relevant, as a fast
surface diffusion of water would not speed up the adsorption process of CO2.
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Figure 8.1: comparison of diffusive flows
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Mesh Sensitivity
A study to evaluatemesh independence of themodel is conducted. It is shown that results on the loading
of the particle model is mesh independent for a gridsize of 40 gridpoints and higher. To establish mesh-
independence in the contactor model, different refinements are tested. The refinement is referred to
with the first number being the amount of gridpoints along the column, and the secondbeing the amount
of gridpoints in the particle, which is fixed to 40. The results of the breakthrough curves for the different
refinements are illustrated in Figure 8.2. The biggest deviation of the curves is after around 1500min.
Thus, this value is analysed quantitatively. The relative difference to the concentration of the finest
discretization can be seen in Table 8.1

Figure 8.2: Caption

Table 8.1: Dimensions of the Packed Bed

Mesh 10-40 20-40 30-40
rel. deviation [%] 714 220.7 64.56

Considering that this is the point where the differences are the most prominent, and that the overall
curves match well, the error to the grid with 30 discretization points is accepted for this study.
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Validation dependence on particle size

Figure 8.3: Model predictions on the uptake rate with different particle sizes, under the conditions from Bos et al.’s [9]
experiments. Results show the same threshold in particle size from which diffusion limitations become relevant
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Energy consumption of the fan for the monolith
For clarity, the energy consumed by the fan for the monolith is plotted on a smaller scale.

Figure 8.4: Energy consumed by the fan for the monolith at dw = 520µm and dw = 1000µm, for reaching 50%, 70% and 95%
breakthrough
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