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Abstract

The regenerability of Ni catalysts in reforming reactions is a key factor for process
viability. Accordingly, this study addresses the regeneration of two spinel NiAl,O,4 type
catalysts by reaction-regeneration cycles in the oxidative steam reforming (OSR) of raw
bio-oil. The spinel type catalysts were prepared by different methods including a
supported Ni/La,O3-aAl,O3 catalyst and a bulk NiAl,O4 catalyst. The experimental set-
up consists of two units connected in series for i) the thermal treatment of bio-oil at 500
°C, in order to control the deposition of pyrolytic lignin, followed by; ii) the oxidative
steam reforming (OSR) of the remaining oxygenates in a fluidized bed catalytic reactor.
The conditions in the OSR reaction step were: 700 °C; oxygen/steam/carbon ratio
(O/SIC), 0.34/6/1; space time, 0.75 Jeatalysth/Qvio-oil (fOr supported catalyst) and 0.15
Qeatalysth/Opio-oit (for bulk catalyst). Three different strategies have been studied in the
regeneration step by coke combustion, including the in situ regeneration inside the
reactor at 650 °C and 850 °C, and the ex situ regeneration in an external oven at 850 °C,
for 4 h in all the cases. The behavior of the fresh and regenerated catalysts has been
explained according to their metallic properties, determined by different
characterization techniques (temperature programmed reduction (TPR), X-ray
diffraction (XRD), X-ray photoelectron spectroscopy (XPS), and transmission
electronic microscopy (TEM)). According to these results, the combustion ex situ of the

catalyst at 850 °C is able to completely regenerate the bulk catalyst, since these
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regeneration conditions lead to the total recovery of the NiAl,O,4 spinel phase together

with negligible loss of Ni on the surface in the catalyst. These novel results are crucial

for future industrial implementation of the process.
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1. Introduction

Progress towards the Hydrogen Economy requires satisfying the increasing demand of
H, both as clean fuel and as raw material for the petrochemical industry and
agrochemistry. This needs to be done via the technological development of sustainable
H. production routes from alternative sources to fossil fuels, thus reducing the negative
environmental impact of current technologies [1-4]. In this scenario, biorefinery
technologies have been proposed for converting different types of biomass into H; via
different routes [5]. Among these routes, the steam reforming of bio-oil is an attractive
option. Bio-oil may be produced at the place where the biomass is located (avoiding
transportation), by fast pyrolysis of lignocellulosic biomass, at low temperature and
with high yields and low environmental impact and using a simple reactor design [6,7].
The oxidative steam reforming (OSR) is an alternative of the steam reforming of bio-
oil. Although the OSR gives lower H; yield than the steam reforming (SR), it requires
less external energy supply, and with a proper oxygen/steam ratio in the feed, a

thermoneutral regime can be achieved (autothermal reforming (ATR)) [8].

Major advances in the development of catalysts for the SR and the OSR have been
made for Ni based catalysts, due to their high activity and selectivity to H,, besides their
low cost [4,9]. Since the viability of the process is limited by catalyst deactivation, great
attention has been paid to its causes. In this regard, coke deposition, sintering, phase
transformation of Ni and poisoning by sulfur compounds have been all studied in the
SR of both CH,4 and hydrocarbons [10-14]. Likewise, the same deactivation causes have
been studied for the steam reforming of pure oxygenates, such as ethanol [15,16],
glycerol [17,18], acetic acid [19] and ethanol-phenol mixtures [20]. Most of the studies
on the deactivation of Ni catalysts in the SR of bio-oil focus on deactivation by coke.
Coke deposition is the main cause of deactivation in the SR of bio-oil due to the ability
of the oxygenates in bio-oil (mainly of phenolic compounds) to form deactivating coke,
although sintering of Ni also contributes to some extent to the deactivation [21,22].
Likewise, Remiro et al. [23] proved that both coke deposition and sintering are the main

causes for deactivation in the OSR of bio-oil.

Moreover, the regeneration of the catalysts has attracted great attention due to its

importance for the economic viability of the reforming processes. In the SR of CH, and



hydrocarbons, the removal of coke is carried out by combustion or gasification [17,24-
26], and the elimination of sulfur by steam treatment at high temperature (700-800 °C)
[11-14]. Although coke or sulfur removal strategies have been widely studied, the real
challenge is to achieve the reactivation of the catalyst subsequent to these regeneration
treatments. In this regard, it should be mentioned that some authors have reported that

the activity recovery is not complete due to Ni sintering [12].

The regenerability of the deactivated catalysts in the SR of model oxygenates and bio-
oil has been scarcely studied in the literature, and besides, with contradictory results.
Wu and Liu [27] studied the regeneration of a deactivated Ni/MgO-Al,O3 catalyst in the
SR of m-cresol. The total removal of the coke by combustion (600 °C) and gasification
(850 °C) was effective for almost the complete (although not total) recovery of
conversion and H; yield, with respect to the fresh catalyst, the activity of the catalyst
regenerated by gasification being slightly higher. These authors attributed the activity
loss to metal loss during the regeneration and metal sintering, evidenced by an increase

in the average size of Ni crystallites.

Hereby, this work aims at studying the regenerability (by coke combustion with air) of
two NiAl,O, spinel type catalysts which have been severely deactivated in the OSR of
raw bio-oil. To this purpose, the effect of the coke combustion temperature and strategy
(in situ in the reactor or ex situ in an external oven) on the recovery of the catalytic
activity is analyzed, in order to determine the regeneration conditions needed to
completely recover the activity of the fresh catalysts. The degree of activity recovery for
both catalysts subsequent to regeneration is explained according to their metallic
properties, which have been determined using different techniques: temperature
programmed reduction (TPR), X-ray diffraction (XRD), X-ray photoelectron

spectroscopy (XPS), and transmission electronic microscopy (TEM)).

The NiAl,O4 spinel catalysts here studied include a bulk catalyst (prepared by co-
precipitation, with 33 wt % of Ni) and a supported Ni/La,O3-aAl,O3 catalyst (prepared
by impregnation, 10 wt % of Ni) calcined at high temperature in order to convert the Ni
into the NiAl,Oy4 spinel structure [28]. The bulk NiAl,O, catalyst was selected since it
hinders to some extent the formation of coke and especially due to its high thermal
stability, when used as catalyst for the steam reforming of CH, [29]. The selection of

the supported Ni/La,03-0Al,O3 catalyst was made considering its high activity, H,



selectivity and low coke formation in the SR of the aqueous fraction of bio-oil [21,30],
raw bio-oil [31-33], ethanol [15,34], bio-oil/ethanol mixtures [28,35] and in the OSR of
raw bio-oil [23]. The low coke deposition for this catalyst can be attributed to the
presence of La;Os in the support, since this phase hinders the formation of coke and
promotes its gasification [36]. The attenuating effect of La,O3 on coke deposition may
be attributed to: i) the capacity of La,O3; for water adsorption [37,38] that helps to
prevent the adsorption of coke precursors and so their growth mechanism (through
oligomerization, aromatization and condensation reactions); ii) the ability to generate
surface oxygen through the formation of lanthanum oxycarbonate (La,0,CO3) which is

active to react with coke and clean the Ni surface [38-41].
2. Experimental
2.1. Catalysts

The Ni/La,03-0Al,03 catalyst (denoted as supported catalyst) was prepared with 10 wt
% Ni and 9 wt % La using a method reported elsewhere [36]. The catalyst was calcined
at 850 °C in order to boost the formation of NiAl,O,4 spinel, thus providing high thermal
stability in the reforming reaction which takes place at high temperature. In a previous
work (results not shown) it was observed that supported catalyst calcined at 550 °C
(corresponding to the maximum activity) had notably lower catalytic activity after its

regeneration by coke combustion.

The bulk NiAl,O,4 catalyst (denoted as bulk catalyst) was synthetized by the co-
precipitation method [42,43] using aqueous solutions of hexahydrated nickel nitrate (Ni
(NO3),-6H,0, Panreac, 99 %) and nona-hydrated alumina nitrate (AlI(NOgz)3-9H,0,
Panreac, 98 %), and ammonium hydroxide as the precipitating agent (NH,OH 0.6 M,
Fluka, 5 M). After filtration, the precipitate was washed with distilled water to remove
the ammonium ions, then dried for 12 h and finally, calcined at 850 °C for 4 h. The
amount of Ni and Al nitrate salt precursors were those corresponding to 33 wt % of Ni
for the NiAl,O,4 spinel.

The fresh catalysts have been characterized by N, adsorption-desorption in an
Autosorb iQ2 equipment from Quantachrome. For the fresh catalysts, the BET surface
areas are 37.6 m°g™* and 93.5 m%g™ for the supported catalyst and the bulk catalyst,

respectively, and the pore volumes are 0.14 cm®g™* and 0.18 cm3g™.



The catalysts have been characterized according to different techniques (described

below) at different stages of a reaction-regeneration cycle (Fig. 1).
Figure 1

Temperature programmed reduction (TPR) measurements were carried out on an
AutoChem 11 2920 Micromeritics using a stream with 10 % volume of H, in He (50
cm®min): the sample (approximately 150 mg) was firstly degassed at 200 °C and
subsequently heated in a reducing stream from 50 to 900 °C following a 5 °C/min
heating ramp. An isopropanol trap was used to remove water generated during
reduction. A thermal conductivity detector (TCD) was used to monitor hydrogen

consumption.

The X-ray diffraction (XRD) analyses were measured on a Bruker D8 Advance
diffractometer with a CuK,; radiation, in order to calculate the average Ni particle size
by using the Scherrer equation. The device is equipped with a Germanium primary
monochromator, Bragg-Brentano geometry and with a CuKal wavelength of 1.5406 A,
corresponding to an X-ray tube with Cu anticathode. Sol-X dispersive energy detector
was employed, with a window optimized for CuKal for limiting the fluorescence
radiation. Data collection was carried continuously, from 10° to 80° with step of 0.04°

in 20 and measurement time per step of 300 s.

The oxidation state of the metal on the catalyst surface has been determined by X-
ray photoelectron spectroscopy (XPS), in a SPECS system equipped with a Phoibos 150
1D-DLD analyzer and Al Ko monochromatic radiation (hv, 1486.6 ¢V). The binding
energy of Cls peak was set at 284.6 eV to correct the material charging and the

spectrometer was previously calibrated with Ag 3d 5/2 peak (368.28 eV).

The Ni particle size distribution (PSD) was determined from transmission electron
microscopy (TEM) images (a Philips SuperTwin CM200). Up to 300 individual metal
particles were counted for each catalyst.

2.2. Bio-oil production and composition

The raw bio-oil was obtained by flash pyrolysis of pine sawdust at 480 °C, in a semi-
industrial demonstration plant (Ikerlan-1K4 technology center, Alava, Spain), with a

biomass feeding capacity of 25 kg/h [44]. The physical-chemical properties of the bio-



oil are as follows: water content, 37 wt %:; density, 1.107 g ml™; viscosity at 40 °C, 8.5
cP; pH, 3.3; empiric formula obtained by CHO analysis, C421H7.140265 (dry basis). The
high heating value (HHV) is 21.66 MJ kg™ (determined by the equation proposed by
Channiwala and Parikh [45]). The detailed raw bio-oil composition, determined by
GC/MS analyser (Shimadzu QP2010S device) was reported previously [23]. The sulfur
content in the bio-oil has been analyzed by elemental analysis (LECO TruSpec CHN
Macro equipment, with 0.2 % detection threshold) as well as by gas chromatography
(Agilent 7890 A equipment provided with a pulsed flame photometric detector (PFPD)
for detection of sulfur containing compounds, with a detection threshold of 10 ppm).
The adequacy of the latter equipment for measuring the surfur content in highly
desulfurized refinery streams has been proven in previous works [46]. A very low
content of sulfur has been determined for the bio-oil used (31 ppm, below the detection
threshold of the elemental analysis equipment), which is in agreement with previous

results in literature [47,48].

2.3. Reaction equipment and operating conditions

The catalytic runs have been performed in an automated reaction equipment
(MicroActivity Reference from PID Eng&Tech, Madrid, Spain) provided with two units
in series (thermal step and catalytic step) of stainless steel [23]. The thermal step
consists of a U-shaped tube at 500 °C for the controlled deposition of pyrolytic lignin (a
solid residue formed by repolymerization of some oxygenates in bio-oil, mainly those
derived from lignin pyrolysis). In this step, 11 wt % of the oxygenates in the raw bio-oil
was deposited and the corresponding molecular formula of the bio-oil exiting this step is
CsgH770.9 (water-free basis). The catalytic step consists in a fluidized bed reactor
(with 22 m internal diameter) where the volatile stream exiting the thermal treatment is
reformed. The use of this two-step system minimizes operating problems (such as
plugging of reactor piping) as well as catalyst deactivation in the reforming step. This
strategy for valorizing raw bio-oil, with separation of pyrolitic lignin by a thermal
treatment prior to the in-line catalytic transformation of bio-oil, allows a higher fraction
of bio-oil oxygenates to be valorized to H, compared to other strategies such as water
addition to separate bio-oil into two phases (aqueous and organic) followed by the
aqueous bio-oil reforming (given that a noticeable amount of oxygenates is removed

from the raw bio-oil in the organic phase by the water addition) [49].



In the fluidized bed rector, the catalyst (with particle size of 150-250 um to avoid
internal difussional limitations) is mixed with inert solid (SiC, with 37 um particle size)
(inert/catalyst mass ratio > 8/1) in order to assure a correct fluidization regime. The
different particle size of both solids (inert and catalyst) facilitates their separation after
the reaction by sieving, which is necessary for the characterization of the in-situ
regenerated catalyst and for the ex-situ regeneration of the catalyst without the inert
solid. It should be noticed that O is fed at the entrance of the reforming reactor in order
to prevent the oxidation of the feed in the first step (thermal treatment), thus

maximizing the H; yield in the two step reaction system [50].

Prior to the reaction, the catalyst is reduced in situ with H,-N; stream (10 vol % of Hy)
for 4 h at 850 °C, which is the maximum temperature attainable in the reactor and it is
necessary to ensure the reduction of most of the oxidized Ni species according to TPR
results shown in Figs. 3 and 8 (sections 3.1.2 and 3.2.2, respectively). Subsequent to
reduction, Ni%La,Os-Al,03 or Ni%/Al,O; are formed for supported or bulk catalysts,

respectively.

The products stream is analyzed in-line with a MicroGC 490 from Agilent, equipped
with four analytic channels: molecular sieve MS5 for quantifying Hz, N,, O,, CH, and
CO; Plot Q for CO,, H,O and C,-C4 hydrocarbons; CPSIL for Cs-Cy; hydrocarbons,

and; Stabilwax for oxygenated compounds.

In order to analyze the recovery of activity subsequent to catalyst regeneration, a
reaction-regeneration cycle has been carried out, with fixed values of operating
conditions in the reaction step and different conditions in the regeneration step. The
conditions in the reaction steps have been as follows: 700 °C; atmospheric pressure;
steam/carbon (S/C) molar ratio in the feed, 6, which is obtained by co-feeding water
(307 Gilson pump) with the raw bio-oil (injection pump Harvard Apparatus 22);
oxygen/carbon ratio (O/C), 0.34; space time, 0.75 Qcatalysth/Qvio-oil fOr supported catalyst,
and 0.15 Qeatalysth/Qpio-oil fOr bulk catalyst (a lower value, due to its higher activity).

The regeneration steps consisted in the coke combustion with air following two
strategies: i) in situ, inside the reactor and mixed with the inert SiC (at 650 and 850 °C),
in fluidized bed regime and 100 cm®min of air, and; ii) ex situ, in an oven at 850 °C in

air atmosphere. In this second case, the catalyst is regenerated alone, after the separation



of the SiC inert used for the reaction. The lower temperature for coke combustion (650
°C) was determined based on the Temperature Programmed Oxidation (TPO) analysis
of the deactivated catalysts, which was carried out in a TA Instrument SDT 2960
thermobalance coupled to a mass spectrometer Thermostar Balzers Instrument for
monitoring the signal corresponding to the CO,. The variation of coke content during
the combustion (DTG signal) has been quantified from the CO, spectroscopic signal,
instead of the thermogravimetric signal, because Ni oxidation during the combustion
masks the latter signal. According to the TPO results of both deactivated catalysts (Fig.
S1 in the supporting information), the combustion at 650 °C or higher temperature
assures that total removal of coke. Moreover, the removal of coke in the different
regeneration conditions has been checked by chromatographic analysis of the CO,
signal in the MicroGC 490 from Agilent during each regeneration step. It should be
noted that even if some residual coke was still remaining after the regeneration
treatment it would be very low (so that the CO; signal would be below the detection
threshold of the MicroGC) and, moreover, it would correspond to a coke difficult to
burn deposited on the support and, consequently, with low impact on the catalyst
deactivation. The low impact on deactivation of the coke deposited on the support for
Ni-based catalysts has been proven in previous works, since the main responsible of
deactivation is the coke deposited on the metallic sites (encapsulating coke), which is
burnt at low temperature, as its combustion is catalyzed by the metal [22,32,33,51,52].

2.4. Reaction indices
The following reaction indices have been used for quantifying the behavior of the

catalysts:

Bio-oil conversion:  X,,,.oi = @ 1)
n

where Fi, and Fqut are the molar flow rate of bio-oil at the reactor inlet and outlet,

respectively, in C units contained.

H, yield: Y _Fhy 100 2
2yield: Yy = o (2)
H2
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where Fy is the H, molar flow rate in the product stream and F°; is the stoichiometric
molar flow rate (referred to the C units contained in the bio-oil fed into the reforming
reactor), which has been evaluated as (2n+m/2-k)/n-Fi,, according to the global
stoichiometry for bio-oil steam reforming (SR) (including the water gas shift (WGS)

reaction):
CnHmOx + (2n-k) H,O — n CO; + (2n+m/2-K) H,. 3)

The yield of carbon-containing products (CO,, CO, CH,4 and light hydrocarbons):

F_
Y, = _—'100 (4)

In

where F; is the molar flow rate of each compound, in C units contained.

CH; and light hydrocarbons (mainly ethylene) are formed by thermal routes
(decomposition/cracking reactions of oxygenates) and their relative importance in the
OSR decreases under conditions that favor the progress of the catalyzed reactions
(reforming and WGS), such as high space time [53,54].

The flow rates in Egs. (1), (2) and (4) have been determined by C balances with the inlet
stream being the bio-oil at the thermal unit inlet (0.08 ml/min) and the outlet stream the
reaction products (quantified by gas chromatography) and taking into account the
amount of pyrolitic lignin deposited in the thermal unit. Accordingly, a balance closure
above 95 wt % is attained, with the relative error (based on replicates) being lower than
4 %.

3. Results
3.1. On the regenerability of the supported catalyst
3.1.1. Performance in reaction and regeneration steps

Fig. 2 shows the evolution with time on stream of the reaction indices (bio-oil
conversion and vyield of different products) for the fresh catalyst and after its
regeneration according to each of the three strategies described in section 2.3. The fresh
catalyst (black dots) at zero time on stream (TOS) reaches full conversion and the yield
of H,, CO, and CO are 78 %, 90 % and 10 %, respectively, with negligible formation of
CH, and light hydrocarbons. These reaction indices are stable for approximately 1 h

TOS and subsequently a breakthrough curve is observed, with rapid variation of the
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reaction indices. As a result, the bio-oil conversion and the H, and CO, yields drop to
85 %, 20 % and 27 %, respectively, after 150 min TOS, due to catalyst deactivation for
the reforming reactions (of oxygenates and carbon byproducts (CH; and light
hydrocarbons)), and the water gas shift (WGS) reaction. Consequently, the yields of
CO, CH,4 and hydrocarbons increase (up to 36 %, 8 % and 14 %, respectively). After
150 min TOS, the reaction indices evolve very slowly, approaching values

corresponding to those of thermal routes (i.e., without catalyst) [32,53].
Figure 2

The activity recovery is not complete for neither of the in situ regenerated catalysts at
650 °C and 850 °C (green dots and blue dots in Fig. 2, respectively) although the
activity is higher for the catalyst treated at 850 °C. Moreover, the deactivation of the
partially regenerated catalyst is faster than that of the fresh catalyst. Otherwise, the ex
situ regeneration of the catalyst in an external oven at 850 °C is able to almost
completely recover the activity of the fresh catalyst. In this case, full conversion of bio-
oil is reached at zero TOS and the product yields are almost the same to those obtained
with the fresh catalyst. Nevertheless, the stability of the regenerated catalyst is slightly
lower than that of the fresh catalyst, so that the decrease in bio-oil conversion and H;

and CO, yields begins at slightly lower value of TOS for this regenerated catalyst.

In order to quantify the activity recovery after each regeneration treatment, the
regeneration efficiency is defined in Eq. (5) and calculated by comparing the
accumulated production of H, for the regenerated and the fresh catalyst:

[J.;f Fszt} _(Fn-’;z

regeneratel

t f )reg eneratel

nregeneratbn = s * 100
|: b Fsztjlf h_(FHZ 'tf fresh
res 5
tf * ()
|:J.O YHZdt:l » o (YHZ 'tf )regeneratld
_ regenera 100
[Yodt|  =(vi,0t,)
) TH2 H2 ™ Jfresh

fresh

where Y,jz is the residual H; yield (formed through thermal routes when the catalyst is

totally deactivated), and t; is the duration of the reaction.
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In this manner, the efficiency for the catalysts regenerated in situ is 2 % and 35 % at
650 °C and 850 °C, respectively and 85 % for the catalyst regenerated ex situ at 850 °C.

It should be noted that, as mentioned in section 2.3, all the conditions used for the
regeneration assure the complete removal of coke. Consequently, the aforementioned
results prove that coke deposition is not the only deactivation cause of the catalyst in the
OSR at 700 °C, since its complete removal is not enough for the total recovery of the
catalytic activity. Furthermore, sulfur poisoning was discarded as possible responsible
of the activity loss observed in the regenerated catalysts since: i) on the one hand, there
is a very low sulfur content in the raw bio-oil used in this work (as indicated in section
2.2); ii) on the other hand, it has been proven (Figure S2 in supported information) that
there is not a further recovery of the reaction indices for the catalyst regenerated in situ
at 650 °C once it has been subjected to an additional steam treatment at 800 °C (which
has been proven in literature to be efficient for sulfur removal on deactivated catalysts
[11-14]). Consequently, in case the low content of sulfur in the bio-oil contributed to
any extent to catalyst deactivation by poisoning of the metal sites in the reaction step
(black dots in Figure 2), the sulfur deposited would be completely removed together
with the coke during the in-situ combustion at 650 °C. Accordingly, the activity loss for
the regenerated catalysts should be due to a change in the metallic properties during the
reaction and regeneration steps. In fact, both the reaction and the regeneration
conditions noticeably affect these metallic properties, as shown in the following section.

3.1.2. Metallic properties of the catalyst

The physical-chemical properties and microscopic morphology of the fresh, deactivated
and regenerated catalysts have been analyzed with several techniques (TPR, XRD, XPS
and TEM). These properties have been related to the kinetic behavior of the fresh and
regenerated catalysts in order to ascertain the causes of the catalytic activity loss and

recovery.

Fig. 3 shows the TPR profiles for the fresh and the regenerated catalysts. No reduction
peaks are present for the deactivated catalyst (results not shown), thus meaning that
oxidation of Ni is not one of the causes for the catalytic activity loss. The fresh catalyst
shows a main peak with its maximum at 770 °C, which corresponds to the reduction of

the NiAl,O4 spinel phase. Two other (very small) reduction peaks appear in the 300-450
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°C range, corresponding to the reduction of NiO species having different interaction
strength with the support, and therefore different reducibility [15,28,55,56]. The
catalysts regenerated in situ at 650 and 850 °C in the fluidized bed show the peaks
corresponding to both NiAl,O4 and NiO species in the TPR profile. The existence of
several reduction peaks in the 250-550 °C range evidences the different NiO species
present in this sample. Reduction peaks below 380 °C correspond to the reduction of
bulk NiO clusters with low interaction with the support and the peaks between 400 and
700 °C are ascribed to the reduction of dispersed NiOy species interacting more strongly
with the support [15]. The increase in the reduction peak for the NiAl,O,4 spinel when
increasing the in situ regeneration temperature from 650 to 850 °C is possibly due to the
higher reassembly rate of NiO and Al,O; to form the spinel. The increase in the
NiAl,O4 spinel/NiO ratio when the calcination temperature was increased has already
been established in a previous study about the catalyst preparation [28]. The catalyst
regenerated ex situ, in the oven at 850 °C, has a similar TPR profile to that of the fresh

catalyst, where the NiAl,O, spinel phase is prevailing (reduction maximum at 770 °C).
Figure 3

Fig. 4 shows the XRD diffractograms corresponding to the fresh and the regenerated
catalysts, before (Fig. 4a) and after reduction at 850 °C for 4 h (Fig. 4b). Fig. 4b also
includes the diffractogram of the deactivated catalyst. Fig. 4a evidences that NiAl,O4
spinel (at 26 = 19.2, 31.3, 36.9, 44.6, 59.7 and 66.7 °) is the main Ni specie in both the
fresh oxidized catalyst and the catalyst regenerated ex situ at 850 °C. Meanwhile, for the
catalysts regenerated in situ in the fluidized bed, the presence of NiO (at 26= 37.4 and
62.9) is more noticeable and becomes more significant at lower regeneration
temperature. These results are in agreement with TPR results (Fig. 3). The joint analysis
of TPR and XRD results in Figs. 3 and 4, respectively, together with the performance of
the catalysts (Fig. 2) points to the presence of NiAl,O, species as the responsible of the
higher activity of the fresh catalyst compared to the in-situ regenerated catalysts.

Figure 4

The presence of Ni° is observed in the XRD diffractograms for all the reduced catalysts
(peaks at 20= 44.7° and 51.8° in Fig. 4b) regardless the initial composition (NiO or

NiAl,O4 species), and some NiAl,O4 species still remain in all the reduced samples due
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to the high temperature needed for their total reduction (as observed in Fig. 3).
Nevertheless, a significant difference is observed in the width of the Ni° peaks for the
catalyst after the different regeneration treatments. This difference highlights the
important role the deactivation and the regeneration conditions play on the Ni
dispersion on the catalyst. Table 1 shows the average Ni° crystallite sizes calculated

according to the Scherrer equation from the XRD diffractograms.
Table 1

The deactivated catalyst has bigger average Ni° crystallite size (29 nm) than the fresh
catalyst (21 nm), which evidences metal sintering along the reforming reaction at 700
°C. The decrease in the metal particle size after regeneration of the catalyst by coke
combustion at high temperature suggests metal redispersion. When the regeneration is
carried out ex situ at 850 °C in air atmosphere (without gas flow), the average crystallite
size reaches 16 nm, which is even lower than that of the fresh catalyst (21 nm). These
results in Table 1 (obtained by XRD) have been confirmed by TEM analysis (Fig. 5).
The metallic Ni° particle size distribution (PSD) has been determined by means of the
TEM images for the catalyst in different states (fresh, deactivated and regenerated) (Fig.
6). For the deactivated catalyst (Fig. 5b), TEM analysis evidences the formation of
filamentous coke together with the presence of a Ni° particle at the end of the filament.
This Ni particle detachment from the surface of the support due to the growth of carbon
filaments has been also observed for Ni catalysts in other reactions [51,57-59]. The
average Ni° particle size determined by TEM increases from 18.9 nm for the fresh
catalyst to 30.5 nm for the deactivated catalyst, once again proving the sintering of Ni
particles during the reaction. The lower average Ni° crystal size (16.6 nm) corresponds
to the catalyst regenerated ex situ at 850 °C, which is even slightly lower than that of
fresh catalyst. The catalyst regenerated in situ at 650 °C has 24.7 nm average Ni° crystal

size and a wide PSD, with particles bigger than 30 nm.
Figure 5
Figure 6
The results shown in Table 1 and Figs. 5 and 6 confirm that besides coke deposition,

sintering of Ni particles contributes to great extent to the catalyst deactivation in the

studied conditions. Consequently, the regeneration conditions employed for coke
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removal should involve metal redispersion in order to be effective for activity recovery.
The regeneration by coke combustion at 650 °C, although is effective for completely
removing the deposited coke in the reaction, is not enough for recovering the initial
catalytic activity of the fresh catalyst, since the Ni particle size remains big (and
consequently, the metal active surface is low). However, the regeneration at high
temperature (850 °C) is able to redisperse the Ni metal particles, this phenomenon being
more pronounced when the regeneration is carried out ex situ in the oven (air
atmosphere without gas flow). In the latter case, the catalytic activity recovery is as high
as 85 % in terms of regeneration efficiency (Eq. (5)). Although the regenerated catalyst
recovers its spinel type structure, and the Ni redispersion (after reduction) is even better
than that for the fresh catalyst, the regenerated catalyst is not able to recover its initial
activity completely (that of the fresh catalyst). Thus, the decrease in the surface Ni
particles after the reaction-regeneration cycle is likely to be the cause of this activity

loss.

The decrease in surface Ni° has been studied by XRD and XPS analysis for the catalyst
after the different treatments. The results in Table 1 have been calculated as the ratio
between the area of the Ni® peak (26 = 44.7°) in Fig. 3b and the area of the LaAlO; peak
(20 = 33.5°), which is more pronounced and has a similar size for the catalyst after the
different treatments. This ratio allows a qualitative comparison of the amount of Ni® in
the different catalyst states. According to these results, the loss of Ni° active centers is
about 10-20 % after the reaction-regeneration cycle. Nevertheless, the experimental
error does not allow determining the effect of the different regeneration strategies on the
loss of active Ni° centers. XPS results in Table 2 show the surface mass content of the
different elements in the catalyst (including C in the deactivated catalyst). According to
this technique, the regenerated catalyst has 5.5 and 7 wt % surface Ni content, which is
notably lower than the 17 wt % in the fresh catalyst. A possible cause for the decrease in
the content of surface Ni is the detachment during coke combustion of some Ni°
particles located at the edges of the coke filaments (Fig. 4b), as claimed by some
authors in the literature [60]. Other possibility is the migration of Ni particles from the
surface to the bulk of the catalyst particle, since the high regeneration temperature

promotes the formation of different Ni species interacting with the support or free.

Table 2



16

Overall, it is concluded that in order to achieve high recovery of catalytic activity for the
supported catalyst after deactivation in the OSR of raw bio-oil, the ex situ combustion at
850 °C in air atmosphere (without gas flow and once the catalyst has been separated
from the inert solid) is the best strategy. This method is able to i) remove completely the
coke, ii) recover the initial NiAl,O4 spinel structure of the fresh catalyst and iii) improve
the dispersion of surface Ni° particles after its reduction. However, this method fails to
fully re-establish the catalytic activity of the fresh catalyst due to the decrease in amount
of Ni on the surface.

3.2. On the regenerability of the bulk catalyst
3.2.1. Performance in reaction and regeneration steps

Similarly to supported catalyst, a reaction-regeneration cycle has been performed with
bulk catalyst, under the conditions described in section 2.3, in order to analyze the
activity recovery after the different regeneration treatments. Fig. 7 shows the evolution
with time on stream of the reaction indices (bio-oil conversion and product yields) for
the first reaction step (fresh catalyst) and for the second reaction step (regenerated
catalysts). The bulk catalyst reaches full conversion during the first reaction together
with 80 % H; yield which is higher than that obtained with the supported catalyst (Fig.
2), although the space time is lower in this case (0.045 and 0.075 gnih/Qpio-oit for the bulk
and the supported catalyst, respectively). This is explained by the higher dispersion and
smaller Ni° crystallite size in the NiAl,O, catalyst after reduction (see the results in

Tables 1 and 3 for fresh catalysts).
Figure 7

The general trend in the evolution with time on stream of reaction indices in Fig. 7 is
similar to that observed in Fig. 2 for the supported catalyst. Thus, the bio-oil conversion
and the vyields of main products (H, and CO;) decrease (Fig. 7a, 7b and 7c,
respectively), whereas the yields of CH, and light hydrocarbons do increase (Fig. 7e and
7f, respectively) and the yield of CO goes through a maximum (Fig. 7d) (because it is
an intermediate product in the overall reaction scheme). Nevertheless, catalyst
deactivation is considerable slower for the bulk catalyst than that for the supported
catalyst. Thus, deactivation after 7 h TOS for the bulk catalyst is the same as for the

supported after only 3 h TOS. The qualitative behavior of the regenerated bulk catalyst
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in Fig. 7 is similar to that observed in Fig. 2 for the supported catalyst regenerated under
the same conditions. In this way, the recovery of activity is hardly appreciated for the
catalyst regenerated in situ at 650 °C (4 %, according to Eq. (5)), it is noticeable for the
catalyst regenerated in situ at 850 °C in the fluidized bed (50 %) and it is almost
complete for the sample regenerated ex-situ at 850 °C (97 %). This is a very interesting
result, as it proofs the regenerability of the bulk catalyst for the oxidative steam
reforming of raw bio-oil operating under successive reaction-regeneration cycles.
Furthermore, taking into account that the coke is totally removed after combustion at
650 °C (Fig. S1 of supplementary information), similarly to the supported catalyst, the
different behavior of the regenerated bulk catalyst must be due to the effect the

regeneration method has on the metallic properties, as shown next.
3.2.2. Metallic properties of the catalyst

Fig. 8 shows the TPR profiles of the bulk catalyst fresh and after regeneration at the
aforementioned different conditions for coke combustion. All the samples require high
temperature (850 °C) for the complete reduction of all the Ni species. The fresh catalyst
has a wide and asymmetrical reduction peak between 500-850 °C, with its maximum
around 770 °C, which evidences the presence of spinel type Ni species [15]. Similarly to
the supported catalyst, no reduction peaks are observed for the deactivated catalyst
(results not shown), which evidences that Ni° metal particles are not re-oxidized during
the OSR reaction. Moreover, the TPR profiles of all samples in Fig. 8 are qualitatively
similar to the corresponding supported catalyst for the same regeneration conditions
(Fig. 3). Therefore, big reduction peaks are observed from 300 to 500 °C for the catalyst
samples regenerated in situ, which correspond to the reduction of NiO species with
different level of interaction with the support. The quantity of these species decreases
when increasing the regeneration temperature and also their reduction requires higher
temperature, thus indicating a stronger interaction with the support. The TPR profile for
the catalyst regenerated ex situ at 850 °C is very similar to that of the fresh catalyst,
with mainly NiAl,O, spinel (peak at 780 °C) and small content of NiO species.

Figure 8

Fig. 9 shows the XRD diffractograms of the fresh, the deactivated and the regenerated

bulk catalyst. Graph a corresponds to the oxidized samples (fresh and regenerated) and
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graph b corresponds to the reduced samples (fresh, deactivated and regenerated). For
this catalyst, the species identified in XRD diffractograms are NiAl,O4, NiO, Al,O3 and
Ni°. The non-reduced fresh catalyst (Fig. 9a) shows only the XRD pattern of the
NiAl,O,4 spinel, and after reduction (Fig. 9b) the only species observed are Ni® and
Al;O3, produced by the exsolution of the metal from the spinel. In the catalyst
regenerated in situ at 650 °C the predominant specie is NiO (Fig. 9a), and the NiAl,O4
spinel phase is almost negligible. After the regeneration in situ at 850 °C the initial
NiAl,Oy4 structure is partially recovered, although a considerably high amount of Ni is
found as NiO. Finally, for the catalyst regenerated ex situ at 850 °C the NiAl,O, spinel

is the prevailing species, with just little amount of NiO.

For the reduced catalyst samples (Fig. 9b), the only species are Al,O3 and Ni°, the latter
formed from reduction of NiO and NiAl,O,. Nevertheless, differences in the Ni°
crystallite size are significant for the different samples (Table 3). These values have
been calculated according to the Scherrer equation from the Ni° diffraction peak in the
(11 1) plane (26 = 44.7°). The Ni° crystallite size of the fresh catalyst is 11 nm and it
increases up to 20 nm after 6 h TOS, which evidences Ni sintering. After regeneration
in situ at 650 °C, the Ni° crystal size remains the same, but it decreases slightly (18 nm)
at higher regeneration temperature (850 °C). However, when the catalyst is regenerated
ex situ at 850 °C the crystal size is 13.5 nm, which is very similar to that of the fresh

catalyst.
Figure 9
Table 3

Ni crystal sizes for the different catalyst samples determined by the Scherrer equation
(Table 3) have been confirmed by TEM analysis (Fig. 10) and the resulting PSD (Fig.
11). Thus, the fresh catalyst has a Ni® average particle size of 10.8 nm, with quite
homogeneous PSD. The average particle size of the deactivated catalyst is twice that of
the fresh catalyst, and it is noteworthy that the formation of carbon filaments is not so
noticeable in the bulk deactivated catalyst as in supported deactivated catalyst (Fig. 5b).
The highest metal particle redispersion is attained for the catalyst regenerated ex situ at
850 °C. The average Ni° particle size after this regeneration treatment is 12.6 nm, only

slightly higher than that of the fresh catalyst.
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Figure 10
Figure 11

The fresh and the regenerated samples of the bulk catalyst have been analyzed by XPS
(Table 4), in order to determine the content (wt %) of the surface elements and to study
the possible migration of Ni during the deactivation or regeneration steps. The surface
Ni content of the catalyst after regeneration at different conditions is 75 % of that of the
fresh catalyst. This proves that the loss of surface Ni in the bulk catalyst is lower than
the loss in the supported catalyst (Table 2). It is noteworthy that the slightly lower
amount of surface Ni in the bulk catalyst has negligible effect on its catalytic activity,
and the catalyst regenerated ex situ at 850 °C almost recovers completely the activity of
the fresh catalyst (Fig. 7).

To sum up, results described in this section prove that both an increase in temperature
for coke combustion and the gas-solid contact without gas flow through the catalyst
particles in an external oven favors the reassembly of the NiAl,O,4 spinel species in the
catalyst. After the reduction of these species, Ni® crystals have high dispersion and
small size, leading to the same catalytic activity as that of the fresh catalyst in the OSR

of the raw bio-oil.
4. Discussion

Coke deposition is considered in the literature the main cause for deactivation of Ni
catalysts in the reforming of oxygenates, especially when the formation of encapsulating
coke (which is burnt at low temperature) is favored on the Ni active sites [51,52], which
happens at low temperature, space time and S/C ratio in the reaction [21-23,32,33,52].
However, the catalytic behavior after a reaction-regeneration cycle (Figs. 2 and 7)
demonstrates that encapsulating coke deposition is not the only deactivation cause. The
oxidation of Ni° (the active phase for the reforming reaction) has been discarded as a
possible deactivation cause, since no evidence of NiO species has been observed in the
TPR profiles nor in the XRD diffractograms for neither of the deactivated catalysts.
Consequently, the additional deactivation cause must be attributed to Ni° sintering,
which contributes to the decrease in the activity with TOS. This hypothesis has been
proved by means of XRD diffractograms, which have narrower Ni° diffraction peaks for

the deactivated catalysts, thus evidencing bigger Ni° crystallite size, and also by TEM
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images, which show a significant increase in the average metal particle size for the

deactivated catalysts (Tables 1 and 3).

Sintering of the metallic function is generally irreversible in catalysis. In order to avoid
it, the development of redispersion methods are of paramount importance. Due to its
economic viability, the redispersion of Pt and Pt/Al,O3; catalysts, such as those
employed in the reforming of hydrocarbons, have received increasing attention [61-64].
However, metal redispersion has been scarcely studied for Ni catalysts used in
reforming reactions. Recently, Yang [14] proved by TEM analysis that, after a steam
treatment of a Ni catalyst deactivated at 700 °C in the steam reforming of CH,4, not only
was the sulfur eliminated but also the Ni° particles recovered the initial size in the fresh
catalyst. In our study, we have explored the metal redispersion during the same
regeneration step by coke combustion, required due to the rapid coke deposition in the
OSR of bio-oil (although the deposition rate is lower than that of the non-oxidative SR).
The results of Ni° crystallite size (Table 1 and Fig. 5 for supported catalyst, and Table 3
and Fig. 10 for bulk catalyst) prove that Ni redispersion is possible for both Ni based
catalysts, provided that suitable operating conditions are used in the regeneration step
by coke combustion. Furthermore, by comparing the Ni° particle size of the regenerated
catalysts with their corresponding kinetic behavior (Fig. 2 and 7 for supported and bulk
catalysts, respectively), it is concluded that the recovery of activity is directly related to
the Ni® particle size of the regenerated catalysts. Results shown in section 3 have
highlighted as well the importance of the combustion conditions and the catalyst
structure in order to recover the Ni° particle size and thus, the activity of the fresh

catalyst.

The comparison of both NiAl,O, based catalysts highlights the importance of the
synthesis method of the spinel precursor (supported or bulk catalyst) for their
regenerability and also the importance of the regeneration conditions for the reassembly
of the NiAl,O, spinel phase, which is key for the redispersion of the Ni° active sites
after the reduction. On the contrary, large metal particles are formed when NiO is the
prevailing Ni specie in the regenerated catalyst. These conclusions were obtained by
comparing the average metal particle size with its corresponding TPR profile (Fig. 3

and 8, corresponding to supported and bulk catalysts, respectively) which allows to
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relate the Ni° particle size with the presence of the different Ni oxidized species (NiO or

NiAl,O,) in the regenerated catalysts.

The temperature and the gas-solid contact in the regeneration step by coke combustion
have a significant effect in the formation of different oxidized Ni species (NiO and
NiAl,O,). TPR and XRD analysis of the regenerated catalysts (Fig. 3 and 4a for
supported catalyst and Figs. 8 and 9a for bulk catalyst) prove the smaller quantity of the
NiAl,O4 specie for both catalysts after coke combustion in situ at 650 °C in the fluidized
bed, the NiO species being prevalent. Temperature increase up to 850 °C boosts the
formation of the spinel and this effect is more accentuated when the combustion takes
place ex situ in the external oven. A possible explanation could be that the conditions
employed in the ex-situ combustion (in air atmosphere with no gas flow and after
removing the inert solid (SiC) employed in the reaction) favor the solid-solid contact for
the synthesis reaction of the spinel (NiO + Al,O3 — NiAl,0,), and promote the creation
of 'hot spots' during the combustion of coke. In fact, some authors have demonstrated
the convenience of exceeding 850 °C in the preparation of Ni/Al,O3 catalysts with the

purpose of obtaining only the NiAl,O, spinel structure [65,66].

The comparison of the regeneration efficiency for both catalysts under the most
favorable regeneration conditions, demonstrates the relevance of the structure of the
fresh catalyst in its regenerability. Under these regeneration conditions, the activity
recovery of the bulk catalyst is complete but partial for supported catalyst, although for
the latter the Ni° crystal size is even smaller than that of the fresh catalyst. This
difference in the regenerability of the catalysts is likely due to differences in the
evolution of Ni in the cycles of formation and combustion of coke. Thus, the supported
catalyst loses Ni (mainly from the surface) after the coke combustion (Table 2). One of
the possible causes is the detachment of the Ni-particles from the support when the C-
filaments are being formed (observed by TEM, Fig. 5), which has been also observed by
other authors [27,60]. Other possible explanation is the migration of Ni towards the bulk
of the catalyst, during coke combustion. These phenomena, and thus the consequent
decrease in Ni on the surface of the catalyst, are less accentuated for the bulk catalyst,
which recovers completely its initial activity after the ex situ combustion of the coke at

850 °C, without any additional heat treatment.
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5. Conclusions

The causes of deactivation in the OSR of raw bio-oil at 700 °C for the supported
Ni/La;,03-0Al,03 and the bulk NiAl,O, catalysts, both in the form of Ni-Al spinel
phase, are coke deposition and Ni sintering. Consequently, for the recovery of the initial
activity of the fresh catalyst, a regeneration treatment is needed which not only removes
completely the formed coke, but also restores the original NiAl,O4 structure, thus
favoring the redispersion of the Ni° sites after reduction. Therefore, besides a proper
catalyst design, with a homogeneous distribution of the NiAl,O4 spinel, the viability of

this process requires the proposal of adequate regeneration conditions.

For both catalysts, coke combustion at high temperature (850 °C) enhances the contact
between NiO and Al,O3 (without inert and/or catalyst motion) and leads to their
reassembly to form NiAl,O, spinel phase in the regenerated catalyst, which after
reduction results in small and well dispersed Ni® particles. The redispersion in the
regenerated bulk catalyst generates Ni° particles with the same size as those in the fresh
catalyst. For the supported catalyst, the particles formed after regeneration and
subsequent to reduction are even smaller than those in the fresh catalyst.

The different activity recovery of the catalysts is explained by the different capability to
retain the Ni surface species throughout a reaction-regeneration cycle. Accordingly, the
decrease in Ni for the bulk catalyst after the combustion is very low, whereas for the
supported catalyst, the loss of Ni (mainly on the surface) is high. However, the activity
loss is of around 15 % due to the smaller size of Ni° particles after regeneration.
Therefore, the bulk catalyst is suitable for use in the reforming of raw bio-oil in
reaction-regeneration cycles, since its activity can be fully recovered provided that the
regeneration conditions are suitable for achieving both total coke removal and Ni
redispersion. This result is encouraging for future industrial implantation of bio-oil

reforming using economically viable catalysts based on NiAl,O, spinel.
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Figure Captions

Figure 1.
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Figure 3.
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Figure 5.

Figure 6.

Figure 7.

Figure 8.

Figure 9.

States of the catalyst in a reaction-regeneration cycle.

Evolution with TOS of conversion (a) and yield of H; (b), CO, (c) CO (d),
CH, (e), and hydrocarbons (f) in the OSR of bio-oil over the supported
catalyst, fresh and after different regeneration conditions. Reaction
conditions: 700 °C; space time, 0.75 Qecatalysth/Qpio-oil; S/C, 6; O/C, 0.34.
Regeneration conditions: coke combustion in air, in situ at 650 and 850 °C,

and ex situ in an oven at 850 °C; time, 4h.

TPR profiles of the supported catalyst, fresh and under different

regeneration conditions.

XRD diffractograms of the supported catalyst, fresh and after different
regeneration conditions. Graph a: samples before reduction. Graph b:

samples after reduction.

TEM images of supported catalyst, fresh (a), deactivated (b), regenerated ex
situ at 850 °C (c), regenerated in situ at 850 °C (d), and regenerated in situ at
650 °C (e).

Particle size distribution of the supported catalyst, fresh, deactivated and

after different regeneration conditions.

Evolution with TOS of conversion (a) and yield of H, (b), CO, (c) CO (d),
CH, (e), and hydrocarbons (f) in the OSR of bio-oil over the bulk, catalyst,
fresh and after different regeneration conditions. Reaction conditions: 700
°C; space time, 0.15 Qeatalysth/Opic-oil; S/C, 6; O/C, 0.34. Regeneration
conditions: coke combustion in air, in situ a 650 and 850 °C, and ex situ in

an oven at 850 °C; time, 4h.

TPR profiles of the bulk catalyst, fresh and after different regeneration

conditions.

XRD diffractograms of the bulk catalyst, fresh and after different
regeneration conditions. Graph a: samples before reduction. Graph b:
samples after reduction.
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Figure 10. TEM images of the bulk catalyst, fresh (a), deactivated (b), regenerated ex
situ at 850 °C (c), regenerated in situ at 850 °C (d), and regenerated in situ at
650 °C (e).

Figure 11. Particle size distribution of the bulk catalyst, fresh, deactivated and after

different regeneration conditions.

Supplementary information

Figure S1. TPO profiles for the supported and bulk catalysts deactivated after 3 h and 7
h, respectively, under the following reaction conditions: 700 °C; space time,
0.75 Qeatalysth/Ovio-oil  (Supported catalyst) and 0.15 Qeatalysth/Qpio-oit (BUIK
catalyst); S/C, 6; O/C, 0.34.

Figure S2. Evolution with TOS of conversion (circle) and yield of H, (triangle) in the
OSR of bio-oil over the supported catalyst after different in situ regeneration
treatments: coke combustion at 650 °C (full dots); coke combustion at 650
°C followed by steaming at 800 °C (empty dots). Reaction conditions: 700
°C; space time, 0.75 Qeatalysth/bio-oit; S/C, 6; O/C, 0.34.



