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Abstract

In this thesis, direct application of hollow fiber nanofiltration on surface water is
suggested as an efficacious method for surface water treatment. This thesis was car-
ried out as a collaborative effort between Lenntech B.V. and TU Delft. The current
research aims to assess the performance of these membranes as a potential solution
for surface water treatment and to gain a meaningful understanding of rejection per-
formance and fouling tendencies of these modules through lab-scale experimentation
of a low MWCO hollow fiber membrane. Direct application of nanofiltration on sur-
face water was carried out on a lab-scale using the dNF-40 hollow fiber nanofiltration
membrane supplied by NXFiltration B.V. Enschede. This membrane is fabricated us-
ing a technique called Layer-by-Layer (LbL) polyelectrolyte deposition which consists
of an assembly of alternatingly deposited polycationic and polyanionic nanolayers
on a polyethersulfone (PES) ultrafiltration support. The dNF-40 membrane is neg-
atively charged at neutral pH. The main objective of the research was to determine
the effectiveness of the dNF40 membrane for surface water treatment in terms of
three key performance parameters viz. rejection, membrane fouling and concentra-
tion polarization. Membrane characterisation was carried out by measuring the pure
water permeability, Molecular Weight Cut Off (MWCO) of the membrane and rejec-
tion of single salt solutions. The pure water permeability of a pristine membrane
was 1.53×10ዅኻኾ m. The MWCO was measured using PEG filtration method and was
found to be 200 Da. The membrane performance is limited in terms of the flux due
to concentration polarization. CP factor was measured experimentally and compared
with Sherwood analytical model. Since the flow through the fibers in laminar, high
cross-flow velocities are required to reduce CP are high (< 0.5 m/s) due to which
hydraulic pressure losses along the feed channel are high. A pressure drop of 0.2
bar was measured for a pristine membrane at a cross-flow velocity of 0.5 m/s. Fil-
tration experiments were carried out with two kinds of surface waters: Delft Schie
water and Biesbosch reservoir water. The influence of flux and cross-flow velocity on
the rejection of ions were investigated. The removal of Natural Organic Matter (NOM)
in both surface waters was between 80 and 85%. The rejection of divalent cations
viz. Ca2+ and Mg2+ was higher at low system recoveries (upto 30%) but a severe drop
in rejection was observed at higher recoveries (80%). The final permeate collected
at 80% recovery contained 37 mg/L of Ca2+ and less than 1 mg/L of NOM. 98%
rejection of SO4

2- was observed irrespective of the feed composition and operating
conditions. The dNF-40 membrane exhibited high fouling-resistance during surface
water filtration showing no mass transfer coefficient(MTC) decline during 6-hour ex-
perimental cycles with surface water. To test for fouling fractions of surface water,
additional tests were carried out with model foulant solutions including sodium al-
ginate, humic acid and bovine serum albumin with varying foulant concentrations
and ionic strengths; of the three, alginate fouling was most severe in terms of flux
decline. Irreversible fouling was observed during the alginate filtration tests. Fiber-
blocking was also observed during alginate filtration due to aggregation of alginate
and Ca2+. Chemical cleaning with 200 ppm NaOCl solution at pH 12 completely re-
stored the permeability. The results presented in this thesis demonstrate that the
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vi Abstract

dNF-40 hollow fiber membrane with the LbL structure can treat surface water with-
out pre-treatment. These membranes are ideal for applications such as production
of drinking water where partial removal of hardness and complete removal of organic
matter is required.
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1
Introduction

1.1. General Introduction
Surface waters such as rivers, lakes and canals are usually highly contaminated by
human wastes and industrial run-offs. They usually contain high concentrations of
suspended solids, biological agents, inorganic and organic compounds. Natural or-
ganic matter (NOM) is the broad term used for a mixture of organic compounds found
in water. The colour and odour of surface water is derived from different sources such
as humic acids, peat material, different kinds of plankton, plant components, metal
ions and also industrial wastes [1].An increasing demand of high quality waters and
stricter environmental rules require the need of advanced treatment techniques ca-
pable of producing high quality water at minimal costs and high efficiency.

Membrane filtration is a separation process in which the membrane acts as a
selective barrier to restrict the passage of various contaminants [2]. It offers several
advantages such as high quality of treated water (permeate), a smaller footprint,
better hydrodynamic control and maintenance, fewer chemicals, and no production
of sludge [3]. Pressure driven membrane filtration in water treatment can be broadly
classified into two distinct groups based on the type of contaminant which is rejected
by the membrane [4].

1. Microfiltration and Ultrafiltration (MF/UF) are used for the removal of particulate
matter, viruses and bacteria.

2. Nanofiltration and Reverse Osmosis (NF/RO) are used for removal dissolved mat-
ter including organic molecules, ions and micropollutants such as pharmaceu-
tically active compounds and pesticides.

Nanofiltration is a type of membrane process which offers a potentially cost-saving
alternative to the conventional treatment process as well as reverse osmosis. It is a
driven process with 75-99% rejection of multivalent ions, high rejection of organic
micropollutants and complete removal of biological activity [5]. The performance of
membranes for a given application largely depend on the module geometry. The
classification of membrane modules based on their geometry is shown in table 1.1.

Spiral wound membranes have a high packing density but require extensive feed
water treatment. The necessity of feed and permeate spacers in spiral wound mod-
ules increases the fouling tendency of these membranes [7]. Tubular membranes

1



2 1. Introduction

Table 1.1: Various module geometries of NF membranes [2, 6]

Spiral Wound Tubular Capillary/Hollow-Fiber

Packing density(m2/m3) 500-1000 100-500 1000-5000

Energy Usage Low Moderate Moderate

Fouling tendency High Low Low

Cleaning Difficult Backflush possible Easy to clean

are easier to clean but generally have low packing densities and are expensive. Hol-
low fiber NF membranes have shown great promise for surface water treatment ow-
ing to their fouling-resistant nature and ease of cleaning [8]. Additionally, hollow
fiber membranes are amenable to surface modification techniques which have been
known to further improve the rejection and fouling characteristics of the membrane
[9]. Layer-by-layer(LbL) polyelectrolyte deposition is an example of a surface mod-
ification, which consists of an assembly of alternatingly deposited polycationic and
polyanionic nanolayers on an ultrafiltration support. Because of their channel geom-
etry and ease of cleaning, hollow fiber NF membranes require minimal pre-treatment
of feed water. Thus, it eliminates the need of several steps used in conventional sur-
face water treatment processes including coagulation, flocculation and rapid sand
filtration. Depending on the application of the produced water, advanced treatment
such as granular activated carbon (GAC) adsorption and reverse osmosis (RO) might
still be required. These steps can be replaced by a single nanofiltration step only
preceded by a cartridge filter. This potentially results in a significantly lower foot-
print making it ideal for decentralised treatment schemes. This is known as direct
nanofiltration (dNF).

In existing literature, the terms ”capillary” and ”hollow fiber” have been used in-
terchangeably to describe ultrafiltration and nanofiltration membranes with several
long filaments with small diameter (< 1 mm) packed in a single module [8, 10]. In
contrast, the term ”hollow fiber” has also been used to describe reverse osmosis mem-
branes with extremely small fiber diameter (1 𝜇m) [11]. However, in this thesis, the
membranes with fiber diameter between 0.5 nm and 1 mm have been described as
”hollow fiber membranes”.

1.2. Scope and outline of thesis
Some pilot-scale studies have been conducted in the past to assess the rejection of
ions by testing hollow fiber membranes with high MWCO (1000 Da) on real surface
water [8, 12]. However, almost no studies have focused on low MWCO (<400 Da)
membranes fabricated using Layer-by-Layer (LbL) technique . Additionally, the foul-
ing and rejection mechanisms have not been well-understood. The rejection of ions
largely depends on the chemistry of the feed water and hydraulic parameters such
as flux, recovery and cross flow velocity. The influence of these parameters on the
overall performance has not been extensively studied owing to the limited laboratory-
scale research on hollow fiber NF membranes.



1.2. Scope and outline of thesis 3

Further progress on the implementation of hollow fiber membranes has been ham-
pered due to the inadequate information about the performance of these membranes
for specific applications such as surface water treatment. The current research aims
to to assess the performance of hollow fiber nanofiltration membranes as a poten-
tial solution for direct treatment surface water treatment and to gain a meaningful
understanding of rejection mechanisms and fouling tendencies through lab-scale
experimentation of a low MWCO hollow fiber membrane, dNF-40, supplied by NX-
Filtration B.V., Enschede. The following two research questions were put forth to
address the problem:

1. How is the performance of the dNF-40 membrane for the direct treatment of
surface water in terms of the two performance indicators viz. rejection and
fouling?

2. How can the development on the concentration polarization in the membrane
be quantified?

The following sub-questions were formulated in order to answer the research ques-
tions:

(i) What effect does the Layer-by-Layer structure have on rejection performance of
the membrane?

(ii) What is the dominant rejection mechanism of the membrane?

(iii) What is the effect of operational flux, cross-flow velocity and recovery on the
permeate quality?

(iv) What is the flux decline during the filtration of surface water?

(v) What fraction of NOM (polysaccharide, humics or proteins) has the highest foul-
ing effect on the membrane and what is the dominant fouling mechanisms?

(vi) What factors influence the occurrence of concentration polarization in the dNF-
40 membrane?

Sub-questions (i), (ii) and (iii) provides an insight into the rejection performance of
the membrane and the various parameters which influence the rejection of solutes.
Sub-questions (iv) and (v) attempts to provide an answer to whether or not the mem-
brane is fouling-resistant and the various parameters which influence the fouling
rate. Sub-question (vi) answers the research question about concentration polariza-
tion in the dNF-40 membrane. This thesis is divided into five chapters:

Chapter 2 entails the literature review and detailed theory behind the working of
hollow-fiber NF membranes. Initially, a description of the fabrication methods and
the working of LbL configuration is provided. A detailed explanation of nanofiltration
theory and principles including rejection theories, transport mechanisms in hollow
fiber membranes, resistance mechanisms such as fouling and concentration polar-
ization is presented.

Chapter 3 includes the details of materials and methods, a description of the ex-
perimental set-up and experimental procedures
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Chapter 4 includes the results obtained from the experiments and a discussion of
results is presented in order to answer the aforementioned research questions

Chapter 5 includes all the conclusions drawn from the results of the experiments.
Finally, the recommendations from the author for future work in the field of hollow
fiber NF membranes are discussed.



2
Theoretical background

2.1. Structure and configuration of LbL hollow fiber membranes
Hollow fiber membranes utilize several long, porous filaments with very narrow di-
ameter. The fibers are packed in PVC shell. These fibers can be utilized to treat
the feed water in either the inside-out or the outside-in configuration. In the inside-
out configuration, the active membrane surface lies on the inner (lumen) side of the
fiber. The feed flows on the inner surface in cross-flow mode and the permeate is
collected on the shell-side. This kind of flow configuration is ideal for low fouling
feed waters such as surface water since the feed channel is narrow causing a higher
fouling load [13]. For outside-in filtration, the active surface lies on the outside of the
fibers. Outside-in filtration is a better option for highly fouling feed such as sewage
and/or municipal wastewater. Most commercial NF membranes are produced as

Figure 2.1: Flow of liquid through a hollow fiber membrane [14]

Thin Film Composite(TFC) flat sheet membranes which are fabricated using inter-
facial polymerization. Other methods of fabrication include grafting polymerization
and nano-embedment have also been implemented [15, 16] . Single-layer hollow fiber
ultrafiltration membranes have been frequently used for (waste)water treatment ap-
plication since the early 1990s [3]. Recently, a class of multi-layer HF nanofiltration

5



6 2. Theoretical background

membranes have been developed by Layer-by-layer (LbL) polyelectrolyte deposition
method with chemical crosslinking [17]. The LbL assembly consists alternatingly
deposited polycationic and polyanionic layers. Polyelectrolytes (PE) are long-chain
molecules with a molecular weight of several kDa that have a functional group within
the repeating unit that dissociates in water to a polycation or polyanion i.e. a posi-
tively or negatively charged PE. They can be grouped as strong and weak PE: Strong
PEs dissociate independently of pH, whereas the degree of dissociation is a function
of pH for weak PE [18]. The surface charge can be effectively regulated by changing
the terminal polyelectrolyte layer [19].

Some commercially available polyelectrolytes include poly(acrylic acid) (PAA), poly
(vinyl sulfate),poly(styrene sulfonate) (PSS), poly(ethylenemine) (PEI), poly(allylamine)
(PAAm), and poly(diallyldimethylammonium chloride) (PDADMAC)[20]. An additional
method to increase the tightness and selectivity of the membranes was suggested by
Wang et.al in which the LbL polyelectrolyte layer was cross-linked with glutaralde-
hyde [21]. Polyethersulfone (PES) is one of the most important polymeric materials

Figure 2.2: Layer-by-Layer assembled NF membrane.Adopted from [22]

which is used as an UF support. The sulfonyl group provides stiffness with a high
glass transition temperature and along with the ring structures, makes the mem-
brane chemically resistance. The ether linkages provide a degree of flexibility mak-
ing it easy to process [23]. To reduce the hydraulic load on PES fibers, PES is often
used as a material for inside-out filtration. These membranes have the advantage
of working at extremely low pressures (2-5 bar) and yet provide efficient separation
[17].

2.2. Transport mechanisms through hollow fiber NF membranes
The extended Nernst Planck Model proposed by Schloegl (1996) and Dresner (1972)
can be used to describe ion transport through membranes [24, 25]. This differs from
the commonly used Spiegler-Kedem model in which membrane is not treated as a
‘black box’ and hence attempts to explain the mechanism of solute transport across
the membrane [26]. The extended Nernst-Planck equation describes the flux of a
solute through the membrane active layer and can be given by equation 2.1 and 2.2.

𝑗.። = −𝐷።,፩ ⋅
𝑑𝑐።
𝑑𝑥 + 𝐾።,፜𝑐።𝐽፯ −

𝑧።𝑐።𝐷።,፩𝐹
𝑅𝑇 ⋅ 𝑑𝜓𝑑𝑥 (2.1)

𝐷።,፩ = 𝐾።,፝𝐷።,ጼ (2.2)
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where 𝑗። flux of solute i, 𝐾።,፜ and 𝐾።,፝ are the convective and diffusive hindrance pa-
rameters respectively which depend on the pore size and solute Stokes radius, 𝜓 is
the electric potential, 𝑧። is the ion valency, F is the Faraday constant, T is temperature
and R is the universal gas constant. The first and second terms in equation 2.1 de-
scribe the diffusive and convective transport of material across the membrane while
the third term describes the electromigrative transport. The negative sign preceding
the diffusive and electromigration terms is because they occur down the concen-
tration or electric gradient. However, convection occurs due to membrane porosity
[17, 27].

2.3. Rejection mechanisms in NF membranes
A unique feature of nanofiltration membranes is that most of them possess surface
charges in aqueous media. This means that solutes in the feed solution are rejected
as a result of sieving effects as well as charge effects. This means that ions which
have sizes much lesser than the pore size may also be rejected by the NF membranes.
Rejection mechanisms occurring in nanofiltration membranes can be highly complex
[28].

2.3.1. Steric Rejection
Steric rejection is based on pore size. Uncharged solutes are rejected by steric affects.
Solutes smaller than the pore size pass through the membrane. The pore sizes of NF
membranes are so small that it becomes difficult to measure it through conventional
methods. Hence, a surrogate parameter called Molecular Weight Cut-Off (MWCO)
is used. It is the size of the solute which is rejected with 90% efficiency by the
membrane [29]. A standard method for measuring MWCO is by conducting filtration
experiments using uncharged solute in the feed solution and measuring the rejection
[30].

2.3.2. Donnan Effects
Donnan effects are significant for charged solutes andmembranes with surface charge.
The surface charge on the membrane is a result of dissociated functional groups like
sulfonic or carboxylic groups. When placed in a salt solution containing charged ions,
a Donnan equilibrium is set-up at the membrane-solution interfaces. This results in
unequal charge distribution. The concentration of co-ions is lower on the membrane
than in the solution but the concentration of counterions is higher [31, 32]. This
difference in concentration of co and counterions sets up a potential difference at the
interface. This potential difference, known as Donnan potential,prevents transport
of ions between the membrane and solution. This effect thus increases the rejection
of these ions. Due to the requirement of electroneutrality, the counter-ions are also
rejected.

The distribution of ions in the solution leads to the formation of a double layer
consisting of a charged surface and an adjacent layer of counter-ions in the solution
[33]. In the Stern layer, the electric potential decreases linearly from the membrane
surface potential. In the diffuse layer, the potential decays exponentially since the
counter-ion concentration balances out the co-ion concentrations as the distance
from the surface increases [34, 35]. The thickness of the electric double layer is
characterized by the Debye length (𝜅ዅኻ) and is given by equation 2.3 [36].
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𝜅ዅኻ = ( 𝜖ኺ ⋅ 𝜖፫ ⋅ 𝑘ፁ ⋅ 𝑇
2000 ⋅ 𝑁ፀ ⋅ 𝑒ኼ ⋅ 𝐼

)
Ꮃ
Ꮄ (2.3)

where 𝜖ኺ and 𝜖፫ are the permittivity of free space and the relative permittivity of the
background solution respectively, 𝐾ፁ is the Boltzmann constant, 𝑇 is the absolute
temperature, 𝑁ፀ is the Avogadro’s number, 𝑒 is the elementary charge and I is the
ionic strength given by:

𝐼 = 1
2∑𝑚። ⋅ 𝑧ኼ። (2.4)

For a given background solution and operating conditions, the Debye length is solely
dependent on the ionic strength of the feed solution. At high ionic strength, the
screening length is close to zero.

2.3.3. Dielectric exclusion
Dielectric exclusion is caused due to interactions of ions and the polarization charges
at the surface of the membrane. The strength of the interactions is proportional to
the square of the charge [37]. Different explanations for dielectric exclusion exist in
literature. Bowen and Welfoot suggested that dielectric exclusion is caused by the
solvation energy barrier between solvents with different dielectric constants [38].The
structure of the nano pore causes the realignment of the solvent molecules in dif-
ferent layers causing a change in its dielectric constant. Water molecules tend to
polarize inside the pores due to high dipole moment (1.84 D or 6.33×10ዅኽኺ C.m). The
polarization decreases the dielectric constant inside the pore which prevents charged
solutes in the bulk to enter the membrane pore. Additionally, ions undergo hydra-
tion in aqueous solution. Permeability of ions through NF membranes shows strong
dependence on hydrated radii [39]. The complete mechanisms behind dielectric ex-
clusion is not very well understood.

Regardless of these electric effects, the requirement for electroneutrality of perme-
ate and feed, given in equations 2.5 and 2.6, has a significant impact on the rejection
characteristics of the nanofiltration membrane. For instance, the rejection of co-ions
due to Donnan effect will force the rejection of counter-ions. However, the presence
the counter-ions on the permeate side will result in the passage of the co-ions as well
[31].

∑𝑧። ⋅ 𝑐።,፰ = 0 (2.5)

∑𝑧። ⋅ 𝑐።,፩ = 0 (2.6)

2.4. Membrane performance
2.4.1. Permeate flux
The membrane performance can be expressed in terms of the permeate flux param-
eter. This parameter is given by the following general equation and is valid for all
membrane processes [40]:
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𝐽 = 1
𝜇 ⋅

𝐷𝑟𝑖𝑣𝑖𝑛𝑔𝑓𝑜𝑟𝑐𝑒
𝑅𝑒𝑠𝑖𝑠𝑡𝑎𝑛𝑐𝑒 (2.7)

where J is the liquid permeate flux and 𝜇 is the dynamic viscosity of the liquid. For
nanofiltration membranes used in water treatment applications, the equation can
modified into equation 2.8.

𝐽፰ =
1
𝜇፰

⋅ Δ𝑃𝑅፦
(2.8)

The term 1/𝑅፦ is defined as the Mass Transfer Coefficient (MTC) of the membrane
and is denoted by 𝐾. For a clean membrane and pure water, this quantity can be
established by measuring the flux of pure water as a function of the trans-membrane
pressure. The slope of Jw against the TMP gives the pure water permeability of the
membrane. Measurement of the water permeability of the membrane helps to deter-
mine if fouling has occurred in the membrane. Water permeability depends on the
various factors such as pore size, thickness, porosity, tortuosity and surface proper-
ties of the membrane [30].

𝐾፰ =
𝑝𝑑ኼ፩፨፫፞
8𝜏𝑙 (2.9)

For a feed solution containing dissolved solutes, the driving force can be described as
the difference between the TMP and the osmotic pressure gradient across the mem-
brane. An increase in solute concentration in the feed, decreases the driving force
and hence the permeate flux is lower than the flux of pure water

𝐽 = 𝐾፰
𝜇 ⋅ (Δ𝑃 − Δ𝜋) (2.10)

2.4.2. Hydraulic Pressure Loss
Hydraulic losses occur during the flow of water from the feed side to concentrate side.
The primary reason for hydraulic pressure losses is wall friction. Under steady state
operating conditions, the flow in the fibers is expected to be in the laminar regime.
Under laminar conditions, the flow is locally fully developed [41]. The pressure drop
over the feed channel can be given by the Darcy-Weisbach model shown in equation
2.11 [42]. This equation is valid for ፝ᐿ

ፋ << 1 and ፋ
ፕᑗ
<< 1.

Δ𝑃፡፲፝፫ = 𝜆(
𝐿
𝑑ፇ
) ⋅ (𝜌

𝑉ኼ፟
2 ) (2.11)

Where 𝜆 is the Darcy friction factor, 𝐿 is the length of the channel, 𝑑። is inner diameter
of the fiber and 𝑉ኼ፟ is the cross-flow velocity through the feed channel. For laminar
flow through a hollow fiber structure, 𝜆 = ዀኾ

ፑ፞ and 𝑅𝑒 = ፝ᐿ፯᎞
᎙ . Pressure drop in the

membrane is directly proportional to the length of the module. Pressure drop across
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the membrane gives an indication of physical plugging or scaling. Vrouwenhouder
et.al also studied that increase in pressure drop in NF membranes due to biofilm
formation [43]. Another reason for increased pressure drop could be blocking or
plugging of individual fibers by aggregates or flocs. This is because the plugging of
fibers causes the liquid to flow with higher velocity through the unblocked capillaries
which increases the friction in the fibers. An excessive pressure drop can cause
the membrane or materials of construction to operate under higher stress, thereby
causing damage to the membrane components and eventually resulting in a complete
failure of the membrane.

2.4.3. Recovery ratio
For a batch filtration process, recovery (𝛾) is defined as the ratio of the quantity of
the permeate produced (𝑉፩) to the quantity of the feed (𝑉 ).

𝛾 =
𝑉፩
𝑉ፅ

(2.12)

As the recovery ratio increases, the concentration of the feed solution increases in
terms of the retained solutes. A small increase in system recovery can have a signifi-
cant impact on the overall level of salts in the concentrate stream. The concentration
factor(CF) of the feed can be calculated using equation 2.13.

𝐶𝐹 = 1
1 − 𝛾 (2.13)

This means that a recovery ratio of 75 percent would increase the salt concentration
factor to 4 and a recovery of 80 percent would result in a concentration factor of 5.
Increased recovery causes the residual feed osmotic pressure to increase. In some
cases, even a very small percentage increase in system recovery will exceed the sol-
ubility limit of some salts and result in higher fouling rates. At higher recoveries,
concentration polarization is higher which leads to deterioration of permeate quality.
Recovery is an important performance parameter. While a higher system recovery is
often desirable in order to minimize concentrate production, a compromise is nec-
essary to ensure that an acceptable permeate quality is maintained during filtration
[27].

2.5. Membrane resistance
2.5.1. Fouling
Fouling is a significant technical challenge for membrane process which is manifested
by increase in TMP required to produce permeate at constant flux. Most membrane
fouling during the treatment of natural waters is caused by Natural Organic Mat-
ter (NOM) [44]. Membrane fouling is influenced by several operational parameters as
well as solution chemistry making it difficult to model or predict. Fouling can be clas-
sified as internal (pore) and external (surface) or on basis of reversibility as reversible
and irreversible fouling. Fouling can occur via five mechanisms. The Resistance in
Series Model given in equation 2.14 describes the flux of a fouled membrane [45].

𝐽 = Δ𝑃
𝜇(𝑅፦ + 𝑅ጂ᎝ + 𝑅ፀ + 𝑅ፆ + 𝑅ፏ + 𝑅ፂ)

(2.14)
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where 𝑅፦ is the clean membrane resistance, 𝑅ጂ᎝ is the resistance due to osmotic
pressure of the feed solution, 𝑅ፀ is the resistance due to adsorption, 𝑅ፆ is the re-
sistance due to gel formation, 𝑅ፏ is the resistance due pore fouling and 𝑅ፂ is the
resistance due to cake formation. The type of fouling depends on type of solute, the
size of the particles and the interaction between the membrane and solute. The main
mechanisms of fouling are:

1. Complete pore blocking: Particles larger than the pore are blocked and get de-
posited on the pore resulting loss in membrane surface and therefore decrease
in permeate flux.

2. Internal pore plugging: Some small particles can go through the pore opening
and get adsorbed or deposited on the walls of the pore causing restriction to
flow of permeate decrease in permeate flux.

3. Intermediate pore blocking: Particles may partially block the pore by depositing
on an inactive surface near the pore. Two or more particles causing intermediate
pore blocking can lead to complete blocking of the pore [46].

4. Cake/Gel formation: Layers of particles get deposited on the surface of the mem-
brane to form a “cake” layer. The feed solution then passes through the cake
layer and then through the pores onto the permeate side. The total resistance
to the flow is then the sum of the resistance offered by the cake and resistance
of the membrane which could already be fouled by one of the mechanisms men-
tioned above. It is assumed that cake filtration itself does not block the pores.

5. Biofouling: Biofouling is the formation of biofilms on themembrane surface. The
bacteria in the feed water get attached to the membrane, multiply and produce
a slimy gel-like material called extra-cellular polymeric substances(EPS) [47]

A strict division of different types of fouling is not possible because a wide range of
foulants are normally present in surface water. A combination of foulants can lead
to the occurrence of various fouling mechanisms simultaneously [48].

2.5.2. Concentration polarization
Concentration Polarization (CP) refers to the build-up of concentration gradients at
the membrane surface. Unlike fouling, the solutes do not deposit on the membrane
surface or inside the membrane pores, but builds up close to the membrane surface
[49]. An equilibrium is set up between the convective transport of material towards
the membrane, and the diffusive transport of the rejected solute away from the mem-
brane surface.The concept of concentration polarization is shown in figure 2.3. If CP
becomes extensive, the concentration of the solutes at the membrane surface may be
higher than the solubility limit which could lead to fouling and scaling [50].The accu-
mulation of solutes at the membrane surface causes an increase in osmotic pressure.
According to equation 2.10, when the osmotic pressure, Δ𝜋 increases, the net driving
force for the filtration decreases which leads to flux decline. This causes the observed
solute rejection to drop as a result of low solvent permeation [51, 52].

In order to reduce the negative impacts of concentration polarization, cross-flow
filtration should be used rather than dead-end filtration. This is because the flow in
the direction parallel to the membrane sweeps the solute off the surface and reduces
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Figure 2.3: Concept of concentration polarization [7]

the accumulation. This is in contrast to dead-end filtration wherein the concentra-
tion boundary layer is infinitely large [53]. The thickness of the boundary layer is
dependant on flow hydrodynamics and flow regime. At turbulent flow conditions, the
effect of the concentration polarization is small. For laminar flow, the effect of the
concentration polarization becomes considerable, resulting in a lower permeate flux
[53]. Baker suggested that CP is better controlled in hollow fiber membranes working
in inside-out fashion because dead-zones and stagnant areas are avoided in such a
configuration [54].

A mass balance can be set-up at the membrane surface and can be given by
equation 2.15.

𝐽። ⋅ 𝐶። = 𝐽።𝐶።,ፏ − 𝐷፣። ⋅ (
𝑑𝐶።
𝑑𝑧 ) (2.15)

Integrating equation 2.15 by taking the boundary conditions 𝑧 = 0, 𝐶። = 𝐶።,ፌ and
𝑧 = 𝛿, 𝐶። = 𝐶።,ፅ yields,

𝐽። =
𝐷፣።
𝛿 𝑙𝑛(

𝐶።,ፌ − 𝐶።,ፏ
𝐶።,ፅ − 𝐶።,ፏ

) (2.16)

where 𝐷፣። is the diffusivity constant of solute i in solvent j, 𝛿 i sthe boundary layer
thickness, 𝐶።,ፌ, 𝐶።,ፏ and 𝐶።,ፅ are the concentration of species i on the membrane sur-
face, in the permeate and in the bluk phase respectively. The term 𝛿፣። is the mass
transfer coefficient and is denoted by 𝑘።,ፅ For a single species and water as solvent,
equation 2.16 can be rewritten as:

𝐽 = 𝑘 ⋅ 𝑙𝑛(𝐶ፌ𝐶ፅ
) (2.17)

The mass transfer coefficient, k, can be calculated using Sherwood correlation as
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follows:

𝑆ℎ = 𝑎 ⋅ 𝑅𝑒፛ ⋅ 𝑆𝑐፜ ⋅ (𝑑ፇ𝐿 )
፝ = 𝑘 ⋅ 𝑑ፇ𝐷 (2.18)

where Sc is the Schmidt number given by 𝑆𝑐 = 𝜐/𝐷. The table 2.1 lists the common
relations for mass transfer coefficients used in practice. For a hollow fiber system
with laminar flow, the variables in equation can be described as 𝑎 = 1.62, 𝑏 = 0.33,
𝑐 = 0.33 and 𝑑 = 0.33 [7].

Table 2.1: Various relations for mass transfer coefficients

Equation Flow regime Reference

𝑆ℎ = 1.62 ⋅ (𝑅𝑒 ⋅ 𝑆𝑐 ⋅ 𝑑ፇ/𝐿)ኺ.ኽኽ Laminar flow in a hollow fiber [7]

𝑆ℎ = 1.85 ⋅ (𝑅𝑒 ⋅ 𝑆𝑐 ⋅ 𝑑ፇ/𝐿)ኺ.ኽኽ Developing laminar flow in
rectangular channel

[55]

𝑆ℎ = 1.5×10ኾ⋅(𝑅𝑒ኺ.ኾ዁⋅𝑆𝑐ኺ.ኽኽ⋅(𝐾፰/𝑑ፇ)ኺ.ኽ኿) Flow in circular channel
(2662<Re<21702)

[56]

𝑆ℎ = 1.86 ⋅ (𝑅𝑒 ⋅ 𝑆𝑐)ኺ.ኽኽ ⋅ (𝑑ፇ/𝐿)ኺ.኿ Fully developed laminar flow
in hollow fiber

[57]

𝑆ℎ = 0.023 ⋅ 𝑅𝑒ኺ.ዂ ⋅ 𝑆𝑐ኺ.ኽኽ Turbulent flow [58]

𝑆ℎ = 0.023 ⋅ 𝑅𝑒ኺ.ዂ዁኿ ⋅ 𝑆𝑐ኺ.ኼ኿ Turbulent flow in flat channel [59]

2.6. Effect of operational parameters on membrane performance
2.6.1. Feed composition
Divalent ions are usually better rejected thanmonovalent ions. For negatively charged
membranes, the cations in the feed solution migrate to the membrane surface due to
the Donnan effect. Smaller ions such as sodium will pass through the membrane. In
order to maintain electroneutrality, co-ions such as sulphate and chloride will also
pass through the membrane. Chloride has higher permeability than sulphate due to
its smaller hydrated radius and lower ionic charge [60]. Since chloride rejection is
unaffected by increase in ionic strength, more sulphate ions need to be transported
through the membranes to maintain electroneutrality. Hence rejection of polyvalent
ions is higher at high ionic strengths [61]. In addition to the charge and size effects,
the chemical interactions between various species in the feed could have a marked
effect on the rejection characteristics of the membrane.

2.6.2. Cross-flow velocity
The cross-flow velocity determines the thickness of the concentration polarization
layer. Higher cross-flow velocity decreases the thickness of the layer. For hollow fiber
dNF membranes, the manufacturer recommends a cross-flow of 0.2-0.5 𝑚𝑠ዅኻ. Based
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on this cross-flow, the flow is expected to be laminar which suggests concentration
polarization could play an important role in determining the efficiency in rejection of
solutes.

2.6.3. pH and Temperature
pH influences the properties of the membrane and solutes. The surface charge of
the membranes is directly related to the pH of the aqueous solution it is placed. For
a negatively charged membrane, at high pH, the retention of ionic solutes generally
increases due to strong dissociation functional groups [62]. This increases the Don-
nan potential between the membrane and the solution and increases the retention.
Increasing the pH might also cause repulsion between polymer chains making the
membrane looser. When the ionic strength, the zeta potential becomes zero and
the pH does not affect the zeta potential significantly [30]. The dNF40 PES mem-
branes are expected to be negatively charged at neutral and alkaline pH. The feed
temperature affects the structural properties of the membrane such as pore size and
membrane thickness. In addition, it affects the properties of the feed such as viscos-
ity and diffusivity. The water flux is higher at higher temperatures due to increase
in pore radius [63].



3
Materials and Methods

3.1. Description of the experimental set-up
The experimental set-up,shown in figure 3.1 and summary of parts is shown in table
3.1 was a cross-flow separation unit consisting of a feed tank which contains the feed
water. The temperature in the feed tank was controlled using a spiral water cooler.
By adjusting the flow of tap water through the cooler, the temperature of the feed tank
can be maintained effectively with an accuracy of ±0.5∘𝐶. A rotary vane pump draws
the solution from the feed tank at high pressure. The pressure indicators displayed
the pressure on the feed, concentrate and permeate. Before the membrane module, a
two cartridge filters of 125 micron were placed in parallel to filter out particles which
could block the capillaries.

The flow through the filters was switched by closing or opening a gate valve. Fil-
ter 4 was used during cleaning procedures and filter 5 was used during the filtration
experiments. The feed flow rate was measured using a rotameter with measuring
range 60–600 l/h. The cross-flow velocity can be calculated from the feed flow using
the equation 3.1.

𝑉 =
𝑄፟

𝑁 ⋅ 𝐴፜፬
(3.1)

Figure 3.1: dNF experimental set-up
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Table 3.1: Parts of the experimental set-up

Number Part name Additional comments

1 Feed Tank 10L, 20 L and 50 L

2 Pump Rotary Vane (Fluid-o-Tech)

3 Check valve Switch flow to filters

4 Cartridge filter 125 micron (for flushing)

5 Cartridge filter 125 micron (for experiments)

6 Rotameter 60-600 L/h

7 Needle valve Flow adjustment on feed side (op-
tional use)

8 Pressure indicator 0-10 bar (Wika Germany)

9 Hollow fiber NF module dNF-40 (NXFiltration B.V.)

10 Concentrate Recycled to feed tank

11 Permeate Recycled or collected separately

12 Flow sensor Flowbus(Bronkhorst Nederland)

13 Permeate tank -

14 Monitor with data acquisi-
tion program

SUR:Measure

where 𝑄፟ is the feed flow rate, N is the number of hollow fibers in a module, 𝐴፜፬ is
the cross sectional area of a single fiber given by 𝐴፜፬ =

᎝
ኾ .𝑑

ኼ
ፇ. The feed flow rate was

adjusted using a variable frequency drive (VFD) connected to the pump. Increasing
the frequency of drive results in higher suction which increases the cross-flow veloc-
ity. The feed water then passes through the hollow fibers and is filtered in inside-out
fashion. The membrane splits the incoming feed water into a permeate stream and
a concentrate stream. The concentrate was recycled to the feed tank. Needle valves
were placed on the feed, concentrate and the permeate side. Needle valves were used
for precise flow control. The needle valve on the feed side was not used since the flow
was controlled by the VFD. The feed and concentrate pressure was changed by regu-
lating the needle valve on the concentrate side. The feed, concentrate and permeate
were read using pressure meters with measuring range 0-10 bar. The permeate was
passed through a digital flow meter which continuously recorded the permeate flow,
permeate flux and temperature. The data was logged and displayed on a monitor
using a data acquisition software viz. SURP Measure.

3.2. Membrane module
The membrane module were supplied by NX Filtration B.V, Entschede. The mem-
brane specifications are provided in table 3.2. The dNF membranes were manufac-
tured using a “layer-by-layer” process where multiple nano-scale polycationic and
polyanionic layers are deposited on PES support. The terminal polyelectrolytic layer



3.3. Experimental Procedure 17

is negatively charged.

Table 3.2: Membrane module specifications

Parameter Value

Name dNF-40

Membrane material Modified PES

Module length 300 mm

Membrane surface charge Negative at pH 7

Fiber ID 0.7 mm

Operation Inside-Out, Cross flow mode

Est. Bacteria rejection >6 log

Maximum TMP 6 bar

Typical cross-flow 0.1-1.0 m/s

Operating pH range 1 to 14

Number of fibers in module 120

3.3. Experimental Procedure
Filtration experiments were carried out with different feed solutions. Before each ex-
periment, demineralized water was circulated through the system for 20-30 minutes
and a gravity drain was conducted to remove the water inside the system. After each
experiment, a forward flush (FF) with demineralized water was conducted for around
10 minutes at 1.5 times the filtration velocity. Forward flush was carried out as a
precautionary cleaning procedure and to avoid contamination of the feed for the next
experiment. After the system shut-down, the membrane was submerged in dem-
ineralized water to prevent the fibers from drying out. In most of the experiments,
the permeate was also recycled back to the feed tank to maintain constant feed con-
centration during the batch process. For the experiments to determine the effect of
system recovery ratio on the performance of the membrane, the permeate was first
collected in a separate container. Once the recovery ratio needed was achieved, the
permeate was recycled to the feed tank and the filtration was carried out for 2 hours
at the desired concentration factor.

Several samples of the feed and permeate were collected during the experiments.
During each experimental run, the permeate samples were collected every 30minutes
and feed samples were collected every 1 hour. The samples also serve to minimize
errors during analysis. The operating conditions used for the experiment are shown
in table 3.3 (unless otherwise mentioned).



18 3. Materials and Methods

Table 3.3: Operating conditions

Parameter Value Unit

Cross-flow velocity 0.25, 0.5, 0.6, 0.75 𝑚/𝑠
Feed volume 10 L, 20 L 𝐿
Permeate flux 20, 30 𝐿/(𝑚ኼℎ)
TMP 3.75 𝑏𝑎𝑟
Temperature 21 ∘𝐶
Nominal Pressure drop 0.2 𝑏𝑎𝑟

3.4. Membrane characterization
3.4.1. Membrane water permeability
The water permeability of the membrane was calculated using equation 2.10 and
trans-membrane pressure, Δ𝑃 was calculated using equation 3.2.

Δ𝑃 = 𝑃 +
𝑑𝑃፡፲፝፫
2 − 𝑃፩ (3.2)

where 𝑃 and 𝑃፩ are the pressures on the feed and permeate side respectively and
Δ𝑃፡፲፝፫ is the hydraulic pressure loss across the feed channel. For pure water as feed,
osmotic pressure is equal to zero. In order to determine the value of 𝐾፰, deminer-
alized water was used as feed water and was filtered in cross-flow mode at varying
TMPs at a constant temperature of 21∘𝐶. The constant cross flow of 0.6 m/s was
maintained during the tests. The ratio of the permeate flux to the TMP gives the pure
water permeability of the membrane. Due to the re-circulation of the concentrate to
the feed, the temperature of the water in the feed tank increased slightly. The change
in temperature affects the flow rate of the permeate. Hence, a temperature correction
factor(TCF) was used to calculate the equivalent flux at 21∘𝐶 [29].

𝐽፰,ኼኻ∘ፂ = 𝐽፰,ፓ ⋅ 𝑒ዅኺ.ኺኼኽዃ⋅(ፓዅኼኻ) (3.3)

where 𝐽፰,ፓ is the actual flux at temperature T and 𝐽፰,ኼኻ∘ፂ is the flux corrected for 21∘𝐶.

3.4.2. Molecular Weight Cut-Off
The pore size of nanofiltration membranes usually ranges from 0.5 to 1 nm. The pore
sizes and pore distributions are practically impossible to measure directly due to ex-
tremely small pore radii, Hence, the molecular weight cut off (MWCO) is often used as
a surrogate parameter to estimate the rejection capacity of the membrane. MWCO is
achieved at 90% rejection of various types of solutes with different molecular weights
[64]. Currently, there is no standard procedure available for the determination of
the MWCO of a membrane. However, a popular technique involves running multiple
membrane filtration tests using a feed solution containing a homologous series of
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Figure 3.2: Calibration curve from PEG retention test

neutrally charged organic solutes [65]. MWCO determination is in itself a compli-
cated procedure owing to the fact that its measurement is influenced by a variety of
intrinsic as well as operational factors. Hence, it may vary with the method used to
measure it. During this research, different molecular weights (100 Da — 1000 Da)
polyethylene glycols were used as the tracer solute for MWCO determination. A mix-
ture of PEGs (supplied by Sigma-Aldrich) with molecular weights of 200, 300, 400,
600 and 1000 Da in a concentration of 0.6 g/L each in deionized water was used
as feed solution for filtration. To prepare the mixed solute feed solution, 6 g of each
of the PEGs 200 to 1000 was weighed and mixed with 10 litres of ultrapure water
and constantly stirred for 24 hours. The experiment was conducted at two different
fluxes of 20 and 30 L m-2h-1 to observe if the flux had any effect on the MWCO mea-
surement of the membrane. Samples of the feed and permeate were collected every
half hour and stored in the refrigerator at 5∘C. The total time of each experiment was
2 hours.

Each sample was filtered using a 0.45µm filters and then analysed using high
performance liquid chromatography system (HPLC, Shimadzu Japan) with a size ex-
clusive chromatography column (SEC). The PEG molecules with different molecular
weights show different elution times when passing through the columns. Each elu-
tion time corresponds to a specific molecular weight of PEG. The strength of the
signal triggered by the PEG is proportional to the concentration of that PEG in the
samples. Signal obtained from the HPLC measurements were subtracted from the
baseline measurement to obtain the absolute intensities. Standard solutions of each
PEG (200 - 1000 Da) with a concentration 0.6 g/L were prepared and analysed using
HPLC to obtain the calibration curve. A calibration curve can be used to describe the
relationship between the elution time and MW of PEG.

The PEG retention can be calculated using the equation:

𝑅(%) = (1 −
𝐶።,፩፞፫፦፞ፚ፭፞
𝐶።,፟፞፞፝

) ∗ 100 (3.4)

where 𝐶።,፩፞፫፦፞ፚ፭፞ and 𝐶።,፩፞፫፦፞ፚ፭፞ are concentrations of PEG of molecular weight ’i’ in
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the permeate and feed respectively. The rejection of PEGs was plotted against the
molecular weights obtained from the calibration curve equation for the given time
interval. This curve is called the experimental retention curve. The point at which
90% rejection is achieved on the retention curve is the value of the MWCO for the
membrane. The rejection of PEGs was plotted against the molecular weights obtained
from the calibration curve equation for the given time interval. This curve is called
the experimental retention curve. The point at which 90% rejection is achieved on the
retention curve is the value of the MWCO for the membrane. The retention curve can
also be modelled by assuming a log normal distribution of pores given in equation
3.5 [29, 66].

𝜎(𝑀𝑊) = ∫
ፌፖ

ኺ

1
𝑠ፌፖ√2𝜋

⋅ 1
𝑀𝑊 ⋅ 𝑒𝑥𝑝(−𝑙𝑛(𝑀𝑊) − 𝑙𝑛(𝑀𝑊𝐶𝑂) + 0.56𝑠ፌፖ2𝑠ፌፖ

)𝑑𝑀𝑊 (3.5)

where 𝜎(𝑀𝑊) is the reflection coefficient of PEG of molecular weight MW and 𝑠ፌ𝑊 is
the standard deviation of the molecular weight distribution. Shang et.al. suggested
an empirical relation between the MWCO and the pore size of the membrane.

𝑑፬ = 0.065 ⋅ (𝑀𝑊)ኺ.ኾኽ዁ (3.6)

Further empirical relationships between membrane pore size and solute Stokes ra-
dius was suggested by Singh et.al. and Bowen and Mohammed[67, 68].

𝑙𝑜𝑔(𝑟፬) = −1.3363 + 0.395𝑙𝑜𝑔(𝑀𝑊) (3.7)

𝑑፬ = 0.1 ⋅ (0.1673(𝑀𝑊))ኺ.኿኿዁ (3.8)

3.5. Concentration Polarization
The Concentration Polarization Factor (CPF) can be defined as a ratio of salt con-
centration at the membrane surface (𝐶፦) to bulk concentration (𝐶፟). To measure
concentration polarization in the membrane, 12 g/L 𝑀𝑔𝑆𝑂ኾ.7𝐻ኼ0 was used as feed
solution. The temperature of the feed tank was kept constant at 21∘𝐶. The osmotic
pressure difference, ∆π is the difference between the osmotic pressure at the mem-
brane wall (𝜋፦) and the permeate (𝜋፩) [53].

Δ𝜋 = 𝑅𝑇(𝐶፦ − 𝐶፩) = 𝜋፦ − 𝜋፩ (3.9)

The concentrations of salt in the feed and permeate were measured in terms of the
electrical conductivity of the solutions. Concentration and EC of 𝑀𝑔𝑆𝑂ኾ.7𝐻ኼ𝑂 follow
almost a linear relationship [53]. The new permeate flux can be obtained bymodifying
Equation 2.10

𝐽 = 𝐾፰
𝜇 ⋅ (Δ𝑃 − 𝜋፦ + 𝜋፩) (3.10)

The concentration polarization factor, 𝛽 was calculated using equation 3.11

𝛽 = 𝑙𝑛(𝜋፦𝜋፟
) (3.11)

The concentration polarization factor of the membrane was measured at cross-flow
velocities of 0.25 m/s and 0.5 m/s and at fluxes of 20 Lm-2h-1 and 30 Lm-2h-1. An
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increase in permeate flux increases the rate at which the ions reach the membrane
surface and increases CP [69]. An increase of cross flow increases turbulence and
reduces the thickness of the concentration layer near the membrane surface.

3.6. Filtration Experiments
Membrane filtration experiments were carried out with single salt solutions, surface
water from Delft Schie and the Biesbosch lake as well as individual model foulants
viz. sodium alginate, humic acids and bovine serum albumin. The filtration tests aim
to answer the aforementioned research questions. A description of the test conditions
and the feed water is provided in the following section.

3.6.1. Single salt solutions
Filtration experiments with single salt solutions containing𝑀𝑔𝐶𝑙ኼ,𝑀𝑔𝑆𝑂ኾ.7𝐻ኼ0, 𝑁𝑎ኼ𝑆𝑂ኾ
and 𝑁𝑎𝐶𝑙 in order to determine the rejection characteristics and rejection mecha-
nisms of the membrane. The experiment was conducted at two different fluxes. The
concentration of the salt used was 0.05 M. The rejection was determined by measur-
ing the EC of the feed and the permeate.

𝑅(%) = (1 −
𝐸𝐶፩፞፫፦
𝐸𝐶፟፞፞፝

) ∗ 100 (3.12)

3.6.2. Surface water
Two types of surface water were used for the experiments viz. Delft Schie Water and
Biesbosch reservoir water. The Biesbosch water was supplied by Evides B.V. Filtra-
tion tests were conducted and samples of the feed and permeate were collected every
half hour while the Schie water was collected from the pipeline at the Water Lab in
TU Delft. The average quality of the two surface waters is shown in table 3.4. The
Biesbosch reservoir water has much lower hardness and TOC content than the Delft
Schie Water. The Delft Schie also has higher ionic strength. The pH of the two waters
are almost the same.

Table 3.4: Average surface water quality of the two surface water sources

Parameter Delft Schie Water Biesbosch
Water

pH 7.6 7.2

Conductivity (𝜇𝑆/𝑐𝑚) 704 415

Calcium (𝑚𝑚𝑜𝑙/𝐿) 1.8 1.1

Sodium (𝑚𝑚𝑜𝑙/𝐿) 1.5 1.5

TOC(𝑚𝑔/𝐿) 10.5 4

The flux of the permeate was monitored using a data logger for the entire length of
the experiments. The ionic composition of the feed and permeate water samples were
determined using ion chromatography (Metrohm 883 system, Metrohm, Switzerland).
Prior to these analyses the samples were filtered through 0.45 μm filters (Whatman,



22 3. Materials and Methods

Table 3.5: Summary of test conditions and operating parameters used during surface water filtration

Exp
No.

Water Type Flux
(Lm-2h-1)

CF Cross-flow
velocity
(m/s)

Average
tempera-
ture (∘C)

pH

1 Delft Schie Water 20 1 0.6 21.3 7.6

2 Delft Schie Water 30 1 0.6 21.3 7.6

3 Delft Schie Water 20 1 0.75 21.3 7.5

4 Delft Schie Water 20 1 1.0 21.3 7.6

5 Biesbosch Water 20 1 0.6 21.3 7.2

6 Biesbosch Water 20 1.25 0.6 21.3 7.2

7 Biesbosch Water 20 2 0.6 21.3 7.2

8 Biesbosch Water 20 5 0.6 21.3 7.2

Germany). An anion column was used with 3.2 mM 𝑁𝑎ኼ𝐶𝑂ኽ and 1 mM 𝑁𝑎𝐻𝐶𝑂ኽ as
eluent for anions. For the cations, a cation column with 3 mM 𝐻𝑁𝑂ኽ eluent was used.
150 mM 𝐻ኽ𝑃𝑂ኾ was used as regenerent solution for the column. NOM concentration
of the feed and permeate were determined in terms of the total organic carbon (TOC)
using a TOC analyser (Shimadzu). It uses the combustion catalytic oxidation and
NDIR Method. Table 3.5 summarizes the test conditions and operational parameters
used in the experiments.

3.6.3. Model foulant solutions
In order to achieve a better understanding of the fouling phenomena, three types of
model compounds (representing different fractions of NOM) were used in this study
viz. Sodium Alginate (Sigma-Aldrich), Humic Acid (Vitens) and Bovine Serum Albu-
min (Sigma-Aldrich).

Sodium Alginate
Sodium alginate is produced from brown algae. It is a linear, hydrophilic polyuronic
acid composed primarily of anhydro-β-D-mannuronic acid residues. Alginate has
been used as model polysaccharide in several studies [70–72]. Alginate mimics the
behaviour of extracellular polymeric substances which are commonly found in natu-
ral waters and are known to cause severe fouling in membrane. Based on the man-
ufacturer, the molecular weight of the alginate ranges from 12 to 80 kDa. Sodium
alginate is negatively charged at neutral pH.

Calcium ions are known to bind selectively to the gluronic acid residues in the
alginate molecules leading to cross-linking of alginate molecules. This cross-linking
promotes the formation of a gel-like aggregates. The presence of divalent ions alters
the zeta potential of the alginate solution. In addition, presence of divalent cations
such as calcium ions also cause bridging between the membrane surface and organic
molecules which promotes fouling [6]. This can be explained by the DLVO theory.
The divalent cations causes a charge screening effect between the negatively charged
membrane and the negatively charged alginate molecules thus making it easier from
the alginate to be deposited via the Ca2+ bridge. Additionally, the Ca2+ also bridges
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the existing alginate fouling layer with the new fouling layer. Jamaal et.al reported
that the measurement of the zeta potential of the 1 g/L alginate was reduced from
−70.3 mV to −46 mV when 𝐶𝑎ኼዄ concentration added increased from 0 to 222.5 mg/L
[73].

Hence, the fouling effect of sodium alginate solution was tested at concentrations
of 100 mg/L and 200 mg/L and Ca2+ concentrations of 3 mM and 5 mM. 5mM of
sodium chloride was added to increase the ionic strength of the alginate solution.
Sodium bicarbonate was also added as buffer to maintain the pH of the solution at
7± 0.2. Although sodium ions do not have a chelating (bridging) effect on the NOM,
it still influences fouling by suppressing the electrical double layer of the alginate
molecules [74]. It is unlikely to observe such high concentrations of polysaccharide
NOM fraction in natural waters but these concentrations were chosen to observe ac-
celerated fouling in the membrane. Van de Ven et.al. used a concentration of 50 mg/l
SA in their study to get sufficient fouling [75]. Another important factor that plays a
role in the fouling of the membrane is the solution pH. At lower pH, the functional
groups on the membrane become protonated which increases the zeta potential (zeta
potential becomes less negative). The carboxylic groups of the NOM are protonated at
low pH. The feed composition used for the alginate experiments are shown in table 3.6

Table 3.6: Feed composition for alginate tests

Name Foulant
concen-
tration
(mg/L)

pH Ionic composition

Sodium Alginate 1 100 7.2 3mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙 + 2mM 𝑁𝑎𝐻𝐶𝑂ኽ

Sodium Alginate 2 200 7.2 3mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙 + 2mM 𝑁𝑎𝐻𝐶𝑂ኽ

Sodium Alginate 3 100 7.2 5mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙 + 2mM 𝑁𝑎𝐻𝐶𝑂ኽ

Sodium Alginate 4 100 4.0 3mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙

Humic acid
Humic acid (HA), comprising a group of heterogeneous recalcitrant polymeric organ-
ics, is abundant in natural waters [76]. In general, NOM components, such as humic
substances, are negatively charged in the normal pH range due to the dissociation of
carboxylic (and phenolic) functional groups [45]. Unlike alginate molecules, humic
acids are highly hydrophobic [77]. A 100 g/L solution of Humic Acid which was ex-
tracted from a drinking water treatment plant supplied by Vitens was used as stock
solution to prepare Humic Acid solutions of 10 mg/L. Ca2+ concentrations of 1mM
and 3 mM were tested.
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Table 3.7: Feed composition for humic acid and BSA tests

Name Foulant
concen-
tration
(mg/L)

pH Ionic composition

Humic Acid 1 10 7.2 1mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙 + 1mM 𝑁𝑎𝐻𝐶𝑂ኽ

Humic Acid 2 10 7.2 3mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙 + 1mM 𝑁𝑎𝐻𝐶𝑂ኽ

Humic Acid 3 20 7.2 3mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙 + 1mM 𝑁𝑎𝐻𝐶𝑂ኽ

Bovine Serum Albumin 20 7.1 3mM 𝐶𝑎𝐶𝑙ኼ.2𝐻ኼ0 + 5mM
𝑁𝑎𝐶𝑙 + 1mM 𝑁𝑎𝐻𝐶𝑂ኽ

Bovine Serum Albumin
BSA consists of a single polypeptide chain, containing around 583 amino acid residues
and no carbohydrates. The molecular weight of BSA is around 66 kDa. BSA is nega-
tively charged at neutral pH. The iso-electric point of BSA is 4.7. BSA can cross-link
with 𝐶𝑎ኼዄ via its free thiol-groups [74, 78]. BSA has been used as a model com-
pound to represent protein fouling in membranes, especially in wastewater (munici-
pal wastewater and sewage) treatment[79]. 20 mg/L of BSA was used as feed solution
along with 3mM Ca and 3 mM Na.
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Results and Discussion

4.1. Permeability test
Figure 4.1 shows the result of the permeability test conducted on the pristine mem-
brane at a temperature of 21∘C. The pure water permeability of the membrane was
found to be 1.6667×10ዅኻኾ m which is equivalent to a MTC of 6 L m-2 h-1 bar-1. Dia-
mantidou measured the pure water permeabilities of spiral wound membranes with
similar pore sizes and under similar test conditions [30]. A comparison of the results
shows that pure water permeability of the dNF-40 membrane is 9% lower than that
of the Synder NFW (242 Da) spiral wound membranes and 160% lower than the Dow
NF270 membrane. The lower water permeability of the dNF-40 is due to the incor-
poration of the polyelectrolyte multilayers which causes a decrease in the pore size
of the membrane and increases the tortousity.
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Figure 4.1: Permeate flux at different TMPs

4.2. Molecular Weight Cut-off
The measured MWCO of the dNF-40 membrane was found to be between 185 and
200 Da. The PEG Stokes radius calculated from equation 3.6 is 0.658 nm. Figure

25
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4.2 shows the plot of MW of the PEG molecules to the rejection ratio of the mem-
brane. This plot is known as the retention curve. The MWCO of the membrane is
the point at which 90% rejection or rejection ratio of 0.9 is obtained in the rejection
curve.This is shown by the red point in figure 4.2. Membrane MWCO modeling was
also conducted by assuming log-normal distribution of the pores in the membrane
as discussed. The real rejection of PEG molecules by the membrane reasonably fits
the log normal distribution curve. The MWCO measurement of the membrane re-
duces slightly as the permeate flux increases. The MWCO measured at 20 L m-2 h-1
is 10% higher than the MWCO at 30 L m-2 h-1. Similar results were also obtained in
a previous research conducted with spiral would NF270 membranes [80].
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Figure 4.2: MWCO measurement of the dNF-40 membrane.A) 20 L m-2h-1 B) 30 L m-2h-1

For uncharged solutes such as PEG, solute transport can be best described by Spiegler-
Kedem equation shown in equation 4.1 [81]. It mainly describes the transport as a
sum of diffusive and convective flux. The convective flux, 𝐽፯ is a pressure-dependent
term while the diffusive term is independent of pressure. At higher TMP, the con-
vection flux of the liquid is higher causing lower concentration of the solute in the
permeate. Hence, the MWCO measurement of the membrane is slightly lower at
higher flux.

𝐽፬ = −𝑃፬Δ𝑥
𝑑𝑐
𝑑𝑥 + (1 − 𝜎)𝐽፯𝑐 (4.1)

where Ps is the solute permeability and 𝜎 is the reflection coefficient of the solute.
MWCO measurement is also influenced by operational parameters, feed composi-
tion and choice of tracers. This could explain the significant discrepancy between
the measured values and the values provided by the manufacturer (400 Da). Us-
ing a mixture of PEGs as feed solution tends to underestimate the MWCO as larger
molecules can block the permeation of smaller PEG molecules which is translated
into a low MWCO [29].
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Table 4.1: Calculated (Sherwood) and measured values of CP factor

Cross flow velocity 0.25 m/s 0.5 m/s

TMP (bar) Flux (Lm-2h-1) Calculated Measured Calculated Measured

3 6.46 1.13 1.21 1.11 1.16

5 15.11 1.36 1.62 1.31 1.48

4.3. Concentration polarization
Using the physical parameters of the membrane, the CP factor can be calculated us-
ing the Sherwood model with empirical constants. Table 4.1 shows the comparison
between theoretical and calculated values of concentration polarization factor dur-
ing the concentration polarization test. A comparison of CP factor calculated using
Sherwood model and measured during experiments shows that the Sherwood model
underestimates the concentration polarization effect in the dNF-40 membranes. At
TMP of 3 bar, the Sherwood model shows a low deviation of 5%. At TMP of 5 bar,
the error in the prediction increases to 19%. The difference between measured and
calculated values is lower at high cross-flow velocities. A possible reason for this is
the value of the diffusion coefficient chosen for calculation was higher than the real
diffusion of the salt ions [82]. The performance of the membrane is limited in terms
of the permeate flux. The risk of concentration polarization limits the permeate flux.
For instance, at a flux of 30 L m2h-1, the CPF is between 1.7 and 2.4 depending on
the cross flow which means that the concentration of the solute at the membrane
surface is almost twice as much as the feed concentration. If the salt concentration
at the membrane surface exceeds saturation index, scaling will occur. To avoid CP
at high fluxes, a very high cross flow velocity is required which entails significant
energy costs and leads to increased hydraulic pressure losses across the membrane.
Labban et.al. reported concentration polarization factors of 1.5 at 3 bar and upto
2.4 at 5 bar in the LbL1.5C hollow fiber nanofiltration membrane [17]. Figure 4.3
shows the estimated concentration polarization factors for the PEG filtration tests
calculated using the Sherwood model for the dNF-40 membrane.
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Figure 4.3: Concentration polarization factor as a function of cross-flow velocity

4.4. Salt rejection
The rejection plot for salt solutions containing single salts are shown in figure 4.4.
The rejection of MgSO4 is around 96% and Na2SO4 is 90%. The rejection of NaCl is
10% and MgCl2 is 60%. The rejection of the membrane is thus primarily governed by
the divalent anions such as sulphate due to the negatively charged terminal polyelec-
trolyte layer. This can be seen by comparing the rejection of Na2SO4 and NaCl. The
rejection of SO4

2- causes the Na+ to also be rejected due to maintain electroneutrality
of the solution. A comparison between single salt rejections by different nanofiltra-
tion membranes is shown in table 4.2. The MgCl2 rejection by the dNF-40 is 30%
higher than the NF270 membrane. This suggests that the positively charged multi-
layers increase the rejection of positively charged ions such as Mg2+. In the study
conducted by Liu et.al., the LBL2C membrane with a positively charged terminal
layer at neutral pH, showed an MgCl2 retention of 98% [21]. Thus, the layer-by-layer
structure provides selective rejection of charged solutes which is one of the major
advantages of these membranes.

Table 4.2: Salt rejections of various NF membranes

Membrane MgSO4(%) Na2SO4(%) NaCl(%) MgCl2(%) Reference

dNF-40 96.2 90 9.8 59.4 current study

LBL2C 93.0 15.0 58.6 98.1 [21]

NF-270 96.3 98.1 37.1 42.9 [21]
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Figure 4.4: Salt rejection by dNF-40 membrane (20 Lm-2h-1)

4.5. Surface water filtration
The aim of the section was to assess the performance of this membrane in treating
two kinds of surface waters in The Netherlands. The performance of the membrane
can be judged on the basis of two parameters viz. rejection and fouling.

4.5.1. Delft Schie Water
Figures 4.5 and 4.6 shows the rejection of ions by the dNF-40 membrane at three
cross-flow velocities (0.6 m/s, 0.75 m/s, 1 m/s) and two permeate fluxes (20 L m-2h-1
and 30 Lm-2h-1). The error bars indicate the standard deviation of the measurements
from the mean. Rejection of sulphate was almost 100% which is similar to results
obtained from the single-salt rejection tests. The rejection of Ca2+ was 68% and
Mg2+ was 86%. The monovalent cations are poorly rejected due to the Donnan effect,
low solvation energy and smaller radius of hydration. The rejection of monovalent
anions is higher than the rejection of monovalent cations. This can be explained by
the negative surface charge of the dNF-40 membrane.
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Figure 4.6: Influence of permeate flux on rejection of ions in Delft Schie
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Increasing the flux increases the rejection of the monovalent cations. Rejection of Na+
and K+ at 30 L m-2 h-1 is almost double the rejection at 20 L m-2 h-1. This is because
the increased flux causes more volume of permeate passing through the membrane
and consequently, the concentration of monovalent ions in the permeate decreases.
The rejection of Ca2+ and Mg2+ decreases from 85 to 80% and 72 to 62% respectively.
The decrease in the rejection of divalent cations at higher fluxes can be explained by
conditions of electro-neutrality as well as concentration polarization. At high fluxes,
the CP factor is higher. The boundary layer at the interface is thicker at higher fluxes
causing the salt to permeate through the membrane. A similar effect is observed by
increasing the cross-flow velocity. This seems counter-intuitive since a higher cross-
flow velocity decreases the thickness of the CP boundary layer. However, as shown
in figure 4.3, the difference in the CP between cross-flow velocities 0.6 m/s and 1
m/s is not significant. The CP factor at 0.6 m/s is 1.6 and that at 1 m/s is 1.68.
The increase in the rejection of the monovalent cations is due to the increase in the
shear velocity of the flowing feed water through the lumen.

Figure 4.7 shows flux measured as function of time during the filtration of the
Delft Schie Water. Before the test, demineralized water was circulated through the
membrane and the mass transfer coefficient (MTC) was found to be around 5.83 L
m-2 h-1 bar-1. This was followed by filtration of the Delft Schie Water. The MTC
during this phase dropped to around 5.33 L m-2 h-1 bar-1. This is because of the
osmotic pressure created by the solutes present in surface water. Over a period of
6 hours, no fouling was observed as the permeability remained constant. After the
end of the 6-hour cycle, a demineralized water flush was conducted to flush out the
surface water from system. The MTC of demimineralized water was measured again.
The MTC rises due to the alleviation of osmotic pressure. The average MTC after
filtration was 5.78 L m-2 h-1 bar-1.
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Figure 4.7: Mass transfer coefficient measurement during Schie water filtration: Vf= 0.5 m/s, J= 20 L m-2h-1

4.5.2. Biesbosch reservoir water
The rejection and the concentration of Ca2+ is shown in figure 4.8. The calcium re-
jection remained close to 50% at recoveries of 20% and 50% i.e. a CF of 1.25 and
2 respectively. At a recovery of 80% (CF=5), the rejection increased to around 60%.
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However, it is also important to assess the performance of the membrane in terms
of the concentration of Ca2+ in the permeate since the efficiency of the treatment de-
pends on the permeate water quality and the application of the treated water. The
concentration of Ca2+ in the feed at 80% recovery was 126 mg/L (3.15 mmol/L) and
the concentration of Ca in the permeate was around 50 mg/L (1.25 mmol/L). In or-
der to increase water recovery, several membrane elements can be placed one after
the other in series until the required recovery ratio is achieved. In such cases, the
permeate from each element is collected together to obtain a single permeate per-
meate stream. In this experiment, the mixed permeate roughly simulates the final
permeate collected from all membrane elements at 80% recovery. In this case, the
rejection is defined in terms of the mixed permeate. Samples of the mixed permeate
collected during the experiments were also analysed. The mixed permeate contained
36 mg/L of Ca2+ which signifies a rejection of 20% with respect to the initial feed
concentration. Figure 4.10 shows the influence of recovery on NOM rejection of the
membrane. The rejection of NOM was unaffected by increase in recovery with re-
spect to the initial feed concentration. A rejection of 80% was observed. Hence, the
negatively charged surface plays an important role of rejecting negatively charged so-
lutes at higher recoveries. This can also be observed in the SO4

2- rejections at 80%
recovery. The SO4

2- rejection of 75% was observed at 80% recovery.
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Figure 4.8: Concentration of Ca2+ in the permeate with at different recoveries. Pmix represents the mixed
permeate
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Figure 4.9: Ca2+ rejection with increasing recovery with respect to concentration in the feed tank
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Figure 4.10: NOM rejection with increasing recovery with respect to concentration in the feed tank

A higher rejection of Ca2+ was observed in the Schie water than in the Biesbosch
water. One possible reason for this observation could be that divalent ions such as
Ca2+ tend to form complexes with NOM by binding with the acidic functional groups
of NOM (such as carboxylic group) in the surface water which increases the size of
the molecule [83]. However, the requirement for electroneutrality of the feed and
permeate could have also played a role in the higher rejection of Ca2+ in the Schie
Water.
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Figure 4.11: Concentration of ions and NOM in the feed and mixed permeate

4.6. Model foulant solutions
4.6.1. Sodium alginate
Figure 4.12 and 4.13 shows the flux recorded as a function of time during exper-
iments with 100 mg/L and 200 mg/L of sodium alginate. The Ca2+ concentration
was kept constant at 3 mM in both experiments. At the beginning of the experiment,
demineralized water was circulated through the system and the MTC was measured.
After 30 minutes, the demineralized water was replaced with sodium alginate solu-
tion. The flux was continuously recorded by the flow meter.
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Figure 4.12: MTC measurement during sodium alginate filtration. SA=100 mg/L, Ca2+=3mM

The MTC drops by around 0.2 L m-2h-1 bar-1 due to osmotic pressure exerted by
the solutes in the feed solution. Following the initial drop, a slow MTC decline over
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Figure 4.13: MTC measurement during sodium alginate filtration. SA=200 mg/L, Ca2+=3mM

time is observed over time. The MTC decline during a 4-hour filtration cycle is more
severe when the alginate concentration is higher. The Ca2+ ions interact with the
alginate to form a gel-layer which gradually covers the membrane surface. A gradual
flux decline is due to the formation of an alginate gel layer on the surface of the
membrane surface.

Some studies conducted in the past show that addition of calcium increases the
irreversibility of the fouling [73, 84]. Irreversible fouling was caused during the tests
with 200 mg/L. The pure water permeability dropped to 5.4 Lm-2h-1bar-1 and could
not be restored by hydraulic flushing. Another phenomenon which was observed
during the course of the experiment was the rapid rise in the differential pressure
across the membrane. This was observed in all experiments with sodium alginate
albeit at different rates. During the first 60 minutes, the dP increased by 125%. The
possible reason for this could be blocking of the fibers by the alginate aggregates. This
does not affect the flux since the incoming feed takes a low resistance along other
fibers in the module at higher velocities. Another way of confirming the capillary
(fibre) blocking is by measuring the forward flush pressure. During forward flushing
of an unblocked membrane, no permeate is produced i.e. water does not pass across
the membrane. This indicates that no pressure is applied across the membrane.
However, when some percentage of the fibers are blocked, the feed-side pressure
is higher than 0 bar. The forward flush pressure after a filtration cycle with 200
mg/L was 0.25 bar. In a previous study conducted by Heijman et.al. it was shown
that during filtration of iron(III) hydroxide flocs, ultrafiltration capillaries were being
blocked on both sides [85]. The forward flush pressure could not be removed by
hydraulic flushing even at twice the filtration velocity.

Fiber blocking can occur either on the feed side or the concentrate side. Figure
4.14 shows the fiber blocking mechanism. Feed water containing the alginate aggre-
gates enter the fibers on the feed side. The alginate molecules initially block the feed-
side opening. Hydraulic flushing pushes the aggregates towards the concentrate-side
opening. Fibers blocked on the capillary side cannot usually be cleaned by hydraulic
flushing. Chemically Enhanced Forward Flush (CEFF) was conducted with 200 ppm
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Figure 4.14: Fiber(capillary) blocking mechanism[85]

of sodium hypochlorite solution. The pH of the solution was adjusted to 11.5 using
NaOH. The cleaning solution was circulated through the system for 1 hour without
the production of permeate. Chemical cleaning was NaOCl was very effective in clear-
ing out the alginate aggregates which blocked the capillaries. Chemical cleaning was
able to restore the dP to 0.2 bar. The MTC measured after the cleaning was 5.83 L
m2h-1 bar-1 which is almost equal to that of the pristine membrane.

Figure 4.15 shows the effect of Ca2+ concentration on membrane fouling. Increas-
ing the Ca2+ from 3 mM to 4 mM did not have a marked effect on the MTC decline.
This result was contrary to some previous studies conducted by on alginate fouling
by Jamaal et.al which showed that increasing the calcium concentration from 1.265
mM to 2.4 mM had as significant effect on the fouling of UF membranes. This could
be explained by the fact that by increasing the calcium concentration, the chelating
capacity is higher which causes the size of the Ca-SA aggregates to increase thus
creating a porous fouling layer. The fouling layer has several pores and gaps which
allow the water to pass through relatively easily.

0 60 120 180 240 300
2

4

6

8

Time (min)

M
T

C
(L

/(
m

2
.h

.b
a

r)

Demi
water

CEFF

Demi
water Sodium Alginate

Figure 4.15: MTC measurement during sodium alginate filtration. SA=100 mg/L, Ca2+=4 mM

The pH of alginate solution was changed to 4.1 to investigate the fouling properties
of the membrane at low pH. The pH was adjusted using HCl. The MTC plotted as
a function of time is shown in figure 4.16. The initial drop in MTC is quite severe
compared to the alginate solution at pH 7 which suggests that at lower pH, the driv-
ing force for filtration decreases due to increase in membrane resistance. The MTC
drops gradually over the period 4 hours. The MTC decline over 4 hours is around
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14% which is significantly higher than that at pH 7 (7%). At lower pH, the zeta poten-
tial of the alginate becomes less negative which decreases the electrostatic repulsion
between the membrane surface and the alginate molecules. However, the zeta po-
tential of the alginate solution is still negative at pH 4.1 which explains why severe
fouling is not observed [86]. The nature of the polyelectrolytes layers on the mem-
brane surface also play a role in determining the severity of fouling at low pH. Strong
acid functional groups such as sulfonate groups do not protonate at low pH. In con-
trast, weak acid functional groups such as carboxylic groups on the foulant molecule
readily protonate at low pH causing the zeta potential to become more positive.
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Figure 4.16: MTC measurement during sodium alginate filtration. SA=100 mg/L, Ca2+=3 mM, pH=4.0

4.6.2. Humic Acid
The MTC measured as a function of time for humic acid concentrations of 10 and 20
mg/L is shown in figures 4.17 and 4.18. No flux decline was observed during humic
acid filtration. The permeability remained constant throughout the duration of the
tests.

Increasing the concentration of Ca2+ from 1mM to 3mM had no significant effect
on the fouling rate. Lee and Elimelich reported that alginate (hydrophilic) fouling
is much more severe than humic acid (hydrophobic) fouling because the gelation
of charged macromolecules by intermolecular bridging is much more significant in
alginate than in humic acid [87]. The results from the HA experiments also explain
the results of the fouling experiments conducted with Delft Schie Water. Figure 4.20
shows an average LC-OCD analysis of the raw Delft Schie water. Humic substances
have the highest fractional concentration in the Delft Schie, four times the amount
of low MW acids. NOM in surface water is a mixture of polysaccharides and proteins
(biopolymers), humic substances and low molecular weight neutrals and acids. In
this experiment, humic acid was used as a surrogate for humic substances whereas
alginate and BSA was used as surrogate for biopolymers. Although, biopolymers
might exhibit similar fouling mechanisms, its quantity in surface water is quite low
compared to humic substances. This suggests that their influence is overridden by
humics which do not tend to foul this membrane under regular operating conditions.
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Figure 4.17: MTC measurement during humic acid filtration. HA=10 mg/L, Ca2+=1 mM
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Figure 4.18: MTC measurement during humic acid filtration. HA=20 mg/L, Ca2+=3 mM
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Figure 4.19: MTC measurement during humic acid filtration. HA=10 mg/L, Ca2+=3 mM

Figure 4.20: LC-OCD chromatogram of Delft Schie [88]
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4.6.3. Bovine serum albumin
Membrane fouling was not observed with 20 mg/L BSA solution.The zeta potential of
BSA is highly negative due to which it is strongly repelled by the membrane surface.
The MTC measurement is shown in figure 4.21. He et.al. measured the flux decline
in hollow fiber NF membranes using 1 g/L BSA solution and reported a flux decline
of 20% over a period of 3 hours [89]. This suggests that protein fouling occurs only
at higher concentrations which are not found in surface water. Another possible
reason for no observed fouling during the filtration of model foulant solutions is the
low surface roughness. The deposition of polyelectroyte layers on the PES UF surface
causes the surface to become smoother. A rougher membrane surface provides a
larger surface area for the deposition of foulant molecules. Additionally, on a smooth
surface, all the foulant molecules are subject to hydraulic shear forces in the feed
channel [90]. On a rougher surface, the foulant particles trapped within the valleys
are not subject to shear forces making it likely to cause fouling.

Figure 4.21: MTC measurement during humic acid filtration. BSA=20 mg/L, Ca2+=3 mM
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Conclusions and Recommendations

5.1. Conclusions
The effectiveness of the hollow fiber membrane, dNF-40 for direct nanofiltration of
surface waters was determined during the study. The aim of study was to investigate
the performance of the dNF-40 membrane for the direct treatment of surface water
in terms of the solute rejection, fouling tendency and concentration polarization.

The rejection of Ca2+ was between 60-75% in Schie Water and between 50-60%
in the Biesbosch water. Donnan effect is the most important rejection mechanism
during filtration of surface waters. NOM present in water was well and stably rejected
with final NOM concentration of less than 1 mg/L in the permeate. The rejection of
NOM was around 85-90% for both surface waters.

Increasing the cross-flow velocity and the permeate flux improved the rejection of
monovalent cations but decreased the rejection of Ca2+ and Mg2+. On the other hand,
the rejection of NOM was practically unaffected by changes in operational parame-
ters. The mixed permeate at 80% recovery contained 36 mg/L of Ca2+. The rejection
properties of the dNF-40 membrane can be beneficial for treatment of surface wa-
ter for certain applications where complete removal of hardness is not desired such
as drinking water treatment. Fouling experiments were conducted with three model
foulants including alginate, humic acids and BSA. No flux decline was observed dur-
ing the experiments conducted with surface water. The strongly negative terminal
polyelectrolyte layer repels negatively charged foulant molecules and prevents foul-
ing. Permeability decline of 25-30% was observed with highly concentrated alginate
solutions. However, it should be kept in mind that the concentrations of alginate
used during the experiments were high in order to observe quicker fouling of the
membranes and waters with such high concentrations of polysaccharide NOM frac-
tion are unlikely to occur naturally. Municipal wastewater or sewage have higher
concentrations of polysaccharides. The calcium in the feed water was seen to form
gel-aggregates with alginate which resulted in irreversible fiber blocking. The hy-
draulic pressure loss was doubled in the first hour of the filtration tests. Hydraulic
flushing failed to remove the alginate aggregates from the blocked fibers. Chemical
cleaning with 200 ppm solution of sodium hypochlorite was conducted to alleviate
fiber blocking. Other model foulants viz. humic acids and bovine serum albumin
showed no membrane fouling due to their negative zeta potentials.

The limitation of this structure lies in the low permeate flux of the membrane.
The membrane was observed to be vulnerable to concentration polarization at high

41
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fluxes. The flow through hollow fibers was laminar even at very high cross-flows due
to the narrow flow channel diameter. The influence of cross-flow velocity was higher
at higher fluxes. The results indicated that high cross-flow velocity was required
to minimize concentration polarization at high fluxes. However, a pressure drop
of 0.4 bar was observed at a cross-flow velocity of 1 m/s. Although this may not
be a problem for the laboratory scale membrane, the full-scale membrane module
of length 1.5 metres will have a pressure drop of approximately 2 bar. Hence the
application of the membrane is limited to feed waters with osmotic pressure low
enough to avoid concentration polarization.

5.2. Recommendations
The results presented in this thesis demonstrate that the dNF-40 hollow fiber mem-
brane with the LbL structure can treat surface water without pre-treatment. These
membranes are ideal for drinking water treatment owing to the partial removal of
hardness and complete removal of organic matter. On the basis of the conclusions,
some recommendations for future research can be provided:

1. The electrical properties of the membranes were not measured during this re-
search. Measuring the properties such as the zeta potential, surface charge
density and thickness will help to provide a better understanding of rejection
and fouling properties of the membrane and under which conditions, the mem-
brane performs most efficiently.

2. The membrane should be tested for different kind of feed waters such as mu-
nicipal wastewater and wastewater treatment plant effluents. Since the dNF-40
is shown to demonstrate fouling-resistant properties, treatment of wastewater
with high organic matter content should be studied. Also, model foulants so-
lutions such as alginates, humic acid and others should be investigated under
different operating conditions and feed composition. Some studies have shown
that adding protein to alginate solution increased the severity of fouling [73].
A similar membrane with positively charged terminal layer can be tested on
waters with high concentration of heavy metals such as acid mine drainage.

3. Hydraulic forward flush and chemically enhanced forward flushing were used
for membrane cleaning during this research. Hydraulic backwash as a foul-
ing control measure can be adopted. The effect of the backwash water quality
on cleaning efficiency is an interesting research. Some research has been pre-
viously conducted under the DEMIFLUSH project on capillary UF membranes
[74].

4. A cost analysis can be conducted to determine under which conditions, it is
beneficial to use dNF-40 membranes over spiral wound membranes. Hollow
fiber membranes require a much larger cross-flow velocity to avoid concen-
tration polarization which consumes high amount of energy. However, spiral
wound membranes require pre-treatment of feed water and have a larger over-
all footprint. A cost analysis can be crucial in determining the best application
of hollow fiber membranes

5. The dNF-40 membrane is can remove 50-70% of scale-forming ions such as
Ca2+ and SO4

2-. If further purification of water is desired (for instance, for the
production of process or ultrapure water), it can be used as a first pass in a
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double pass reverse osmosis. Using the low pressure dNF-40 membrane as a
first pass could potentially reduce energy costs compared to an RO membrane.
Additionally, the removal of salt ions such as Ca2+, Mg2+ and SO4

2- will sig-
nificantly reduce the scaling potential of the water enetering the second pass
membrane. This would also reduce the need of chemicals such as antiscalants.

6. Over the last decade, the concentrations of organic micro-pollutants especially
pharmaceutically active compounds and endocrine disrupting compounds such
as diclofenac, carbamezapine and diuron have risen to unacceptable levels in
natural waters. These micropollutants are notoriously difficult to remove due
to their small size, varying charge properties and extremely strict quality stan-
dards. Hollow fiber Nanofiltration can be a potentially feasible option owing to
its small MWCO and ability to reject charged compounds.
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A
MTC Measurement of Biesbosch water

Figure A.1: Mass transfer coefficient measurement during Biesbosch water filtration: CFV= 0.5 m/s
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Rejection of ions present in Biesbosch

water
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Figure B.1: Rejection of ions in Biesbosch water with respect to A) inital feed concentration and B) actual
concentration of ion in the feed tank
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Concentration polarization during PEG

experiment

0 200 400 600 800 1000
0

1

2

3

4

MW (Da)

C
on

ce
nt

ra
tio

n
P

ol
ar

iz
at

io
n

F
ac

to
r

(-
)

20 L/(m2h)

30 L/(m2h)

Figure C.1: Concentration polarization factors of different PEG MW fractions

The diffusion coefficients of PEG molecules were calculated using Stokes equation
shown in equation C.1. Table C.1 shows the diffusion coefficients of different PEG
fractions.

𝐷 = 𝑘𝑇
6𝜋𝜇𝑟፩

(C.1)

where rp is the Stokes radius of the PEG molecule given by

𝑟፩ = 0.0325(𝑀𝑊)ኺ.ኾኽ዁ (C.2)
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58 C. Concentration polarization during PEG experiment

Table C.1: Diffusion coefficients of PEG molecules

MW (Da) Stokes radius (nm) Diffusion coefficient (m2/s)

62 0.197 1.18×10ዅዃ

200 0.329 7.11×10ዅኻኺ

300 0.393 5.96×10ዅኻኺ

400 0.445 5.25×10ዅኻኺ

600 0.532 4.40×10ዅኻኺ

1000 0.665 3.52×10ዅኻኺ



D
Rejection of NOM in Schie Water

Figure D.1: Influence of cross-flow velocity on rejection of NOM in Schie Water

Figure D.2: Influence of flux on rejection of NOM in Schie Water
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