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HIGHLIGHTS

e An innovative process for seawater
reverse osmosis brine treatment was
proposed.

e Recovery of high-quality water and
salts: Mg(OH),, Ca(OH), and NaCl.

e Optimized nanofiltration membranes
allowed to recover high-purity table salt
(97 %).

e Economic feasibility of the innovative
process was demonstrated.

e Brine disposal costs more competitive
than conventional disposal methods.
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ABSTRACT

Nowadays, small remote islands rely heavily on desalination technologies to overcome freshwater scarcity.
Unfortunately, these technologies are accompanied by the production of brines which can affect the receiving
water bodies i.e., the aquatic ecosystem. Yet, it is extremely appealing how such brines constitute an abundant
source of valuable raw materials (such as magnesium). In this work, a novel hybrid system is introduced to
capture the value of seawater reverse osmosis (SWRO) brines produced in the minor Sicilian island of Pantelleria.
The “Minimal Liquid Discharge” (MLD) process consists of: (i) Nanofiltration NF (separation of bivalent from
monovalent ions), (ii) Mg Reactive Crystallizer MRC (selective recovery of magnesium and calcium), (iii) Multi-
Effect Distillation MED (freshwater production) and (iv) NaCl Thermal Crystallizer NTC (sodium chloride re-
covery). The economic and environmental performances of the process have been evaluated by implementing
and integrating the techno-economic models of each unit in a simulation platform called RCE (Remote
Component Environment). Results revealed important economic benefits in comparison to conventional brine
disposal methods. In addition, the proposed MLD chain turned out to be an attractive alternative for the pro-
duction of high purity minerals/salts, achieving lower selling prices than the current market price.
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1. Introduction

Over the last decades, attempts to overcome freshwater scarcity are
to be mostly associated with the installation of numerous desalination
plants worldwide. Approximately 19,000 desalination plants are
currently installed in the world, producing about 100 million m>/day of
freshwater [1]. More than half of such amount (65.5 million mg/day) is
produced exclusively by reverse osmosis (RO) [2]. Energy demand and
the production of an effluent called “brine” [3] are the current draw-
backs of current desalination technologies. As far as SWRO is concerned,
meanwhile energy consumption has been decreased dramatically
throughout the years (from approximately 16 kWh/m? in the 1970s to
approximately 3 kWh/m?® in 2020) [1], brine production, is still an issue
to be tackled. Recent reviews estimate a global brine production of about
142 million m®/day [4]. Brine is a solution that presents large amounts
of total dissolved salts (TDS), and that must be necessarily treated before
its discharge into the environment according to strict regulations [5].
When discharged, brine can be harmful to the environment due to its
salinity, temperature and chemical substances (used for pre-treatment/
membrane cleaning). More specifically, brine salinity can be 1.6-2 times
higher than that of seawater (35 g/L) [6] reaching up to 70 g/1 [7] in the
case of SWRO.

Current conventional brine management methods employed are: (i)
ocean disposal [8], (ii) surface water discharge [9] (the least expensive
of brine disposal methods [10]), (iii) sewer disposal [11], (iv) deep-well
injection [3,12] and (v) evaporation ponds [3,13]. The choice of the
disposal method to employ depends on several factors such as the
quality, the volume, the location of the discharge point of the brine and
the cost which typically lies within the range 5-33 % of the total cost of
the desalination process [14]. Such disposal methods, however, are
generally characterized by high capital costs, negative environmental
impact or even both. Therefore, lower-cost and sustainable solutions are
much needed [15].

To this aim, many schemes have been proposed in the last years
aiming at the development of Zero Liquid Discharge (ZLD) systems or
Minimal Liquid Discharge (MLD) systems that eliminate or diminish the
discharge of liquid effluents, respectively, leading to the production of a
solid waste to be disposed in landfill. Whereas ZLD processes consist of
technologies integrated in such a manner to reach a water recovery of
95-99 %, MLD processes concern the integration of thermal and/or
membrane-based processes reaching water recoveries around 80 % [16].
More recently, ZLD and MLD systems have undergone an evolution to-
wards the additional recovery of valuable minerals (present in seawater
brines [7]) in addition to freshwater. In this way, the waste to be
disposed is transformed into a non-conventional resource of minerals to
be fully exploited. In literature, several schemes based on this new
concept of the ZLD/MLD strategy have been proposed and their techno-
economic feasibility has been assessed. Recently, Panagopoulos [17]
presented two SWRO brine valorisation chains, given by different
combinations of nanofiltration, reverse osmosis, a brine concentrator
(BC) and a brine crystallizer (BCr). Such chains could produce NaCl, a
mixture of salts and reach water recoveries >99 %. Results of an eco-
nomic evaluation showed that a water production cost of 1.04-1.37
$/m? could be achieved. The same author also proposed other two in-
tegrated chains: one based on reverse osmosis, a brine concentrator and
wind-aided intensified evaporation (WAIV), the other based on reverse
osmosis, a brine concentrator and a brine crystallizer, recovering solid
salt and producing freshwater at a cost of 0.99 $/m> and 1.01 $/m?,
respectively [18]. In both works, no information concerning the purity
of the recovered products were reported. Ji et al. [19] considered to treat
SWRO brines via a membrane distillation unit (MD) and a crystallizer
(Cr), reaching water recoveries up to 90 %. However, no economic
analysis to prove its feasibility was carried out. Chen et al. [20] tested a
multi-effect distillation unit integrated with a crystallizer to recover salt
and water from desalination brine. Simulation results revealed that
when waste heat was employed, a brine treatment cost of 4.17 $/m?
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could be obtained. Lower brine treatment costs (1.16 $/m°) were re-
ported when NaCl was recovered from brine via a supercritical water
desalination technology introduced by Van Wyk et al. [4]. The prom-
ising latter two brine treatment costs, however, were given based on the
sale of a generic product (NaCl) without a specific purity.

Furthermore, more complex ZLD systems capable of recovering
different salts other than NaCl are also present in the literature. Al
Bazedi et al. [21] identified a resource recovery scheme from brines
comprising a chemical precipitation step and a membrane crystallizer
(MCr). By adding NaCOs, CaCO3 was recovered, whereas NaCl, MgSO4
and water were produced via membrane crystallization. More than 234
mS3/d of water could be produced with a revenue equal to 241,408 $/yr.
This meant that a water specific production cost of 2.82 $/m> could be
obtained. High revenues due to the sale of the other products were also
reported. Nevertheless, purity and therefore possible applications of the
final products were not specified. Turek et al. studied the recovery of Mg
(OH),, CaCO3 and freshwater via a chain constituted of electrodialysis
(ED), chemical precipitation, ion exchange (IEX) and membrane elec-
trolysis (ME) [22]. Subsequently, the same authors proposed to recover
Mg(OH),, CaSO4 and freshwater by means of electrodialysis, electrodi-
alysis reversal (EDR) and Ca(OH), treating [23]. Zhang et al. [24]
investigated the performances of the integration of chemical precipita-
tion, selectrodialysis (SED) and electrodialysis with bipolar membranes
(BMED). Chemicals were produced, such as NaOH (85 % pure) and HCl
(95 % pure), together with coarse salt (at a purity of 92 %). No economic
evaluation, however, was conducted to demonstrate the feasibility of the
production of the high purity chemicals. Kieselbach et al. [25] per-
formed an economic investigation of a more complex ZLD chain based
on nanofiltration, electrodialysis, evaporation (Ev), crystallization and
membrane distillation. The chain was able to produce sodium hydrogen
carbonate at a purity of 90 %, achieving a low brine disposal cost of 0.5
€/m°. A much lower brine disposal cost (0.08 $,/m%) was obtained by
Von Eiff et al. [26], by selling freshwater and pure NaSO4, produced via
the chain composed of membrane distillation, Multi Stage Flash (MSF)
and Crystallization.

Within the framework of resource recovery from desalination brines,
several European-funded projects have brought to life pilot-scale plants
based on solar-powered evaporator-crystallizer systems. For example,
within the SOL-BRINE project (project aiming at the development of a
solar-driven brine treatment chain to eliminate the current practice of
brine disposal), a system was developed to recover 90 % of water and
dry salts from a pilot plant in Tinos Island (Greece). The plant was made
of an evaporator, a crystallizer unit and a dryer unit employing solar
collectors [3,27,28]. Similar projects such as AQUA-SOL and ZELDA
proposed other ZLD systems based on the same concept.

All in all, for many proposed schemes present in literature, feasibility
is not demonstrated due to the absence of a detailed economic analysis.
In addition, for those cases in which an economic evaluation has been
conducted, the schemes are capable of recovering water with a mixture
of salts or one/two salts characterized by low purity. This meant that the
price at which the recovered salts could be sold had to be necessarily low
and the applications/target market of the same salts was very much
limited.

Bearing this in mind, this work aims at filling such gap in the liter-
ature by conducting a detailed techno-economic analysis of an innova-
tive and versatile brine valorisation chain capable of recovering water
and three different single salts at very high purity (H,O (TDS < 10 ppm),
Mg(OH), (>90 %), Ca(OH), (>90 %) and NaCl (97 %)). This can be fully
observed in Table 1, in which this work is compared with other works
present in literature, based on brine valorisation schemes.

By achieving high purities, the products of our chain can target a
much broader market than other ZLD/MLD schemes. Furthermore,
among the recovered resources, Magnesium is one of the Critical Raw
Materials (CRMs) defined by the European Union (EU) due to its very
high supply risk. Therefore, both an economic benefit (recovery of high
valuable minerals and water, lower cost for brine disposal) and an
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Table 1
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Comparison between proposed MLD chain and other brine valorisation schemes present in the literature.

Authors Ref. Feed Valorisation chain Recovery of multiple high Economic Levelized cost of Brine treatment
purity minerals analysis minerals/water specific cost
Panagopoulos [17] SWRO brine RO-BC-BCr X v v X
Panagopolous [17]  SWRO brine NF-RO-BC-BCr X v v X
Zhang et al. [24]  SWRO brine Cr-SED-BMED v X X X
Panagopoulos [18]  SWRO brine RO-BC-BCr X v v X
Panagopoulos [18] SWRO brine RO-BC-WAIV X v v X
Kieselbach et al. [25]  SWRO brine NF-ED-Ev-Cr-MD X v X v
Chen et al. [20] SWRO brine MED-Cr X v X v
Von Eiff et al. [26] SWRO brine MD-MSF-Cr v v X v
Van Wyk et al. [4] Hydrothermal SCWD X v X v
brine
Turek et al. [23] Coal mine brine ED-EDR-Ca(OH), X X X X
treatment
Turek et al. [29] Coal mine brine NF-Ev-Cr X X X X
Turek et al. [22]  Coal mine brine ED-Cr-IEX-ME X X X X
Jietal [19]  SWRO brine MD-Cr X X X X
Al Bazedi et al. [21]  SWNF brine Cr-MCr X v v X
Morgante et al. (this - SWRO brine NF-MRC-MED-NTC v v v v
paper)

Fig. 1. Sataria SWRO Plant, Pantelleria (IT).

Table 2
Ions concentrations of the brine produced by Sataria desalination plant obtained
via ionic chromatography.

Ionic species

Na®  Ca®* Mg** K' cl- SO03~  HCO3

Concentration [g/1] 21.4 0.88 2.70 0.78 39.0 5.50 0.18

environmental one (reduction of brine discharge) can be achieved.

In this work, more specifically, an innovative brine management
chain based on the MLD approach is investigated both technically and
economically for a particular case study: treatment of the SWRO brine
produced in the minor Sicilian island of Pantelleria (Italy). The idea is to
propose a versatile brine treatment chain that can inspire industries to
possibly implement it at an industrial scale. Therefore, a detailed
techno-economic analysis was performed via a modelling platform,
namely RCE [30], containing the mathematical models to simulate the
treatment technologies. The results have been collected also with the
support of PHREEQC thermodynamic equilibrium study [31]. The an-
alyses allowed to find the best operating conditions that could maximize

the techno-economic feasibility and sustainability of the MLD chain
proposed.

2. Case study and treatment chain description

In this paper, a seawater desalination plant located in Pantelleria was
taken into examination. In particular, the brine produced by the Sataria
seawater desalination plant was the object of the case study studied in
this work [32]. A picture of the pressure vessels and high-pressure
equipment of the RO plant is shown in Fig. 1.

The plant is made up of 4 RO units, each one with a capacity of 1250
m®>/d of freshwater produced. However, typically, only three of the four
modules operate contemporarily meaning a daily average total capacity
of about 3750 m®/d. Each module presents an average water recovery of
about 45 %. As previously discussed, an economic and environmental
problem of seawater desalination is the production of brines (generally
TDS = 70 g/l for a SWRO brine). The ionic concentration values of the
brine produced by Sataria are reported in Table 2.

The main goal of the present work is to propose an innovative,
environmentally and economically attractive MLD chain to valorise
around 50 % of the total brine produced by the three operating RO
modules of the “Sataria” SWRO plant.

The proposed treatment chain is illustrated in Fig. 2. As it is possible
to observe, it consists of 4 units: (i) Nanofiltration NF, (ii) Mg Reactive
Crystallizer MRC, (iii) Multi-Effect Distillation MED and (iv) NaCl
Thermal Crystallizer NTC. The SWRO brine is fed to a nanofiltration unit
that generates two different streams: a retentate rich in bivalent ions
such as SO3~, Ca?" and Mg?" and a permeate with a much lower con-
centration of the latter ions. The retentate is sent to an MRC in which
magnesium and calcium are recovered in the form of hydroxide pre-
cipitates via a chemical reaction between the NF retentate and an
alkaline reactant. The remaining effluent of the chemical reactor is
mixed with the NF permeate and is fed to the MED unit. The latter
concentrates the brine via evaporation within its multiple effects pro-
ducing a distillate. Contemporarily, the MED reduces the brine volume
that exits the unit at a salt concentration near that of saturation. The
outlet brine is then sent to a final NTC in which NaCl precipitates
forming a solid crystal product, a distillate and a remaining brine. The
attractive aspect of the chain is that, starting from a waste brine, it is
possible to reduce its volume therefore its environmental impact by
producing many valuable products (Mg(OH),, Ca(OH), drinking water
and NacCl).

To better understand (i) the principles that lie at the core of the
functioning of each technology and (ii) the reasons why the previous
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Fig. 2. Conceptual scheme of the proposed MLD system.

technologies were taken into consideration, details of each unit are re-
ported in the following sections.

2.1. Nanofiltration (NF)

Nanofiltration is a pressure-driven membrane-based process usually
applied nowadays as a pre-treatment technology in the desalination field
[33]. The membrane employed presents properties in between those of
RO and UF (Ultrafiltration) [34] with pore sizes that range from 1 to 2
nm [35]. Operating at low to moderate pressures levels (5-40 bar [36])
with permeate recoveries up to 80 % [37], NF presents higher water
fluxes than RO and higher rejections than UF for small solutes [38]. The
unique feature of NF is its capacity to reject bivalent ions such as Mg?*,
Ca?* and SO3~ (60-99 % [39]) with a much higher selectivity than that
for monovalent ions such as Na™ and Cl~ (0-50 % [39]) [40]. Such
behaviour is mainly due to the transport mechanisms that occur within
the NF membrane based on (i) Steric hindrance (size-based exclusion),
(ii) Dielectric exclusion (transport resistance due to an energy barrier
associated with the shedding of the solute hydration) and (iii) Donnan
exclusion (rejection/attraction due to membrane potential) [33]. The
main drawback, as in any membrane process, is membrane fouling.
However, NF has been widely tested in long-term runs demonstrating
operational stability and improving overall performances of conven-
tional desalination technologies such as RO, MSF and MED. More spe-
cifically, this was demonstrated by Saline Water Conversion Corporation
(SWCCQ), achieving increases in water recovery (by 30 %) and overall
reduction of energy consumption for NF-SWRO and NF-MSF/MED [36].
In particular, the presence of NF allowed to reduce scaling potential
within MSF and MED and therefore to operate at higher temperatures
(up to 120-130 °C) [41]. NF can be considered to be a good alternative
to conventional pre-treatment technologies i.e., chemical precipitation.
The latter requires large quantities of chemicals [42] and lacks robust-
ness when brine concentrations tend to fluctuate. Furthermore, when
compared to other membrane processes such as RO and FO (Forward
Osmosis), higher energy consumption of the former and higher mem-
brane cost of the latter are all factors that have led the author to believe
that NF is the best option for the 1st step of the proposed MLD process.

2.2. Magnesium Reactive Crystallizer (MRC)
The Magnesium Reactive Crystallizer (MRC) operation consists of a

direct mixing where the brine enters in intimate contact with an alkaline
solution (NaOH). During the direct mixing of the two solutions,

magnesium ions (present in the brine) react with the hydroxyl ions of the
alkaline solution, promoting precipitation of magnesium hydroxide
crystals. However, the chemical reaction occurs at a pH value equal to
10.35. For a specific brine flow rate, there will be a specific alkaline flow
rate required to reach the chemical reaction pH value. Other than
magnesium recovery, it is possible to recover calcium as calcium hy-
droxide in a second stage. This second reaction, however, occurs at a
higher pH value (precisely 13). Once magnesium and calcium have been
recovered from the initial waste brine, the brine undergoes a neutrali-
zation step via HCl addition to restore the initial pH value of the brine.
As an alkaline reactant, NaOH must be employed to ensure a high purity
of magnesium hydroxide crystals. The use of NaOH for mineral recovery
has been extensively tested in the past [43] capable of guaranteeing high
purity products. On the other hand, other alkaline compounds, such as
calcium hydroxide (Ca(OH),) or lime (dilute Ca(OH), solution), have
been found to cause the co-precipitation of by-products (i.e. calcium
sulphates, carbonates and hydroxides) reducing the purity of magne-
sium hydroxide [44]. The functioning of the MRC mimics that of the
pilot-scale plant “Multiple Feed — Plug Flow Reactor”, developed and
tested in real conditions by the same authors of the present work. High
purity of Mg(OH), and Ca(OH),, was experimentally demonstrated by
the authors in previous works, reaching values higher than 90 % for both
products [45,46]. Finally, a Drum filter is employed to recover magne-
sium and calcium hydroxide crystals from the outlet suspension of the
MRC.

2.3. Multiple-Effect Distillation (MED)

Multi-Effect Distillation is a thermal-based technology widely
employed in the desalination industry, capable of treating high salinity
feeds. Even though it is the oldest [47], nowadays it remains the least
energy consuming among the thermal-based technologies in use (i.e.
MSF [48]), with values around 145-230 MJ/m? of thermal energy [49].
MED consists of a series of evaporators, namely effects, that operate at
decreasing pressures and temperatures from the first to the last effect
[50]. The progressive reduction of pressure from one effect to another
allows to diminish the temperature at which evaporation can occur.
Each effect presents a tube bundle in which vapour flows transferring
energy and on whose surface the feed is sprayed. Partial evaporation
occurs producing (i) vapour that acts as the thermal vector of the
following effect and (ii) remaining brine that is fed to the following ef-
fect. The produced vapour of the last effect is then condensed to a final
distillate. Typical effects of an industrial MED can range from 2 to 16
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[49] (depending on a series of factors), reaching even 20 in some cases
[51]. The Top Brine Temperature TBT (the maximum temperature of the
brine within the first effect) is limited to 60-90 °C due to scaling for-
mation on the tube surfaces [52]. The presence of NF enables to increase
the TBT up to 120-130 °C. Moreover, higher temperatures mean more
effects, therefore a larger quantity of distillate. However, the number of
effects is limited since minimum temperature differences between
consecutive effects must be respected. Various MED configurations exist
today: Backward feed, Forward feed, Parallel feed, Parallel/cross feed.
For the techno-economic analysis, a forward feed configuration will be
taken into account in order to reach high concentrations [53]. An MED
process was developed at pilot scale and demonstrated also within the
SOL-BRINE project [27]. The results from the SOL-BRINE project have
shown that the TDS of the brine effluent can be increased up to the
saturation point (26 %) of the sodium chloride, while recovering water
of demineralized quality [28]. However, in such high concentration
ratios the number of effects is limited compared to conventional MED
desalination systems; with 5-10 effects being a more realistic value.
Among the already mentioned advantages, the high quality of fresh-
water produced (TDS < 10 ppm), large capacity, possibility to treat high
salinity feeds, concentration potential and robustness have led the
author to use MED as the concentration step of the case study. Moreover,
drawbacks such as low thermal efficiency [54] will be offset by the use
of waste heat supplied by a near diesel power plant in Pantelleria.

2.4. NaCl Thermal Crystallizer (NTC)

As far as the production of NaCl is concerned, an evaporative crys-
tallizer was selected: a very simple and common technology that enables
to complete salt concentration up to saturation and promote NaCl pre-
cipitation via thermal energy. Contemporarily, a distillate and remain-
ing brine are produced. It has been previously demonstrated in literature
how an MED-evaporator, the combination of two conventional tech-
nologies, presents greater benefits than other alternative emerging
processes for salt production from brines (i.e. Membrane Distillation)
[20]. Other advantages such as the large capacities and possibility to use
low grade/waste heat guided the authors' decision in choosing a crys-
tallization technology. Due to a parametric analysis of the upstream
technologies of the proposed MLD system carried out by the authors (see
Section 6.1), the evaporative crystallizer was able to produce high purity
NaCl (97 %), suitable for food purposes.

3. Technical models

The main objective of the work was focused on evaluating the
feasibility of the proposed MLD treatment chain from a technical and
economic point of view. A techno-economic analysis allowed to verify
whether the system had the actual potential to be implemented at in-
dustrial scale. To do this, technical models were essential to simulate the
functioning of the technologies in the same conditions to those in which
the entire chain would be analysed. It is worth to mention that all
technical models were implemented in Python.

As far as the simulation of the NF unit was concerned, a multi-scale
model, covering precisely three different scales, was employed: (i) a
small-scale model, with a 1-D discretization of the NF membrane
approach, that described the transport mechanisms within the NF
membrane, (ii) a medium-scale model for a single NF unit and (iii) a
large-scale model of a whole NF plant. The small-scale model consisted
in the Donnan Steric Pore Model with Dielectric Exclusion (DSPM-DE),
nowadays widely used in the scientific community. More precisely, the
DSPM-DE employed the extended Nernst-Plank equation to describe the
ionic transmembrane phenomena, considering: (i) convection, (ii)
diffusion and (iii) electro-migration of the ions across the membrane.
Meanwhile, the Hagen Poiseuille equation was used to compute the
solvent flux across the NF membrane. The small-scale model was then
integrated in a medium-scale model which referred to an NF element.
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The length of the NF element was also discretised in a series of intervals.
For each interval, average values of the ionic concentrations, flow rates
and pressure were firstly guessed to calculate crucial variables (i.e., the
osmotic pressure and the bulk mass transfer coefficient within the NF
element). Then, the small-scale model allowed to compute the ions re-
jections and the solvent flux. Finally, the outlet concentrations and flow
rates of each discretized interval were computed by means of mass
balance equations. Finally, the large-scale model aimed at calculating
the total number of vessels required to reach a specific value of recovery
via an iterative approach. All in all, the NF technical model was previ-
ously presented by Micari et al. [55], validating such model for similar
brine compositions and operating conditions to those of this work. For
the sake of brevity, all equations of the NF technical model are reported
in Appendix A.

As for the MRC unit, no existing model had been yet developed. As
previously mentioned, the MRC is based on two consecutive precipita-
tion steps: (i) the precipitation of Mg(OH), and (ii) the precipitation of
Ca(OH),. More specifically, to the best of the authors' knowledge, ki-
netics concerning the chemical precipitation of Mg(OH), are still not
available in literature. For this reason, a simplified process model was
employed, taking into account (i) mass balance equations and (ii) an
instantaneous reaction between magnesium (present in the feed stream)
and hydroxyl ions (present in the alkaline stream). Mass balance equa-
tions allowed to estimate the NaOH flow rate to reach pH values equal to
10.4 and 13 for Mg(OH), precipitation and Ca(OH), precipitation,
respectively. Such equations also took into account typical conversion
factors of magnesium and calcium into their respective hydroxides,
based on experimental data provided in [46]. Furthermore, the required
flow rate of HCI for neutralization purposes of the MRC effluent was
estimated. As for the precise geometry of the MRC unit considered for
the techno-economic analysis, this was the same as that of the pilot-
scaled magnesium crystallizer previously developed by Vassallo et al.
[46]. See Appendix A for all equations of the MRC technical model.

On the contrary, a detailed mathematical model, previously pre-
sented by Micari et al. [53], was used to simulate the MED unit. A
Forward Feed configuration was taken into account in which both feed
and vapour flowed in the same direction. Generally, for each effect of the
MED unit, mass flow rates, temperature and pressure profiles were
computed via mass and energy balance equations. However, the MED
model comprised three different classes of effects for which different
mass and energy equations were applied: (i) the first effect, (ii) the in-
termediate effects and (iii) the last effect with the end condenser. For the
sake of brevity, all equations can be consulted in Appendix A. Among the
three classes of effects, the first one was the only one which received
heat from an external source and where the feed stream had been
through all the preheaters. The feed of the first effect was sprayed onto a
tube bundle whereas the heat from the external source circulated within
the tubes. Vapour, generated by the partial evaporation of the feed
stream, then crossed the demister and the first preheater, where it
partially condensed. The part that did not condense was fed to the next
effect where it acted as the heating source. The remaining brine that
exited the first effect was also fed to the next effect where it was sprayed
on the external surface of the tube bundle. As already mentioned, the
modelling of the intermediate effects was slightly different. It comprised
two energy balances on the preheater and on the heat exchanger,
required to calculate the condensed fraction on the preheater tube sur-
face and evaporated fraction of the feed stream, respectively. As for the
modelling of the last effect, the latter did not have any preheater and all
the vapour was sent directly to the end condenser, where it condensed
completely. This was mathematically translated into different energy
balances on the effect and on the last flashing box, since the total vapour
in the last effect condensed in the end condenser and then collected in
the flash box. The brine that exited the last effect was the final brine of
the entire MED plant meanwhile the condensate of the flash box was the
final distillate of the plant. Such outlets however had to respect the
global mass balance equations. As far as the end condenser was
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Table 3
Main inputs and outputs of the technical model of each unit in the MLD system.

Technology Main input parameters Main outputs (technical
(technical model) model)
Nanofiltration (NF) o Inlet flow rate [m>/d] o NF retentate flow rate
o Inlet ions concentrations [m®/d]
[g/L] e NF permeate flow rate
o Membrane ions [m%/d]

Retentate ions
concentrations [g/L]
Permeate ions
concentrations [g/L]
Number of vessels in
parallel [—]
Electricity demand
[kWhe]
Flow rate of produced
hydroxides [kg/d]
Flow rate of alkaline
e NaOH concentration solution [m®/d]
(1st/2nd stage) [g/L] Effluent flow rate [m®/
e Mg conversion factor 1st d]
stage [%] Outlet effluent ions
e Ca conversion factor 2nd concentrations [g/L]
stage [%] Electricity demand
[kWhe]
Inlet flow rate [m>/d] Distillate flow rate [m®/
e Inlet NaCl concentration d]
[g/L] Outlet brine flow rate
e Steam Temperature [°C] [m?/d]
e Outlet NaCl Outlet brine ions
concentration [g/L] concentration [g/L]
e Number of effects [—] Area of heat exchangers
[m?]
Heat demand [kWhy,]
Electricity demand
[kWhe]
Distillate flow rate [m>/

rejections [—]
e Operating pressure [bar]
e Permeate recovery [%]
e Number of elements
(vessel) [—]

Inlet flow rate [m3/d]
e Inlet ions concentrations
[g/L]

Magnesium Reactive
Crystallizer (MRC)

.

Multi-Effect
Distillation (MED)

.

.

NaCl Thermal Inlet flow rate [m3/d]

Crystallizer (NTC) o Inlet ions concentrations d]
[g/L] o Outlet effluent flow rate
e Inlet feed temperature [m3/d]
[°C] e Outlet effluent ions
e Operating temperature concentration [g/L]
[°C] e Outlet flow rate of NaCl

e NF membrane rejection produced [kg/d]
correction factor [—] Purity of NaCl produced
Total NaCl recovery [%]

(MED + NaCl Cryst) [%] e Heat demand [kWhy,]
Electricity demand
[kWhe]

concerned its feed was used to condensate the vapour. The required total
cooling water flow rate was computed by means of the heat balance and
the surplus was cooled down and reused.

Finally, a simplified process model for the NTC was developed, based
on (i) mass and (ii) enthalpy balance equations (see Appendix A). Given
as an input a desired value of global NaCl recovery from the “evapora-
tive technologies” (MED + NTC), mass balance equations allowed to
compute the mass flow rates of NaCl, brine and distillate. Meanwhile,
simple enthalpy balance equations enabled to estimate the quantity of
thermal energy required for evaporation, taking into consideration the
sensible and latent heat and the operating temperatures of the crystal-
lizer. Furthermore, in order to assess the purity of NaCl produced, logical
conditions were integrated within the equations of the technical model.
These conditions took into account the precipitation of different by-
products that could compromise the final purity of NaCl produced ac-
cording to the desired value of NaCl recovery and operating parameters
(i.e. operating temperature). The introduction of such logical conditions
was made possible thanks to a set of data achieved with PHREEQC
software. More precisely, given the ionic composition of the NTC feed at
a specific pressure and temperature as inputs to PHREEQC software, it
was possible to identify the compounds that typically precipitate at
those operating conditions, returning their solubility by means of the
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thermodynamic Pitzer model. Results of the PHREEQC simulations
allowed therefore to introduce logical conditions within the model to
take into account the precipitation of by-products which influenced the
purity of NaCl produced.

All in all, a global insight of technical models is given in Table 3
which reports the input parameters and the main outputs for each
technical model:

4. Economic models

In order to evaluate the economics of each technology, each process
model was coupled to an economic one. More precisely, the main out-
puts of each technical model became the inputs for the respective eco-
nomic model. Like the technical models, also the economic models were
implemented in Python.

Concerning the NF unit, the economic model followed the Verberne
cost model [56] in which all equations were based on practical data
provided by NF units suppliers [56]. More specifically, the capital costs
were given by four different contributions: (i) the cost for buildings
housing the plant, (ii) the cost for pumps, filters and piping, (iii) the cost
for the energy supply systems and (iv) the investment for the membrane
modules. Each capEX contribution was updated using the chemical en-
gineering price index CEPCI (referred to year 2021). Furthermore, all
capEX contributions were depreciated considering a specific deprecia-
tion period (30 years for buildings, 15 years for piping, pumps and en-
ergy systems and 5 years for the membrane modules). A discount rate i of
6 % was considered as it is a typical value for desalination plants [57]. As
for the operating costs of an NF plant, the costs of electrical energy
consumption, chemical consumption, maintenance, quality control and
daily operation were considered with a plant availability equal to 8000
working hours per year. The last three contributions were estimated to
be 2 % of the total capEX of the NF unit. For the sake of brevity, equa-
tions of the NF economic model are reported in Appendix B.

It is worth mentioning that the economic models of the MRC, MED
and NTC units followed the Bare Module Cost Technique for the esti-
mation of capital costs [58]. Generally, such technique is widely
employed in literature as a standard tool for economic assessments of
chemical plants [58]. According to this technique, capital costs were
functions of the purchased cost of equipment. The purchase cost of
equipment in standard conditions CS [€] (i.e. operating at ambient
pressure and fabricated from the most common material, usually carbon
steel) was estimated. The Cg values were functions of the actual size of
the equipment. Such values were then actualized using the CEPCI index
and updated by a global correction factor Fpy, to take into account direct
costs (equipment, materials and labour), indirect costs (freight, over-
head and engineering) and non-standard conditions concerning oper-
ating pressure and materials. The achieved values Cgy [€] were summed
and further updated by two correction factors to account contingency
and fee (acone = 15 % and age = 5 % of the total Cpy, respectively).
Finally, the total module cost Crys [€] was depreciated within a period of
20 years with a discount rate i of 6 %. See Appendix B for capEX of the
MRC, MED and NTC.

As far as the operating costs of the MRC were concerned, these
included (i) the cost of energy consumption for pumping and the drum
filter, (ii) the cost of reaction chemicals (NaOH solution for the first and
second stage) and (iii) the cost of chemicals for the neutralization step
(HCl solution to restore the pH of the final brine). The operating costs of
the MED unit included (i) the electric energy consumption, (ii) the
thermal energy consumption and (iii) the chemical consumption for
cleaning, anti-scaling and anti-foaming purposes. Finally, operating
costs of the NTC unit took into account (i) the cost of electric energy
consumption for pumping, (ii) the cost of thermal energy required for
the precipitation of NaCl crystals and (iii) the disposal cost of the final
brine. Furthermore, the least expensive conventional brine treatment
method was integrated in the operating costs of the NTC: Surface water
discharge (0.2905 €/m? of brine). See Appendix B for the opEX of the
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Table 4
Specific costs of chemicals and energetic sources employed in the economic
analysis.

Specific cost*

Mg(OH), 1000 €/ton [59,60]
Ca(OH), 125 €/ton [61]
Water 0.83 €/m> [59]
NaOH 330 €/ton [62]
HCl 125 €/ton [63]
NaCl 66 €/ton [64]
Electricity 0.2 €/kWh **
Waste heat 0.0083 €/kWh*** [53]

* All specific costs expressed in $ in the quoted references were converted in €
considering a currency conversion factor (April 2021) equal to 0.83€/$.

" The specific cost of electricity refers to industrial user's cost in Pantelleria,
Italy.

" The specific cost of waste heat is assumed to account also for the depre-
ciation costs of equipment (e.g. heat exchangers) needed to valorise it.

Table 5
Set of ion rejections of the NF membrane (operating conditions: permeate re-
covery = 60 %; pressure = 20 bar).

ITonic species

Na®™ Ca®’* Mg?>* K" CI° S0} HCO3

Membrane rejection [%] 6 50 71 5 12 91 45

MRC, MED and NTC.

The economic analysis of the proposed MLD process was carried out
taking into account the main specific costs of chemicals and energy
sources reported in Table 4:

Such specific costs were the main inputs for the economic analysis.
Moreover, for the Pantelleria case study, typical electricity and waste
heat costs of the island were employed. More precisely, waste heat was
used for the analysis since at the moment renewable energy still suffers
from high capital costs. All operating costs were estimated considering
an annual plant availability equal to 8000 working hours/year.

5. Simulation approach

In order to evaluate the global performances of the entire treatment
chain, models (both technical and economic) of all technologies were
interconnected in a single workflow sheet using RCE software. RCE is an
innovative tool that was recently developed by the German Aerospace
Centre (DLR). Thanks to its particular characteristics that are reported in
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[30], RCE seemed to be the ideal tool to easily integrate multiple models
and carry out the techno-economic analysis, thus reaching the authors'
needs. Within RCE, each technology was represented by a block in which
technical and economic models, implemented in Python, were recalled.
For each technology there were external inputs. Furthermore, the pro-
cess outputs of one model became the process inputs of the following
model present in the chain. Between one model and another, there were
further scripts based on simple mass balance equations for the mixing of
multiple streams (e.g., mixing between the NF permeate and the MRC
effluent). The economic feasibility of the entire chain was then evalu-
ated by 5 main global parameters, four of which were: (i) Levelized cost
of water (LCOWqer), (ii) Levelized cost of Mg(OH)2 (LCOMgom2), (iii)
Levelized cost of Ca(OH), (LCOC,(ony2), and (iv) Levelized cost of NaCl
(LCOS,1p). In general, the Levelized Cost is the selling price of a certain
product (i.e., water, salt, etc.) that reaches the break-even point after a
certain plant lifetime. Assuming that the produced flow rate of a specific
product and the operating costs were the same for every year in the plant
lifetime, the levelized cost of the ith product could be calculated as
follows:

> capEX + > opEX — <ZREV — (REVM)>

LCOith = units units units

1
Qitn (08 Vi) *Noper-hours )

where the LOCith was the Levelized Cost of the ith product of interest
[€/ton or €/m° (according to the units in which the product quantity was
expressed)], capEX were the depreciated capital costs of each unit/
technology within the treatment chain [€/year], opEX were the oper-
ating costs of each unit [€/year], REV was the revenue of each tech-
nology [€/year] and Qi (or Vi) was the annual quantity of the product
of interest produced [ton/h or m3/h]. The last main parameter was the
Brine Treatment Specific Cost (BTSC) defined as:

> capEX + Y opEX
BTSC — units _ units (2)
Vb‘rine feed “Nopm‘.huurs
where the BTSC was expressed in €/m? of brine fed and Vprine feed Was the
annual brine fed to the treatment chain [m3/h].

6. Results and discussion

The analysis carried out by this work was essentially split into two
parts:

(i) a technical analysis aimed at investigating the influence of
certain parameters (i.e., NF membrane) on the characteristics of a

100%
c 90% | o* N
(=]

s 80% | . A
(8]

270% | A
]

c 60% | A
o

' 50% | y
§40% s
-g 30% |
§ 20% |

10% |
ée0c0cccee
0, It L L . il A I L il i L L L L L L
0% 10 10 10 1

a a a a

| —

° Mg A Ca* ° K*

Fig. 3. a) Trend of membrane rejection of cations with « (ranging from 0 to 1); b) Trend of membrane rejection of anions with « (ranging from 0 to 1). Colored areas

for each ion indicate the typical rejection values of commercial NF membranes.
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Table 6
Ionic composition and flow rates of the main streams of the MLD process.
Ton NF NF NF MED MED NTC
feed retentate permeate feed brine brine

Concentration [g/L]

Na© 21.4 20.7 20.9 21.2 107 5.90
Mngr 2.70 5.98 0.37 0.21 1.08 0.13
Ca?* 0.88 1.84 0.20 0.13 0.65 0.04
K* 0.78 0.79 0.74 0.63 3.15 0.24
Ccl™ 39.0 43.9 34.3 31.4 158 6.45
803~ 5.50 12.9 0.24 3.18 16.0 0.02
HCO3 0.18 0.19 0.08 0.05 0.25 0.02
Flow rate 2280 950 1330 2330 398 135
[m®/d]
Table 7
Flow rates of the products of the MLD process.
Product
Mg(OH), Ca(OH)» Water NaCl Water
(MED) (NTC)
Flow 12,956 kg/  2923kg/  1932m3/d  64,992kg/ 252 m3/d
rate d d d

final valuable selling product, thus evaluating the performances
of the treatment chain;

(i) an economic analysis seeking to identify the main contributors to
the global economic feasibility of the chain by varying charac-
teristics of one of the technologies (such as the number of MED
effects) or different specific costs (i.e., cost of electricity).

6.1. Feasibility analysis of nanofiltration membrane rejections and NaCl
recovery

For the technical analysis (and also for the economic analysis) the
brine composition reported in Table 2 was considered and an inlet brine
flow-rate equal to 2280 m3/d was fixed (50 % of the total brine produced
by 3 of the 4 operating RO units of Sataria desalination plant). As for the

NF plant (pre-treatment step/first step of the MLD system), spiral-wound
elements were considered, each one presenting 5 membrane leaves
wounded together. In analogy with a large-scale industrial plant, 6 el-
ements were placed in series within a pressure vessel. Along each
pressure vessel, the retentate of one element became the feed to the
following element whereas the permeates of all elements of the same
pressure vessel were mixed together. Furthermore, a number of pressure
vessels was placed in parallel in order to reach a certain permeate re-
covery. Typical NF industrial operating conditions in the brine man-
agement field were also fixed for the case study: a permeate recovery
equal to 60 % at an operating pressure of 20 bar. Last but not least, a set
of membrane ion rejections was required. For such set, a thorough
analysis of existing works in literature concerning NF rejections was
carried out. Apart from very few exceptions, it was found that mainly the
commercial membrane NF270 (Filmtec) has been employed till now to
treat desalination brines. Taking into account the several set of re-
jections reported in literature at similar operating conditions and similar
brine compositions (i.e. [65-67]), an average value for each ion was
considered for this particular case study. The set of rejections is reported
in Table 5:

However, as can be observed in Table 5, the membrane did not seem
to be high performing in terms of calcium and magnesium membrane
rejections. In fact, only 50 % of calcium was rejected, causing a severe
negative impact on the remaining chain for two reasons: (i) only 50 % of
calcium was recovered as calcium hydroxide (less total revenue) and (ii)
50 % of calcium that enriched the permeate was more likely to incite
scaling formation within the MED unit and reduce the purity of the final
NaCl product. The same was for the rejection of magnesium having an
even greater influence on the global economics (since the selling price of
magnesium hydroxide was much higher than that of calcium hydrox-
ide). Aiming at food-grade salt (NaCl) quality, it was essential to reach a
final purity of at least 97 % (according to the Codex Alimentarius [68]).
To reach such aim, a technical analysis of the influence of NF ions re-
jections on the NaCl purity was performed. The theoretical analysis
consisted in firstly introducing two correction factors: a and p. Re-
jections of ions with a similar behaviour (transport across the NF
membrane) were corrected by the same correction factor [69]. There-
fore, the rejections of Mg2+, Ca®" and SO%’ (which present also a similar
dimension) were corrected by a. As for HCO3 and Cl~, p was employed.
Meanwhile, the rejections of Na™ and K* (which are usually very low
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Fig. 5. Distribution of the electrical and thermal energy consumption per m® of intake brine in the MLD system.
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and vary little at different operating conditions) were considered to be
constant. Egs. (3) and (4) describe how the bivalent and monovalent
ions vary with « and f, respectively:

Ry tae(1-E,) ®

RYY =R, +pe (1 - R;Ih) @
where ith and jth refer to the generic bivalent ion (Mg?*, Ca®* and S03")
and monovalent ion (Cl~ and HCO3), respectively. R° and RMEW were the
initial rejection value (reported in Table 5) and the updated rejection
value. As already mentioned, a and  were the correction factors for the
bivalent and monovalent ions, respectively.

Precisely, the analysis consisted in varying the value o within a range
0 to 1 at fixed intervals of 0.1. When o was equal to O, RVEVW — R,
meanwhile for « equal to 1, R"E" = 100 %. On the other hand, for each
fixed value of a, p was calculated in order to ensure electroneutrality of
the solution (NF permeate and NF retentate). Results of the analysis are
reported in Fig. 3(a) and (b), where the rejection of a particular ion was
plotted and compared with the typical rejection values of commercial

NF membranes (coloured areas), which have been tested and employed
in the past for seawater brines (i.e. [65-67]). As can be observed, values
of a higher than 0.8 produced unrealistic sets of rejection with single ion
rejections that were out of the so-called “real and commercial” range.
Therefore, a = 0.8 was considered a critical scenario, whereas 0.7 had
been assumed in all our simulations as an optimistic, yet realistic, value
(since it returned a set of rejections that still lied within the typical
ranges).

However, the main aim of the analysis was to identify the minimum
value of the correction factor a that guaranteed a minimum NaCl purity
of 97 % to be sold as a food-grade product. Therefore, PHREEQC soft-
ware was used to assess the purity of NaCl produced at different NaCl
recoveries. Reasons for using PHREEQC lied within its reliability
demonstrated for such purposes in previous works in the past [31]. For
the simulations, considering the MED and NTC as a single unit, MED
inlet concentrations were required as inputs. Since the latter were given
by mixing of the NF permeate and MRC, all parameters of the MRC
(geometrical and operating conditions) were fixed in order to not in-
fluence whatsoever the analyses based on different values of a. In
particular, typical experimental values were fixed for the concentration
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Fig. 8. Comparison between conventional methods costs [64], proposed
schemes in literature and BTSC of the proposed MLD with and without ac-
counting for the revenues.

of NaOH (1 mol/L) and for the conversion factors of Mngr (95 %) and
Ca2" (97 %) for the first and second stage, respectively. These conditions
were not varied for further analyses. Along with the concentrations
given as inputs in PHREEQC, the quantity of water (to evaporate) was
fixed. It was fixed accordingly to ensure a certain recovery of NaCl.
Subsequently, based on the products precipitated, the purity of NaCl
produced was calculated.

As previously mentioned, for each value of a, the purity was evalu-
ated at three different values of NaCl recovery: 30 %, 50 % and 75 %.
Results are depicted in Fig. 4(a):

Results illustrated in Fig. 4a) show how purity increased with a at
low recoveries (30 %) of NaCl. This was mainly due to the fact that
greater quantities of magnesium and calcium were rejected by the NF
membrane and subsequently recovered as hydroxides in the MRC. This,
therefore, led to minor quantities that could precipitate and compromise
the purity of the final selling product. A similar trend could be observed
for an NaCl recovery of 50 %. However, the increase of purity in this
specific case presented a reduced slope. Reason for this was that when
attempting to recover more NaCl (evaporating more water), more im-
purities tended to precipitate. As a matter of fact, very high NaCl re-
coveries (75 %) did not rather lead to a net increase of purity with o but
tended to fluctuate around an average value. It is also interesting to see
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that this value was always lower than 97 %, therefore unsuitable for the
food-grade target. The target, on the other hand, was possible to reach at
an NaCl recovery of 50 % and o equal to 0.7. As mentioned earlier, 0.7
was still a value that allowed to operate within a realistic range of NF
membrane ion rejections. Finally, taking into account these suitable
conditions, Fig. 4b) represents the percentage of the impurities of the
final NaCl product. Precisely, the main compounds that precipitated
with NaCl were CaSO4 and MgSO4 that represented 2 % and 1 % of the
total solid product, respectively.

In addition, taking into account a value of a equal to 0.7, the ionic
composition and flow rates of the main streams of the MLD process are
listed in Table 6. As can be observed in Table 6, only 6 % of the initial
SWRO brine was discharged back to the environment, making the MLD
process an “almost-ZLD” process.

Table 7, moreover, reports the flow rates of the products recovered
from the MLD process.

6.2. Economic analysis

6.2.1. Analysis of the base case scenario

Once the optimal value of a (required for the achievement of 97 %
purity of NaCl) was identified, a thorough economic analysis of the
proposed MLD system was performed to evaluate its feasibility. It is
important to highlight that the compositions and flow rates of the MLD
system analysed were the ones listed in Tables 6 and 7. Until now, no
specific information concerning the operating conditions of MED and
NTC has been given since the previous technical analysis considered the
MED unit and the thermal crystallizer as a single black box. However, for
the economic analysis it was necessary to define such conditions. As far
as the MED was considered, 10 effects were considered (typical indus-
trial value) operating at a TBT of 110 °C. This temperature was possible
due to the NF upstream. The NTC, on the other hand, presented 5 effects
at a maximum operating temperature of 100 °C. Both the MED and NTC
employed waste heat (supplied from flue gases produced in a near-by
power plant). This allowed to reduce operating costs for the energy-
intensive technologies of the chain. As can be observed from the
techno-economic analysis results in Fig. 5, MED was one of these tech-
nologies (positioned in third place for electricity). As regards the ther-
mal energy consumption, MED consumed more than double the amount
of heat when compared to the NTC. Moreover, it is worth noting how the
specific electric consumption of the MRC was the highest. This was due
to the Drum filter employed for the recovery of hydroxide solids from
the produced slurry.

Anyhow, energy consumption was just one of the several factors that
contribute to the total cost of the treatment chain. Results of the global
economics of the entire MLD system are reported in Fig. 6.

In Fig. 6 it is possible to see how capital costs were much less than the
operating costs. NF and MED contributed to the majority of the capital
costs: NF for its membranes and MED for its multiple effects with its
several heat exchangers. As for the operating costs, it was the MRC that
led to overall high operating costs. This was mainly due to the use of
large amounts of expensive alkaline reactants (i.e. NaOH) followed by
the use of chemicals (HCl) for the final neutralization step. As can be
expected, another major contributor was the MED. However, regardless
the high overall costs, the total revenue achieved was higher than the
capEXs and opEXs of the MLD system. Revenues were so high thanks to
the high selling price of Mg(OH), followed by the large amounts of NaCl
produced. Since the revenues were higher than the sum of capital and
operating costs, the Levelized costs of the valuable products obtained
from the chain were lower than their selling price. Fig. 7 illustrates all
levelized costs. From Fig. 7 it is possible to observe that the levelized cost
of salt (LCOS,t) was equal to the typical market price (i.e. 66 €/ton)
making the treatment chain still a competitive integrated technology for
the production of salt. All other Levelized Costs were even lower than
their respective market price.
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factors at different numbers of MED effects has also been represented.

Table 8
Range of specific costs of chemicals and energetic sources employed in the
parametric analysis.

Typical range of specific cost*

Mg(OH), 580-1162 €/ton**
Ca(OH), 42-208 €/ton [61]
Water 0.42-1.66 €/m® [70]
NaOH 166-498 €/ton [62]
HCl 83-250 €/ton [71]
NaCl 42-125 €/ton [64]
Electricity 0.08-0.25 €/kWh [72]

" All specific costs were converted in € considering a currency conversion
factor April 2021 equal to 0.83 €/$.

" Range of the specific cost of magnesium hydroxide derives from an internal
economic analysis carried out by UNIPA.

6.2.2. Economic comparison with other brine disposal/treatment concepts

The economic feasibility of the entire chain was also evaluated
looking at the Brine Treatment Specific Cost (BTSC, as defined in Section
5). Fig. 8 compares the brine treatment cost of the proposed MLD system
with conventional brine disposal methods and new proposed brine
valorisation schemes present in the literature.

Taking into account only capital and operating costs but neglecting
any revenue (Fig. 8), the chain was much less attractive than the already
existing brine disposal methods. More precisely, the BTSC factor was
equal to 8.49 €/m® (much higher than the 4.65 €/m® required with
evaporation ponds). However, when the sale of all the valuable products
recovered by the integrated chain was taken into consideration, the
brine treatment specific cost BTSC reached a value near zero, thus being
much lower than that of both the conventional methods and recent
proposed schemes in literature (Fig. 8). To be noted that the brine
treatment cost given by the schemes present in literature (0.5 €/m> [25],
0.96 €/m® [20], 0.06 €/m> [26], 0.96 €/m® [4]) already take into ac-
count the sale of the valuable goods that they produce. In particular, the
BTSC of the treatment chain proposed here (=—0.02 €/m>) assumed a
negative value, due to the fact that the sum of capEXs and opEXs of the
treatment chain was lower than the overall revenue achieved. Having a
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negative BTSC factor unlike the conventional and new brine disposal
costs could be translated into dealing with an admirable market-
competitive technology where brine treatment is no longer a cost and
a net saving is achieved. Of course, such outcomes must be considered as
reliable only by referring to the current market conditions for any of the
products considered: a possibility that such conditions change as soon as
the proposed chain is implemented at large scale may exist.

6.2.3. Influence of the MED number of effects on the economic performance
of the MLD scheme

The overall techno-economic analysis had shown and demonstrated
the economic feasibility of the MLD system, applied as a hybrid tech-
nology to promote brine volume minimization, mineral recovery and
water production. However, results of such analysis were referred to a
treatment chain, which comprised an MED unit with a precise technical
design (i.e. 10 effects). Therefore, it was interesting to investigate how
the total costs and the BTSC factor could change by varying the number
of MED effects. Fig. 9 shows the trend of total capEXs, total opEXs and
the BTSC factor of the treatment chain with the number of effects.
Considering a range of effects between 5 and 15, it is worth noting how
capEXs and opEXs presented opposite trends when the number of MED
effects increased leading to an overall minimum value of the BTSC factor
equal to —0.14 €/m? (precisely when 8 effects were reached). Capital
costs augmented mainly due to the increase of units (which meant more
heat exchangers, more condensers etc.) whilst operating costs primarily
decreased due to the reduction of thermal energy consumption required
by the MED. Meanwhile the increase of operating costs prevailed at low
numbers of effects, the increase of capital costs prevailed at higher
numbers of effects, thus justifying the presence of a minimum value of
the BTSC factor.

Furthermore, it is interesting to note how the minimum value of the
BTSC factor was negative. The reason for such value was due to the fact
that the sum of total capEXs and opEXs was lower than the total revenue
obtained from the sale of all valuable goods produced.
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Fig. 10. Trend of the BTSC factor at minimum and maximum commercial values of different chemical compounds and electricity. The specific costs in the white
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Fig. 11. Trend of the opEXs of the entire treatment chain at minimum and
maximum commercial values of different chemical compounds and electricity.

6.2.4. Parametric analysis and Tornado diagram of the main factors
affecting the BTSC

Once an optimal design of the MED technology was identified, a final
parametric economic analysis was performed to examine the influence
of specific costs of chemicals or electricity on the global economics of the
proposed MLD system, with the specific costs varying within a reason-
able range. Table 8 reports the typical ranges, considered for the para-
metric analysis, within which the cost of a specific chemical or
electricity can vary. It is to be noted that the minimum and maximum
value of each range correspond to those reached within year 2021 in the
world.

Fig. 10 illustrates the variation of BTSC as a function of the above
mentioned parametric costs, in the form of a Tornado diagram [73],
highlighting the maximum and minimum value reached by BTSC when
the cost of a specific chemical or electricity reached its minimum or
maximum. It is worth noting that increasing the selling price of
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recovered products (i.e. Mg(OH),, NaCl, Ca(OH); and H30) tended to
reduce the BTSC factor, since they increased the overall revenue of the
treatment chain. On the other hand, NaOH, HCl and electricity increased
the operating costs when their specific cost increased. Another inter-
esting fact to observe is the larger influence of the cost variation of
NaOH, Mg(OH), and NaCl on the BTSC factor than that caused by the
other contributions. More precisely, when the required NaOH was
bought at a very high price (i.e. 498 €/ton) or Mg(OH); or even NaCl
were sold at their lowest prices (i.e. 580 €/ton and 42 €/ton, respec-
tively), the BTSC factor could overcome the conventional brine treat-
ments costs making the proposed MLD system not competitive. Such
issue was not to be feared when electricity reached its highest value or
Ca(OH), and H,0 were sold at their lowest prices.

The greater influence of NaOH on the global economics of the
treatment chain, compared to that of the other chemicals, is more visible
in Fig. 11. More precisely, Fig. 11 proves that the largest variation of
operating costs was obtained when the cost of NaOH varied between a
reasonable minimum and maximum value. Variations of the cost of Hy0,
on the other hand, translated into very little alterations of the operating
costs from the base case value.

All in all, results of Fig. 10 and Fig. 11 demonstrate that the Mag-
nesium Reactive Crystallizer was the technology that influenced the
most the global economics of the proposed MLD system. In particular, it
was the cost of the alkaline reactant (NaOH) and the price at which
Magnesium Hydroxide was sold that were the driving forces of the
economic feasibility of the MLD process. Large ranges of the NaOH costs
and/or Mg(OH), selling prices made the chain economically feasible.
Only in extreme conditions (i.e., very high NaOH costs and very low Mg
(OH); selling prices), such feasibility was not achieved. All in all, if these
extreme conditions are not reached, then the proposed treatment chain
could be an attractive alternative anyway for seawater brine
management.

Tornado diagram sensitivity analysis allows to evaluate the effect of
a single cost item on the BTSC, meanwhile all the others are kept con-
stant. This kind of analysis does not include any concomitant effect of
more than one cost item. Thus, two additional economic scenarios are
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Fig. 12. Comparison between best case, base case and worst case scenario for a) Levelized cost of water and BTSC, b) Levelized cost of salt and magnesium hydroxide

and c) Levelized cost of calcium hydroxide.

investigated: more precisely, it was also decided to investigate how the
levelized costs of products and the BTSC factor could vary if all costs
were brought to their highest value and all product selling prices were
brought to their lowest values contemporarily (worst case scenario) and
vice versa (best case scenario). A comparison of such scenarios is re-
ported in Fig. 12a), b) and c). As it can be seen in Fig. 12b), the best case
scenario was characterized by an extremely low LCOMg(om)2 (92 €/ton)
whereas all the other levelized costs and the BTSC factor presented
negative values (see Fig. 12a), b) and c)), making the treatment chain a
very competitive technology for magnesium hydroxide production when
compared to the relevant current market. On the contrary, the worst
case scenario led to very high levelized costs making the proposed
treatment not at all feasible from an economic point of view. This was
mainly due to the fact that the total revenue could not even compensate
the total sum of capital and operating costs of the MLD chain. All in all,
as for the base case scenario and the best case scenario, brine disposal is
no longer a costly issue. As a matter of fact, a net saving is reached: an
achievement that is not at all possible with the conventional disposal
methods, not even with the recently proposed schemes in literature
(Section 6.2.2). As far as the worst case scenario is considered, the BTSC
reached a value equal to 6.4 €/m>, a value higher than the most costly
conventional brine treatment methods (4.65 €/m3). However, it is to be
noted that such case is somewhat rare due to the contemporary low
selling prices of all products and high costs of all required chemicals and
electricity.

7. Conclusions

In recent years, literature has been reporting several treatment
chains aimed at eliminating the environmental problem of brine
disposal and recovering valuable minerals, contemporarily. However,
most of these proposed technologies, called Zero Liquid Discharge (ZLD)
or Minimal Liquid Discharge (MLD) depending on the brine volume
reduction factor, suffer from high capital costs and energy consumption.
This paper aimed at identifying how some of the best operating tech-
nologies at the moment available, can be effectively combined and
operated in a novel and practical scheme that can reach the MLD target.
The proposed chain was composed of an NF, an MRC, an MED and an
NTC recovering magnesium hydroxide, calcium hydroxide, water and
sodium chloride. By recovering such minerals, it was possible to reduce
the volume of the final effluent at the same time. The treatment chain
was proposed for a specific case study: the treatment of SWRO brines in
the island of Pantelleria, Italy.

Results of the technical analysis showed that choosing a suitable set
of NF rejections (still lying within the range of those of current
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commercial NF membranes) it was possible to achieve food-grade NaCl
in the final crystalliser.

The economic analysis of the base case scenario showed that the
chain was dominated by opEXs higher (about five times) than capEXs.
This was mainly due to the expensive chemicals required in the mag-
nesium crystalliser. However, overall revenue was higher than the sum
of capEXs and opEXs of the entire chain, mainly due to the sale of
magnesium hydroxide produced. Moreover, the economic feasibility of
the novel MLD system (as an alternative technology for the production
of a specific salt) was demonstrated via the use of the Levelized Cost
Index. The Levelized Cost for all products was computed and all ach-
ieved values were lower or equal to their current market prices, proving
the economic sustainability of the treatment chain. A further investi-
gation concerning the influence of the number of MED effects on the
global economics identified a minimum value of the Brine Treatment
Specific Cost (BTSC) equal to —0.14 €/m® at 8 MED effects. It was
additionally demonstrated that only large variations of NaOH and Mg
(OH); costs could significantly compromise the economic feasibility of
the proposed MLD system, making the MRC technology the bottleneck of
the treatment chain.

Finally, for the case of the base case scenario, the economic viability
of the proposed MLD scheme was compared with (i) conventional brine
disposal methods and (ii) recently proposed innovative treatment
chains. Results indicate that, at the current market conditions, the BTSC
relevant to the proposed scheme is lower than all the other available
alternatives. As a future outlook, the proposed treatment chain may
benefit from the addition of an EDBM unit downstream the MRC to
produce in situ the chemicals needed for the Mg recovery [74].
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Appendix A. Technical models
A.1. Nanofiltration NF technical model

The NF technical model is a multi-scale model which comprises: (i) a low-scale model that describes the transport mechanisms within the NF
membrane, (ii) a middle-scale model for a single NF unit and (iii) a high-scale model of a whole NF plant.

A.1.1. Small-scale model (NF membrane)

The Donnan Steric Pore Model with Dielectric Exclusion (DSPM-DE) is employed to describe the transport mechanisms that occur within the NF
membrane. Such model exploits the extended Nernst-Plank equation across the membrane. Within the equation, three different ionic transport
mechanisms are considered: (i) convection, (ii) diffusion and (iii) electro-migration (see Table A1). The width of the membrane is discretized in a
specific number of elements (50 based on sensitivity analyses). The ‘j’ index refers to the discretised element, while the ‘i’ index refers to a specific ion.

The main equations of the technical model are listed in Table A1, where C{f}, C]i’m, C]i’ and CP are the concentration of the i species in the jth element
in the membrane, at the bulk-membrane interface, in the bulk solution and in the permeate stream, respectively. J; and J, represent the total flux of the
species i and the water convective transmembrane flux, respectively. y is the electric potential across the membrane, £ the electric potential gradient at
the bulk-membrane interface, outside the electric double layer, and Ayp py and Ayppy represent the Donnan potential difference at the bulk-
membrane interface and at the permeate-membrane interface, respectively. Kj. and k; 4 represent the hindered convective and diffusive mass
transfer coefficients of the ions within the pore, depending on A, i.e. the ratio between the solute radius (r;) and the pore radius (rpore). Djp is the
diffusivity of the species i within the pore, corrected taking into account the diffusivity in the bulk via k; 4.

Ion partitioning at the two membrane interfaces, the steric effect and the dielectric exclusion are given by solving the system of equations listed in
Table Al. Furthermore, contemporarily conditions which must be satisfied are the electro-neutrality on the bulk, on the permeate side and inside the
membrane (which presents a fixed charge density X4). Mass transfer resistance on the bulk side is considered to compute the ions concentration on the
bulk-membrane interface. It is then possible to calculate the solute flux from the bulk to the membrane. As for the mass transfer coefficients, the mass
transfer coefficient in the bulk, k24X depends on the flow regime whereas k'lc’,‘i‘lk is obtained multiplying the mass transfer coefficient k24X by a factor
depending on the permeation flux through the membrane. The Hagen-Poiseuille relation is employed to calculate the solvent transmembrane flux Jy.
Such flux depends on the geometric parameters of the membrane and on the net driving pressure, AP (given by the pressure gradient between bulk and
permeate channel minus the osmotic pressure AIT) where npix is the mixing efficiency of the spacer, hy is the height of the feed channel, Lyx is the
mixing length of the spacer, Pe and Sc are the Peclet and the Schmidt adimensional numbers respectively. The system of equations is implemented in
Python and solved in an iterative manner.

Table Al
Equations of the implemented DSPM-DE model.

(@) . CMjnn —C™y 1 F Y-y 1
ji =5GCip = - Di.pi\]*}sy‘i 4 P4 (C™ije1 +C™y) Di.pﬁ JTJJ+ Eki'c (C™jp1 +C™ig)Jy
(2 1+98 A In(h) — 1.56034 A; + 0.528155 1,2 + 1.91521 A% — 2.81903 A;*
— 1+0.270788 ;% +1.10115 4,° — 0.435933 2,7
i.d ¢i
3 . _ 1+3867%-1.907 %2 —0.834 2
e 1+1.867 & — 0.741 A;2
“@ D, p = ki, aDj, o
®) iaCMa #F
Yb:",cbmi = ¢;dgiexp 7R‘7TAWD.bm
(6) Y™ nCiN zF
YP\,IT = ¢1¢B\eXP< - ﬁ\AWD.pm
@) Vi
logy, = — Az?(——~—0.31
&t (1 + V1 )
©)] B €03 N, /2
In(10) 4z v/2 (e kT)%/?
© o — expf — AW
Bi = €XP ksT
10 2, 2
(10) AW.:Z‘GO<1—1>
8neori \Epore  Ebulk
an ¢i = (1 — 1>
12) >iuCm =0
13) >zCh =0
a4) SzCm+ Xg =0
(15) §io= = KK (O Oy g, O Z\CbmiDi.m%g
(16)

(continued on next page)

14


http://www.zerobrine.eu

C. Morgante et al. Desalination 542 (2022) 116005

14\ 17
bulk _ ybulk o _ pbulk | Iv I
k,c.i - kL‘;‘ = kCLI‘ |:kb‘f‘lk + <1 + 026 (kb\llk> > :|
e e

Table A1 (continued)

an Wk _ 753 ( Nix )1/2 (D,_m) Se-1/6 <Pe;hf)1/2
c.i - N
! 2 = Npix hy Lunix
as) 1 AP o
Y 8N,
19 AIl =RT 3, (C™™; — C%)

A.1.2. Medium-scale model (NF element)

The medium-scale model refers to an NF element in which the low-scale model is integrated. The length of the NF element is discretised in a series
of elements. For each element, average values of the concentration, flow rates and pressure are firstly guessed to calculate the osmotic pressure and the
bulk mass transfer coefficient. Then, the small-scale model allows to compute the ions rejection and the water flux. Finally, the outlet concentrations
and flow rates of each discretized element are computed by means of mass balances (Table A2).

Table A2
Equations to model a nanofiltration element.
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M, and CP are the mass flow rate and the concentrations in the permeate channel, M,¢; and C[*" are the flow rate and the concentrations in the
retentate channel, which are the same as those entering the next interval (M and C'i’), and Amembr,elem and Ngiscr,1, are the total membrane area of a NF
element and the number of discretization intervals along the main feed flow direction. As for the equation to calculate the pressure losses, f is the
friction factor, 1 is the length of the discretization interval and Dy is the hydraulic diameter relevant to the feed channel.

A.1.3. Large-scale model (NF plant)

The main aim of the large scale model is to calculate the total number of vessels necessary to reach a specific value of recovery. Firstly, an initial
number of vessels in parallel is given by dividing the required permeate flow rate and a guessed average solvent transmembrane flux. Then, the feed
flow rate for each vessel is calculated. Subsequently, the average solvent flux in the vessel is recalculated in relation to the net driving pressure along
the elements, and the total recovery rate is computed. Once such value has been calculated, the number of pressure vessels in parallel can be updated
considering a linear relationship between the number of vessels and the recovery. From this point, another iteration begins. Once the value of the total
recovery is higher or equal to the required one, the iteration is brought to an end.

A.2. Magnesium Reactive Crystallizer MRC technical model

The Magnesium Reactive Crystallizer MRC technical model is based on simple mass balance equations which are listed in Table B1. The MRC
consists of two precipitation steps. In the first step, magnesium is recovered from the brine in the form of magnesium hydroxide Mg(OH), by
employing an alkaline reactant: a sodium hydroxide solution NaOH. In order to promote Mg(OH), precipitation, one magnesium ion of the brine has to
react with two hydroxyl ions of the alkaline solution. The mass flow rate QnaoH, e of the required alkaline solution is calculated taking into account (i)
such proportion with the molar flow rate of magnesium Qfeed Mg?* 1y multiplied by the effective conversion rate of magnesium RCVETRIN and (ii) the

quantity of NaOH which is used in precipitating the bicarbonates present in the brine where Qfeedl\,smp is the volumetric feed flow rate and Ceed HCO3 ™ 1oyep
is the molar concentration of the bicarbonates in the brine. The latter phenomenon unfortunately is inevitable and has to be considered. The flow rate
QNaOHpsmp depends on the operating molar concentration of NaOH CNaOHP,mp. Simple mass balance are further employed to calculate the total outlet
volumetric flow rate of the 1° precipitation step Qoutyeyep the mass flow rate of Mg(OH), produced MMg(OH) - ep where MWyg(om), is the molecular
weight of Mg(OH) and the magma density of Mg(OH)2 Mmg(oHy),,.,.,, Finally the outlet ionic molar concentrations are computed where the index i is
the generic ion present in the brine (K*, SOF~, C17) All bicarbonates are precipitated in the 1° step in the form of calcium carbonates. Such pre-
cipitation influences the final concentration of calcium in the outlet stream. The outlet of the 1° step becomes the inlet of the 2° step and mass balance
equations are employed to estimate the mass flow rate of calcium hydroxide Ca(OH)> produced Mcy(on) where %2+, o is the effective con-

22°step 0.
version rate of calcium in the second step. As far as the NaOH employed in the 2° step, its volumetric flow rate Qnaomn, e takes into account three
contributes: (i) the stoichiometric quantity QnaoH, stoic,.,, t0 Precipitate calcium, (ii) the quantity employed to complete magnesium precipitation

QnaoH, Mgz ep and (iii) the quantity necessary to reach pH = 13 to complete calcium precipitation Qnaon, addedz,,mpwhere Cca(oH),,, is the Ca(OH),
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solubility and CNaOH 15 is the molar concentration of NaOH at pH 13. Finally, the volumetric flow rate of acid HCl Qucl,,, is computed (necessary to
neutralize the final effluent exiting the MRC Qeflyent-

Table B1

Mass balance equations of the Magnesium Reactive Crystallizer plant.

1° precipitation step

2° precipitation step
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A.3. Multi-Effect Distillation MED technical model

The technical model for the MED takes into account a Forward Feed configuration in which both feed water and vapour flow in the same direction.
The MED unit comprises three different classes of effects for which different mass and energy equations are applied ((i) the first effect, (ii) the in-
termediate effects and (iii) the last effect with the end condenser). All equations are reported in Table C1. A is the latent heat of water, hy,; is the
enthalpy of the steam, hj;q is the enthalpy of the liquid water, hg,y is the enthalpy of the NaCl salt-water solution and cp,s, is the NaCl salt-water solution
specific heat. The water properties are function of temperature, while the NaCl-water solution properties are functions of temperature and

composition.

Table C1
Main mass and energy balance equations of the forward-feed MED model.

Mfeed = Maist + Mbrine

Mteed Xfeed = Mbrine Xbrine

Tysat = T — BPE(T, Xbrine)
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(1 — acondli — 1DMyap[i — 11 M(Tcli — 11) + Meprine[11(hsw(T i — 11, Xp[i — 11) — hyap(Tysar' [iD)) + Mp[il(hew(T[i — 11, Xp[i
= 11) — hew(T[i], Xp[i1)) = Malil(hvap(Tvsat' [i) — hew(T[i — 11, Xpli — 11))

(1 — @cond[N — 1DMyap[N — 11 AMTc[N — 11) + Mgp[N] hyap(Tysar' [N1) + Mp[N — 1] hew(T[N — 11, Xp[N — 1]) = Mp[N]
hw(TINT, X5[N) + MyapIN] hyap(T'veae[NI)

Mew Chay (Tew s Xteea) (Tewout — Tewin) = Myap[N] A(T¢[N])
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Firstly, global mass and salinity balances are employed to calculate the brine flow rate (Mpine), the distillate flow rate (Mgjst) and the brine salinity
(Xbrine), assuming that the distillate is pure water. From this point onwards, the mass flow rate, temperature and pressure are computed for each effect.
As for the temperature profiles, six main quantities must be taken into account and computed: (i) temperature of the brine generated in the effect (T),
(ii) temperature reached by the feed in the preheater of the effect (Tpren), (iii) temperature of the saturated vapour generated in the effect (Tysap), (iv)
temperature of the vapour after crossing the demister (T'ysa), (V) temperature of the vapour after crossing the connecting lines (T'.) and (vi)
condensation temperature of the vapour in the following effect (T.). All six quantities are connected by means of the the boiling point elevation (BPE)
and the pressure drops, leading to temperature drops (ATgemister> ATilines, ATgrav, ATacc), in the case of saturated vapour. The Pitzer model is employed
to estimate the BPE.

Among the three classes of effects, the first one is the only one which receives heat from an external source (M at temperature equal to Ts) and
where the feed stream (Mgeeq at a concentration equal to Xgeq) has been through all the preheaters. The feed of the first effect is sprayed onto a tube
bundle whereas M circulates within the tubes. The vapour (My,p) is generated by the partial evaporation of the feed stream (Mg). The vapour then
crosses the demister and the first preheater, where it partially condenses. The part that does not condense is fed to next effect where it acts as the
heating source. The remaining brine that exits the first effect (Mj, at a concentration equal to X},) is also fed to the next effect where it is sprayed on the
external surface of the tube bundle. As already mentioned, the modelling of the intermediate effects is slightly different. It comprises two energy
balances on the preheater and on the heat exchanger required to calculate the condensed fraction on the preheater tube surface (aconq) and Mg,
respectively. Furthermore, other two vapour contributions have to be taken into account: the vapour produced by the inlet brine flash. As for the
modelling of the last effect, the latter does not have any preheater and all the vapour is sent directly to the end condenser, where it condenses
completely. This can be mathematically translated into different energy balances on the effect and on the last flashing box, since the total My, in the
last effect condenses in the end condenser and then collected in the flash box. The brine My, that exits the last effect is the generated in the last effect is
the final brine of the entire MED plant. The condensate of the flash box M, on the other hand, is the final distillate of the plant. These outlets however
have to respect the global mass balance equations. As far as the end condenser is concerned its feed is used to condensate the vapour. The required total
cooling water flow rate (M) is computed by means of the heat balance and the surplus (Mcy — Mfeeq) is cooled down and reused.

Table C2 reports the equations to calculate the areas of the heat exchangers, the areas of the preheaters and the areas of the end condenser where
DTMLyper, and DTMLcopqg are the temperature logarithmic mean in the preheater and in the condenser and Ucong and Ueyap are the heat transfer co-
efficients for the condenser and the evaporator, respectively.

Table C2
Equations to calculate the heat exchangers, preheaters and end condenser areas of the MED plant.

_ Mreeapyu (Tmean, Xr) (T[] — Tpren[1]) + Ma[1] A(Tvsar[1])

An[0] Uevap (T[1] ) (Tsteam — T(1])
Anli] = (1 — dconali — 1] )M\'ﬂp[i — 1 MTefi—1])
i Uevap (T[] )(Te[i — 1] = T[i] )
Apeenfi] = eond ] Muapli) MToso[i])
P ™ Utond (Tgacli] ) DTMLpyen
Acong = My Cpaw (Tew .,Xfccd) (%‘cw‘ou( - Tcw.in)

Ucond (T¢[N]) DTMLeong

A.4. NaCl Thermal Crystallizer NTC technical model

The technical model of the NaCl Thermal Crystallizer is based on simple mass and energy balance equations where M is the generic mass flow rate
and Q is the generic volumetric flow rate. However, the model was developed in such a way that it depends on the previous MED plant and takes into
account the desired recovery of NaCl salt %;ecovery achieved globally from the coupling MED-NTC. It is therefore possible to calculate the mass flow
rate of salt Moyt salty,, @and of brine Mout, brine,;, POth exiting the crystallizer. Subsequently, logical conditions are taken into account depending on the
NF membrane rejection correction factor o. By means of PHREEQC software it is possible to observe how different compounds precipitate when
different NF ion rejections are considered. Therefore, according to the value of a, a specific set of equations is used related to the specific compound
that precipitates. Finally, the molar concentration of the generic ion i in the brine Coyg, itr, brineyy iS calculated along with the mass distillate flow rate
Mout, distyye- AS for the energy balance equations, the sensible heat Hgensy,, and latent heat Heyap,,, are computed where Tnrc is the operating tem-
perature of the crystallizer and Tyy is the temperature of the inlet stream of the crystallizer.

Table D1
Mass and Energy balance equations of the NaCl Thermal Crystallizer plant.

Qteed Nat ey = Mreed MED @ Creed Na* v
—o

QoutNa® saltre = Yorecovery ® Qeed Na yieo

Mout, saltyre = Qou[, Na*, saltyrc ® MWnaci

o _ Mreednte ® Creed Na re — QoutNa® saltyre ® MWiat
ot bri =
out.Na* brinexrc MWy, +

Meeed NTc ® MWnacl — QoutNa* saltyre

Mout.hrine.\ c —

Chacl,,
o =0.10r0.7 o # 0.1 or 0.7
c Mreed NTC ® Creed 50,2 wre if Creed e i > Creed 5047 nac
2y — e mheed.SO4T nre -
out,SO4>~ brinextc Mout brinexrc ® Mwsof’ Cout, Caz+, brineyrc — CNazCa(SO4)zsat

CoutNay 504 prec.nrc = Cout 50,2 brinewre — CNazSO4 Cout NayCa(s04 ) precame. =

— Crayc
2Ca(SO4),
Moutbrinerc ® MW 2+ 2

. L. if C;, 2 < Cy 2-
Cout, Nat, brineyre = CNaCl,, if NagSOy precipitates eed Ca™" e eed S04 nre
Coul, Ca2t, brineyrc — 0
Cout, Na+, brineyrc = 2Cout, Nays0,, prec.yrc if Na2SO4 does not precipitate

(continued on next page)
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Table D1 (continued)

Meed NTC @ Cheed ca* wre
Cout NayCa(304), precrc = T Mo
out,brinexrc

Qou(.NaQSO4,prec.NTp = Mfeed NTC ® Cfccd,so42’\,Tc - Mou!.brine\nc A CNA;SOM, Cout, Na-, brineyrg = CNaClsﬂt — 2Cout, NayCa(S04),, prec.yrc

 Mreed NTC @ Creed 50,2 qe — 2CoutNayCa(504), prec.xrc ® Moutbrineyre
out,S04% brinexrc

C

Mou(‘brinem(‘

c _ Mteed NTC ® Cfeed,;"'wc
out,i" brinexrc Mout brine
brinextc

_ MreedNTC @ Creed 1 e — QoutNa* saltnre
Coutcl™ prinexrc =

Mout,brinemc
Mout, distyrc = Mfeed, NTC — Qout, Nat, saltyrc ® MWnac1 — Mout, brineyyc

Hsensy;c = Mfeed, NTC ® CPNacl sol,,, ® (Tntc — Tiv)
Hevapyye = Mout, disty;. ® CPNacl sol,,, ® (Tntc — Tin)Adist
HTOTNTC = Hsens,m; + Heva\p\Tc

Appendix B. Economic models
B.1. Nanofiltration NF economic model

The equations for the calculation of the capital and operating costs are reported in Table E1.

Table E1
Equations for the calculation of capEX and opEX of the NF unit.

capEX equations for NF* opEX equations for NF
(1034.4Veeq NF + 1487Xyessel) CEPCLer (1 + i)™ Costelec @ Vieed.NF ® Noperhours
- — " 3 C = cons, P,
Ceivil, NF CEPCLoumons A+ -1 elecNF Yocfr (conSmemb,syst + Peed NF)
(4329.6V?E§§’NF + 1089.6xvesse1)CEPCIm~ (1 4+ i) Cehem, NF = COStchem, NF ® Vpermeate ® Noper, hours
C = -
‘mech NF CEPCIcurrent (1 + i)ﬂmem —~1
c (168 0 10° + 64.8Pfecd NF ® VieedNr) CEPClLie (1 + )i Crain, NF = 2 % capEXnrp
electroNF = CEPCIcurrem (1 + i)nelenm ~-1
c ~ 1200Xvessel ® CEPCLs (1 +1)™mi Cquality, NF = 2 % capEXnr
e N T T CEPClewrrene (1 0)™ — 1
Cinstall, NF = 2 % capEXnr
capEXNF = Ceivil, NF + Cmech, NF + Celectro, NF + Cmemb, NF OpPEXNF = Celec, NF + Cchem, NF + Cmain, NF + Cquality, NF + Cinstall, NF

" The Verbene Cost Model equations were employed.
** CEPCl,f is referred to 2001 (394.3).
" CEPClyrrent is referred to 2021 (754.0).

Among the capital costs, Ceivil, nr [€/y] represents the cost for buildings housing the plant, Crech, nr [€/y] is the cost for pumps, filters and piping,
Celectro, NF [€/y] is the costs for the energy supply systems, Cremb, nr [€/Y] is the investment for the membrane modules, Vieed, ¢ [m®3/h] is the feed flow
rate, Nyessel 1S the number of NF vessels, Preed, Nr [Pa] is the feed pressure and CEPCI is the chemical engineering price index. All capEX contributions
are depreciated considering a specific depreciation period (ncivil for Ceivil, NF, Dmech = Delectro fOT Cmech, NF and Celectro, NF> Nmemb for the membrane) with
a discount rate i. Among the operating costs, Celec, N¢ [€/y] is the cost of electrical energy consumption, Cehem, nr [€/Y] is the chemical consumption,
Cmain, NF [€/Y] is the cost of maintenance, Cquality, nv [€/Y] is the cost for quality control and Cinstan, nr [€/Y] is the cost of daily operation. Costegec
[€/kWh] is the specific cost of electricity, % is the pump efficiency (80 %), Noper, hours [h/y] is the annual number of operating hours, consmemp, syst is
the specific energy consumption for a membrane system (40 Wh/m? of feed). CoStchem, nr (0.023 €/m> of permeate) is the specific cost of chemicals
employed and Vpermeate [m3/h] is the NF permeate flow rate.

B.2. Magnesium Reactive Crystallizer MRC economic model

Equations to compute the capital costs of the MRC unit are reported in Table F1 where Cg [€] is the purchase cost in standard conditions for the
crystallizer and the filter, Vol¢ ys [m®] is the volume of crystallizer, Afiter [m?] is the area of the filter, Fgy is the global correction factor (1.6 and 1.65
for the crystallizer and the filter, respectively), Cgy [€] is the bare module cost, deont = 15 % and ogee = 5 % are the two correction factors to account
contingency and fee, respectively. Cyy [€] is the total module cost which is depreciated within a period (nyrc) with a discount rate i. Among the
operating costs of the MRC, Celec, Mrc [€/y] is the cost of energy consumption for pumping and the drum filter, Poweryrc, tor [kW] is the total
consumed power, Cnaon, Mrc [€/Y] is the cost of reaction chemicals, Costnaon [€/ton] is the specific cost of NaOH, Qnaon, Tor [ton/h] is the mass flow
rate of NaOH, (iii) Cycy, mrc [€/Yy] is the cost of chemicals for the neutralization step, Costycy [€/ton] is the specific cost of HCl and Qpcy, Tor [ton/h] is
the mass flow rate of HCL.

Table F1
Equations for the calculation of capEX and opEX of the MRC unit.

capEX equations for MRC* opEX equations for MRC

1 0(4.509+0,1 73L0g10(VOlerys)+0.134 4 (Log10(Volerys))?)

0
Cp, cryst = Costelec ® Powerror mrc ® Noper hours

Celec MrRC =
Yoerr

CNaoH, MRC = COStNaoH ® QNaoH, TOT ® Noper, hours
CHCI, Mrc = Costycy ® QHCI, TOT ® Noper, hours

Cg flter = 10(4-812+0-286L0g10(Afiter) +0.042 (Log1o(Aser)))

(continued on next page)
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Table F1 (continued)

capEX equations for MRC* opEX equations for MRC
c C9 cryst ® CEPCls .

BM.Cryst — CEPCIcurrem ( BM.cryst)

C0.\.or ® GEPCIL,
ChwM filter = Zpter 7 el (Famfitter)
’ CEPCleurrent ’
Crm, Mrc = (CBM, cryst + CM, filter) (1 + Ocont + Otfee)
(1 +i)™i OpPEXmRc = Celec, MRC + CNaoH, MRC + Chcl, MRC

capEXype = CTMMRCW

" The Bare Module Cost Technique equations were employed.
CEPCl,f is referred to 2001 (394.3).
CEPCl yrrent is referred to 2021 (754.0).

B.3. Multi-Effect Distillation MED economic model

Equations to compute the capital costs of the MED unit are reported in Table G1 where Neyap is the number of evaporators, Npreh is the number of
preheaters, Nfashbox i the number of flashboxes and N¢opq is the number of condensers. Fgy; is the global correction factor, ttcont = 15 % and ogee = 5 %
are the two correction factors to account contingency and fee, Cpy [€] is the bare module cost, Cyy [€] is the total module cost depreciated within a
period (nyvigp) with a discount rate i. As for the operating costs, Celec, Mep [€/Y] is the electric energy consumption, Consejec, MED [kWh/m? of distillate]
is the specific energy consumption of the MED unit, Vgist, MED [m3/h] is the volumetric flow rate of the produced distillate, Cihermal, mep [€/y] is the
thermal energy consumption, Costpea: [€/kWh] is the specific cost of heat of the MED, Conspeat, mep [KW] is the required thermal energy, Cchem, MeD is
the chemical consumption required for cleaning, anti-scaling and anti-foaming, Q; is the quantity consumed of the ith chemical [ton/h] and Cost; is the
specific cost of the ith chemical [€/ton].

Table G1
Equations for the calculation of capEX and opEX of the MED unit.
capEX equations for MED* opEX equations for MED
0 4.325—0.303Log10(A +-0.163(Log10(A 2
Cp, evap = 10( B10(Acvap) (Logiol m"))Z) Celec, MED = COStelec ® CONSelect, MED ® Vdist, MED ® Noper, hours
0 4.325-0.303Li A, 0.163 (L A
Cp, preh = 10(( O810(Apren) + (Logiol "Mh])z) Cthermal, MED = COStheat ® Consheat, MED ® Noper, hours
0 3.557+0.378L A 0.091 (L A
Cp, flash = 10 O810(Asb)+ Lozl ﬂas")); Cchem, MED = (COStpre—chlorine ® Qpre—Chlorine + COStantiscalant ® Qantiscalant + COStantifoaming ® Qantifoaming + COStca(om)2 ®
0 4.325—0.303Log10(A 0.163(L¢ A,
Cp, cond = 10¢ Bio(Acond) H (LogtolAca)? Qca(omz + Costpolyelectrolyte ® Qpolyelectrolyte + COStcoz ® Qcoz + COStpost—chlorine ® onst—Chlorine)Noper, hours

0 .., ® CEPCl,¢

e Choap .
ntevp = Nown Lo (Favrnp)

CO . @ CEPCl,
C _ N ppreh T 2RIl
BM preh preh CEPCloyrront ( BM.preh)
C s ® CEPCl¢
C = Nfjash—omr = (F,
BM,flash flash CEPCloumrent ( BM.ﬂash)

C9 cond ® CEPCls
CBM.cond = Ncondm (PeM.cond)
Crm, Mrc = (CBM, evap + CBM, preh + CBM, flash + CbM, cond)(1 +
Ocont + Ofee)

CapEX,pp = C (1 +i)™™i OPEXmED = Celec, MED + Cthermal, MED + Cchem, MED
MED TM.MEDi(l L

" The Bare Module Cost Technique equations were employed.
™ CEPCl, is referred to 2001 (394.3).
™" CEPCleyrrent is referred to 2021 (754.0).

B.4. NaCl Thermal Crystallizer NTC economic model

Equations to compute the capital costs of the NTC unit are reported in Table H1 where Vol¢rys [m®] is the volume of NTC, Fpm, N1 is the global
correction factor equal to 1.6 and contingency and fee (dtcont = 15 % and ogee = 5 %) and Crym, ntc [€] is the total module cost depreciated within a
period (nntc) with a discount rate i. Among the operating costs of the NTC unit, Celec, NTc [€/Y] is the cost of electric energy consumption for pumping,
ConSelec, NTC [kWh/m? of distillate] is the specific energy consumption of the crystallizer, Vgist, NTC [m3/h] is the volumetric flow rate of the produced
distillate, Cihermal, ntc [€/y] is the cost of thermal energy required for the precipitation of NaCl crystals, Costpear [€/kWh] is the specific cost of heat of
the NTC, Conspeat, NTc [KW] is the required thermal energy, Corine disposal [€/Y] is the disposal cost of the final brine, Costyrine disp [€/m? of brine] is the
specific cost of brine disposal and Viyine, NTC [m3/h] is the volumetric flow rate of the final brine.

Table H1
Equations for the calculation of capEX and opEX of the NTC unit.
capEX equations for NTC* opEX equations for NTC
N i 2
Cg, NTC = 1050940173 xLogio(Vol1o)+0.134x(Logio(Volro)) Celec, NTC = COStelec ® COnNSelect, NTC ® Vdist, NTC ® Noper, hours
c _ Cpic ® CEPCly ( e Cthermal, NTC = COStheat ® CONSheat, NTC ® Noper, hours
BMNTC = =~ ~op~r \I'BMNTC
CEPCleurrent
Crm, nTc = (Cpm, NTC)(1 + Gcont + Otfee) Chrine disposal = COStbrine disp ® Vbrine, NTC ® Noper, hours
1 +1)™¢ OPEXNTC = Celec, NTC + Cthermal, NTC + Cbrine disposal

capEXypc = CTM.NTCW

" The Bare Module Cost Technique equations were employed.
™ CEPCly is referred to 2001 (394.3).

19



C. Morgante et al.

CEPCleyrrent is referred to 2021 (754.0).
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