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Summary

Capturing CO2 directly from the atmosphere and subsequently using it to produce hydrocarbon fuels
could help decrease mankind’s reliance on fossil fuels and mitigate the risks of climate change. Zero
Emission Fuels (ZEF), a startup from Delft, is developing a small-scale methanol plant, that uses CO2

and H2O vapor captured from ambient air to produce methanol. Their direct air capture unit is based on
continuous absorption and stripping, using bulk polyamines as a chemical sorbent. In this study, the va-
por liquid equilibrium (VLE) of CO2 and aqueous solutions of tetraethylenepentamine, a polyamine with
5 amine groups in its molecular structure, is measured and correlated using thermodynamic models.

The equilibrium pressure of aqueous solutions of 30, 70 and 80 wt% TEPA was measured from 313.15
to 393.15 K using a mechanically stirred and temperature controlled autoclave. Using the same set-
up, the equilibrium solubility of CO2 in aqueous solutions of 30 and 70 wt% TEPA was measured at
313.15, 353.15 and 393.15 K. The experimental measurements showed that TEPA can capture up
to 2.5 mol CO2 per mol TEPA. It was observed that the viscosity of TEPA increased with increasing
TEPA concentration, decreasing temperature and increasing CO2 loading. The 70 wt% TEPA results
at 313.15 K were discarded, because the liquid phase was too viscous to sufficiently interact with CO2

and reach equilibrium. Additionally, it was observed that the vapor pressure of H2O was decreased
upon CO2 absorption, which was attributed to the changing ionic interactions in the liquid phase.

The heat of CO2 absorption was approximated using the VLE data and the Clausius-Clapeyron equa-
tion. For 30 w% TEPA, the heat of CO2 absorption is approximately 70 kJ/mol at lower temperatures
and 75 kJ/mol at higher temperatures. For 70 wt% TEPA, the value lies between 75 kJ/mol and 80
kJ/mol at higher temperatures.

The pressure of the binary TEPA-H2O mixture was correlated using Wilson’s activity coefficient model,
with an absolute relative deviation of 4.15%. Furthermore, the equilibrium CO2 absorption was sim-
ulated using the extended Debye-Hückel law for activity coefficients of ionic species. A theory was
proposed, which states that the polyamine can be modelled as a multiple of smaller amines, using the
ratio of amino groups as a scaling factor. The agreement between developed model and experimental
data exhibited an absolute relative deviation of 15.97%.

Both models were applied in a simple process simulation of the absorption and stripping column of the
direct air capture unit of ZEF to provide an estimation of the energy demand of the process under differ-
ent conditions. It was found that under the studied conditions, the lowest regeneration energy demand
was 533 kJ/mol CO2 absorbed, which is approximately 3 times higher than that of monoethanolamine,
the current benchmark solvent for amine-based CO2 capture. However, through the addition of a rich-
lean heat exchanger and process optimisation to minimize the required reflux stream, this value could
potentially be decreased.
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Chapter 1

Introduction
1.1 Global warming

The climate is changing. In fact, it has been changing throughout the entire history of planet Earth.
Evidence from ice cores shows that in the last 650,000 years, there have been 7 alternating glacial and
warmer periods [10]. However, the rate at which the earth is currently warming up is unprecedented
over decades to millennia [11]. It is estimated that human activities have caused around 1 °C of
warming compared to pre-industrial levels, due to increased emissions of so-called greenhouse gases
(GHGs) [12]. These gases trap the heat that is radiated from Earth towards space, an effect which
is enhanced by a higher concentration of GHGs in the atmosphere. These levels of GHGs, such as
carbon dioxide, methane and nitrous oxide are higher than they have been in the last 800,000 years
[10]. The historical variation of atmospheric CO2 concentration is shown in Figure 1.1. It is very clear
that in the last decades, the CO2 concentration has increased sharply. The result is global warming
[11]. The risks of global warming include shifting ecosystems resulting in mass species extinction,
decreased food security, extreme weather events such as coastal flooding, landslides, droughts, water
scarcity and much more [11].

To mitigate the risks of climate change and to have a chance at staying below 1.5°C of warming, a
net CO2 emissions decline by 45% of 2010 levels is required by 2030. Net zero emissions must be
reached by 2050 [11]. This requires a rapid system transition on a global scale in all polluting sectors,
such as the energy system, transportation and industry. The energy transition from fossil fuels towards
renewable energy technologies combined with energy efficiency measures and increased electrifica-
tion can potentially deliver 90% of the required decline in energy-related CO2 emissions [13]. Another
option is capturing the CO2 emitted from large, point sources, such as power plants or industrial pro-
cesses (e.g. cement production) and storing the captured CO2 in depleted gas reservoirs for example
[14]. An entire energy system transition will take time and our dependence on fossil fuels as primary

Figure 1.1: Global concentrations of carbon dioxide in the atmosphere in parts per million (ppm) over the past
800,000 years measured from ice cores [1] [2].
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energy source will likely continue in the near future. Therefore, technologies to capture and store CO2

are promising to mitigate the emissions from combustion of fossil fuels in the short-term. The Intergov-
ernmental Panel on Climate Change (IPCC), the internationally accepted authority on climate change,
established that carbon capture and storage (CCS) technologies will be necessary in any scenario, if
there is to be a chance at staying below 1.5°C [12].

For the electricity sector, there are multiple options to replace coal and gas power plants, such as
solar photovoltaic power and wind power. Currently, electricity is only around 20% of our entire energy
demand. However, this number is expected to grow significantly over the coming decades as a result
of increased use of electric vehicles, heat pumps and renewable hydrogen [13]. Next to electricity,
there will be a continued demand for liquid fuels and feedstock in industry and in transportation. This
is especially true for the applications that cannot be easily electrified, such as long-distance aviation,
heavy-weight shipping and carbon based chemical processes.

Often the term ’decarbonisation’ is used when talking about the energy transition from fossil fuels to
renewable fuels. However, in the case of the chemical industry, which relies on carbon feedstock to
produce products such as plastics, paints and pharmaceuticals, ’recarbonisation’ is necessary. In other
words, carbon must be obtained from other sources than fossil fuel, because the industry cannot exist
without it! A sustainable carbon source could be biomass, which is in essence a form of naturally
stored CO2. The trouble with biomass is that large plots of land are needed to grow ’fuel crops’,
which could influence food security and supply. Alternatively, we could capture atmospheric CO2 from
the air or from exhausts [14]. If atmospheric CO2 is used to produce renewable hydrocarbon fuels, the
reliance of mankind on fossil fuels could be decreased and the CO2 emissions to the atmosphere could
be reduced. Increasingly, research efforts are focused on so-called Carbon Capture and Utilisation
(CCU). However, due to the very stable C=O double bond in the CO2 molecule it is very difficult to
transform. To convert CO2 to fuels, it must be reduced, which can be achieved through photo-chemical,
electrochemical or thermal hydrogenation methods [15].

1.2 Carbon neutral methanol

An example of a synthetic hydrocarbon fuel is methanol. Presently, around 90% of methanol is pro-
duced from steam reforming of natural gas [16], which yields synthesis gas (syngas), a mixture of CO
and H2. The produced syngas is then used as a feedstock for methanol synthesis. Methanol is mainly
used for the production of chemicals such as formaldehyde, fuel additives and acetic acid [16]. Alter-
natively, methanol could be synthesized from atmospheric CO2 and H2 in the following hydrogenation
reaction:

CO2 + 3 H2 ↔ CH3OH + H2O (1.1)

This yields carbon neutral methanol if it is produced using green hydrogen, which is the product of
water electrolysis using renewable energy. Other sustainable methanol synthesis options include direct
aqueous electrolysis [17] or photo-electrochemical reduction of captured CO2 [18].

In 2004, Geoge Olah (1994 Nobel laureate in chemistry) proposed the methanol economy, in which
carbon neutral methanol is a feasible and economic alternative to oil [19]. The required CO2 can be
captured from different sources, such as exhausts from power plants, chemical plants and even directly
from the air (see Section 2.1.3). Methanol can be used as a liquid fuel in combustion engines, as a
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feedstock for carbon-based industry or as a means of energy storage if the methanol is used in a direct
oxidation methanol fuel cell (DMFC) to produce electricity again [20].

The methanol economy has several advantages over the hydrogen economy. Both provide ways of
storing electrical energy in the form of chemicals, but methanol is a liquid at atmospheric conditions,
while hydrogen is a volatile gas. Therefore, methanol storage and transport is much more straightfor-
ward and more safe. Additionally it can be used in the existing infrastructure, while hydrogen would
necessitate the development of costly and complex infrastructure. Furthermore, methanol can function
as a raw material for the chemical industry, while CO2 from the atmosphere is being recycled, miti-
gating global warming [20]. Despite its potential, the production of green methanol from atmospheric
carbon is currently too costly to be commercially viable [21].

1.3 Zero emission fuels

Zero Emission Fuels B.V., or ZEF for short, is a startup from Delft, whose aim is produce methanol
from nothing more than air and sunlight. Their unique concept is a small scale methanol plant that is
powered by a solar panel. Methanol can be produced on a large scale by adding these micro plants
onto a field of solar panels. The advantage of scaling out, instead of scaling up, is that it makes the
process more dynamic, responding better to the intermittent photovoltaic power input. Additionally, the
small units can be mass manufactured. This brings down the costs of the unit by taking advantage of
economies of scale.

The ZEF methanol factory roughly consists of five subsystems: a direct air capture (DAC) unit, fluid
machinery, an alkaline electrolysis cell, a methanol synthesis reactor and a distillation unit, see Figure
1.2. Firstly, in the DAC, CO2 and H2O are captured from the ambient air through chemisorption by
an amine sorbent. Next, the captured gases must be desorbed from the amine to be used in the
subsequent steps. Desorption occurs at high temperatures and low pressures. After desorption, the
regenerated solvent is pumped back to the absorber to capture CO2 again. The captured H2O is used
in the alkaline electrolysis cell to produce H2 and O2. The captured CO2 is compressed and traces
of H2O vapor are removed using fluid machinery. Subsequently, the H2 together with the CO2 are fed
to the methanol synthesis reactor, producing methanol and water, following Reaction 1.1. Finally, the
reaction products are separated in a distillation step and pure methanol is the final product.

Multiple direct air capture concepts have been developed at ZEF. The first two concepts were based on
solid supports impregnated with polyethyleneimine (PEI) under temperature-vacuum swing operation.
These prototypes had many disadvantages, such as pressure leakage, uneven distribution of the ad-
sorbent, many moving parts and high energy requirement [22]. Due to such difficulties, it was decided
to develop a continuous system, where liquid polyamines flow down over a vertical surface, while am-
bient air is fanned over the absorbent in the opposite direction. Polyamines, such as polyethyleneimine
(PEI) and tetraethylenepentamine (TEPA), are of interest to ZEF, for two reasons. They have a poten-
tially high CO2 capture capacity, due to the many amine groups in these molecules, compared to the
more commercially used amines such as monoethanolamine (MEA) [23]. Furthermore, amine loss is
avoided because of their very low volatility. Previous research at ZEF [22] [9] points out that TEPA has
more favorable characteristics than PEI in terms of CO2 capture kinetics, capacity, viscosity and cost.
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Figure 1.2: A schematic overview of the five subsystems in the ZEF process. During direct air capture, CO2 and
H2O are captured from the atmosphere and separated from the sorbent. Most of the H2O goes into the alkaline
electrolysis cell to produce H2, while the CO2 stream is compressed and purified. H2 and CO2 react to form a
mixture of methanol and H2O, which is separated in the distillation unit.

1.4 Aim of this thesis

This thesis deals with the direct air capture subsystem of the ZEF methanol plant, focussing on the
vapour liquid equilibrium (VLE) of the three components in the DAC: TEPA, H2O ans CO2. The VLE of
the three components dictates the composition of the vapour phase and the liquid phase at a certain
temperature and pressure. An accurate description of the VLE is the starting point for proper simulation
and design of an absorption and desorption process. The VLE in question is particularly complicated,
due to the chemical equilibrium reactions occurring in the liquid phase. Ionic species are formed, which
results in highly non-ideal phase behavior due to electrostatic interactions.

Therefore, the aim of this thesis is twofold: to measure the VLE of TEPA-H2O-CO2 at different com-
positions and temperatures and to develop a thermodynamic model of the VLE of the TEPA-H2O-CO2

system, by fitting it to the acquired experimental VLE data.

1.5 Research questions

To break down the main research aim of this thesis into more specific sections, the following research
questions were formulated:

1. How does the VLE of TEPA-H2O-CO2 depend on the composition, temperature and pressure?

2. Which thermodynamic model is the most suitable to simulate the phase behaviour of the TEPA-
H2O-CO2 system?
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3. What are the implications of the experimental and modelling results for the design of the direct
air capture unit of ZEF?

1.6 Methodology

The first research question is answered by measuring the binary VLE of H2O and TEPA and the ternary
VLE of CO2, H2O and TEPA using a VLE set-up provided by TNO (Netherlands Organisation for Ap-
plied Scientific Research). Secondly, a suitable thermodynamic model is selected based on a literature
review of available models, specifically those applied in the field of amine based CO2 capture. Fol-
lowing this, sub-questions are addressed by reproducing the selected model in Matlab and applying
it first to a mature amine, to ensure the code works properly. Once the model is validated, the code
is modified to suit TEPA. The model is regressed using the acquired VLE data from the experiments.
The implications of the experimental and modelling results are addressed by applying the equilibrium
models to a process simulation of the direct air capture system of ZEF.

1.7 Report outline

This thesis is structured as follows. Chapter 2 provides the theoretical background of the research
field and concepts discussed in the following chapters. This includes the relevant thermodynamics
and amine chemistry. Chapter 3 describes the experimental methods used for all the measurements
performed in this work. In Chapter 4 the selected thermodynamic models are explained in detail,
in terms of equations and assumptions. The experimental and simulation results are reported and
discussed in Chapter 5. Chapter 6 contains the case study of the direct air capture unit of ZEF. The
conclusions of this thesis are listed in Chapter 7. Finally, recommendations for further research are
given in Chapter 8.
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Chapter 2

Background
This chapter provides all the background information and research that is relevant for this study. First,
an overview of the field of carbon capture is given with a particular focus on direct air capture strate-
gies. Second, amine chemistry and the selection criteria for amine-based carbon capture solvents are
discussed, followed by a detailed description of the amine used in this work: tetraethylenepentamine.
Third, important thermodynamics concepts such as phase equilibria and chemical equilibria are ex-
plained, as well as the basic of electrolyte thermodynamics. A brief literature review of the available
electrolyte models supports the decision made for the electrolyte model used in this work: the specific
ionic interaction theory.

2.1 CO2 capture

In recent years, carbon dioxide, or CO2, has received widespread attention as the main greenhouse
gas to cause man-made climate change. Therefore, the field of carbon capture is developing fast [3],
for it could serve two very important purposes. First and foremost, if combined with CO2 sequestration,
it is a promising strategy to reduce CO2 emissions to the air. This is called Carbon Capture and
Storage (CCS). Secondly, captured CO2 could potentially be used as an alternative feedstock for the
carbon-based industry. These technologies are classified as Carbon Capture and Utilisation (CCU).

In this section, the question will be addressed of how CO2 is captured from different sources. First a
brief overview is given of CO2 capture technologies and the most mature technology is discussed in
more detail, followed by an analysis of direct air capture.

2.1.1 CO2 capture from combustion processes

CO2 can be captured from different sources of CO2. It is generally more cost-effective to separate CO2

from high concentration gas streams [24]. Therefore, CCS technology is focused on capturing CO2

from the exhausts of industrial plants involving combustion processes [25]. For example, the waste
gas streams of steel production, cement production, oil refining or fossil-fueled power plants contain
high levels of CO2. Often, three different approaches are distinguished for CCS technologies:

• Postcombusion capture: The CO2 in the flue gas stream from the combustion of fossil fuels is
captured. The advantage of this approach is that the capture system can be retrofitted to existing
power plants [3].

• Precombustion capture: The fossil fuel is gasified first, followed by a water gas shift reaction
which turns CO and H2O into H2 and CO2. This CO2 is then captured, while the H2 rich fuel is
combusted [25].

• Oxy-fuel combustion: Fossil fuels are combusted with a oxygen rich gas stream, which pro-
duces mostly CO2 and H2O, which can be easily purified. The main bottleneck for implementa-
tion of this technology is the high cost of a continuous oxygen supply [25].
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The separation of CO2 from these types of gas streams can be achieved by different methods, such
as absorption, adsorption and membrane separation [26]. The best method of CO2 capture depends
on the CO2 source, which can vary greatly in scale, concentration, pressure and temperature. In the
context of CO2 capture, absorption is described as the separation of a specific gas from a gas mixture,
by means of a solvent, while adsorption refers to the process of separating a specific component in a
gas or liquid by adhesion to a surface, usually a porous solid material [26]. Absorption is a bulk process,
while adsorption is a surface process. Since this work deals with absorption of CO2, adsorption and
membrane separation technologies are outside the scope of this thesis.

Two types of absorption are distinguished: physical and chemical absorption. Physical absorption is
a non-reactive process, which depends on the properties of both the liquid and the gas. It is based
on Henry’s law and takes place at high pressures and low temperature, while the reversed process,
called desorption, takes place at low pressure and high temperature [26]. During chemical absorption,
the solvent forms reversible chemical complexes with the absorbed CO2. This is often preferred over
physical absorption for low pressure applications. To reverse the chemical reaction so the CO2 can be
desorbed, heat must be supplied. This is called solvent regeneration.

2.1.2 CO2 absorption by liquid amines

The most mature and promising CCS technology is post-combustion capture by means of chemical
absorption in liquid amines [25]. They are a widely researched class of solvents, which have already
been employed on a commercial scale [3][24]. A conventional amine-based CO2 absorption system
consists of an absorber and a regenerator or stripper. A generic process flow diagram is shown in
Figure 2.1. The absorber is fed with aqueous amine solution at the top which is contacted with the CO2

containing gas stream flowing up. Though a series of chemical reactions, the CO2 is absorbed into the
solvent, which now called ”rich”, since it is enriched with CO2. The rich solvent flows from the bottom
of the absorber column to the top of the stripper column. The reboiler, located at the bottom of the
stripper, generates steam which flows up through the column, thereby heating up the rich solvent. This
causes the chemical reactions in the solvent to reverse and the CO2 to desorb out of the solvent. The
solvent is now called ”lean”, because it contains smaller concentrations of CO2. The lean solvent is
pumped back to the absorber. A heat exchanger placed between the lean and rich solvent flow enables
the lean solvent heat to be used to pre-heat the rich solvent. The gases that have been ”stripped” from
the solvent and the remaining steam are collected at the top of the stripper column and are condensed.

2.1.3 State-of-the-art direct air capture

While the largest part of worldwide CO2 emissions are caused by large point sources such as thermal
power generation plants and industrial processes, the remainder is caused by distributed sources such
as cars, aircrafts and household heating [27]. To reduce these emissions, direct air capture (DAC) could
provide a solution as it extracts CO2 from ambient air [28]. Additionally, DAC could be combined with
onsite technologies that use CO2 as a feedstock (CCU technologies). This would eradicate the need
for CO2 storage and infrastructure, as a DAC processes are not location-specific [29]. An important
benefit of DAC, compared to post-combustion capture, is that the sorbent does not have the same
issues of contamination of other concentrated gases in the waste stream, such as sulfur- or nitrous
oxides. However, as Sanz-Pérez et al. noted well, when comparing DAC and post-combustion capture
technologies, one should keep in mind these technologies are different because they have different
end goals [29]. It should not be a question of either the one or the other technology. Due to the vast
scale of the climate change crisis, both technologies need to be developed and implemented side by
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Figure 2.1: Flow sheet of a typical amine scrubbing process used in post-combustion capture of CO2. In the
absorber column, the lean amine solution chemically absorbs CO2 at low temperature. In the reboiler, steam
is heated. This passes through the desorber or stripping column to heat the rich amine solution, which causes
release of CO2 and regeneration of the lean amine solution [3].

side [29].

The main challenge of DAC is the low partial pressure of CO2 in the air, approximately 400 parts
per million. Additionally, atmospheric air can fluctuate in humidity, temperature and composition [27].
Therefore, a sorbent is needed that is inexpensive, physically and chemically stable in atmospheric
conditions, selective for CO2 over the other gases in the air, that can bind CO2 strong enough, but also
weak enough to be released without a huge energy demand during regeneration of the sorbent [28].

In general, chemical sorbents with strong CO2 binding affinities are more effective for DAC than phys-
ical sorbents at low partial pressures of CO2 [29][30]. In the review of DAC technologies by Broehm
et al [27], three separation techniques are distinguished that appear to be the most technically and
economically viable options for direct air capture of CO2.

• Aqueous solutions of hydroxides

• Solid amine adsorbents

• Inorganic solid adsorbents

Besides these three technologies, there are others that are still in the research stage. Therefore, these
will not be discussed further.
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Figure 2.2: Process diagram of the Carbon Engineering DAC process. The titled boxes show the 4 main process
steps. In side the boxes, the materials and the reactions are shown, together with the reaction enthalpy. [4]

Aqueous solutions of hydroxides

This technology is relatively mature, as it has been employed in other industries in the past, such as
the paper industry, where it is called the Kraft process [27]. Different caustic solutions have been used,
such as NaOH, KOH and Ca(OH)2. When brought into contact with an air flow, the bases take up
CO2 through a chemical reaction. The company Carbon Engineering (CE) has been developing an
aqueous DAC system, using alkaline aqueous solutions of potassium hydroxide (KOH) as a chemical
absorbent [4] and calcium hydroxide, Ca(OH)2 to regenerate the KOH. The process consists of two
chemical loops, see Figure 2.2. In the first loop, the air is contacted with a KOH solution and the CO2 is
absorbed through an acid base reaction, in which carbonates are formed. In the second loop, Ca(OH)2

is used to form a precipitate of CaCO3. This CaCO3 is heated up to 900°C to release the CO2 again.
CaO is formed in this process, which is hydrated or ”slaked” to produce Ca(OH)2 again.

The advantages of using liquid sorbents include continuous operation of the contactor, cheap contactor
design using readily available cooling-tower hardware and long contactor lifetimes [4]. However it also
suffers from high energy consumption of the regeneration step, which causes more CO2 emissions, as
well as evaporative water losses [4]. Additionally, buildup of calcium precipitates inside equipment can
pose a problem [27].

Solid amine adsorbents

These type of technologies usually consist of a single DAC unit, which is used both as an absorber and
a desorber, by cycling through different conditions in two steps [30]. First, ambient air is fanned through
the unit until the sorbent is saturated with CO2. Second, the system is sealed and the conditions are
changed to desorb the CO2 from the sorbent. The type of sorbent determines the optimal desorption
conditions. These can be low pressure, high temperature, high moisture or a combination of these [27].

The largest number of publications have been investigating solid supported amine sorbents [29].
Mainly, the focus of research is on the identification of a suitable amine material and an effective sup-
port structure [27]. Previously, they have been divided into three classes, depending on the way the
amine is bonded to the support structure [29]. Class 1 are structures where the amine is impregnated
into the pores of a substrate material, which means the amine is physically bonded to the surface, often
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through hydrogen bonds. Class 2 consists of amines bonded to the walls of the structure with covalent
bonds. Class 3 sorbents involves amine monomers that have been polymerised inside the pores of
the support structure, thereby covalently bonding polyamine structures to the walls [29]. These three
classes are visualised in Figure 2.3.

The advantages of solid supported amine sorbents are their strong bonding of CO2 at low partial
pressures, as well as a high selectivity towards CO2, compared to physical sorbents [29]. Compared to
aqueous solutions of bases, solid sorbents generally require a lower energy input and lower operating
costs [4]. However, a disadvantage is the potentially short lifetimes of the amine materials, as they
are prone to degradation and evaporation (in case of class 1 sorbents) [30]. Also, the air capture unit
design is much more complex compared to that of continuously flowing liquid sorbents, because it
must allow for the cycling of the conditions of absorption and desorption in a single chamber. Keith et
al describe the main challenge of solid sorbents as the inherently conflicting demands of high sorbent
performance, low cost and long economic life in air [4].

Global Thermostat is a company that currently employs a patented amino-polymer adsorbent in multi-
ple pilot and demonstration plants [30]. Climeworks, a Swiss company, is another well-known example
of a company that has launched a pilot direct air capture plant, using a cellulose fiber support structure
functionalized with amine molecules [30].

Inorganic solid adsorbents

Other solid adsorbents besides amines have been researched, that can reversibly bond CO2, such
as zeolites and Na or Ca based compounds [27]. Zeolites are microporous aluminosilicate struc-
tures. Their advantage is the low temperature for regeneration. However, they are very sensitive to
atmosphere humidity [27]. Na an Ca based solids take up CO2 in a similar way to the aqueous bases
containing Na an Ca, discussed above. However, issues of slow kinetics and deterioration upon cycling
have been reported, especially for CaO systems [27].

The Dutch company Antecy, which has recently joined forces with Climeworks [31], has developed and
absorption process based on potassium carbonate (K2CO3), which is a cheap material that can be
regenerated at a lower temperature, because it uses a moisture-aided desorption reaction [30].

2.1.4 Direct air capture at Zero Emission Fuels

The start-up Zero Emission Fuels BV (ZEF) has been introduced in Section 1.3 as a company working
on a small scale methanol factory, which uses only air and sunlight as inputs. The first step in the
ZEF process is the capture of H2O and CO2 from ambient air. After developing and testing multiple
prototypes, which used solid supported amine adsorbents, the direct air capture research has taken
a new direction towards continuous capture systems based on liquid polyamines. This is a class of
amines that has previously only been applied in the field of solid amine sorbents. This way ZEF takes
advantage of the maturity of chemical absorption in liquid amines, a technology widely applied in post-
combustion capture of CO2, but using sorbents that have proved very promising in the field of DAC.

Two polyamine sorbents have been the focus of research at ZEF: polyethyleneimine (PEI) and tetra-
ethylenepentamine (TEPA). The liquid properties and CO2 absorption characteristics of aqueous solu-
tions of these polyamines have been characterised and compared [22][9]. It was found that TEPA had
more favorable characteristics, such as higher absorption rate, higher equilibrium solubility of CO2 at
the same conditions.
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Figure 2.3: Three classes of amine functionalized silica. Class sorbents 1 are porous structures physically
impregnated with amine (top right). Class 2 sorbents consist of amine molecules chemically bonded to the
surface of the support (bottom left). Class 3 sorbents contain in-situ polymerized and covalently bonded amines
(bottom right). [5]

2.2 Amine solvents for CO2 capture

2.2.1 Primary, secondary, tertiary and sterically hindered amines

An amine is a chemical species which contains an amino group: a nitrogen atom, to which zero, one
or two hydrogen atoms are connected. Four types of amines are distinguished: primary, secondary,
tertiary and sterically hindered amines. Primary amines are connected to one organic substituent, such
as an alkyl or aryl group, and two hydrogen atoms. Secondary amines have two organic substituents
and one hydrogen atom. Tertiary amines are connected to three organic substituents. This is shown
in Figure 2.4, where R denotes an organic substituent. A sterically hindered amine is a compound in
which the adjacent groups in the molecule are ”in the way”, preventing reactions from occurring at the
nitrogen atom, as a result of repulsive forces between overlapping electron clouds. Primary amines
connected to a tertiary carbon and secondary amines attached to a secondary or tertiary carbon atom
are sterically hindered [32].

Primary and secondary amines can form stable carbamates when contacted with CO2, through the
same reaction mechanism. First a zwitterion, an ion with both a negative and positive charge, is
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Figure 2.4: General structure of primary, secondary and tertiary amines.

formed [33].

R1R2NH + CO2 ↔ R1R2NH+COO− (2.1)

Next, the proton from the zwitterion is transferred to another amine, which then becomes protonated
[33]. The zwitterion has become a carbamate.

R1R2NH + R1R2NH+COO− ↔ R1R2NH+
2 + R1R2NCOO− (2.2)

The carbamate can be hydrolysed, resulting in the formation of bicarbonate and regenerating a free
amine [33].

R1R2NCOO− + H2O↔ R1R2NH + HCO−
3 (2.3)

Because two amines are necessary to form one carbamate species, the maximum loading at low
pressures is 0.5 mole of CO2 per mole of amine. These reactions occur at a relatively high rate,
compared to the CO2 absorption reaction with tertiary amines [33].

Tertiary amines undergo a different reaction mechanism, because they don’t have a proton as a leaving
group [34]. They form bicarbonates directly.

R1R2R3N + CO2 + H2O↔ R1R2R3NH+ + HCO−
3 (2.4)

Because of this mechanism, the maximum loading is theoretically 1 mole of CO2 per mole of amine,
twice as high as that of primary and secondary amines. Also, the heat of absorption of this reaction
is lower which makes the regeneration energy demand lower for tertiary amines, compared to primary
and secondary amines. However, this reaction has a lower reaction rate [34].

Conventional amines used for the capture of CO2 include monoethanolamine (MEA), which is often
used as a benchmark, diethanolamine (DEA), N-methyldiethanolamine (MDEA) and 2-amino-2-methyl-
1-propanol (AMP) [35].

2.2.2 Selection criteria for CO2 capture solvents

The ideal CO2 capture solvent should have the following characteristics:

• A high CO2 absorption capacity

• Low regeneration heat duty

• Fast reaction kinetics

13 Confidential



The total heat required to regenerate the amine solution in the stripper column is the sum of three
different energy terms [36]:

Eregeneration = Eabsorption + Esensible + Evaporization (2.5)

The first term is the heat of absorption. This accounts for the heat released during the reaction (or the
heat required to reverse the reaction), the heat of physical dissolution of CO2 and the heat of non-ideal
mixing, which is a result of the new interactions being formed in the mixture. The second term is the
sensible heat. This is the energy required to increase the temperature of the lean amine solution to
that of the reboiler. The third term, the heat of vaporisation, is the heat required to produce the amount
of stripping steam that is not condensed on its way up in the column. The heat of the steam that has
condensed on its way up the column has supplied the heat of absorption, stripping the acid gases off
the amine solution [36].

These three different components of the regeneration heat requirement are all important for determin-
ing the overall heat duty and therefore the cost of the CO2 capture process. These three enthalpies
are not mutually exclusive, since they depend on one another and on the specific process parameters.
Therefore, it is not sufficient to only focus on selecting a solvent with a low heat of absorption, without
taking the overall process in which the solvent is used into consideration [36].

As described in the previous section, no single, primary secondary or tertiary amine solvent satisfies
all three of these requirements [37]. Fortunately, research has shown that blends of primary/secondary
amines and tertiary amines improve reaction rates with respect to the pure tertiary amine and reduce
the overall heat of absorption, compared to the pure primary or secondary amine[33] [37] [38]. In other
words, these blends offers best of both worlds! Sterically hindered amines also offer such favorable
characteristics. They can form carbamates of low stability, due to the presence of large groups in
the proximity of the nitrogen atom [39]. The consequence is that the bicarbonate route is preferred
over the carbamate route, which results in a higher CO2 capture capacity than that of unhindered
primary/secondary amines [39].

Besides the aforementioned main requirements of a solvents for CO2 capture, there are other proper-
ties that should be evaluated:

• Density and viscosity of the solvent. These are important for estimating mass transfer rate in the
liquid

• Corrosive behaviour of the solvent. This can do serious damage to process equipment.

• Degradation of the amine. Thermal degradation can occur because of the high temperature
swing the amine is subjected to, while oxidative degradation happens in the presence of oxygen
in the absorber. Degradation products can also worsen the corrosive behavior of the solution
[40].

• Vapor pressure of the solvent. Although in vapor-liquid equilibrium models the amine vapor
pressure is often neglect, highly volatile amines can result in high amine losses in practice [39].

• Cost of the solvent.

2.2.3 Polyamines

A polyamine is a molecule that has more than two amino groups, which can be primary, secondary
or tertiary. Therefore, it can react with more than two CO2 molecules per polyamine molecule. Their
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potential for CO2 capture is very dependent on the molecular structure of the amine [41].

A few papers have been published that study and compare the performance of different aqueous
polyamine sorbents. Muchan studied the effect of the number of amino groups in the polyamine on the
absorption and desorption of CO2, by comparing the behavior of ethylenediamine (EDA), diethylenetri-
amine (DETA), triethylenetetramine (TETA) and tetraethylenepentamine (TEPA) [23]. It was found that
a higher number of amino groups resulted in a higher equilibrium CO2 loading per molecule of amine,
a higher initial absorption rate and a decreasing basicity. Also, the heat duty for sorbent regeneration
was estimated based on the absorption data. This estimation showed a decrease in heat duty with
increasing number of amino groups. This was explained by the fact that secondary carbamates and
dicarbamates form weaker bonds that primary carbamates and are therefore easier to break down.
Therefore, TEPA showed the most promise as a CO2 capture sorbent. Aronu also reported that TEPA
at low concentrations showed great CO2 capture potential, with fast reaction rates and a high absorp-
tion capacity [6]. Due to the higher number of amino groups per molecule, TEPA could remove 3
times more CO2 per cycle than MEA at the same concentration [6]. Kim studied the properties of six
aqueous triamines varying only substituents at the amino groups and their mixtures with other mono-
or di-amines and found that 3,3’-iminobis(N,N-dimethylpropylamine) (IBDMPA) exhibited high cyclic
capacity, low regeneration duty and moderate CO2 rate, although it was prone thermal degradation
[41].

Unfortunately, only limited information is available about the species distribution of polyamines, which
would provide insight into the reactions mechanisms and support modelling efforts. Hartono qualita-
tively studied the speciation of the DETA-CO2- H2O system using 13C NMR spectra [42] and modelled
the CO2 absorption [43]. Kim et al measured 13C-NMR and 1H-NMR spectra for the CO2 absorption
in aqueous 3-methylamino-propylamine (MAPA), DETA, TETA and TEPA solutions. Because DETA,
TETA and TEPA have more NH-groups than MAPA, they can form many more possible species with
CO2. For TETA and TEPA, the multitude of species could not clearly be distinguished in the 13C-NMR
spectra [35].

2.3 Thermodynamics of amine-based CO2 capture

2.3.1 Vapor-liquid equilibrium

A vapor-liquid equilibrium (VLE) is defined as the state of coexistence of a liquid and a gas phase.
For mixtures, the VLE describes the relationship between the quantities of temperature, pressure and
composition of both phases [44]. Usually, given a set of these quantities for a certain mixture, the goal
is to calculate the others. For example, given a specified binary mixture at a given temperature and
pressure, it is possible to calculate the compositions of the liquid and the vapor phase. This information
is particularly important in the field of separation technology. Proper design of a separation process
requires detailed knowledge of the phase equilibrium behavior as a function of T, P and composition of
the mixture that needs to be separated [45]. Other types of phase equilibria can be distinguished, such
as solid-liquid equilibria (SLE), liquid-liquid equilibria (LLE) or vapor-liquid-liquid equilibria (VLLE), but
these are outside the scope of this thesis. The thermodynamic phase equilibrium is defined by the
so-called iso-fugacity condition which must hold for every component i in the mixture:

f V
i = f L

i (2.6)

where f is the fugacity, V stands for vapor and L for liquid [44]. Generally, the task is to relate the
fugacity of the seperate components in the mixture to the composition of that mixture. The fugacity
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coefficient for components in the vapor phase is defined as

φV
i =

f V
i

yiP
=

f V
i

pi
(2.7)

The fugacity of a component in the gas phase can be considered as the ”effective partial pressure”
exerted by that component in a non-ideal gas mixture. The fugacity coefficient can be interpreted as a
measure of deviation from the ideal gas behavior. For an ideal gas mixture, φi would equal unity. For
components in the liquid phase, the fugacity of component i is related to its mole fraction in the liquid
phase through the activity coefficient.

γi =
ai

xi
=

fi
xi f 0

i
(2.8)

Activity of a component in the liquid phase can be considered as the ”effective concentration” of that
species, note the analogy of this concept to that of fugacity. The first term of Equation 2.8 shows
that the activity coefficient is analogous to the fugacity coefficient for components in the liquid phase,
as it is a measure of deviation from ideality. In an ideal solution, the activity would equal the mole
fraction and the activity coefficient would equal unity. The f o

i , in the second term, is the standard state
fugacity of component i . Usually, for convenience, the standard state is that of the pure liquid at system
temperature and pressure [44]. This can be calculated:

f 0
i (T , P, xi = 1) = Pvpi(T )φs

i (T )exp
∫ P

Pvpi

V L
i (T , P)
RT

dP (2.9)

where Pvpi is the pure component saturation vapor pressure and φs
i is the pure component fugacity

coefficient. The exponential term is called the Poynting factor, which can be usually neglected, as a
liquid is nearly incompressible [44].

Putting all these formulas together into the iso-fugacity condition results in the well known VLE relation
for each component:

yiP = γixiPvpi
φs

i

φi
exp

∫ P

Pvpi

V L
i dP
RT

= γixiPvpiF (2.10)

Often, this relation is simplified, by assuming the correction factor F equal to unity, which is justified
at low to moderate pressures. This relation is then called the modified Raoult’s law.

yiP = γixiPvpi (2.11)

When the activity coefficient is also set to unity, Raoult’s law is the result.

yiP = xiPvpi (2.12)

For binary systems, a plethora of equilibrium data is available. However, for multi-component systems,
much less data is available, because it is very time consuming to measure[45]. To illustrate, for a
10-component system, if one measures the normal boiling points of all possible combinations (also
considering binary, ternary quaternary etc. system) in 10 mol% steps one would require 92378 data
points. Assuming 10 measurements can be performed a day, this would take 37 years to measure.
For this reason, many thermodynamic models have been developed that greatly reduce the required
experimental data points, for example, by only using binary data as an input [45].
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2.3.2 Chemical equilibrium

Next to vapor-liquid equilibrium, chemical equilibrium is an important concept in this thesis.

Consider the generic reaction,
aA + bB ↔ cC + dD (2.13)

The thermodynamic equilibrium constant defines the composition of this reaction mixture at equilibrium.
For a general reaction in the liquid phase, this equilibrium constant would be defined as the ratio of
activities.

Keq =
ac

Cad
D

aa
Aab

B
=

cc
Ccd

D

ca
Acb

B

γc
Cγ

d
D

γa
Aγ

b
B

(2.14)

where ai is the activity, ci the concentration and γi the activity coefficient of component i. The equi-
librium constant only varies with temperature. This variation can be calculated using the Van ’t Hoff
equation [45].

d lnK
dT

=
∆H0

R

RT 2 (2.15)

This can be integrated to the following form, assuming the reaction enthalpy ∆H0
R to be constant of the

temperature range.

lnK (T ) = lnK (T0)− ∆H0
R

R

(
1
T
− 1

T0

)
(2.16)

2.3.3 Electrolyte thermodynamics

Electrolytes are substances that dissociate into positively charged cations and negatively charged an-
ions, when dissolved in a polar solvent, such as water [46]. Strong electrolytes dissociate completely,
whereas weak electrolytes only dissociate partially.

Kontogeorgis cites two scientists in the field of molecular simulation [47]. The first says: ”Life is too short
for electrolytes”. The second: ”All my life I have tried to keep myself away from water and electrolytes”
[47]. He introduces the field of electrolyte thermodynamics as one defined by many uncertainties and
difficulties. This topic is relevant in many different sciences and engineering fields and finds application
in amongst others water desalination, fertilizer production, biotechnology and CO2 capture [48]. The
dissolution of CO2 into aqueous amines results in the formation of different charged species, such as
bicarbonate, carbamates and protonated amines, therefore this by definition is an electrolyte system.

There are multiple differences between electrolyte solutions and non-electrolyte solutions. First of all,
the behavior of electrolyte solutions deviates more from ideality compared to solutions containing only
molecular species, because the electrostatic Coulomb forces between ions have a longer range than
the van der Waals and related forces between molecules [48]. This Coulomb force between two ions i
and j is expressed as:

Fij =
qiqj

4πε0εr2
ij

(2.17)

where q is the electric charge, ε0 is the permittivity of vacuum, ε is the relative permittivity of the
medium and r is the ionic radius [45]. As can be seen from the equation, the effect of electrostatic
forces becomes larger as the ion valency increases.

Secondly, in electrolyte solutions, one must always account for the constraint of electroneutrality. This
means that the total amount of positive and negative charge cancel each other out. If the electrolyte
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dissociates into ν− anions and ν+ cations with a valance of Z− and Z+, the electroneutrality condition
can be described as:

ν−Z− + ν+Z+ = 0 (2.18)

The implication of this constraint is that the concentrations of two ions cannot be varied independently
from each other. Additionally, one cannot make a solution of only 1 type of ion. It is more meaningful
to define a mean ionic chemical potential for an electrolyte solution, instead of a chemical potential for
the cations or anions separately, since this µ± can be determined experimentally [45].

µ± =
ν+µ+ + ν−µ−

ν
(2.19)

where ν = ν+ + ν−, µ± is the mean ionic chemical potential, µ+ is the chemical potential of the cation
and µ− is the chemical potential of the anion. The mean ionic molality is defined as

mν
± = mν+

+ mν−
− (2.20)

and the mean ionic activity coefficient is defined as

γν± = γν+
+ γ

ν−
− (2.21)

The mean ionic activity of a solution a± is defined as

aν± = (
m±
m◦ )νγν± (2.22)

This mean ionic activity is related to the mean ionic chemical potential through:

µ± = µ± + RT lna± (2.23)

Thirdly, the concentrations of electrolyte solutions are usually expressed in terms of molality, which is
defined as the number of moles of solute per kg of solvent. The reason for the popularity of molality is
that the numbers are often more practical (between 0 and 20 for most), compared to the mole fractions
which are small [49]. Due to the use of molality, different standard states are used for the solvent and
the solute. For example, for water, often the solvent in electrolyte applications, the standard state is its
pure form, where γi → 1 as xi → 1. However, for ions we need a different approach, since we cannot
have an ion in its pure form, due to the electroneutrality condition. Therefore, the reference state for
ions is that of infinite dilution, such that γ∗i → 1 as xi → 0 [49].

2.3.4 Overview of electrolyte models used for CO2 capture

This section provides an overview of different approaches to model the equilibrium absorption of CO2

in aqueous solutions of amines. These models simultaneously solve the chemical equilibria in the liquid
and the phase equilibrium of the entire system. Usually, the results are presented in a graph showing
the partial pressure of CO2 as a function of loading, defined as the number of moles CO2 absorbed
per moles of amine.

The different approaches to modelling amine-H2O-CO2 systems can be divided into three categories:
semi-empirical models, activity coefficient models and electrolyte equations of state. The overview
presented below is not an exhaustive list, but introduces the most commonly used models in literature.
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Simple semi-empirical models

• Danckwerts and McNeil [50]: This model, together with the Kent and Eisenberg model [51], was
one of the first widely applied models used to calculate vapor- and liquid phase compositions in
amine-CO2-H2O systems [48]. The equilibrium constants of the reactions occurring in the liquid
phase were fitted to functions of ionic strength without taking into account non-ideality of either
phase, using experimental data.

• Kent and Eisenberg [51]: In this simple model, the liquid phase activity coefficients and vapor
phase fugacity are set equal to 1, while the equilibrium constants of the reactions are fitted to
experimental data. This way, the non-ideality of the system is lumped into these K -values.

• Gabrielsen [52]: Instead of accounting for all the different chemical equilibria separately, the
model proposed by Gabrielsen considers one overall chemical equilibrium. This means only
one explicit equation has to be solved for the CO2 partial pressure over aqueous alkanolamine
solution, with only 3 to 4 adjustable parameters. The fit for three different types of amines is
relatively good, especially considering the simplicity of the model [52].

Activity coefficient models

• Debye-Hückel theory: This theory is the first successful model of ion-ion interactions, which
dates back to 1923 when Peter Debye and Erich Hückel described the thermodynamics of ideal
electrolyte solutions [49]. The theory is based on many assumptions. First, it only takes the
ionic interactions into account, therefore neglecting the ion-dipole interactions with the solvent,
for instance. Next, it assumes that ions are point charges, and their electric field is spherical.
The ions do not influence the permittivity of the solution, thus it is equal to the permittivity of
the solvent [45]. In other words, the solvent is a di-electric continuum, it has no structure. The
electrolyte is assumed to be strong, so it is fully dissociated. The distribution of ions around
another ion is governed by Boltzmann’s law [45]. The derivation of the full theory can be found
in [48] and [49]. However, most textbooks describe the so-called extended DH equation:

lnγ∗i = −Z 2
i

A
√

I

1 + Ba
√

I
(2.24)

where I is the ionic strength, a measure of the of ion concentration of a solution. The molar ionic
strength is calculated by:

I =
1
2

n∑
i=1

miz
2
i (2.25)

where mi is the molarity of the ion and zi the charge of the ion. A is the Debye-Hückel parameter

A = (2πNAdo)1/2(
e2

4πεkBT
)3/2 (2.26)

and B is defined as

B = (
2e2NAd0

εkBT
)1/2 (2.27)

This usually gives a good approximation of the activity coefficient up to I ≤ 0.1 molal [49].

The Debye Hückel Limiting Law is an even further simplified version.

logγm
± = −Am|z+z−|I1/2 (2.28)
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The limiting law only holds at very low values of the ionic strength. It is said to be valid approxi-
mately up to an ionic strength of I≤ 0.001 molal [45].

• Specific ion interaction theory (SIT): As an electrolyte solution becomes more concentrated,
short-range non-electrostatic interactions become more important. This theory, first proposed
by Brønsted [53] and further developed by Guggenheim [54] and Scatchard [55], is a correction
of the extended Debye-Hückel law. An extra linear term is added to the equation of the activity
coefficient, which accounts for concentration dependent short-range ionic interactions.

logγi = − z2
i A
√

I

1 + 1.5ρ−1/2
√

I
+
∑

cjεij (2.29)

In their 2013 paper, Puxty and Maeder [7] found that the SIT model describes the VLE behavior
of MEA, AMP and PZ up to high concentrations (10 M) as good, if not better than the more
complex models, such as e-NRTL or e-UNIQUAC [7].

• Pitzer: The Pitzer model was the first major engineering model for electrolytes [48]. It produces
accurate results for aqueous electrolyte solutions up to concentrations of 6 mol/kg. The dis-
advantage of the model is that it is complex. It contains a large number of binary and ternary
adjustable parameters, that need to be determined by regression of experimental data. Regres-
sion is a difficult task for a system with multiple liquid phase solute species. These parameters
are highly dependent on temperature, so they may only be used in the conditions at which they
have been regressed. Furthermore, the amine-water system should be treated as a mixed sol-
vent of variable composition, whereas Pitzer’s method is more suitable for single solvent systems
[56].

• e-NRTL: The electrolyte nonrandom-two-liquid (e-NRTL) model was originally proposed by Chen
and co-workers in 1982 [57], as a modification of the conventional NRTL concept, developed by
Renon and Prausnitz in 1968 [58]. In turn, this concept is based on the local composition theory
proposed by Wilson [59], which states that the composition around a molecule is different from
the overall composition, because of intermolecular forces.

Two important principles underlie the e-NRTL model. The first is the like-ion repulsion assump-
tion. This entails that the concentration cations near another cation is zero and same goes for
anions, due to large repulsive electrostatic forces. The second is the local electroneutrality as-
sumption, which states that around a central molecule, the concentrations of anions and cations
is such that the net ionic charge is zero [48].

The activity coefficient is calculated from the excess Gibbs energy, which is the sum of three
contributions. The first is the Pitzer-Debye-Hückel term. The second is the Born expression.
The third contribution is the local composition term [45].

gE = gE,DH + gE,Born + gE,LC (2.30)

E-NRTL has been widely used to model CO2-H2O-amine systems [48]. It is available in most
commercial process simulators, such as the Aspen Plus software. According to Aspen Inc,
the model can handle mixed solvent systems, and both weak and strong electrolytes at any
concentrations [60].

• e-UNIQUAC: The extended UNIQUAC model, described by Thomsen and co-workers [61] is an
extension of the regular UNIQUAC theory to electrolyte applications through the addition of an
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extended-DH term to account for ion-ion interactions [48]. The model consists of three terms:

Gex = Gex
combinatorial + Gex

residual + Gex
extended D-H (2.31)

It has been successfully applied to CO2-water-amine systems [62] [6], showing excellent corre-
lation of the equilibrium pressure over a large range of loadings and temperatures. The main
difference between e-UNIQUAC and e-NRTL is that e-UNIQUAC uses ion-specific parameters,
while e-NRTL uses salt-specific parameters [48].

Electrolyte equations of state

Electrolyte equations of state (e-EoS) have emerged as a new generation of electrolyte models [47].
They could potentially be a more generally applicable alternative to activity coefficient models with a
more theoretically sound foundation [47]. Another benefit of an e-EoS is that it can be used to treat the
liquid and gas phases equally, while activity coefficient models require the use of a separate model for
the gas phase. To date, these types of models have rarely been used in the field of CO2 absorption in
amines. Nevertheless, two examples are described below.

• Fürst and Renon: [63]: This e-EoS is derived from an expression of the Helmholtz free energy,
which contains a non-electrolyte term, a short-range and a long-range ionic term [63]. It has
been used in several different variations to model chemical CO2 absorption by amines. For
example, Vallée applied it to the VLE of CO2-H2O-DEA mixtures [64].

• SAFT-VR [65]: MacDowell et al. describe the application of the statistical associating fluid theory
for potentials of variable range (SAFT-VR) to the VLE of CO2 absorption in aqueous amine
solutions. Like other SAFT equations of state, this model is derived from statistical mechanical
methods, specifically thermodynamic perturbation theory. It considers molecules as chains of
identical spherical segments which interact with one another [48].

2.3.5 Selection of suitable electrolyte model

The thermodynamic model chosen for the purpose of this work must describe the partial pressure
of CO2 above a highly concentrated solution of TEPA over a wide range of temperatures and CO2

loadings. It is not crucial to be able to predict liquid phase speciation. To the author’s knowlegde, no
study has previously attempted to model the VLE of CO2 absorption in TEPA. Therefore, a model is
selected from the electrolyte models that have been applied to CO2 absorption in other amine solutions.
The selection of a suitable thermodynamic model is fundamental, as this decision will have a big impact
on the results.

The different electrolyte models have different advantages and disadvantages. The semi-empirical
models are very straightforwards and simple to implement and have proven reliable to estimate the
partial pressure of CO2. However, they cannot be reliably extrapolated outside the range used for
parameter estimation nor can they accurately predict the chemical speciation [56]. In that regard,
activity coefficient models are a better choice. The major drawback of activity coefficients is that often
a large number of parameters need to be fitted to experimental data, which means that a substantial
data set is required for regression and the model is more computationally complex [7]. Compared
to activity coefficient models, e-EoS have the advantage of a more theoretically sound foundation
and better predictive capability [48]. However, their relative immaturity renders these models more
explorative in nature and a much smaller body of work has been devoted to the subject in the context
of chemical CO2 absorption.
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Figure 2.5: Experimental datapoints from Aronu et al (2011) [6] and model calculated lines for CO2 partial
pressure as a function of CO2 loading in aqueous MEA, as calculated by Puxty and Maeder (2013) [7].

Taking all these considerations into account, the model of choice is the specific ionic interaction
theory (SIT), as described in the paper by Puxty and Maeder [7]. In their models, the short-range
interaction term was set to zero, as it did not improve the accuracy of the correlation. This reduces the
theory to the extended Debye-Hückel law. This model is chosen due to its comparable performance
compared to complex thermodynamic electrolyte models such as e-NRTL, ex-UNIQUAC and Pitzer,
but its relative simplicity. They found that the SIT model describes the VLE behavior of MEA, AMP
and PZ up to high concentrations (10 M) as good, if not better than the more complex models [7].
The excellent agreement of the model prediction and the experimental VLE data for CO2 absorption in
aqueous MEA solutions is demonstrated in Figure 2.5.
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Chapter 3

Experimental methods
In this chapter, the materials and the method used to measure the vapor-liquid equilibrium (VLE) of
TEPA, H2O and CO2 are described. First, the experimental set-up is explained in detail, followed by
a description of the planning, procedure and assumptions underlying the CO2 loading and the vapor
curve measurements.

3.1 Experimental setup

A schematic of the setup is shown in Figure 3.1. It consists of an autoclave (Büchi glasuster cyclone
300), whose temperature is controlled by a liquid bath around the vessel (Huber Ministat 230) and a
separate liquid bath for the lid (Julabo F32GB) with a temperature stability of ±0.02 K and ±0.01 K,
respectively. The solvent is injected through an opening in the lid. The gas is injected by a mass flow
controller (Bronkhorst Flowbus). A temperature sensor is placed directly in the liquid to measure the
temperature of the solvent, while another temperature sensor measures the temperature of the vapour
phase. The pressure is measured by WIKA P30 pressure sensor, with an accuracy of 0.5% over the
entire range from 0 to 6 bar. The solvent is mechanically stirred to ensure good mixing between the gas
and the liquid, which is especially useful when dealing with viscous liquids such as TEPA. A vacuum
pump is connected to evacuate the chamber at the start of the experiment.

This set-up was used to perform two types of experiments: vapor curve measurements and CO2

loading measurements. These are discussed in detail in the next two sections.

3.2 Vapor curve measurements

The aim of these experiments is to measure the equilibrium of TEPA and H2O without the addition of
any CO2.

3.2.1 Design of experiment

The only variable that could be varied in this experiment was the composition of the mixture. The
temperature range studied was 298.15 unitl 393.15 K (or 25°C - 120°C).

Table 3.1: Experimental plan for vapor curve measurements.

Concentration Temperature

wt % K

30 298.15 - 393.15
70 298.15 - 393.15
80 298.15 - 393.15

23 Confidential



Figure 3.1: Schematic of the VLE apparatus, consisting of a mechanically stirred autoclave heated by two
separate liquid baths. The CO2 gas is injected from the gas bottle into the autoclave using a mass flow controller.
A vacuum pump is connected as well. The mass flow controller, liquid baths and stirrer as well as all pressure
and temperature sensors are controlled by the computer software.

3.2.2 Procedure

During a vapor curve measurement, no CO2 is added. Only the equilibrium pressure of the TEPA
solution was measured as a result of changing temperature.

1. The solution was loaded into the vessel through a plastic funnel. The remaining solvent on the
funnel and in the sample flask is measured on the mass balance to determine the exact weight
of solution inside the vessel.

2. The stirring mechanism was set to 500 rpm.

3. The liquid baths were set to 298.15 K. Once the liquid reached this temperature, the vessel was
evacuated for 5 minutes.

4. The solution was left to stabilize for at least 1 hour.

5. Then, the temperature of the liquid baths was increased manually with at least 1 hour between
every step. The liquid bath of the lid was set slightly higher than that of the vessel.

6. After the last step, the solution was cooled down and cleaned according to the procedure detailed
in section 3.3.2.

3.2.3 Data processing

The data output of a vapor curve experiment is a raw data file containing per second data of the tem-
perature in the liquid phase, the temperature in the gas phase and the pressure inside the autoclave. A
Matlab file was created to find the points in the curve where the temperature was increased to the next
step. An average over 3 minutes before this point is calculated, which is assumed to be the equilibrium
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pressure of the mixture at this temperature. The Matlab script is provided in Appendix A.

3.3 CO2 loading measurements

The objective of these experiments was to measure the vapor liquid equilibrium between TEPA, H2O
and CO2 at different temperatures and compositions. This was done by adding pulses of CO2 to a
mixture of TEPA and H2O. After every pulse, the pressure in the autoclave increased sharply, followed
by a quick decrease in pressure, as the CO2 was absorbed by the solvent. Once the pressure became
stable between certain stabilisation margins, the software recognized that equilibrium was achieved
and added a new CO2 pulse to the system, which continued until either the set number of steps or a
maximum pressure of 4.5 bar was reached.

3.3.1 Design of experiment

The two independent variables that could be changed for each experiment were the concentration
of TEPA in the solution and the temperature of the system. The ZEF process will make use of very
concentrated TEPA, as this will not evaporate over time. Therefore the experiments were carried out at
high concentrations of TEPA. Currently, the desorption unit is a distillation column, with different stages
containing different compositions of TEPA and H2O. Therefore, a range of different concentrations were
investigated. Since previous experiments in the group have been performed at 30wt% TEPA using a
different set-up, these were repeated to validate the apparatus used in this work.

Since absorption is likely to occur at ambient conditions, it is important to know the CO2 absorption
behavior of TEPA at low temperatures and very low partial pressures of CO2, because air contains
approximately 400 ppm CO2, which corresponds to approximately 0.4 mbar. Desorption of the CO2

from the loaded solvent will occur at high temperatures (around 373.15 - 393.15 K) and low pressures
(500 mbar). Therefore, the experiments covered a wide range of temperatures. Taking all these re-
quirements into account as well as time constraints, the following experimental plan was devised, as
shown in Table 3.2.

Table 3.2: Experimental plan for CO2 loading measurements

Concentration Temperature

wt % K

30 313.15 353.15 393.15
70 313.15 353.15 393.15

3.3.2 Procedure

The experimental procedure consists of 3 general steps: sample preparation, CO2 loading and the
cleaning of the vessel. These are discussed in the following section.

Sample preparation

1. The TEPA solution of approximately 250 mL was prepared by measuring the required mass of
H2O and TEPA on an analytical balance (Mettler AT460) with a linearity of ±0.08 mg. Precision
weighing was achieved using a Pasteur pipette.
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2. The sample was then put in a sonication bath (Grant XUB) in degassing mode for 15 minutes
and sonication mode for 10 minutes, to release any absorbed inert gases. After this step, the
solution should be clear and no bubbles should be visible. If this was not the case, some bubbles
had not yet escaped the viscous solution, then the sonication step was repeated for another 10
minutes.

CO2 loading

1. The solution was loaded into the vessel through a plastic funnel. The remaining solvent on the
funnel and in the sample flask is measured on the mass balance, to determine the exact weight
of solution inside the vessel.

2. The stirring mechanism is turned on to 500 rpm, which is high enough to move the sample
around, but not so vigorously that a vortex is created.

3. The sample was then cooled down to 298.15 K and the vessel was evacuated for 5 minutes to
remove most of the air inside it.

4. Then, the sample was heated to 313.15 K and evacuated again for 5 minutes, to ensure that all
the absorbed gases were removed.

5. The liquid baths were set to the temperature required for the experiment. The most stable
temperatures and pressures were achieved by setting the vessel’s liquid bath to external control,
while setting the liquid bath of the lid to internal control at a slightly higher temperature than the
vessel.

6. The pressure and temperature were allowed to stabilise for 3 hours, before the first CO2 pulse
was added, which means TEPA and H2O have reached equilibrium.

7. CO2 is injected by the mass flow controller in pulses. After one pulse the pressure in the vessel
sharply increases, followed by a sharp decrease as the CO2 is absorbed.

8. Once the pressure remains within a certain range for a specified amount of time, as entered in
the software, equilibrium is assumed to be reached and the next pulse of CO2 is added.

9. The CO2 pulses are repeated, until the experiment is stopped or the pressure inside the vessel
reaches 5 bar.

Cleaning the vessel

After either type of experiment, the vessel was cleaned thoroughly according to the following procedure.

1. Once the experiment was stopped, the pressure in the vessel was released slowly.

2. The solution was diluted with hot tap water and stirred vigorously.

3. The vessel was rinsed once more with hot tap water.

4. Then, the vessel was filled with demiwater heated to 373 K. This was kept boiling for 10 minutes.

5. With the hot water still in the vessel, a short CO2 pulse was given to make sure no TEPA was
blocking the tube of the mass flow controller.

6. Next, the vessel was flushed twice with cold demineralized water.
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7. Then, the vessel was filled with ethanol, which was stirred for 10 minutes and then drained.

8. Lastly, the vessel was dried with pressurized air and evacuated for 15 minutes to dry it.

3.3.3 Data processing

The software produces two files. One raw data file, where all the experimental data are logged every
second. The pressure in the tank, the temperature in the gas and liquid phase, as well as the tempera-
ture in the liquid baths, the torque of the stirring mechanism and the flow of CO2 through the mass flow
controller are logged every second. The other file is the VLE file, which only logs the partial pressure
in the tank just before the next CO2 pulse, which is the equilibrium pressure, as well as the exact size
of the CO2 pulse.

It was found that the equilibrium pressure taken from the VLE file was rather dependent on the noise in
the pressure sensor and was not very representative of the average pressure just before the next CO2

pulse. Therefore it was decided to create a Matlab script to convert the raw data to VLE data instead.

Since spreadsheets provide a more clear overview of the data, a spreadsheet was created for each
experiment, which converts the VLE data from the experiment to the conventional format of reporting
an absorption isotherm, which is a CO2 loading vs. CO2 partial pressure curve. CO2 loading is defined
as the moles of CO2 absorbed per mole amine or per mole nitrogen atoms in the molecule.

The equilibrium partial pressure of CO2 is calculated by:

pCO2,eq = Ptotal,eq − pH2O,eq (3.1)

The vapor pressure of water, pH2O,eq , is equal to the pressure measured before the first CO2 pulse.
The amount of CO2 added to the system is calculated from the mass flow controller data, which is
given in normal liters. A normal liter is defined as a liter of gas at standard temperature and pressure
(STP): 100 kPa and 273.15 K Therefore the MFC data can be converted to moles using the ideal gas
law.

npulse =
PSTPVpulse

RTSTP
(3.2)

The total amount of CO2 in the system is calculated by summing all the gas pulses up to that point.

ntotal =
∑

i

npulse,i (3.3)

The amount of CO2 in the gas phase is calculated from the equilibrium pressure in the reactor, using
the ideal gas law.

nCO2,g =
pCO2,eq(Vvessel − Vsolution)

RT
(3.4)

It follows that the amount of CO2 in the liquid phase can be calculated by:

nCO2,abs = nCO2,total − nCO2,g (3.5)

The loading is calculated by:

αCO2 =
nCO2,abs

MsolutionVsolution
(3.6)

A Matlab script was written to automate the process of filling in the spreadsheet with the experimental
data and the specific composition of the sample required to make all the calculations. The flow of
information is shown in the diagram in Figure 3.2. The Matlab script is given in Appendix B. The Excel
spreadsheet templates are provided in Appendix C.
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Figure 3.2: Flowchart of the data processing scheme for CO2 loading experiments. The raw data, VLE data from
the experiment, as well as the Excel spreadsheets templates are loaded into the Matlab file, which exports the
manipulated experimental data into the results spreadsheet. The calculated results are then imported back into
the Matlab code to create plots.

3.3.4 Assumptions

Converting the experimental data to loading and partial pressure data requires a few assumptions.
These assumptions are listed below.

• The vapor pressure of H2O is assumed to be constant during the entire run of the experiment.
This implies that the addition of CO2 in the system, which causes the formation of ions in the
liquid phase, has a negligible influence on the amount of H2O in the gas phase. This makes it
possible to calculate the equilibrium partial pressure of CO2 using Equation 3.1.

• The ideal gas law is used to convert the partial pressure of CO2 to moles. This is a reasonable
assumption at low pressures.

• The volume above the liquid is assumed to be constant during the experiment. This implies that
the liquid volume and therefore the density of the liquid does not change. However, temperature,
H2O and CO2 loading all have an influence on the density of the liquid.

• Equilibrium is assumed to occur when the pressure variation remains within 7 mbar for 90 min-
utes.

• It is assumed that the stirring mechanism causes homogeneous loading of CO2 inside the sam-
ple.

• It is assumed that the reactor vessel is leak tight and that there is no condensation of H2O
occurring.

• It is assumed that the initial evacuating of the vessel causes negligible H2O evaporation. The
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ratio of H2O to amine is assumed to remain unchanged.
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Chapter 4

Model Description
Three different models are described in this chapter. Firstly, Wilson’s activity coefficient model is ex-
plained, which was used to model the binary mixture of TEPA and H2O. Secondly, the CO2 absorption
model developed for MEA is described. Thirdly, a similar but more elaborate model is detailed, based
on a quantitative structure activity relationship for CO2 absorption in TEPA.

4.1 Binary TEPA-H2O model

Using the experimental data of the TEPA-H2O VLE, a simple binary model was developed, based on
the modified Raoult’s law and the Wilson equation.

4.1.1 Model equations

The modified Raoult’s law is, as the name suggests, an extension of the Raoult’s law, which is generally
valid for a mixture of chemically similar compounds. However, in the case of H2O and TEPA, the regular
Raoult’s law would not hold. The modified Raoult’s law allows for the correction of liquid phase non-
idealities [44].

yiPtot = xiγiP
sat
i (4.1)

where yi is the vapor phase mole fraction, φi is the fugacity coefficient, xi is the liquid phase mole
fraction, γi is the activity coefficient and Psat

i is the pure component saturation vapor pressure of com-
ponent i. Ptot is the total pressure in the system.

The pure component vapor pressure of H2O was calculated using the Antoine’s Equation [44].

log10Psat
H2O(T ) = A− B

C + T
(4.2)

The Antoine coefficients were taken from the Dortmund Databank [66] and are shown in Table 4.1.

Table 4.1: Antoine coefficients for the temperature dependence of pure water vapor pressure in two different
temperature and pressure units.

Antoine coefficients

mmHg and °C mbar and °C

T < 100 °C T > 100 °C T < 100 °C T > 100 °C

A 8.07131 8.14019 8.196213 8.265093
B 1730.63 1810.94 1730.755 1811.065
C 233.426 224.485 233.5509 244.6099

Because no literature values of Antoine coefficients for pure TEPA were found, a different method was
used. The vapor pressure of TEPA was calculated using the Clausius-Clapeyron equation, because
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information on the boiling point and the heat of vaporization of TEPA was available. The Clausius-
Clapeyron equation allows for the calculation of the pure component vapor pressure, using the heat of
vaporization and one known vapor pressure (Pref) at a known temperature (Tref). It is easiest to use
the boiling point of TEPA as the reference temperature, because then the vapor pressure must equal
atmospheric pressure [44].

ln

(
Psat

TEPA(T )
Pref

)
=
∆Hvap

R

(
1
T
− 1

Tref

)
(4.3)

The following boiling point and heat of vaporisation data was used, which is shown in Table 4.2. It is
taken from the National Institute of Standards and Technology [67].

Table 4.2: TEPA properties required to calculate the vapor pressure of TEPA using the Clausius-Clapeyron
equation.

Quantity Value Units

Hvap 71.3 kJ/mol
Tboil 613.15 K

The activity coefficients were calculated using Wilson’s equation. This model was chosen, due to its
relative simplicity. Only two parameters need to be fitted. Next to that, Wilson’s equation has been
shown to be in excellent agreement with the experimental data of a wide variety of binary mixtures and
often works better than other simple activity correlations, such as Margules’ or Van Laar’s equation [68].
Additional advantages are the built-in temperature dependence and the extension to multi-component
equilibria using only binary data [68].

In the next equations, H2O is referred to as species 1, and TEPA as species 2. According to Wilson’s
theory, the activity coefficients for a binary system are calculated using the following semi-empirical
equations [68]:

lnγ1 = −ln(x1 + Λ12x2) + x2

[
Λ12

x1 + Λ12x2
− Λ21

x2 + Λ21x1

]
(4.4)

lnγ2 = −ln(x2 + Λ21x1)− x1

[
Λ12

x1 + Λ12x2
− Λ21

x2 + Λ21x1

]
(4.5)

where Λ12 and Λ21 are the Wilson parameters, which are defined as:

Λ12 =
vL

2

vL
1

e−(λ12−λ11)/RT (4.6)

and

Λ21 =
vL

2

vL
1

e−(λ12−λ22)/RT (4.7)

where λ12 is the interaction energy between molecules of species 1 and 2, λ11 of 2 molecules of
species 1 an λ22 of 2 molecules of species 2. vL

1 and vL
2 are the molar liquid volumes of pure compo-

nents 1 and 2, respectively [68].

The model calculates the total pressure using the modified Raoult’s law, neglecting the vapor phase
non-ideality.

Ptot(T , x) = x1γ1Psat
1 (T ) + x2γ2Psat

2 (T ) (4.8)
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Using the experimental P-T-x data from the vapor curve experiments, the values of (λ12 − λ11) and
(λ12 − λ22), that determine the Wilson parameters, were fitted by minimizing the sum of the squared
residuals:

SSQ =
n∑

i=1

(
Pexp

tot,i − Pmodel
tot,i

)2
(4.9)

A Matlab script was written and is provided in the Appendix D. Using the MultiStart feature combined
with the fminunc solver, the combination of parameters was found that provided the best fit to the data.

4.2 Ternary MEA-H2O-CO2 model

As explained in Chapter 2, the chemical model proposed by Puxty and Maeder [7] was selected to
model the VLE of TEPA, H2O and CO2. In their 2013 paper, they describe the application of this model
to different types of amine solutions, including MEA and piperazine. In this work, their MEA model was
reproduced, to serve as a basis for the development of a model for TEPA. MEA was selected because it
is a simple mono-amine, with an abundance of VLE data available in literature. Additionally, the model
parameters are already provided by the paper by Puxty and Maeder [7].

4.2.1 General model overview

The model proposed by Puxty et al. is a simple chemical model. Given the total concentrations of
the three main species - amine, H2O and CO2 - it solves for the concentrations of species inside
the liquid phase, which are governed by equilibrium constants, mass balances and activity coefficient
correlations. The activity coefficient are calculated using the specific ionic interaction theory. However,
the second term in this equation is not used, because it was found that this had a negligible influence
on the accuracy of the model [7]. The specific ionic interaction model simplifies to the extended Debye
Hückel law.

The calculated free concentration of CO2 is used to calculate the partial pressure of CO2 above the
solution, using the Henry constant of CO2 in water, see Figure 4.1. By comparing the model partial
pressure with the experimental partial pressure at the same conditions, the model’s parameters are
fitted. These parameters determine the value of equilibrium constants as a function of temperature for
the reactions involving amine species. Since the equilibrium constants for the CO2-H2O system have
been thoroughly researched already [69], they don’t need to be fitted.

4.2.2 Model equations

Inputs

To regress the model parameters, VLE data is required as input. For the model developed here,
the VLE data from Aronu [6] was used, because these cover a large range of concentrations and
temperatures and were also used by Puxty and Maeder for parameter regression [7]. Every VLE
datapoint contains the following information:

• The temperature of the system, T , given in K.

• The concentration of MEA in the solvent, wMEA, given in weight percentage.

• The loading of CO2 in the solution, α, defined as mol CO2 per mol MEA.
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Figure 4.1: Visualisation of the chemical model described by Puxty and Maeder [7].

• The partial pressure CO2, pCO2 given in kPa.

The model works with molarities. For the mass balances, the total MEA, total CO2 and total water
molarity can be calculated for every data point using the following equations:

ctotal
MEA =

wMEA
MWMEA

wMEA
ρMEA

+ (1−wMEA)
ρH2O

(4.10)

ctotal
H2O =

(1−wMEA)
MWH2O

wMEA
ρMEA

+ (1−wMEA)
ρH2O

(4.11)

ctotal
CO2

= αctotal
MEA (4.12)

The above equations are based on two assumptions. First, the vaporization of water or MEA is as-
sumed to have a negligible effect on their total concentration inside the liquid phase. Since the over-
head volume in the experimental set up used for VLE experiments is usually small relative to the liquid
volume, this is a reasonable assumption. Second, the volumes of MEA and H2O are assumed to be
additive and do not depend on temperature. In other words, the non-ideal mixing between MEA and
H2O is neglected and the density is assumed independent of temperature.

Chemical equilibria

Six chemical equilibria occur in the liquid phase. The H2O and CO2 equilibria are:

H+ + CO3
2- K1←−−→ HCO3

- (4.13)
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H+ + HCO3
- K2←−−→ CO2 + H2O (4.14)

H+ + OH- K3←−−→ H2O (4.15)

MEA is a mono-amine: it has one nitrogen group. This group can either act as a base or form a
carbamate in the presence of CO2. Therefore, the chemical equilibria involving MEA are:

H+ + MEA
K4←−−→ MEAH+ (4.16)

HCO3
- + MEA

K5←−−→ MEACOO- + H2O (4.17)

H+ + MEACOO- K6←−−→ MEACOOH (4.18)

The chemical equilibria are described by the infinite dilution equilibrium constant. At infinite dilution,
all activity coefficients are assumed to be unity and the ionic strength is zero. This is a hypothetical
reference state. When the concentrations increase, the ionic strength increases and the value of the
activity coefficients are no longer equal to 1. To be able to calculate the concentrations at equilibrium
outside of this reference state, two approaches can be used. Either an iterative approach is used or
a computer program is used to simultaneously solve the concentrations and activity coefficients. The
latter is the strategy used in the model described here.

The infinite dilution equilibrium constants of the chemical equilibria of MEA, H2O and CO2 relate the
concentrations of the species and the activity coefficients according to the following equations.

K 0
1 =

cHCO3
-

cH+cCO3
2-

γHCO3
-

γH+γCO3
2-

(4.19)

K 0
2 =

cCO2

cH+cHCO3
-

1
γH+γHCO3

-
(4.20)

K 0
3 =

cH2O

cH+cOH-

1
γH+γOH-

(4.21)

K 0
4 =

cMEAH+

cH+cMEA

γMEAH+

γH+
(4.22)

K 0
5 =

cMEACOO-

cHCO3
-cMEA

γMEACOO-

γHCO3
-

(4.23)

K 0
6 =

cMEACOOH

cH+cMEACOO-

1
γH+γMEACOO-

(4.24)

The K 0
i values are the equilibrium constants at zero ionic strength. They are dependent on temperature

according to the van ’t Hoff equation (note the similarity to the Clausius Clapeyron equation). The
chemical equilibrium constants in Equation 4.13, 4.14 and 4.15 have been thoroughly researched and
their dependence on temperature is taken from literature [69].

logK 0
1 (T ) = −−12431.7/T − 35.4819logT + 220.067

2.3026
(4.25)

logK 0
2 (T ) = −−12091.1/T − 36.7816logT + 235.482

2.3026
(4.26)

logK 0
3 (T ) = −−13445.9/T − 22.4773logT + 140.932

2.3026
(4.27)
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The chemical equilibrium constants of the MEA reactions are dependent on 2 parameters, which are
the parameters to be fitted in the regression of this model to experimental data. For MEA this means 6
parameters need to be fitted: logK 0

4,ref, ∆H4, logK 0
5,ref, ∆H5, logK 0

6,ref and ∆H6.

logK 0
4 (T ) = logK 0

4,ref −
∆H4

2.3026R
(
1
T
− 1

313.15
) (4.28)

logK 0
5 (T ) = logK 0

5,ref −
∆H5

2.3026R
(
1
T
− 1

313.15
) (4.29)

logK 0
6 (T ) = logK 0

6,ref −
∆H6

2.3026R
(
1
T
− 1

313.15
) (4.30)

In these equations, R is the gas constant in J/mol K, ∆Hi is the enthalpy of reaction in J/mol, T is the
temperature in K and K 0

i,ref is the infinite dilution equilibrium constant at 313.5 K.

Activity coefficient correlation

For each charged species an activity coefficient is calculated by a modified Debye-Hückel equation.
This causes the activity coefficient to be equal for species with the same charge. For the species of
charge one, the activity coefficient is calculated using:

logγHCO3
- = logγH+ = logγOH- = logγMEAH+ = logγMEACOO- = − 12ADH(T )

√
I

1 + 1.5ρ−1/2
√

I
(4.31)

where I is the ionic strength in mol/dm3, ADH is the Debye-Hückel parameter in dm3/2/mol1/2, ρ is the
density of water in kg/dm3.

logγCO3
2- = − 22ADH

√
I

1 + 1.5ρ−1/2
√

I
(4.32)

The Debye-Hückel parameter is dependent on temperature according to the relation:

ADH =
1.8248 · 106

eT 2/3
(4.33)

where e is the relative permittivity of water. The ionic strength is defined as:

I =
1
2

(cHCO3
- + 4cCO3

2- + cOH- + cH+ + cMEAH+ + cMEACOO- ) (4.34)

Mass balances

Finally the mass balances are written for CO2, amine, protons and hydroxide ions. According to Puxty
and Maeder, these are defined as:

cCO2
total = cHCO3

- + cCO3
2- + cMEACOO- + cMEACOOH (4.35)

cMEA
total = cMEA + cMEAH+ + cMEACOO- + cMEACOOH (4.36)

cH+
total = cH+ + cHCO3

- + cMEAH+ + 2cCO2 + cMEACOOH + cH2O (4.37)

cOH- total = cOH- + cH2O (4.38)

However, for some reason, the Matlab code did not work properly using this set of mass balances. This
problem was solved by replacing the mass balance of protons by the charge balance of the system:

cH+ + cMEAH+ = cOH- + cHCO3
- + 2cCO3

2- + +cMEACOO- (4.39)
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Speciation solver

The system of nonlinear equations consisting of 6 equilibrium constant equations, 4 mass balances
and 2 activity coefficient correlations, 12 equations in total, is used to solve the 12 unknowns: 10
species concentrations and 2 activity coefficients for every data point. This is solved using the ’fsolve’
tool in Matlab, which uses the Newton-Raphson algorithm to find the root of the function. This function
consists of all the nonlinear equations, written in such a way that all equations should equal 0. The
solver requires an initial guess of the unknowns, which must be relatively close to the solution, or else
the solver will not converge. Therefore, an initial guess, x0, was taken from running a flash separation
in Aspen at 50 kPa and 353.15 K, with a feed containing 29 wt% MEA, 70 wt% H2O and 1 wt% CO2.
The carbamate protonation reaction was not available in Aspen, thus the values of all species except
cMEACOOH were calculated without taking that reaction into account. The value of cMEACOOH was set
equal to that of cMEACOO- for the initial guess. The initial guess values are listed in Table 4.3.

Table 4.3: Initial guess for Newton Raphson algorithm to solve the set of nonlinear equation in the MEA model.
Values taken from Aspen.

Unknown Value Unit

cHCO3
- 3.86 · 103 mol/dm3

cH+ 3.65 · 10−10 mol/dm3

cCO2
2- 2.74 · 10−3 mol/dm3

cH2O 37.4 mol/dm3

cCO2 2.03 · 10−6 mol/dm3

cOH- 8.56 · 10−4 mol/dm3

cMEAH+ 0.222 mol/dm3

cMEA 4.13 mol/dm3

cMEACOO- 0.212 mol/dm3

cMEACOOH 0.212 mol/dm3

γ1 0.5 -
γ2 0.5 -

The problem with this system is that the unkowns are badly scaled. This means that they vary across
orders of magnitude, which causes problems for the solver to converge. The solution is to scale
the system. This was done in two ways. First the unknowns were normalised, so that the solver
adjusts them equally. Secondly, the logarithm was taken on both sides of the equilibrium constant
equations (Equation 5.19 - 5.24), which doesn’t change anything for the solution, but accelerates the
computations, greatly reducing the time to run the model.

Regression

Nonlinear regression of the VLE data was used to find the model parameters that fit the data best. The
objective function to be minimised was the absolute average relative deviation (AARD%):

AARD% = 100x
1
n

n∑
i=1

|pexp
CO2,i − pmodel

CO2,i |
pexp

CO2,i

(4.40)

The entire Matlab code is given in Appendix E.
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4.3 Ternary TEPA-H2O-CO2 model

The MEA model described in the previous section was used as the foundation to develop a similar
model to describe the ternary mixture of TEPA, H2O and CO2. This model is explained in the next
section.

4.3.1 General model overview

Similar to the previous model, this model calculates the concentrations of species inside the liquid
phase for every data point by solving a set of nonlinear equations consisting of equilibrium constants,
mass balances and activity coefficients. The concentration of free CO2 is then used to calculate the
partial pressure of CO2 above the liquid. Again, the model parameters that are fitted to the data are
the parameters of the van ’t Hoff equation that determine the value of the equilibrium constants of the
amine related reactions as a function of temperature.

The TEPA molecule is quite different to that of MEA, see Figure 4.2a and 4.2b. MEA only has 1 amino
group, a primary amino group, while TEPA has 5, two of which are primary and three are secondary
amino groups. This means MEA can only form mono-carbamates, while TEPA can also form higher
order carbamates, such as di- and tri-carbamates. When the number of amino groups increases,
the number of possible reactions and number of ionic species in the liquid increases strongly, when
taking into account all the potential combinations of CO2 and protons binding to the NH-groups of the
molecule. For example, a study of CO2 absorption in an aqueous solution diethyltriamine (Figure 4.2c)
showed that 24 species can be formed which participate in a total of 23 reactions [42]. It would be
impossible to attempt to take all of the possible species and reactions into account for three reasons.
Firstly, because the number of species and reactions are even higher for TEPA than for DETA. Secondly,
every reaction that is added to the model adds 2 parameters to be fitted. Thirdly, no speciation data
is available for TEPA. With a limited amount of data, this would lead to over-fitting. Additionally, there
would be no way of validating the result of the speciation.

Therefore it was decided that the model must be a simplification of the real situation inside the liquid
phase. It was postulated that one molecule of TEPA behaves similarly to 2.5 molecules of a diamine.
This idea is based on the fact that the CO2 absorption capacity is mostly determined by the number of
amino groups. A solution of 1 M of TEPA would contain the same concentration of amino groups as a
solution of 2.5 M of a diamine, such as piperazine (PZ), see Figure 4.2d. PZ was chosen, because the
van ’t Hoff parameters were available in literature [7].

The advantage of this approach is that the model has to take into account a substantially smaller
number of species and reactions, which leads to less unknowns to be solved by the set of nonlinear
equations and less parameters to be regressed. The approach could be classified as a quantitative
structure activity relationship, as it relates the number of amino groups as a predictor variable to the
CO2 absorption as a response variable.

4.3.2 Model equations

Model inputs

Similar to the MEA model, VLE data is required as input. This time the experimental data from the CO2

loading experiments is used. The quality of the isotherm 313.15 K 70 wt% TEPA data was questionable,
it was omitted. Every datapoint contains the following information:
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(a) (b)

(c) (d)

Figure 4.2: (a) Monoethanolamine (MEA) (b) Tetraethylenepentamine (TEPA) (c) Diethyltriamine (DETA) (d)
Piperazine (PZ)

• The temperature of the system, T , given in K.

• The concentration of TEPA in the solvent, wTEPA, given in weight percentage.

• The loading of CO2 in the solution, α, defined as mol CO2 per mol TEPA.

• The partial pressure CO2, pCO2 given in kPa.

To convert this information into the required format for the model, the following calculations must be
performed:

ctotal
TEPA =

wTEPA
MWTEPA

wTEPA
ρTEPA

+ (1−wTEPA)
ρH2O

(4.41)

ctotal
H2O =

(1−wTEPA)
MWH2O

wTEPA
ρTEPA

+ (1−wTEPA)
ρH2O

(4.42)

ctotal
CO2

= αctotal
TEPA (4.43)

To model TEPA as a diamine, the amine concentration going into the model must be adjusted accord-
ingly. This ’pseudo diamine concentration’ is referred to from here on as ’Am’, to avoid confusion.

ctot
Am = 2.5 · ctotal

TEPA (4.44)

Chemical equilibria

The H2O and CO2 equilibria remain the same as those in Equation 4.13-4.15. For the diamine reac-
tions, the following chemical equilibria that were incorporated into the model.

H+ + Am
K4←−−→ Am+ (4.45)

HCO3
- + Am

K5←−−→ AmCOO- + H2O (4.46)
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H+ + AmCOO- K6←−−→ AmCOOH (4.47)

HCO3
- + AmCOO- K7←−−→ Am(COO)2

2- + H2O (4.48)

H+ + Am(COO)2
2- K8←−−→ HOOCAm(COO)- (4.49)

The definition of the infinite dilution equilibrium constants for the first three equilibria remains the same
as before. For the other reactions, they are defined as:

K 0
4 =

cAmH+

cH+cAm

γAmH+

γH+
(4.50)

K 0
5 =

cAmCOO-

cHCO3
-cAm

γAmCOO-

γHCO3
-

(4.51)

K 0
6 =

cAmCOOH

cH+cAmCOO-

1
γH+γAmCOO-

(4.52)

K 0
7 =

cAm(COO)2
2-

cHCO3
-cAmCOO-

γAm(COO)2
2-

γHCO3
-γAmCOO-

(4.53)

K 0
8 =

cHOOCAm(COO)-

cH+cAm(COO)2
2-

γHOOCAm(COO)-

γH+γAm(COO)2
2-

(4.54)

The temperature dependence of the infinite dilution equilibrium constant remains the same as well,
with the addition of the two van ’t Hoff equations for reaction 7 and 8.

logK 0
7 (T ) = logK 0

7,ref −
∆H7

2.3026R
(
1
T
− 1

313.15
) (4.55)

logK 0
8 (T ) = logK 0

8,ref −
∆H8

2.3026R
(
1
T
− 1

313.15
) (4.56)

The total number of fitted parameters for this model therefore amounts to 8: logK 0
4,ref, ∆H4, logK 0

5,ref,
∆H5, logK 0

6,ref, ∆H6, logK 0
7,ref, ∆H7, logK 0

8,ref and ∆H8.

Activity coefficient correlation

The activity coefficients for all singly charged species are defined as:

logγHCO3
- = logγH+ = logγOH- = logγAmH+ =

logγAmCOO- = logγHOOCAm(COO)- = − 12ADH
√

I

1 + 1.5ρ−1/2
√

I

(4.57)

where I is the ionic strength in mol/dm3, ADH is the Debye-Hückel parameter in dm3/2/mol1/2, ρ is the
density of water in kg/dm3. For the doubly charged species, the activity coefficient is defined as:

logγCO3
2- = logγAm(COO)2

2- = − 22ADH
√

I

1 + 1.5ρ−1/2
√

I
(4.58)

The ionic strength is defined as:

I =
1
2

(cHCO3
- + 4cCO3

2- + cOH- + cH+ + cAmH+ + cAmCOO- + cHOOCAm(COO)- + 4cAm(COO)2
2- ) (4.59)
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Mass balances

The mass balances are defined as:

cCO2
total = cHCO3

- + cCO3
2- + cAmCOO- + cAmCOOH + 2cHOOCAm(COO)- + 2cAm(COO)2

2- (4.60)

cAm
total = cAm + cAm+ + cAmCOO- + cAmCOOH + cHOOCAm(COO)- + cAm(COO)2

2- (4.61)

cOH- total = cOH- + cH2O (4.62)

The proton balance used by Puxty and Maeder [7], has been replaced by the charge balance of the
system:

cH+ + cAmH+ = cOH- + cHCO3
- + 2cCO3

2- + cAmCOO- + cHOOCAm(COO)- + 2cAm(COO)2
2- (4.63)

Speciation solver

The set of 8 equilibrium constant equations, 3 mass balances, 1 charge balance and 2 activity coeffi-
cient equations was used to calculate the 12 species concentrations and 2 activity coefficients at every
data point. For the MEA model, an initial guess was made using Aspen. Since that was not possible
in this case, another strategy was devised. A genetic algorithm was used in MATLAB which found
plausible values of the unknowns. An objective function was constructed which summed the absolute
values of the set of nonlinear equations. The genetic algorithms finds a combination of variables that
minimised this sum. Upper and lower bounds were formulated for all variables, so that they would
always be positive and not exceed the total concentrations of amine, CO2 and H2O. The output of the
genetic algorithm was used as an initial guess for the solver.

To improve computational efficiency, only 1 initial guess was made for each isotherm. For the next
point on the isotherm, the solution of the previous datapoint was used as an initial guesss. Since the
genetic algorithm worked faster with datapoints at high loading, the solver solved the datapoints going
from high to low loading, instead of low to high loading.

During the development of this model, it was found that the genetic algorithm did not always find a
good initial guess on the first run. A bad initial guess then resulted in divergence of the solver or
complex values in the solution of the set of equations. Therefore a threshold of the objective function
was implemented, to ensure the initial guess was good enough.

Nonlinear Regression

The same objective function was used to find the parameters that best fit the model to the data: the
absolute average relative deviation (%). The parameters for PZ were used as an initial guess.

The entire Matlab code of the ternary TEPA-H2-CO2 model is given in Appendix F.
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Chapter 5

Results and Discussion
In this chapter, the results of the experiments and the model are discussed. First the vapor curve
measurements are discussed, followed by the CO2 loading experiments. Then, the model results are
compared to the experimental results.

5.1 Experimental Results and Discussion

5.1.1 TEPA-H2O vapor pressure curves

The vapor liquid equilibrium of TEPA and H2O was measured as explained in Section 3.2. The results
are shown in Figure 5.1. The pure water vapor pressure was not measured in this work, but taken from
literature [8]. The trend in these curves is as expected. The vapor pressure of the solutions increases
exponentially with temperature. Pure TEPA has a much lower vapor pressure than pure water, due to
its high molecular weight. Thus, the pressure above the solution with a high TEPA content will be be
lower with respect to the pressure above the solution with higher water content.

Figure 5.1: The equilibrium pressure of aqueous solution of 30, 70 and 80 wt% TEPA as a function of temperature
compared to the saturation vapor pressure of pure water, taken from [8].

Upon closer inspection of Figure 5.1, the 30 wt% TEPA pressure data is slightly higher than that of
pure water in the low temperature range. This is probably a measurement error. Likely, this effect is a
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result of poor evacuation of the solution and the vessel at the start of the experiment. This would mean
that all the measured points of the 30 wt% curve are shifted upwards slightly.

At high temperatures and low water concentrations in the liquid phase (70 and 80 wt% TEPA), the pres-
sure inside the vessel was constantly fluctuating. The lid and the vessel used for these measurements
were heated by separate liquid baths and were therefore not always exactly at the same temperature.
The instability in the pressure is probably caused by a small reflux of water condensation and evapo-
ration at the top of the vessel due to imperfect insulation of the lid and the pressure sensor. To obtain
a approximation of the equilibrium pressure and temperature, the system was given at least 1.5 hours
per temperature step to equilibrate and an average of the pressure and temperature was taken over a
span of 10 minutes.

The vapor pressure experiments were only performed once for each composition. Therefore, it is not
possible to statistically analyse the results. By repeating the experiments once or twice, the reliability
of the data could be increased.

5.1.2 CO2 absorption isotherms

The vapor liquid equilibria of the ternary mixture, consisting of TEPA H2O and CO2, were measured
as described in Section 3.3. The partial pressure of CO2 was measured as a function of temperature,
loading and TEPA concentration.

30 wt% TEPA

The 30 wt% measurements were used to validate the experimental set-up described in Section 3.1,
because the results can be compared to the results of similar experiments performed in a different
vapor-liquid equilibrium measurement setup at TNO. Ovaa [9] performed CO2 loading experiments
with 30 wt% TEPA solutions in the solvent screening setup, which is also described in [33]. Figure 5.2
displays the results obtained in this work compared to the reference results from Ovaa. Because the
isotherms overlap sufficiently, the experimental setup was validated.

The 30 wt% TEPA experiments were carried out at three different temperatures: 313.15 K (Figure 5.3a
and 5.3b), 353.15 K (Figure 5.3c and 5.3d) and 393.15 K (Figure 5.3e and 5.3f). For every temperature,
two plots are shown on the next page. The figures on the left show the entire absorption isotherm on a
semi-log plot, whereas the figures on the right are closeups of the same data in the low loading region
on a linear scale.

When comparing these figures, a clear trend is visible. A higher temperature yields higher CO2 partial
pressures. This means that less CO2 is absorbed at higher temperatures. It is also clear that the
absorption capacity of TEPA is high, especially at lower temperatures. At 313.15 K, loadings of up to
2.3 mol CO2 per mol TEPA were measured. According to the mechanism of primary and secondary
amines, two amine groups are needed to bond one CO2 molecule. Therefore, a maximum absorption
capacity of 2.5 mol CO2/mol TEPA would be expected, because it has 5 NH-groups per molecule. This
means di-carbamates and perhaps even tri-carbamates are formed in the liquid phase.

The duplo experiments show a slight offset from one another in the low loading range of the graph,
which is magnified by the logarithmic scale of the y-axis. This offset could be explained by the presence
of absorbed gases in the solvent before the addition of CO2, which are expelled from the liquid phase
after the first CO2 pulse. Although the sonication step in the experimental procedure is supposed to
remove these absorbed gases, it is possible that small bubbles did not escape the viscous solution.
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Figure 5.2: Validation of the experimental set-up. The absorption of CO2 by an aqueous solution of 30wt% TEPA
at 313.5 K measured by this work, compared to the data from Ovaa (2019) [9].

The sonication of the sample and two-step evacuation of the vessel apparently results in random errors.
Possibly, the sample can be degassed more thoroughly by connecting the solvent sample to a vacuum
pump during sonication or by prolonging the sonication time. Additionally, the evacuation inside the
vessel could be improved by freezing the sample and evacuating it for a longer time period, so as to
not lose a lot of water from the sample.

70 wt% TEPA

The CO2 absorption isotherms were also measured at a higher TEPA concentration of 70 wt%, at the
same temperatures as before: 313.15 K, 353.15 K and 393.15 K.

The isotherm measurements of 70 wt% TEPA at 313.15 K were the most challenging to perform. It
took multiple repeat experiments to refine the settings. The high viscosity at these conditions resulted
in slow mass transfer of CO2 into the liquid phase, increasing the time required for the system to reach
equilibrium. Additionally, the stirring was less effective at high viscosity. It was therefore uncertain if
equilibrium had been reached properly. Also, practically it became very difficult to remove the highly
viscous solution from the autoclave. Taking these observations into account, it was decided to limit
the loading to approximately 0.7 mol/mol TEPA. The results of these measurements are displayed in
Figure 5.4a. In Figure 5.4b, the absolute pressure increase from the first to the second data point of
each isotherm is clearly larger than the pressure increase in the consecutive steps. The difference in
this jump causes the offset between the duplicate measurements. Again, this initial jump is ascribed to
the expulsion of absorbed inert gases still present in the liquid.

The results at 353.15 K are displayed in Figure 5.4c. The strange discontinuity and differences in shape
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(a) (b)

(c) (d)

(e) (f)

Figure 5.3: Absorption of CO2 by aqueous solutions of 30 wt% TEPA at different temperatures. The graphs on
the left show the full absorption isotherms on a semi-log scale. The graphs on the right show a closeup of the low
loading region, with the initial jump in pressure and the offset between the duplo measurements. (a)(b) 313.15
K, (c)(d) 353.15 K, (e)(f) 393.15 K
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are explained by looking at the closeup of the lower loading range in Figure 5.4d. Both isotherms show
the same and unexpected trend in pressure after the first four or five CO2 pulses: the pressure in the
vessel drops with increasing CO2 content, before increasing again. The lower curve (the blue squares)
show a negative pressure. These points disappear on the semi-log plot in Figure 5.4c. Of course, a
negative partial pressure of CO2 does not exist. This negative pressure is caused by a drop in the
total pressure inside the vessel, combined with the assumption that the partial pressure of water at 0
loading is constant throughout the experiment, as explained in Section 4.2.3 and shown in Equation
4.1.

Figure 5.4e shows the isotherms at 393.15 K. Differences in the shape of the curve of the duplicate
measurements can be seen in the low pressure range. An initial pressure decrease and negative
pressures were measured, similarly to the isotherms of 353.15 K. This decrease of the pressure inside
the vessel is most likely caused by water molecules moving from the gas phase to the liquid phase as
a result of CO2 absorption. This means that the vapor pressure of water in the mixture is not constant
with an increasing CO2 loading. It is possible that the absorption of CO2 and the subsequent increase
of ionic species concentrations changes the interactions between the different species in the liquid
phase and therefore changes the thermodynamic equilibrium. With the experimental set-up used in
this work, it is not possible to quantify this effect properly because has become uncertain what the
composition of the vapor phase is. It is challenging but not impossible to measure the vapor phase
composition with a different more complex VLE set-up which allows sampling of the vapor phase. An
example of such a set-up can be found in [70].

5.1.3 Data corrections

Two pressure effects during the CO2 loading experiments result in a misrepresentation of the actual
partial pressure of CO2. This first is the disproportionate pressure increase after the first CO2 pulse,
compared to the following pressure steps. The second is the pressure decrease in the low loading
ranges of the high temperature and high TEPA concentrations.

Unfortunately, the experimental set-up did not allow for the direct analysis of the gas or liquid phase
compositions. Therefore, the pressure data is currently the only source of information to approximate
the phase equilibrium. It is possible to apply a few simple corrections to the pressure data, in order to
obtain a better approximation of the actual partial pressure of CO2 and loading. These are explained
in the following two sections.

Initial pressure increase correction

To correct for the initial pressure jump in the 30 wt% TEPA data set, the assumption was made that
the pressure increase from the first CO2 pulse (∆P1) is equal to that of the second pulse (∆P2). In
other words, the ’zero point pressure’, is adjusted (P∗

0). This correction is visualised in Figure 5.5.
The assumption is justified, because at the corrected data points, the concentration of CO2 is still very
small. Therefore, it is reasonable to assume that in this low loading range, the CO2 species absorbed
in the liquid don’t interact with each other yet. The absolute change in the equilibrium pressure caused
by this correction is only significant relative to the pressure in the low loading range.

To show the impact of the correction on the results, the uncorrected and corrected data of 30 wt% TEPA
are displayed in Figure 5.6 and 5.7, respectively. It is clear that the correction causes the duplicate
experiments to align and shifts the pressures downwards, which is only visible in the low loading range.
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(a) (b)

(c) (d)

(e) (f)

Figure 5.4: Absorption of CO2 by aqueous solution of 70 wt% TEPA at different temperatures. The graphs on
the left show the all measured data points on a semi-log scale. The graphs on the right show a closeup of
the low loading region. Duplo measurements show an initial decrease in pressure at 353.15 and 393.15 K and
significant pressure offsets. (a)(b) 313.15 K, (c)(d) 353.15 K, (e)(f) 393.15 K
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Figure 5.5: Explanation of the data correction of the first pressure data point. The blue graph represents generic
raw pressure data, which spikes after each CO2 pulse, followed by absorption of the CO2 by the solvent, leading
to a new equilibrium state. The orange circles represent the equilibrium pressure. ∆P1 and ∆P2 are the pressure
differences between two data points. P∗

0 is the corrected zero point pressure.

Figure 5.6: Uncorrected CO2 absorption isotherms of 30 wt% TEPA at 313.15 K, 353.15 K and 393.15 K.
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Figure 5.7: Corrected CO2 absorption isotherms of 30 wt% TEPA at 313.15 K and 393.15 K. No correction was
applied to the isotherm at 353.15 K. The correction corrects for disproportionate pressure increases measured
after the first CO2 pulse.

Negative pressure correction

During the measurements of CO2 absorption in 70 wt% TEPA at 353.15 K and 393.15 K, is was found
that total pressure inside the vessel initially decreased after the addition of CO2 to the system. This
was explained by the changing partial pressure of water, as a result of CO2 absorption by the liquid.
Because the partial pressure of CO2 was calculated as the change in pressure with respect to the
pressure at 0 loading, a decrease of the total pressure resulted in a negative pressure of CO2, which
was calculated using the assumption of constant water pressure. This means, that to approximate the
actual partial pressure and loading of CO2 of the system, a different approach must be used.

Similarly to the previous approach, the pressure at 0 loading must be adjusted in order to obtain
only positive values of the partial pressure of CO2. However, this is less straightforward in this case,
because it applies to at least the first 5 data points of the isotherm, which show a decreasing pressure
trend. The justification of the previous approach at low CO2 concentration is less valid in this case,
because after 5 pulses, the CO2 concentration is significant and the pressure increase is not likely to
be linear anymore. Therefore, the pressure is corrected exponentially in the low loading range, instead
of linearly. This correction is visualised in Figure 5.8.

To illustrate the effect of this type of correction, the 70 wt% isotherms are plotted together in one
graph, before and after the correction, see Figure 5.9 and Figure 5.10 respectively. The correction for
negative pressures was applied to the isotherms of 353.15 and 393.15 K, while the 313.15 K isotherm
is corrected only for the initial pressure increase, as described in the previous section.
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Figure 5.8: Explanation of the data correction of the negative pressures. The blue graph represents generic raw
pressure data, which spikes after each CO2 pulse, followed by absorption of the CO2 by the solvent, leading to a
new equilibrium state. The orange circles represent the equilibrium pressure. ∆Pi are the pressure differences
between two equilibrium pressures. P∗

0 is the corrected zero point pressure.

Figure 5.9: Uncorrected CO2 absorption isotherms of 70 wt% TEPA at 313.15 K, 353.15 K and 393.15 K.
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Figure 5.10: Corrected CO2 absorption isotherms of 70 wt% TEPA at 313.15 K and 393.15 K.

5.1.4 Heat of absorption

The heat of absorption was estimated using the Clausius Clapeyron equation. The enthalpy of absorp-
tion Habs is calculated by using the pressure and temperature of two different isotherms at the same
loading according to the following equation [35]:

ln
P2

P1
= −∆Habs

R
(

1
T2
− 1

T1
) (5.1)

Assuming the loading for the subsequent data points is the same, the heat of absorption was calculated
using different combinations of isotherms. Figure 5.11a shows the heat of absorption calculated using
the corrected 313.15 and 353.15 K isotherms of the 30 wt% TEPA solution. Additionally, the heat of
absorption in Figure 5.11b is calculated using the corrected 353.15 K and 393.15 K isotherms. For the
70 wt% TEPA solutions, heat of absorption was calculated using the data from the corrected 353.15
and 393.15 K. The results of this calculation are shown in Figure 5.11c. The 313.15 K isotherm was
not used, as this data set was deemed unreliable. The values of 1-1, 2-2, 1-2 and 2-1 refer to the
different combinations of duplo measurements used to calculate the heat of absorption.

Secondary carbamates and primary-secondary dicarbamates are less stable than primary carbamates
and will have a lower absorption heat [71]. Since TEPA forms higher order carbamates, the overall heat
of absorption is expected to be lower than that of MEA at the same CO2 loading per mole of amine
groups. The graphs show an initial increase in heat of absorption, followed by a decrease. This is not
in accordance with literature [72][71][35][73]. It is likely that this is the result of inaccuracy of the VLE
data. Kim [73] reported that an accuracy of ± 2%-3% in the solubility data would result in an order of
magnitude increase of uncertainty in the heat of absorption, ± 20%-30%.

An approximation of the heat of absorption is made by looking at the values at higher loading. For
30 wt% TEPA, the heat of absorption is approximately 70 kJ/mol CO2 at lower temperatures and 75
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kJ/mol at higher temperatures. For 70 wt% TEPA, the value lies between 75 kJ/mol and 80 kJ/mol CO2

at higher temperatures. A heat of absorption of 84.91 kJ/mol CO2 (loading = 1.528 mol CO2 per mol
TEPA) for 30 wt% TEPA solutions was measured by Y.E Kim et al [71]. For 30 wt% MEA, the heat
of absorption lies between 85 kJ/mol (313.15 K) and 100 kJ/mol (393.15 K)[35]. For 30 wt% DEA, a
secondary amine, the heat of absorption is around 70 kJ/mol [72]. The heat of absorption calculated
in this work lies between these values for primary-only and secondary-only amines, which is plausible,
because the TEPA molecule contains both types of amine groups.

This calculation assumes a constant heat of absorption over the temperature interval used. However,
Kim [35] observed that the ∆Habs for MEA and AEEA increased with temperature. Therefore, this
calculation only provides an approximation of the heat of absorption. Direct calorimetric measurements
of the CO2 absorption would able to provide more accuracy with regards to heat of absorption and its
temperature dependency. Additionally, the assumption of equal loading in the data is not always valid,
especially in the higher loading ranges. This could be improved by interpolating the VLE curves and
using the partial CO2 pressures at the exact same loading.

(a) (b)

(c)

Figure 5.11: Heat of absorption calculated using the Clausius Clapeyron equation and the CO2 absorption
isotherms. The numbers in the legend refer to the different combinations of duplo measurements used for the
calculations. (a) 30 wt% TEPA 313.15 K and 353.15 K (b) 30 wt% TEPA 353.15 K and 393.15 K (c) 70 wt%
TEPA 353.15 K and 393.15 K.
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5.2 Model results and discussion

5.2.1 Binary TEPA-H2O model

Wilson’s activity coefficient model was regressed to the binary TEPA-H2O VLE data. The fitted param-
eters that resulted from the regression are given in Table 5.1. It is important to note that the first three
data points of the 30 wt% TEPA vapor curve were not taken into account for the regression, because
they influenced the fitted result negatively.

The absolute average relative deviation obtained from the model with these parameters is 4.15%,
taking into account all measured data points, including the pure water data that was taken from [8]. In
Figure 5.12 and 5.13, the excellent agreement between the model and the data is shown.

Table 5.1: Fitted parameters for the Wilson equation to describe the VLE of the binary mixture of TEPA and H2O.

Fitted parameter Value Units

(λ12 − λ11) -156.03 J/mol
(λ12 − λ22) 220.94 J/mol

Figure 5.12: The equilibrium pressure of binary mixtures of TEPA and H2O 30, 70 and 80 wt% TEPA and pure
water as a function of temperature, compared to the prediction of the regressed VLE model, using Wilson’s
equation for activity coefficients.

5.2.2 Ternary MEA-H2O-CO2 model

Using the fitted parameters as inputs into the model, the results already looked promising, but they
were not as good as the result from the paper [7]. The AARD using the fitted parameters from Puxty
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Figure 5.13: Parity plot of the measured versus calculated equilibrium pressure of aqueous solutions of TEPA of
different compositions.

and Maeder equalled 23.6%, whereas they obtained an AARD of 15.4% [7]. This discrepancy indicates
that the model by Puxty and Maeder was not perfectly reproduced in this work. Since the Matlab script
in this work was recreated from scratch, it is possible that a different implementation of the solver and
the replacement of the proton balance by the charge balance yields slightly different results.

To improve the agreement between the model created in this work the experimental data, the model
parameters were fitted using the parameters from the paper as an initial guess using ’fmincon’ from
the optimisation toolbox in Matlab. This improved the result to an AARD of 16.6%. The regressed
parameters and the results are shown in Table 5.2 and the corresponding plots are given in Figure
5.14. It is clear that the model can predict the partial pressure of CO2 well across a wide range of MEA
concentrations and temperatures. In the parity plot in Figure 5.15, the good agreement between the
model and the data is visualised.

The model can not only predict the vapor liquid equilibrium, but also the chemical equilibrium and
therefore the concentrations of the different species at a certain temperature and amine concentration.
The speciation at 313.15 K and 30 wt% MEA is shown in Figure 5.16.

5.2.3 Ternary TEPA-H2O-CO2 model

The model prediction and experimental data of the partial pressure of CO2 versus the loading in 30
and 70 wt% TEPA solutions are shown in Figure 5.17 and 5.18 respectively. In general, the agreement
is very good. In the low loading range the experimental pressure exceeds the model pressure. Figure
5.19 is a parity plot of the calculated and measured pressure. This visualises that the model systemati-
cally underpredicts the pressure at low loadings. The experimental uncertainty in the low loading range
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(a) (b)

(c) (d)

Figure 5.14: Measured versus isotherms for different concentrations of MEA using the ternary MEA-H2O-CO2

model. Experimental data from Aronu (2011) [6]. (a) 15 wt% MEA. (b) 30 wt% MEA. (c) 45 wt% MEA. (d) 60
wt% MEA.

Figure 5.15: Parity plot of the measured partial pressure of CO2 versus the calculated partial pressure of CO2

using the ternary MEA-H2O-CO2 model.
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Figure 5.16: Chemical speciation expressed in true mole fraction versus the CO2 loading in an aqueous solution
of 30 wt% MEA at 313.15 K using the Debye-Hückel model prediction.

is high, because this is where the data was corrected and the absolute pressure was in the range of
the accuracy of the pressure sensor.

Using the fitted parameters for PZ as an initial guess, the parameters were regressed to the data.
However, the setting of parameter boundaries greatly influenced the resulting parameter values and
the accuracy of the model. Loose boundaries resulted in better model predictions. Ultimately, the
combination of parameters was chosen that provided the best fit, with an AARD of 15.97%.

The approach used in this model was to model TEPA as a diamine. This required the adjustment of
the amine concentration by a factor of 2.5. Since this ’pseudo diamine concentration’ and its related
species do not reflect the concentration of TEPA and multiple carbamates in the liquid, this model
cannot be used to predict the speciation in the liquid phase of TEPA. Also, the values of the fitted
parameters and the activity coefficients are no longer physically significant.

The model does predict the partial pressure of CO2 accurately as a function of loading inside the liquid.
It allows for confident interpolation between the concentrations of 30 and 70 wt% TEPA and tempera-
tures between 313.15 and 393.15 K. It can be used to extrapolate to concentrations and temperatures
outside the liquid, because the model equations are physically logical. However, since no data outside
the aforementioned conditions was used for parameter regression, extrapolation is much less reliable.

This model can be used for process simulations. Additionally, the theory of the quantitative structure
activity relationship could be applied to other polyamine molecules of which VLE data are available.
Hence, this developed model could serve as a potential screening tool to quickly estimate the perfor-
mance of different prospective solvents for direct air capture.
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Table 5.2: Regressed model parameters from this work, compared to the work of Puxty and Maeder and the
agreement between the model and the experimental VLE data by Aronu [6] expressed in absolute average
relative deviation.

Parameter Puxty&Maeder (2013) Regressed parameters (this work)

logK 0
4 9.27 9.27

∆H4 -53 -46.09
logK 0

5 1.44 1.50
∆H5 -20 -21.72
logK 0

6 7.0 4.17
∆H6 -23 -23.03

AARD% 23.6% 16.6%

Figure 5.17: Experimental VLE data of the equilibrium CO2 absorption in an aqueous solution of 30 wt% TEPA
at 313.15, 353.15 and 393.15 K versus the ternary TEPA-H2-CO2 model prediction.
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Figure 5.18: Experimental VLE data versus model prediction of the equilibrium CO2 absorption in an aqueous
solution of 70 wt% TEPA at 353.15 and 393.15 K.

Figure 5.19: Parity plot of the measured partial pressure of CO2 versus the prediction partial pressure of CO2

using the ternary TEPA-H2-CO2 model described in this work.
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Table 5.3: Regressed model parameters from this work, compared to the work of Puxty and Maeder and the
agreement between the model and the experimental VLE data of this work expressed in absolute average relative
deviation.

Parameter PZ parameters [7] Regressed parameters (this work)

logK 0
4 9.3 8.05

∆H4 -38 -19.4
logK 0

5 1.2 1.05
∆H5 -32 -26.37
logK 0

6 8.9 8.9
∆H6 -18 -26.51
logK 0

7 0.8 2.37
∆H7 -24 -21.28
logK 0

8 8.9 6.74
∆H8 -24 -24.53

AARD% 15.97%
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Chapter 6

Case Study: ZEF DAC
The aim of this chapter is to provide insight into the performance of TEPA as a direct air capture sorbent,
based on results of the equilibrium models developed in this work. First, the process flow diagram of
the DAC unit of ZEF is described, followed by an explanation of the methodology and assumptions
used for the calculations. Then, the effect of different process parameters on the energy demand is
analyzed and discussed. Concrete recommendations for ZEF are listed in the last section. The most
important results and findings are highlighted in bold text.

6.1 ZEF DAC unit

As explained in Section 2.1.4, the current research and development in the context of direct air capture
at Zero Emission Fuels is focused on using TEPA in a continuous absorption and stripping process.
The process flow diagram of the current prototype of the DAC unit is show in Figure 6.1.

Inside the absorption column, CO2 and H2O are absorbed by a highly concentrated TEPA stream.
Next, the rich amine is heated up in the stripping column by the reboiler. This starts the reversal of
the chemical reactions inside the liquid to allow the CO2 and the amine solvent to be regenerated.
Additionally, the reboiler causes water to vaporize. This steam flows up the desorption column and
strips the CO2 out of the liquid phase by decreasing the partial pressure of CO2 in the vapor phase,
resulting in a driving force of CO2 out of the liquid. H2O vapor and CO2 gas exit the top of the stripping
column and are separated in a flash tank. Part of the water stream is led back into the stripping column,
to ensure the partial pressure of H2O is high enough.

6.2 Absorption and stripping column calculations

In this section, absorption and stripping calculations are performed using the models developed in this
work. These calculations are done with varying conditions inside the absorption and stripping column,
to illustrate the effects of the process parameters on the carbon capture performance of TEPA and the
associated energy demand of the process.

6.2.1 Assumptions

In order to do these calculations, assumptions need to be made. These are listed below:

• Thermodynamic equilibrium: It is assumed that thermodynamic equilibrium has been reached
inside the absorption column, the stripping column and the flash tank.

• Steady state: It is assumed that no accumulation of mass or energy occurs in the system.

• Daily CO2 target of 18.75 mol: ZEF has specified a daily target of 18.75 mol of CO2 that needs
to be captured in order to make the system cost effective. It is assumed the solar powered
micro-plant is operated 8 hours a day. This makes the target mass flow rate of CO2 2.344 mol/h
or 0.103 kg/h.
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Figure 6.1: Overview of the ZEF absorption and stripping process.

• Daily H2O target of 56.3 mol: H2 and CO2 react in the molar ratio 3:1 to form methanol. There-
fore, at least 7.031 mol/h of H2O or 0.127 kg/h needs to be captured to produce the required H2

for methanol synthesis.

• Flash tank and absorption column operate at ambient temperature: It is assumed the hot
gaseous stream that comes out of the top of the stripping column is cooled passively by the
ambient air down to the ambient temperature. Additionally, the hot solvent coming out of the
bottom of the stripping column is assumed to be cooled passively to ambient temperature, before
reaching the absorption column.

• Constant air composition, temperature and pressure: It is assumed that the outside air con-
ditions, the temperature and relative humidity, are constant during the operation of the process.
Ambient pressure is assumed to be 100 kPa.

• Single-stage stripping column: The optimal configuration of the stripping column of the ZEF
DAC prototype has not yet been found. Different 7-stage, 3-stage and single stage prototypes are
being tested currently. Therefore, for simplicity, the stripping column in this chapter is modelled
as a single stage flash separator. However, to avoid confusion between this column and the flash
tank that separates the H2O and CO2 output, the stripping column will not be referred to as a
flash tank.

• No pressure drop in the system: The gaseous output stream from the top of the stripping
column is connected to a flash tank, to separate H2O and CO2. It is assumed this flash tank
operates at the same pressure as the stripping column.
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Figure 6.2: Diagram explaining the methodology used to calculate the effect of the selected process parame-
ters on the mass balance and the energy demand of the direct air capture unit of ZEF. The calculations were
performed in the order of the numbered steps.

• Negligible vaporization of TEPA: It is assumed that the amount of TEPA in the vapor stream
exiting the stripping column is negligible.

6.2.2 Calculation methodology

When it comes to the calculation of different scenarios for an absorption and stripping process, there
are different process parameters that can be varied separately. Hence, there are many ways to ap-
proach this problem. In this chapter, the calculations were carried out using the methodology that is
visualised in Figure 6.2. With the design parameters selected in step 1 and the assumptions described
in Section 6.2.1, the flow rates of all components of each stream as well as the energy balance can be
calculated following the steps in the figure.

A description of all the parameters that are shown in Figure 6.2 can be found in Table 6.1. Additionally,
the values of the constants used in the energy balance are given in Table 6.2.
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Table 6.1: Nomenclature of the process parameters.

Parameter Description

TA Temperature of the ambient air.
PA Pressure of the ambient air.
TS Temperature inside the stripping column
PS Pressure inside the stripping column
φA Relative humidity of ambient air
CC Cyclic capacity of the process
ṁi,j mass flow rate of component i in stream j
ṅi,j molar flow rate of component i in stream j
α loading of CO2

xH2O loading of H2O (weight percentage, without taking the mass of CO2 into account)
rich The stream that flows from the absorption column to the stripping column
lean The stream that flows from the stripping column to the absorption column
target The streams of CO2 and H2O that exit from the flash tank
top The stream containing H2O and CO2 that exits the top of the stripping column
reflux The stream of H2O that is sent back into the stripping column from the flash tank.

Table 6.2: Values used for the calculation of the total energy demand.

Property Description Value Unit Source

Habs,CO2 Heat of absorption of CO2 from TEPA 75 kJ/mol This work
Cp,H2O Specific heat of H2O 75.3 J/(mol K) [74]
Cp,TEPA Specific heat of TEPA 460 J/(mol K) [75]
Hvap,H2O Heat of vaporization of H2O 40.65 kJ/mol [76]

6.2.3 Rich loading as a function of ambient conditions

H2O loading depends more strongly on the relative humidity than on the temperature of air.

TEPA absorbs H2O as it is exposed to moist air. Using the H2O-TEPA binary model, the equilibrium
water loading of the solution can be calculated as a function of temperature and the relative humidity of
air. Relative humidity is defined as the ratio of the partial pressure of water vapor in air to the saturation
pressure of water at the air temperature. Therefore, the partial pressure of water can be calculated at
air of a specified temperature, T , and relative humidity, φ, using the following equation:

pH2O = φpsat
H2O(T ) (6.1)

As the relative humidity goes up, the partial pressure of H2O in the air increases, which increases the
amount of water absorbed by TEPA, see Figure 6.3a. When the temperature increases at constant
relative humidity, the water loading in TEPA decreases, see Figure 6.3b. It is clear that the relative
humidity has a stronger effect on the water loading than the ambient temperature.
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(a) (b)

Figure 6.3: (a) Strong effect on the water loading of TEPA as a result of a changing relative humidity of air, at a
constant ambient temperature of 298.15 K (b) Weak effect on the water loading of TEPA as result of a changing
ambient temperature at different relative humidities.

CO2 loading depends more strongly on the temperature than on the concentration of the TEPA
solution.

The water content of the TEPA solution and the temperature of the solution also have important con-
sequences for the amount of CO2 absorbed by the solution at equilibrium. Air contains approximately
400 ppm of CO2 (see Section 1.1). If the pressure of air is 100 kPa, then the partial pressure of CO2

(assuming ideal gas) must be:

pCO2 = 100 kPa · 400
106 = 0.04 kPa (6.2)

The effect of the temperature on the equilibrium loading of CO2 is shown in Figure 6.4. As the temper-
ature decreases, more CO2 is absorbed. Table 6.3 additionally shows the effect of the water concen-
tration on the loading. The CO2 loading decreases slightly with increasing water loading.

Table 6.3: CO2 loading (mol CO2/kg TEPA) inside TEPA solution as a function of temperature and water loading
of the solution.

Water loading (wt%) Temperature (K)

293.15 313.15

10 5.90 3.20
20 5.88 3.17
30 5.84 3.13

6.2.4 Effect of rich composition on energy demand

To illustrate the effect of the rich composition on the rest of the process, four different scenarios are
compared in this section.

1. Dry and cold location: Ambient temperature of 293.15 K (20°C) and a relative humidity of 25%.
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Figure 6.4: Effect of temperature on the rich CO2 loading of 80 wt% TEPA in equilibrium with ambient air, using
extrapolated model developed in this work.

2. Humid and cold location: Ambient temperature of 293.15 K (20°C) and a relative humidity of
75%.

3. Dry and hot location: Ambient temperature of 313.15 K (40°C) and a relative humidity of 25%.

4. Humid and hot location: Ambient temperature of 313.15 K (40°C) and a relative humidity of
75%.

The rest of the process conditions are kept constant, to analyse the effect of these ambient conditions
only. Therefore it is assumed that the stripper is operated at 393.15 (120°C) and the cyclic capacity is
fixed to 1 mol/kg.

In a dry and cool climate, the H2O target cannot be met. However, if the climate is too humid,
the energy demand increases sharply.

An overview of the results in shown in Table 6.4. The energy demand of the different scenarios is
compared in Figure 6.5. A few trends can be deduced from the results. In scenario 1, the cold dry
climate, the CO2 loading is high, but the H2O is low. This causes the ratio of the partial pressure of
H2O to CO2 to be below the desired ratio of 3:1. Therefore, in this climate, the system cannot provide
the desired H2O target. Therefore, required reflux stream and ratio were calculated to be negative.
The water balance in this scenario is therefore not correct and the lean composition and water output
should be solved iteratively. In scenario 2, the cold humid climate, the H2O loading is much higher.
This means that the partial pressure of H2O in the column must be higher compared to the previous
scenario. A reflux stream will be necessary to provide the needed vapor pressure. With respect to the
previous scenario, the energy demand is increased, because more water in the feed stream leads to
higher sensible heat requirements and more water needs to be vaporised.
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Hot and dry conditions result in a more energy efficient process than hot and humid conditions,
because less energy is required for vaporisation.

In scenario 3 and 4, the CO2 rich loading is lower due to a higher ambient temperature, which means
the partial pressure of CO2 in the column goes down and the reflux ratio becomes higher. In scenario
4, this is amplified by the higher water loading, which results in a higher partial pressure of water in
the stripping column. Although the sensible heat requirement in scenarios 3 and 4 is lower, because
the temperature difference between absorption and stripping is lower, this effect is outweighed by the
increase caused by the larger reflux stream.

Cool and moderately humid conditions or hot and dry conditions are the most advantageous in
terms of energy demand. However, a trade-off must be made regarding the separation of H2O
and CO2.

Looking at the overall performance, scenario 1 shows the lowest energy demand, but cannot provide
the target H2O output necessary for ZEF. Therefore scenario 3 has emerged as the best out of the
analysis in terms of energy demand. However, a trade-off must be made, because the separation of
CO2 and H2O in the flash tank is worst in scenario 3, because the pressure is low and temperature
high. Ideally, the pressure should be high and the temperature low to facilitate a mostly pure CO2 and
H2O output stream. This is desirable for the subsequent processing steps in the ZEF process, as H2O
vapor will cause problems for the CO2 compression, while CO2 in the H2O stream increases its acidity,
which is disadvantageous for its use in alkaline electrolysis.

Table 6.4: Results of varying the ambient conditions on the H2O and CO2 loading and other process parameters.

Scenarios

Process parameter 1 2 3 4 Unit

TA 20 20 40 40 °C
φ 25 75 25 75 %
TS 120 120 120 120 °C
Cyclic capacity 1 1 1 1 mol CO2/kg TEPA
αCO2,rich 5.9 5.8 3.2 3.1 mol CO2/kg TEPA
αCO2,lean 4.9 4.8 2.2 2.1 mol CO2/kg TEPA
xH2O,rich 11.7 47.3 11.7 47.2 wt%
PCO2,col 22.9 22.4 3.8 3.6 kPa
PH2O,col 32.5 146.6 32.3 146.4 kPa
PH2O,col
PCO2 ,col

1.4 6.5 8.6 40.7 -

Reflux ratio -0.5 1.2 2.0 12.8 -
yCO2 output 0.96 0.99 0.82 0.96 -
Eabs 75 75 75 75 kJ/mol CO2

Esens,feed 299 618 239 493 kJ/mol CO2

Esens,reflux 0 27 34 227 kJ/mol CO2

Evap 58 266 349 1653 kJ/mol CO2

Etot 431 986 696 2449 kJ/mol CO2
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Figure 6.5: Energy demand of the stripping column for 4 different scenarios. The energy must provide sufficient
stripping water vapor, heat up the rich and reflux stream from ambient temperature to stripping temperature
(393.15 K) and desorb CO2 from the TEPA solution.

6.2.5 Cyclic capacity and energy demand

In the previous section, the cyclic capacity was fixed to 1 mol of CO2 per kg of TEPA. However, the
system can be designed such that this value is higher or lower, which influences the other process
parameters. Therefore, the same calculations were done, but this time the CC was varied, while the
other parameters were fixed. The ambient conditions were fixed to 20°C and a relative humidity of 50
% with a stripping temperature of 120°C. The results are shown in Table 6.5 and Figure 6.6.

A higher cyclic capacity results in a decrease of pressure in the stripping column and an in-
creasing reflux ratio.

When the cyclic capacity is increased, a lower mass flow rate of TEPA is required to produce the same
amount of CO2. By keeping the H2O output flow rate the same, the ratio of water to TEPA in the lean
stream decreases which decreases the partial pressure of H2O in the column. Additionally, the lean
loading is lower, which means the partial pressure of CO2 in the column is decreased. Therefore, by
only increasing the cyclic capacity, the total pressure in the column goes down. Because the partial
pressure of CO2 decreases more strongly than the partial pressure H2O with increasing cyclic capacity,
the reflux ratio goes up.

A higher cyclic capacity causes the sensible heat requirement to decrease and the vaporisation
heat demand to increase.

The change in energy demand with increasing cyclic capacity shows an interesting trend. Due to the
increasing ratio of H2O to CO2 in the vapor phase in the stripping column, more energy is needed
to vaporize water with increasing cyclic capacity (see the purple bars in Figure 6.6). However, at the
same time, the sensible heat requirement decreases, because a smaller flow rate of TEPA and H2O is
needed at higher cyclic capacity. This effect is dominant in the first three scenarios, causing the total
energy demand to drop. However, the vaporisation becomes dominant after that, increasing the total
energy demand again.
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Table 6.5: Results of varying the cyclic capacity of the process.

Cyclic capacity (mol CO2/kg TEPA)

Process parameter 0.5 1 1.5 2 2.5 Unit

TA 20 20 20 20 20 °C
φ 50 50 50 50 50 %
TS 120 120 120 120 120 °C
αCO2,rich 5.9 5.9 5.9 5.9 5.9 mol CO2/kg TEPA
αCO2,lean 5.4 4.9 4.4 3.9 3.4 mol CO2/kg TEPA
xH2O,rich 26.5 26.5 26.5 26.5 26.5 wt%
PCO2,col 30.8 22.7 16.8 12.3 8.9 kPa
PH2O,col 95.7 90.9 85.8 80.3 74.4 kPa
PH2O,col
PCO2 ,col

3.1 4.0 5.1 6.5 8.3 -

Reflux ratio 0.0 0.3 0.7 1.2 1.8 -
yCO2 output 0.98 0.98 0.98 0.98 0.98 -
Eabs 75 75 75 75 75 kJ/mol CO2

Esens,feed 787 394 262 197 157 kJ/mol CO2

Esens,reflux 1 8 16 26 40 kJ/mol CO2

Evap 126 163 208 265 339 kJ/mol CO2

Etot 989 639 561 563 611 kJ/mol CO2

Figure 6.6: Effect of varying the cyclic capacity on the total regeneration energy demand of the direct air capture
process.

6.2.6 Stripping column temperature

The last parameter that could be varied (according to the methodology used in this work) is the tem-
perature in the stripping column. Therefore, to illustrate the effect of this on the energy demand, the
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stripping temperature was varied from 110, to 120 and 130°C, while the other design parameters were
kept constant. In this analysis, an ambient temperature of 20°C, relative humidity of 50 % and a cyclic
capacity of 1.5 mol CO2/kg TEPA were used.

A higher stripping temperature causes a higher pressure in the stripping column and a de-
creased reflux ratio.

With an increasing temperature, the following effects can be distinguished. The total absolute pressure
inside the stripping column is increased. However, this effect is stronger for the partial pressure of CO2,
compared to that of H2O. This causes the ratio of H2O to CO2 to decrease (in these cases) towards
the desired ratio for methanol synthesis. In turn, this means that a smaller reflux stream is required to
achieve the pressures inside the column.

A higher stripping temperature results in an increased sensible heat and a decreased vaporisa-
tion heat demand.

The effect on the energy demand is twofold. With an increasing temperature difference between the
ambient temperature and the stripping column, more energy is required to heat the feed stream. How-
ever, simultaneously, the energy required to vaporize water decreases because of the smaller reflux
stream, which is dominant in this case. Therefore, the overall energy demand decreases with increas-
ing stripping temperature (see Figure 6.7).

Table 6.6: Results of varying the stripping temperature on the other process parameters.

Stripping temperature (°C)

Process parameter 110 120 130

TA 20 20 20 °C
φ 50 50 50 %
Cyclic capacity 1.5 1.5 1.5 mol CO2/kg TEPA
αCO2,rich 5.9 5.9 5.9 mol CO2/kg TEPA
αCO2,lean 4.4 4.4 4.4 mol CO2/kg TEPA
xH2O,rich 26.5 26.5 26.5 wt%
PCO2,col 5.2 16.8 29.4 kPa
PH2O,col 43.9 85.8 116.5 kPa
PH2O,col
PCO2 ,col

8.5 5.1 4.0 -

Reflux ratio 1.8 0.7 0.3 -
yCO2 output 0.96 0.98 0.99 -
Eabs 75 75 75 kJ/mol CO2

Esens,feed 236 262 289 kJ/mol CO2

Esens,reflux 37 16 8 kJ/mol CO2

Evap 344 208 161 kJ/mol CO2

Etot 693 561 533 kJ/mol CO2

70 Confidential



Figure 6.7: Effect of varying the stripping temperature on the energy demand of the direct air capture process.

6.3 Discussion

The most energy efficient scenario was TA of 20°C, TS of 130°C, CC of 1.5 mol/kg

It is clear that different process parameters can be varied and that an optimum must be found where
the energy demand of the process is the lowest. The most efficient result was found when the ambi-
ent temperature was 20°C, the stripping temperature was 130°C and the cyclic capacity was 1.5 mol
CO2/kg TEPA. This yielded an energy demand of 533 kJ/mol CO2. In this scenario, the separation
of CO2 and H2O was also satisfactory to provide pure product streams for the next process steps. It
should be noted that a stripping temperature over 120°C is usually not recommended, due to thermal
degradation of the amine.

The conditions presented here are by no means the global optimum. This would involve a more thor-
ough parametric study. However, it does indicate that a dry and hot location, such as a desert, would
not be the most ideal location for this process.

TEPA has a much higher energy demand than the benchmark solvent MEA

The regeneration energy of an absorption stripping process using 30 wt% MEA is on average 3.9
GJ/tonne CO2 [77]. Converted to the units used in this chapter, this amounts to approximately 172
kJ/mol CO2. This comparison is slightly unfair, as the MEA based process is highly optimised and
takes advantage of a rich-lean heat exchanger to minimise sensible heat demand. Additionally the
MEA system captures CO2 from much more concentrated gas streams than ambient air, which makes
it easier to obtain a high rich loading. As shown in this chapter, a high rich loading is beneficial because
it reduces the required water vaporisation and increases the cyclic capacity. In turn, this means that
less amine is needed to absorb CO2, which then decreases the sensible heat demand.

The comparison shows that the energy demand of the TEPA sorbent is high and should be optimised to
reduce costs. This can be done in multiple ways. First and foremost, implementation of a rich-lean heat
exchanger will reduce the sensible heat demand (see Section 6.4). Additionally, the process should be
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designed to ensure that no reflux stream is necessary, to minimise the vaporisation energy demand.

Limitations of the analysis presented in this chapter

The analysis presented in this chapter only serves as a first indication of the process design. However,
it is important to highlight the limitations of the method applied in these calculations. As explained
in Section 6.2.1, many assumptions were made. As demonstrated during the experiments carried
out in this work, TEPA becomes viscous at high concentrations in water, low temperatures and high
CO2 loadings. Therefore, mass transfer will be slow, especially if the liquid is not stirred. It is likely
that equilibrium will not be reached. The equilibrium models to predict partial pressure of CO2 and
H2O are assumed to be accurate even when extrapolated, which has not yet been validated by more
experimental data. Additionally, it was assumed that the hot TEPA solution and the hot vapor exiting
the stripping column can be cooled passively to the temperature of the surroundings, which is very
optimistic. Cooling of the lean stream could be achieved partially by a heat exchanger, but probably
the temperature inside the flash tank and the top of the absorption column will be higher than those of
the surroundings.

6.4 Recommendations for ZEF

Based on the findings in this chapter, a few recommendations can be formulated with regards to the
design of the DAC unit of ZEF.

Use a heat exchanger to reduce sensible heat demand

Firstly, it is recommended to implement a heat exchanger between the lean and rich amine streams in
the process, to decrease the sensible heat demand. The modified process is shown in Figure 6.8. To
provide a simple estimate of the energy saved, the scenario with the lowest energy demand is used.
Assuming an approach temperature of 10°C on the cold side, the temperature of the lean stream exiting
the heat exchanger would be 30°C. The amount of energy transferred from the lean stream is:

Qtransferred = (Cp,TEPAṅTEPA,lean + Cp,H2OṅH2O,lean)(130− 30) = 454 kJ/h (6.3)

Assuming, the rich stream is heated up using this amount of energy, the temperature of the rich stream
exiting the heat exchanger is:

Thotrich = Tcoldrich
454 · 103

(Cp,TEPAṅTEPA,rich + Cp,H2OṅH2O,rich)
= 111°C (6.4)

If it were possible to achieve this, the sensible heat demand in this scenario would decrease by 83%,
the difference between the case with and without a heat exchanger is shown in Figure 6.9. Note that
this calculation does not take into account the vaporisation of water in the rich stream or any heat
losses, which makes it an optimistic estimation.
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Figure 6.8: Modified overview of the ZEF absorption and stripping process, using a heat exchanger (HEX) to
decrease the sensible heat demand.

Figure 6.9: Effect of using a heat exchanger (HEX) on the total energy demand of the process.

Take the effects of weather conditions on the process into account when selecting a location
for direct air capture.

It was found that absorption should ideally take place at cool temperatures, to ensure a high rich
loading and a minimal reflux. Additionally, the relative humidity of the ambient air should not be too
low, which results in insufficient production of H2O which is needed for methanol synthesis, nor too
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high, which would result in a higher vaporisation energy demand. Next to temperature and humidity,
an important site-specific condition is the solar irradiation, which will power the process. Furthermore,
humidity and temperature are properties of air that fluctuate daily as well as seasonally. Therefore the
process should be responsive to these fluctuations.
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Chapter 7

Conclusions

The aim of this research was to investigate the vapor liquid equilibrium of TEPA, H2O and CO2, through
experiments and the development of a thermodynamic model. This investigation has provided insight
into the specific behavior, as well as the potential of TEPA as a liquid sorbent for direct air capture of
CO2. To conlcude this thesis, the research question are answered.

1. How does the VLE of TEPA-H2O-CO2 depend on the composition, temperature and pressure?

The VLE measurements performed in this work provide new information on TEPA, a polyamine that
has not yet been extensively studied. The binary VLE of aqueous solutions of 30, 70 and 80 wt% TEPA
was measured from 313.15 to 393.15 K. Additionally, the CO2 absorption of aqueous solutions of 30
and 70 wt% TEPA was measured at 313.15, 353.15 and 393.15 K. The data at low temperature and
high TEPA concentration showed poor accuracy and reproducibility in the low loading range. In the
higher loading range, the data were validated by the plausible heat of absorption prediction, through
the use of the Clausius-Clapeyron equation.

At low temperatures, high TEPA concentrations and high CO2 loadings, it proved to be a challenging
material to work with due it its high viscosity. An interesting phenomenon that was found in the TEPA-
H2O-CO2 system was that the vapor pressure of H2O was decreased by the absorption of CO2, which
was attributed to the changing ionic interactions in the liquid phase upon CO2 absorption.

2. Which thermodynamic model is the most suitable to simulate the phase behaviour of the
TEPA-H2O-CO2 system?

Firstly, the binary TEPA-H2O VLE data were correlated using a simple, yet effective activity coefficient
model based on Wilson’s equations. Secondly, the specific ionic interaction model was selected as
the most accurate, yet simple option for modelling the CO2 absorption in TEPA, inspired by the 2013
paper by Puxty and Maeder [7]. Both thermodynamic models show excellent agreement with the data
presented in this work.

Furthermore, a new modelling strategy was developed, based on the assumption that polyamine
molecules could be modelled as multiple smaller amine molecules. This approach could be cate-
gorised as a quantitative structure activity relationship. It has the advantage that less researched
amine solvents can be modelled using the availble information of more well known solvents. It was
shown that the CO2 absorption behavior TEPA could be modelled as that of a diamine (piperazine), by
correcting the TEPA concentration by a scaling factor based on the ratio of amino groups.

3. What are the implications of the experimental and modelling results for the design of the
direct air capture unit of ZEF?

The two models were applied to a simple process simulation of the direct air capture unit of Zero
Emission Fuels. This analysis gave a first approximation of the energy demand of such as process
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involving TEPA as a direct air capture liquid sorbent. Compared to monoethanolamine, MEA, the
benchmark solvent for post combustion CO2 capture, TEPA has a energy demand that is 3 times as
high. This is largely due to the difficulty in obtaining a high rich loading at the low concentration of CO2

in air.

Implementation of a rich-lean heat exchanger, as well as optimisation of the process parameters to
minimise the reflux stream of H2O could lead to the decrease of this energy demand. However, it is
likely that the high viscosity of TEPA at the optimal conditions for CO2 absorption will be a bottleneck
for its use in a continuous absorption and stripping process.

For ZEF, the models developed in this study have paved the way for the evolution of more complex
simulations of the direct air capture unit involving TEPA. In addition, the procedure developed for the
measuring and modelling of relatively unknown solvents could be applied to a large range of solvents.
As such, it could be developed into a useful screening tool for other amine solvents for direct air capture.
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Chapter 8

Recommendations for further research

At the end of this master thesis, different topics for further research are distinguished.

• Improve the experimental set-up to allow analysis of the vapor phase composition.
With respect to the experimental measurement of the VLE of TEPA, H2O and CO2, it was found
that the assumption of constant water pressure was not valid. However, the composition of the
vapor and liquid phase were calculated based on this assumption. Therefore, to facilitate the
measurement of these compositions, a different experimental set-up could be used that allows
for the sampling of the vapor phase and the determination of its water content.

• Integrate the two separate VLE models into one.
Two separate models were developed in this work, one to predict the partial pressure of H2O and
one to predict the partial pressure of CO2 as a function of composition and temperature. These
were used side by side to predict the total pressure of the ternary H2O-CO2 system. However,
these models could be integrated together. For example by extending the Debye-Hückel activity
model to the specific ionic interaction theory. This would allow to calculate the activity coefficients
of all charged and uncharged species using the same model. Additionally, this would enable the
consideration of the effect of CO2 absorption on the phase behavior of H2O, making it a more
complete ternary VLE model.

• Investigate the possibilities of the amine model further.
In this work, a theory was proposed that the CO2 absorption by polyamines can be modelled
as that of a larger concentration of smaller amines. This way, the VLE of less studied amines
could be approximated by the VLE of more well-known amines. This theory could be tested and
developed further by applying it to other amines.

• Measure the liquid phase speciation of the TEPA-H2O-CO2 system.
To date, no speciation data of the TEPA-H2O-CO2 system is available. Using H- and C-NMR
analysis, it is possible to measure the concentrations of different species in the solution as a
function of loading and temperature. This would provide insight into the most important ionic
species and chemical equilibria occurring in the liquid phase. This knowledge would enable
the development of a more rigorous chemical model, taking into account the real situation in
the liquid phase. In turn, this would enable the development of rate-based models for the CO2

capture by TEPA.

• Reduce the viscosity of TEPA.
The high viscosity of TEPA causes very slow CO2 capture kinetics. For TEPA to approach equi-
librium and to improve the flow in a continuous absorption and stripping process, this problem
must be addressed. The investigation of alternative solvents or additives is recommended.
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Appendix A

Matlab code for Vapor curve experiment
Code structure and description:

1. Raw data from the experiment is imported. Specifically the pressure (P), temperature (T) and
time data are required.

2. The T and P data is averaged from per second to per minute data.

3. The derivative of the averaged T and P data is calculated.

4. The points where the T was manually increased are located using the ’findpeaks’ function on the
derivative of the T. The average of T and P over 3 minutes before these points are calculated.
These are the equilibrium T and P.

5. (Optional: If the ’findpeaks’ function finds points that are not correct, these points are removed
from the equilibrium T and P vectors.)

6. Two plots are created. The first plot shows the averaged T and P as a function of time. The
second plot shows the equilibrium P versus the equilibrium T.

%% Vapor Curve code template
clc;clear all;close all

%% Import the data
% Sample information (manually)
conc=70; % wt% TEPA
% Load raw data
Raw=importdata('rawdata.txt');
P=Raw(:,12); % pressure inside vessel, accurate sensor [mbar]
T=Raw(:,3); % temperature inside the liquid [K]
time = Raw(:,1); % time vector, skips some seconds..

%% Manipulate the data
% Smooth out the temperature data to find the equilibrium points
% take an average over
t avg=60; %s
max=(int32(length(T))/t avg)-1; %length of the T avg vector
% select the first 180 data points of the temperature
for i=1:max

T selection=T(((i-1)*t avg)+1:(i*t avg));% Temperature selection
T avg(i)=mean(T selection); %calculate the mean of the selection and store
P selection=P(((i-1)*t avg)+1:(i*t avg));
P avg(i)=mean(P selection);

end

% Calculate the 1st derivative of the average T
dT avg=zeros(1,length(T avg)); ddT avg=zeros(1,length(T avg));
j=0;
for i=2:length(T avg)
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dT avg(i)=T avg(i)-T avg(i-1);
%ddT avg(i)=dT avg(i)-dT avg(i-1);
dP avg(i)=P avg(i)-P avg(i-1);
%ddP avg(i)=dP avg(i)-dP avg(i-1);

end

%% Find the equilibrium points
% Find peaks in the 1st derivative -> where T is increased sharply
minpeakheight=1; % set this by looking at the dT avg data
minpeakdistance=60; % at least an hour between two steps
[pks, loc,width] = findpeaks(dT avg,'MinPeakHeight', minpeakheight, ...

'MinPeakDistance',minpeakdistance);

% Correct the point where equilibrium occurs by the peakwidth
index=int32(loc-width);
% The last equilibrium point is not found by the findpeaks function
% Add it manually:
last index=length(P avg);
index= [index last index];

% Take the average of the T and P over 3 minutes before the next step
% This is the approximation of the equilibrium point
t avg2=3; %minutes
for i=1:length(index)

P selection2=P avg(index(i)-(t avg2-1):index(i));
T selection2=T avg(index(i)-(t avg2-1):index(i));
Peq(i)=mean(P selection2); % mbar
Teq(i)=mean(T selection2); % K

end
% Delete points that are wrong, find manually..
wrong=6;
Teq(wrong)=[];
Peq(wrong)=[];
index(wrong)=[];

% Convert Kelvin to Celsius
T avg C=T avg-273.15;
Teq C=Teq-273.15;

%% Plotting
F1=figure(1);
hold on
yyaxis right
plot(T avg C)
scatter(index,T avg C(index))
ylabel('Temperature / C')
xlabel('Time / min')
yyaxis left
ylabel('Pressure / mbar')
plot(P avg)
scatter(index,P avg(index))
hold off
filename1 = sprintf('%d wt%% TEPA Vapor Curve Equilibrium Points.jpg',conc);
saveas(F1,filename1)

F2=figure(2);
scatter(Teq C,Peq)
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ylabel('Vapor pressure / mbar')
xlabel('Temperature / C')
xlim([0 125])
% title2=sprintf('Vapor curve %d wt%% TEPA', conc);
% title(title2)
filename2 = sprintf('%d wt%% TEPA Vapor Curve.jpg',conc);
saveas(F2,filename2)
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Appendix B

Matlab code for CO2 loading experiment
Code structure and description:

1. The raw data from the CO2 loading experiment is imported, as well as the VLE data file that is
generated by the software.

2. The sample information spreadsheet for the experiment is read and makes an array out of the
information.

3. The timestamps of the CO2 pulse are taken from the VLE file. An average of the temperature (T)
and pressure (P) inside the vessel is calculated over a timescale of 500 seconds. These points
are the equilibrium T and P.

4. The equilibrium P and T and the CO2 volume of each pulse are concatenated horizontally and are
pasted into the Excel spreadsheet template, see Appendix C. Additionally, the specific sample
information is pasted into the same Excel sheet. Using this information, the absorption isotherm
can be calculated for the experiment.

5. The calculated loading and partial pressure of CO2 are taken from the spreadsheet and imported
back into Matlab, to create plots.

6. Plots are made of the raw data and of the VLE curve.

clc;clear all;close all
tic
%% Script to convert experimental data to VLE curve plots and Excel spreadsheet

%% Load data

% import the raw datafile
Raw = importdata('rawdata.txt');
% import the VLE file
Vle = importdata('vledata.txt');
% import the sample information
Sample info=readtable('Sample information.xlsx','Range','K1:K18');
Sample info array=table2array(Sample info); % make an array for easy indexing

% Raw data
P=Raw(:,12); % pressure inside vessel [mbar]
M=Raw(:,7); % volume through massflow controller [nL/min]
Temp=Raw(:,3); % temperature inside the liquid [K]
time = Raw(:,1); % time vector, skips some seconds.. so not the same as linspace

% VLE data
Peq sw=Vle(:,12); % equilibrium pressure according to VLE software [mbar]
T=Vle(:,2); % time at which the software takes VLE points [s]
T=int32(T); % make sure it reads it as integers
stepvolume=Vle(:,8); % Volume CO2 out of MFC for each step [nL]
timescale = 500; % timescale of which to take the average [s]
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for i=1:length(T)
% find the index of the point in the array corresponding to the time reported in VLE file
index(i)=find(time==T(i));
% select al the P's of the period before the next step
pressures=P(index(i)-(timescale-1):index(i));
% select all the T's of the period before the next step
temperatures=Temp(index(i)-(timescale-1):index(i));
%calculate the mean of these pressures
Peq(i)=mean(pressures);
% calculate mean of temperatures
Teq(i)=mean(temperatures);

end

% Create the [Peq T Step volume] matrix to put into spreadsheet
Peq=Peq';
Teq=Teq';
P T MFC=table(Peq,Teq,stepvolume);

%% Create the spreadsheet
date=Sample info array(1); conc=Sample info array(2);temp=Sample info array(3);
%title contains date, concentration & temperature
new file=string(date)+" TEPA "+string(conc)+" wt% "+string(temp)+" C.xlsx";
copyfile('SuperMAC spreadsheet template.xlsx', char(new file));

%insert the inputs from the Sample information
writetable(Sample info,new file,'Sheet',2,'Range','A1:A18');

%inert the inputs from the VLE data
range end = int16(1 + length(Peq));
range = "A1:C" + range end;
writetable(P T MFC,new file,'Sheet',3,'Range',range);

% Extract from the spreadsheet the Loading vs pCO2
steps=length(Teq)-1;
PCO2=readtable(new file,'Range',"F49:F"+(49+steps),'ReadVariableNames',false);
Loading molmol=readtable(new file,'Range',"L49:L"+(49+steps),'ReadVariableNames',false);
Loading molkg=readtable(new file,'Range',"K49:K"+(49+steps),'ReadVariableNames',false);
PCO2 kPa=PCO2.Var1/10;

%% Plotting
% Plot of raw data
F1=figure(1);
%title('Raw data')
xlabel('Time / s','fontweight','bold')
yyaxis left
plot(time,P)
ylabel('Pressure in the vessel / mbar','fontweight','bold')
yyaxis right
plot(time,M)
ylabel('CO 2 volume flow / nL/min ','fontweight','bold')
filename1 = sprintf('%d Raw data plot.jpg',date);
saveas(F1,filename1)

% Plot of the VLE curve, mol/kg
F2=figure(2);
plot(Loading molkg.Var1,PCO2.Var1,'-o')
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%title2=sprintf('VLE curve %d wt%% %d C mol/mol', conc, temp);
%title(title2)
xlabel('Loading / mol CO 2/kg TEPA','fontweight','bold')
ylabel('Partial pressure CO 2 / mbar','fontweight','bold')
filename2 = sprintf('%d VLE plot mol per kg.jpg',date);
saveas(F2,filename2)

F3=figure(3);
plot(Loading molmol.Var1,PCO2.Var1,'-o')
%title3=sprintf('VLE curve %d wt%% %d C mol/mol', conc, temp);
%title(title3)
xlabel('Loading / mol CO 2/mol N','fontweight','bold')
ylabel('Partial pressure CO 2 / mbar','fontweight','bold')
filename3 = sprintf('%d VLE plot mol per mol.jpg',date);
saveas(F3,filename3)

% Logarithmic scale
F4=figure(4);
semilogy(Loading molmol.Var1,PCO2 kPa,'-o')
grid on
%title4=sprintf('VLE curve %d wt%% %d C mol/mol', conc, temp);
%title(title4)
xlabel('Loading / mol CO 2/mol N','fontweight','bold')
ylabel('Partial pressure CO 2 / kPa','fontweight','bold')
filename4 = sprintf('%d VLE plot mol per mol semilogplot.jpg',date);
saveas(F4,filename4)

%% Data output
% Data file containing the pco2 & loading in mol/mol N and mol/kg
DATA=table(PCO2.Var1,Loading molmol.Var1,Loading molkg.Var1);
filename5 = sprintf('%d VLE data.txt',date);
writetable(DATA,filename5,'Delimiter','tab')
toc
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Appendix C

Excel Spreadsheets for CO2 loading measurements
The spreadsheet used to calculate the CO2 absorption isotherms are shown below. As an example,
the 30 wt% TEPA 393 K measurement is used. The specific sample information and experimental
settings are logged in these sheets.

Table C.1: Example of sample information spreadsheet for 30 wt% TEPA 393 K measurement.

VLE Experiments Spreadsheet
Experiment info

Date 20200217 yyyy-mm-dd
C 30 wt%

T 120 C Legend

Performed by Wino&Rebecca Inputs
Comments 30 wt% TEPA to compare to Bart’s data Constants (for every experiment

Sample information Experimental Settings

Constants Value Unit Inputs Software Value Unit

MW TEPA 189.307 g/mol Volume of liquid 0.249 L
MW H2O 18.01528 g/mol Theoretical molarity of liquid 3.951 mol CO2/L
rho TEPA 0.998 g/ml Loading for this measurement 100% -
rho H2O 0.997 g/ml Amount of CO2 per step 0.067 mol/step
Vessel volume 1.05 L Duration of step 120 s

N/molecule 5 -

van mol naar L 22.40 L/mol Calculations Value Unit

R 8.314 J/molK Volume during step 0.3350 L/step
T 273 K Flow during step 0.1675 L/min
P 100000 Pa Total liters of Co2 4.6900 L
100% output of mfc 1.233 L/min Number of steps 14 steps

Output of the massflow controller 0.00% -

Sample Theoretical Actual In vessel Units

Volume tot 248.590 250.001 248.590243 mL Equilibrium criteria Value Unit

Mass tot 247.919 249.326 247.919 g Stabilize pressure 7 mbar
Mass TEPA 74.376 74.801 74.379 g Stabilize time 90 min

Mass H2O 173.543 174.525 173.540 g

wt% TEPA 30.00% 30.00% 30.00% - Liquid baths Value Unit

wt% H2O 70.00% 70.00% 70.00% - Liquid bath vessel 120.5 C (ext.contr)

Liquid bath lid 138 C (int.contr)

Concentrations Value Unit

TEPA concentration 1.581 mol/L Stirrer Value Unit

theoretical CO2 2.5 mol/mol TEPA Stirring speed 600 rpm

theoretical CO2 3.951 mol/L
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Table C.2: Example of CO2 absorption isotherm calculation spreadsheet from raw data.

Results

Experimental data Calculations

Step Pressure extra 1 Temperature Step Volume pCO2 Total CO2 CO2 gasphase CO2 absorbed Loading Loading Loading
[mBarG] [K] [L] mBarA mol mol mol mol CO2/mol TEPA mol/kg mol/mol N

0 1794.987406 393.005076 0 0 0 0 0 0 0 0
1 1815.376898 393.215534 1.507 20.389492 0.066396 0.000499828 0.065895969 0.167716532 0.88594998 0.03354331
2 1831.055684 393.243612 1.507 36.068278 0.132792 0.000884114 0.131907479 0.335727137 1.77345337 0.06714543
3 1859.95303 393.259224 1.506 64.965624 0.199143 0.001592389 0.197550942 0.502800999 2.65600849 0.1005602
4 1909.154758 393.296934 1.505 114.16735 0.265451 0.002798118 0.262652894 0.668496622 3.53128316 0.13369932
5 1987.328244 393.276024 1.505 192.34084 0.331759 0.004714315 0.327044376 0.832383978 4.39700581 0.1664768
6 2119.05993 393.286562 1.505 324.07252 0.398066 0.007942875 0.390123496 0.992931149 5.24508417 0.19858623
7 2345.522516 393.287914 1.505 550.53511 0.464374 0.013493326 0.450880725 1.147568707 6.06194545 0.22951374
8 2725.585302 393.332182 1.505 930.5979 0.530682 0.022805899 0.507875832 1.292631022 6.82822623 0.2585262
9 3337.280446 393.348598 1.513 1542.293 0.597342 0.037794961 0.559546916 1.424142786 7.52292723 0.28482856
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Appendix D

Matlab code for binary TEPA-H2O model using Wil-
son’s equation.
The purpose of this code is to fit the Wilson activity coefficient model to the experimental binary VLE
data presented in this work. The necessary functions are found below the main code. Code structure
and description:

1. The experimental equilibrium pressure and temperature data are imported.

2. The required constants are listed together.

3. The mass percentages of TEPA and H2O are converted to mole fractions.

4. The model is regressed by trying to minimise the objective function (ObjFun), which is the differ-
ence between the model predictions of the equilibrium pressure and the experimental data. The
minimum is found by using the ’fminunc’ function, combined with ’Multistart’ with 1000 starting
points to find the global minimum of the objective function. The computation speed is increased
by using parallel computing.

5. The solution to the optimization are the two parameters of the Wilson model. Using this solution,
the model is used to calculate the equilibrium pressure at the same conditions as the measured
data. This way, the agreement between the model and the data can be quantified, in terms of
AARD or SSQRE.

6. Two plots are constructed. The first graph contains the model P-T curves of the different TEPA
concentrations combined with the experimental data points. The second graph shows the parity
plot of the calculated and measured equilibrium pressure.

%% TEPA-H2O binary model: Wilson's activity model + modified Raoult's law
clc;clear all;close all

%% Inputs
% Import the P-T data
VC0 = importdata('VC0.txt');
VC30 = importdata('VC30 2.txt');
VC70 = importdata('VC70.txt');
VC80 = importdata('VC80.txt');
VC100 = importdata('VC100.txt');
% Allocate columns
wt TEPA = [VC0(:,1);VC30(:,1);VC70(:,1);VC80(:,1);VC100(:,1)]/100;
T exp = [VC0(:,2);VC30(:,2);VC70(:,2);VC80(:,2);VC100(:,2)];
P exp = [VC0(:,3)*10;VC30(:,3);VC70(:,3);VC80(:,3);VC100(:,3)]/10; %kPa

%% Constants
DENSITY H2O=0.997; % density water, [g/mL]
MW H2O=18.015; % molar mass water [g/mol]
DENSITY TEPA=0.998; % density TEPA, [g/mL]
MW TEPA=189.314; % molar mass TEPA, [g/mol]
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R = 8.3145; % Gasconstant, [J/molK]
T boil = 613.5; % Boiling point of TEPA, [K]
Hvap = -71.3; % Heat of vaporisation of TEPA , [kJ/mol]
P atm = 100; % Atmospheric pressure, [kPa]

% Antoine coefficients for pure water
% If T < 100 C
A.A1 = 8.196213; % mbar, C
A.B1 = 1730.755; % mbar, C
A.C1 = 233.5509; % mbar, C
% If T > 100 C
A.A2 = 8.265093; % mbar, C
A.B2 = 1811.065; % mbar, C
A.C2 = 244.6099; % mbar, C

%% Calculations
% mole fraction TEPA (2)
x2 = (wt TEPA./MW TEPA)./((wt TEPA./MW TEPA) + ((1-wt TEPA)./MW H2O));
% mole fraction H2O (1)
x1 = 1-x2; % mole fraction water

%% Regression of the Wilson model parameters
% Initial guess parameters
C0 = [100 -100];
% Objective function: difference between model and data must be minimised
fun=@(C)ObjFun(C,x1,x2,T exp,P exp,A,R,T boil,P atm,Hvap,MW H2O,...

DENSITY H2O,MW TEPA,DENSITY TEPA);

% Set up the problem
problem = createOptimProblem('fminunc',...

'objective',fun,...
'x0',C0,'options',...
optimoptions(@fminunc,'Algorithm','quasi-newton'));

% Set the Multistart options
ms = MultiStart('UseParallel',true,'Display','iter');
% Use parallel computing to speed up the process
parpool
% Use Multistart with 1000 startpoints, to find the global minimum of the
% problem
[sol,fval,eflag,output,manymins] = run(ms,problem,10000);
% Stop parallel computing
delete(gcp)

% Fitted parameters
%sol =[-156.028134964897 220.939936337709];

%% Recalculate the model using the fitted parameters
% For all datapoints, include all the 30 wt% data
VC30 = importdata('VC30.txt');
% Redefine the model inputs
wt TEPA exp = [VC0(:,1);VC30(:,1);VC70(:,1);VC80(:,1)]/100;
T exp = [VC0(:,2);VC30(:,2);VC70(:,2);VC80(:,2)];
P exp = [VC0(:,3).*10;VC30(:,3);VC70(:,3);VC80(:,3)]/10; % kPa

% mole fraction TEPA (2)
x2 = (wt TEPA exp./MW TEPA)./((wt TEPA exp./MW TEPA) + ...

((1-wt TEPA exp)./MW H2O));
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% mole fraction H2O (1)
x1 = 1-x2; % mole fraction water

% Total pressure predicted by the model
P mod = wilson(sol,x1,x2,T exp,A,R,T boil,P atm,...

Hvap,MW H2O,DENSITY H2O,MW TEPA,DENSITY TEPA);

% Sum of squared relative error
SSQRE = sum(((P mod - P exp)./P exp).ˆ2);

% Absolute average relative deviation (%)
AARD = (1/length(T exp))*(sum(abs(P mod - P exp)./P exp))*100;

%% Plots
% Formatting the plots using the same markers and colors
marker = {'s','d','ˆ','o','x'};
color = {[0 0.4470 0.7410],[0.8500 0.3250 0.0980],[0.9290 0.6940 0.1250]...

,[0.4940 0.1840 0.5560],[0.4660 0.6740 0.1880],...
[0.6350 0.0780 0.1840],[0.3010 0.7450 0.9330],'b','g','c',''};

c = [wt TEPA(1) .30 .70 .80];

% Figure 1: Plot of datapoints and the model prediction
hold on
fig=figure(1);
grid on
for i=1:length(c)

% find the index of the datapoints corresponding to 1 isotherm
index=(wt TEPA exp==c(i));
plot(T exp(index),P mod(index),'Color',color{i})
scatter(T exp(index),P exp(index),marker{i},...

'MarkerFaceColor',color{i},'MarkerEdgeColor',color{i})
end
box on
xlabel('Temperature (K)','fontweight','bold')
ylabel('Pressure (kPa)','fontweight','bold')
title=sprintf('Vaporcurves.jpg');
legend('0wt% calculated','Pure water data (Lide, 2004)',...

'30wt% calculated','30wt% measured','70 wt% calculated',...
'70 wt% measured','80 wt% calculated','80 wt% measured',...
'Location','northwest')

saveas(fig,title)
hold off

% Figure 2: Parity plot of the model vs data P
x=linspace(0,max(P exp),100);
y = x;
fig=figure(2);
grid on
hold on
box on
plot(x,y,'-','Color',color{2})
scatter(P exp,P mod,'MarkerFaceColor',color{1},'MarkerEdgeColor',color{1})
xlabel('Pressure measured (kPa)','fontweight','bold')
ylabel('Pressure calculated (kPa)','fontweight','bold')
saveas(fig,'Parity plot binary.jpg')
hold off
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function SSQ = ObjFun(C,x1,x2,T exp,P exp,A,R,T boil,P atm,Hvap,MW H2O,...
DENSITY H2O,MW TEPA,DENSITY TEPA)

% Function Description:
% 'ObjFun' calculates the sum of squared relative error between the
% measured and the calculated pressure above the TEPA-H2O solution as a
% function of Wilson parameters (C(1) and C(2), temperature (T) and liquid
% composition (x) using Wilson's activity model and modified Raoult's law.
%
% Water = component 1
% TEPA = component 2
%
% Inputs:
% - C(1) and C(2) are lambda 12-lambda 11 and lambda 12 - lambda 22, which
% determine the value of the Wilson interaction parameters (A12 and A21) as
% a function of T.
% - x1 and x2 are the liquid mole fractions of water and TEPA respectively.
% - T exp is measured temperature data, given in Kelvins.
% - P exp is measured pressure data, given in mbars
% - A is a struct, containing two sets of Antoine coefficients. One for T <
% 100 C and one for T > 100 C.
%
% Output:
% - SSQ is the sum of the squared difference between the model and the
% data. It expresses the difference between the model prediction and the
% experimental data.

% Calculate the Wilson parameters
A12 = ((MW TEPA/DENSITY TEPA)/(MW H2O/DENSITY H2O))*exp(-C(1)./(R.*T exp));
A21 = ((MW H2O/DENSITY H2O)/(MW TEPA/DENSITY TEPA))*exp(-C(2)./(R.*T exp));

% Calculate the activity coefficients using Wilsons Equation
lny1= -log(x1+A12.*x2)+x2.*((A12./(x1+(A12.*x2)))-(A21./(x2+(A21.*x1))));
lny2= -log(x2+A21.*x1)-x1.*((A12./(x1+(A12.*x2)))-(A21./(x2+(A21.*x1))));
y1 = exp(lny1);
y2 = exp(lny2);

% Calculate pure water vapor pressure (mbar) at T exp using Antoine
% coefficients
T exp C = T exp-273.15;
index=T exp C<=100;
P H2O(index) = 10.ˆ(A.A1-(A.B1./(A.C1+T exp C(index))));
index=T exp C>100;
P H2O(index) = 10.ˆ(A.A2-(A.B2./(A.C2+T exp C(index))));

% Convert mbar to kPa
P H2O = P H2O./10;

% Calculate pure TEPA vapor pressure (kPa) at T exp using the Clausius
% Clapeyron Equation
P TEPA = P atm*exp((Hvap*1000/R).*((1./T exp)-(1/T boil)));

% Calculate model pressure (kPa)
P mod = y1.*x1.*P H2O'+y2.*x2.*P TEPA;

% Sum of the squares
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SSQ = sum((P mod - P exp).ˆ2);
end

function [P mod,y1,y2,P H2O,P TEPA] = wilson(C,x1,x2,T exp,A,R,T boil,...
P atm,Hvap,MW H2O,DENSITY H2O,MW TEPA,DENSITY TEPA)

% Calculate the Wilson parameters
A12 = ((MW TEPA/DENSITY TEPA)/(MW H2O/DENSITY H2O))*exp(-C(1)./(R.*T exp));
A21 = ((MW H2O/DENSITY H2O)/(MW TEPA/DENSITY TEPA))*exp(-C(2)./(R.*T exp));

% Calculate the activity coefficients using Wilsons Equation
lny1= -log(x1+A12.*x2)+x2.*((A12./(x1+(A12.*x2)))-(A21./(x2+(A21.*x1))));
lny2= -log(x2+A21.*x1)-x1.*((A12./(x1+(A12.*x2)))-(A21./(x2+(A21.*x1))));
y1 = exp(lny1);
y2 = exp(lny2);

% Calculate pure water vapor pressure at T exp using Antoine
% coefficients
T exp C = T exp-273.15;
index=T exp C<=100;
P H2O(index) = 10.ˆ(A.A1-(A.B1./(A.C1+T exp C(index))));
index=T exp C>100;
P H2O(index) = 10.ˆ(A.A2-(A.B2./(A.C2+T exp C(index))));

% Convert mbar to kPa
P H2O = P H2O./10;

% Calculate pure TEPA vapor pressure at T exp using Clausius Clapeyron
P TEPA = P atm*exp((Hvap*1000/R).*((1./T exp)-(1/T boil)));

% Calculate model pressure
P mod = y1.*x1.*P H2O'+y2.*x2.*P TEPA;

end
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Appendix E

Matlab code for ternary MEA-H2O-CO2 chemical model
using extended Debye Hückel equation.
This appendix contains two main scripts. The first code presented contains the parameter regression
for the MEA model. The second shows how these parameters are implemented to calculate the partial
pressure of CO2 for a range of loadings, MEA concentrations and temperatures.

E.1 Regression of parameters of MEA-H2O-CO2 model

Structure and description of the regression code:

1. The MEA DATA file is imported, which contains the experimental data (temperature, concentra-
tion, loading and partial pressure measured for every data point), as well as the total concentra-
tion of water, amine and CO2 and the temperature dependent Debye Hückel constant and Henry
constant for each data point.

2. An initial guess is defined for the speciation solver and an initial guess is defined for the param-
eter regression.

3. The parameters are regressed by finding the minimum of the objective function (ObjFun), which
calculates sum of the squared relative error between the calculated and the model partial pres-
sure of CO2. For regression, the ’fmincon’ function is used to ensure the regressed parameters
are in the same range as published literature values (see [7]).

clc
clear all
tic

%% Specific ionic interaction model - Puxty & Maeder MEA
% Written by Rebecca Dowling
% 31-03-2020

%% Model inputs
% Import MEA DATA.txt:
% [(1) (2) (3) (4) (5) (6) (7) (8) (9)]
% [T concentration loading pco2 exp c h2o tot c am tot c co2 tot A DH kH m]
data =importdata('MEA DATA.txt');

% Allocate columns
T=data(:,1); % Temperature [K]
pco2 exp=data(:,4); % Partial pressure CO2 [kPa]
c h2o tot = data(:,5); % Total water concentration [mol/dm3]
c am tot = data(:,6); % Total MEA concentration [mol/dm3]
c co2 tot = data(:,7); % Total CO2 concentration [mol/dm3]
A DH = data(:,8); % Debye Huckel constant [dm(3/2) mol(-1/2)]
kH m=data(:,9); % Henry constant [kPa/(mol/dm3)]
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% Constants
DENSITY H2O=0.997; % density water, [g/mL]
R = 8.314; % Gas constant

% Initial speciation guess solver
x0=[0.00738322211927187;1.27016886926981e-10;0.0139437405423064;...
46.7218198964990;9.34935498306061e-07;0.0212300493482523;...
0.402927286450505;1.70359052000307;0.346426534025385;0.000220258175743386;1;1];

%% Regress the parameters
% inital guess parameters (equivalent to Table 2 to in Puxty, Maeder (2013))
% [ K04 ref H 4 K05 ref H 5 K06 ref H 6]
%n0 = [10 -50 10 -50 10 -50];
n0 = [9.27 -53 1.44 -20 7 -23];
fun=@(n)ObjFun(n,T,R,x0,kH m,pco2 exp,c h2o tot,c am tot,...
c co2 tot,A DH,DENSITY H2O);

A = [];
b = [];
Aeq = [];
beq = [];
lb=[1 -60 1 -25 1 -30];
ub=[10 -50 10 -15 10 -20];
nonlcon=[];
sol = fmincon(fun,n0,A,b,Aeq,beq,lb,ub,nonlcon);

toc

function SSQRE = ObjFun(n,T,R,x0,kH m,pco2 exp,c h2o tot,c am tot,...
c co2 tot,A DH,DENSITY H2O)

% Calculate the value of equilibrium constants at that temperature
% using the van 'T Hoff equation
K0 = calc K0(n,T,R);

% Calculate the speciation for all values of T
spec = calc speciation gamma(T,x0,K0,c h2o tot,c am tot,...
c co2 tot,A DH,DENSITY H2O);

% Calculate the predicted CO2 partial pressure
pco2 mod=kH m.*spec(5,:)'; % kPa

%% Compare model prediction to experimental data of pCO2
% Sum of the squared relative error
SSQRE = sum(((pco2 exp - pco2 mod)./pco2 exp).ˆ2);

end

E.2 Main script of the MEA-H2O-CO2 model

Structure and description of the regression code:

1. The MEA DATA file is imported.
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2. The regressed parameters of the model are defined, as well as the initial speciation guess.

3. The equilibrium constants for the reactions are calculated as a function of temperature, using
the ’calc K0’ function.

4. The speciation is solved using the ’calc speciation gamma’. Inside this function, using a for
loop the speciation of the system at each data point is calculated by solving a set of nonlinear
equations using the ’lsqnonlin’ solver. These equation are defined inside the function ’specia-
tion gamma’. Because this is a badly scaled system, the concentrations are normalized. After
the solution, the concentrations must be scaled back.

5. The set of non-linear equations in the function ’speciation gamma’ comprises of the equilibrium
constants, mass balances, charge balance and activity coefficient correlations.

6. Once the speciation is calculated for every data point, the partial pressure is calculated using
the henry constant.

7. The agreement between the model and the data is calculated using the SSQRE and AARD.

8. Three different types of plots can be created. The ’plotresults’ function creates plots of multiple
CO2 absorption isotherms, and compares the model prediction to the experimental data. The
’plotparity’ function creates a plot of the measured vs. the calculated partial pressure of CO2. If
desired, the speciation of the system can be plotted as well, using the ’plotspeciation’ function.

clc
clear all
close all
tic

%% Specific ionic interaction model - Puxty & Maeder MEA
% Written by Rebecca Dowling
% 31-03-2020

%% Model inputs
% Import MEA DATA.txt:
% [(1) (2) (3) (4) (5) (6) (7) (8) (9)]
% [T concentration loading pco2 exp c h2o tot c am tot c co2 tot A DH kH m]
data =importdata('MEA DATA.txt');

% Allocate columns
T=data(:,1); % Temperature [K]
conc = data(:,2); % MEA concentration [wt%]
pco2 exp=data(:,4); % Partial pressure CO2 [kPa]
c h2o tot = data(:,5); % Total water concentration [mol/dm3]
c am tot = data(:,6); % Total MEA concentration [mol/dm3]
c co2 tot = data(:,7); % Total CO2 concentration [mol/dm3]
A DH = data(:,8); % Debye Huckel constant [dm(3/2) mol(-1/2)]
kH m=data(:,9); % Henry constant [kPa/(mol/dm3)]

% Constants
DENSITY H2O=0.997; % density water, [g/mL]
R = 8.314; % Gas constant

%% Insert the regressed parameters
% Regressed parameters (equivalent to Table 2 to in Puxty, Maeder (2013))
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% [ K04 ref H 4 K05 ref H 5 K06 ref H 6]
n =[9.2701 -46.0855 1.4979 -21.7160 4.1726 -23.0325];

% Calculate the value of equilibrium constants at that temperature
% using the van 'T Hoff equation
K0 = calc K0(n,T,R);

%% Model prediction of pCO2
% Initial speciation guess solver
x0 = [0.003863899;
3.65413E-10;
0.002737458;
37.3824064;
2.03093E-06;
0.000855935;
0.222240555;
4.134169315;
0.212045539;
0.212045539;
0.5;
0.5];

% Calculate the speciation for all values of T
spec = calc speciation gamma(T,x0,K0,c h2o tot,c am tot,c co2 tot,A DH,DENSITY H2O);

% Calculate the predicted CO2 partial pressure
pco2 mod=kH m.*spec(5,:)'; % kPa

%% Compare model prediction to experimental data of pCO2
% Sum of the squared relative error
SSQRE = sum(((pco2 exp - pco2 mod)./pco2 exp).ˆ2);

% Average absolute relative deviation
AARD = 100 * 1/length(data)*sum((abs(pco2 exp - pco2 mod)./pco2 exp));

toc

%% Plotting
t=[40 60 80 100 120]+273.15;
c=[15 30 45 60];
k=1;
% Plot the model results vs the data
[vle fig,k] = plotresults(pco2 mod,data,c,t,k);

% Create the parity plot
[parity fig,k] = plotparity(pco2 mod,pco2 exp,k);

%spec fig = plotspeciation(conc,c,t,T,spec,loading);

function K0 = calc K0(n,T,R)
log10K0 = zeros(length(T),6);

% Known equilibrium constants at infinite dilution
log10K0(:,1) =-(-(12431.7./T)-(35.4819.*log(T))+220.067)./2.3026; % bicarbonate dissociation
log10K0(:,2) =-(-(12092.1./T)-(36.7816.*log(T))+235.482)./2.3026; % CO2 dissociation
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log10K0(:,3) =-(-(13445.9./T)-(22.4773.*log(T))+140.932)./2.3026; % H2O dissociation

% Regressed equilibrium constants at infinite dilution
log10K0(:,4)=((n(1))-((n(2)*1000/2.3026/R).*((1./T)-(1/313.15))));
log10K0(:,5)=((n(3))-((n(4)*1000/2.3026/R).*((1./T)-(1/313.15))));
log10K0(:,6)=((n(5))-((n(6)*1000/2.3026/R).*((1./T)-(1/313.15))));

K0=10.ˆ(log10K0);
end

function spec = calc speciation gamma(T,x0,K0,c h2o tot,c am tot,...
c co2 tot,A DH,DENSITY H2O)

% Preallocation for speed
spec = zeros(length(x0),length(T));

for i=1:length(T)

% Use the solution of previous datapoint as initial guess to
% initiate solver
if i > 1

x0 = spec(:,i-1);
end

% Normalize the concentrations, this makes them all 1
xScalingVec = x0;
x0 = x0./xScalingVec;

% Make paramvector for iteration
paramVec=[K0(i,1);K0(i,2);K0(i,3);K0(i,4);K0(i,5);K0(i,6);c co2 tot(i);...
c am tot(i);c h2o tot(i);A DH(i)];

% Solve the speciation and activity coefficients for each data point
% Described by the equations in the function:
fun=@(x)speciation gamma(x,paramVec,xScalingVec,DENSITY H2O);
options = optimoptions('lsqnonlin','MaxFunctionEvaluations',1000,...
'StepTolerance',1e-25,'MaxIterations',1000,...
'FunctionTolerance',1e-25,'Display','none');
lb = zeros(length(x0),1); % All concentrations must be above 0
x=lsqnonlin(fun,x0,lb,[],options);

% Scale the solution back
x = x.*xScalingVec;

% Store the speciation at every data point in spec
spec(:,i) = x;

end

end

function F=speciation gamma(x,paramVec,xScalingVec,DENSITY H2O)
% x=[(1) (2) (3) (4) (5) (6) (7) (8) (9) (10) (11) (12)]
% HCO3- H+ CO3-- H2O CO2 OH- MEAH+ MEA MEACOO- MEACOOH y(1) y(2)]
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% The function must be evaluated at the 'real' x, thus we scale it back
x = (x.*xScalingVec);

% Ionic strength, as a function of charged species
I = (0.5*(x(1)+x(2)+4*x(3)+x(6)+x(7)+x(9))); % [mol/dm3]

% Equilibrium constants
F(1)=log10(paramVec(1)/(1/x(12)))-log10(x(1)/(x(2)*x(3)));
F(2)=log10(paramVec(2)/(1/(x(11)ˆ2)))-log10(x(5)/(x(2)*x(1)));
F(3)=log10(paramVec(3)/(1/(x(11)ˆ2)))-log10(x(4)/(x(2)*x(6)));
F(4)=log10(paramVec(4))-log10(x(7)/(x(2)*x(8)));
F(5)=log10(paramVec(5))-log10(x(9)/(x(1)*x(8)));
F(6)=log10(paramVec(6)/(1/(x(11)ˆ2)))-log10(x(10)/(x(2)*x(9)));

% Mass balances
F(7) =(paramVec(7)) - (x(3)+x(1)+x(5)+x(9)+x(10));
F(8) = (paramVec(8)) - (x(8)+x(7)+x(9)+x(10));
F(9) = (paramVec(9)) - (x(6)+x(4));

% Charge balance
F(10)= (x(1)+2*x(3)+x(6)+x(9))-(x(7)+x(2));

% Activity coefficient correlation: Specific Ionic Interaction Theory
F(11)=log10(x(11))+(paramVec(10)*sqrt(I)/(1+1.5*DENSITY H2Oˆ(-1/2)*sqrt(I)));
F(12)=log10(x(12))+(4*paramVec(10)*sqrt(I)/(1+1.5*DENSITY H2Oˆ(-1/2)*sqrt(I)));

end

function [fig,k] = plotresults(pco2 mod,data,c,t,k)

marker = {'s','d','ˆ','o','x'};
color = {[0 0.4470 0.7410],[0.8500 0.3250 0.0980],...
[0.9290 0.6940 0.1250],[0.4940 0.1840 0.5560],...
[0.4660 0.6740 0.1880]};

for i = 1:length(c)
fig(k)=figure(k)
hold on
for j=1:length(t)
tindex=find(data(:,2)==c(i) & data(:,1)==t(j));
plot(data(tindex,3),pco2 mod(tindex),'Color',color{j})
scatter(data(tindex,3),data(tindex,4),...
marker{j},'MarkerFaceColor',color{j},...
'MarkerEdgeColor',color{j})
end
box on
xlabel('Loading (mol CO2/mol MEA)','fontweight','bold')
ylabel('Partial Pressure of CO2 (kPa)','fontweight','bold')
title=sprintf('%d wt MEA model vs experiment.jpg',c(i));
legend('40 C calculated','40 C measured','60 C calculated','60 C measured',...
'80 C calculated','80 C measured','100 C calculated','100 C measured',...
'120 C calculated','120 C measured','Location','northeastoutside')
set(gcf,'position',[10,10,700,400]);
set(gca,'YScale','log');
saveas(fig(k),title)
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hold off
k=k+1;

end

end

function fig = plotparity(pco2 mod,pco2 exp)

x = linspace(0.0001,10000,100);
y=x;
fig=figure
hold on
box on
set(gca, 'YScale', 'log', 'XScale', 'log')
plot(pco2 exp,pco2 mod,'o')
plot(x,y,'--')
ylim([0.0001 10000])
xlim([0.0001 10000])
ylabel('Calculated CO 2 Partial Pressure (kPa)','fontweight','bold')
xlabel('Measured CO 2 Partial Pressure (kPa)','fontweight','bold')
saveas(fig,'Parity plot.jpg')
hold off

end

function fig = plotspeciation(conc,k,c,t,T,spec,loading)
X molefrac nowater = zeros(10,length(conc));
X molefrac = zeros(10,length(conc));

% calculate the molefractions of all species
%
for col=1:length(conc)

for row=1:10
X molefrac nowater(row,col)=spec(row,col)/sum(spec([1,2,3,5,6,7,8,9,10],col));
X molefrac(row,col)=spec(row,col)/sum(spec(:,col));
end

end

% Speciation when molefraction defined without water
for i = 1:length(c)

for j=1:length(t)
fig(k)=figure(k);
tindex=find(conc==c(i) & T==t(j));
plot(loading(tindex),X molefrac nowater([1,3,5,7,8,9],tindex))
box on
xlabel('Loading (mol CO2/mol MEA)','fontweight','bold')
ylabel('Species molefraction (mol/total moles(no water)))',...
'fontweight','bold')
legend('HCO3-','CO3--','CO2','MEAH+','MEA','MEACOO-')
title = sprintf('Speciation X nowater %d wt %d C.jpg',c(i),t(j)-273.15);
saveas(fig(k),title)
k=k+1;

end
end
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% Speciation when molefraction defined with water

for i = 1:length(c)
for j=1:length(t)

fig(k)=figure(k);
tindex=find(conc==c(i) & T==t(j));
plot(loading(tindex),X molefrac([1,3,5,7,8,9],tindex))
box on
xlabel('Loading (mol CO2/mol MEA)','fontweight','bold')
ylabel('True mole fraction','fontweight','bold')
title = sprintf('Speciation X withwater %d wt %d C.jpg',c(i),t(j)-273.15);
saveas(fig(k),title)
legend('HCO3-','CO3--','CO2','MEAH+','MEA','MEACOO-')
k=k+1;

end
end
close all
end
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Appendix F

Matlab code for ternary TEPA-H2O-CO2 chemical
model using extended Debye Hückel equation.
This appendix contains the Matlab code developed to describe the vapor liquid equilibrium of the
ternary TEPA-H2O-CO2 mixture.

F.1 Regression of parameters of TEPA-H2O-CO2 model

Structure and description of the code:

1. The VLE data for 30 wt% and 70wt% TEPA is imported and converted to the required model
inputs. These are the temperature, TEPA concentration, CO2 loading and partial pressure of
CO2 measured, as well as the total concentration of water, amine and CO2 and the temperature
dependent Debye Hückel constant and Henry constant for each data point.

2. Inside the ’convertdata’ function, the TEPA concentration is scaled using the scaling factor of
2.5.

3. The initial guess is defined for the parameter regression, which is taken from the piperazine
parameters from [7].

4. The temperature dependent equilibrium constants are calculated using the function ’calc K0’ and
the initial guess of the parameters.

5. An initial speciation guess is made for the point of highest loading of each isotherm (for this
reason the data was flipped upside down, to go from high loading to low loading) using the
’initialguess’ function.

6. The initial guess is generated using a genetic algorithm. It tries to minimise the sum of of
the absolute values of the nonlinear equations that govern the system (’minsum’). The genetic
algorithm is repeated until the value of minsum reaches a threshold of 2.5 to ensure that the
initial guess is good.

7. The parameters are regressed by finding the minimum of the objective function (ObjFun), which
calculates sum of the squared relative error between the calculated and the model partial pres-
sure of CO2. For regression, the ’fmincon’ function is used, together with ’MultiStart’ to find a
global minimum. Parallel computing speeds up the computations.

%% TEPA-H2O-CO2 VLE model using extended Debye Huckel law
clc;close all;tic

%% Inputs
% Constants
DENSITY H2O=0.997; % density water, [g/mL]
MW H2O=18.015; % molar mass water [g/mol]
R=8.314; % gas constant [J/mol/K]
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ER=80.2; % rel. perimittivity of water at 20C [-]
T C=647.126; % critical temperature water, [K]
% Amine specific
DENSITY AMINE=0.998; % density TEPA, [g/mL]
MW AMINE=189.314; % molar mass TEPA, [g/mol]
nAminegroups=5; % number of amine groups per molecule [mol/mol]

% VLE data
% [ (1) (2) (3) (4) ]
% [ T concentration loading pCO2 ]
% [ C wt% mol/mol N mbar ]
tepa30= importdata('tepa 30.txt'); % VLE data of 30 wt% TEPA
tepa30 = flipud(tepa30);
tepa70= importdata('tepa 70.txt'); % VLE data of 30 wt% TEPA
tepa70 = flipud(tepa70);
VLE DATA =[tepa30;tepa70];

%% Calculations
% Convert the VLE data to the required inputs of the model: AMINE DATA.
% The array contains the following information:
% [(1) (2) (3) (4) (5) (6) (7)
% [ T concentration loading pCO2 c h2o total c amine total c co2 total
% [ K wt% mol/mol N kPa mol/dm3 mol/dm3 mol/dm3
%
% (8) (9) ]
% Debye Huckel constant Henry's constant ]
% dm(3/2) mol(-1/2) kPa/(mol/dm3) ]
AMINE DATA = convertdata(VLE DATA,DENSITY H2O,MW H2O,DENSITY AMINE,...
MW AMINE,ER,T C,nAminegroups);

% Allocate columns
T=AMINE DATA(:,1); % Temperature [K]
pco2 exp=AMINE DATA(:,4); % Partial pressure CO2 [kPa]
c h2o tot = AMINE DATA(:,5); % Total water concentration [mol/dm3]
c am tot = AMINE DATA(:,6); % Total TEPA concentration [mol/dm3]
c co2 tot = AMINE DATA(:,7); % Total CO2 concentration [mol/dm3]
A DH = AMINE DATA(:,8); % Debye Huckel constant [dm(3/2) mol(-1/2)]
kH m=AMINE DATA(:,9); % Henry constant [kPa/(mol/dm3)]

%% Initial guess for regression
% Regressed parameters for piperazine from Puxty&Maeder (2013), Table 4
% [logK04 H4 logK05 H5 logK06 H6 logK07 H7 logK08 H8]
n0 = [9.3 -38 1.2 -32 8.9 -18 0.8 -24 8.9 -24];

% Calculate the value of equilibrium constants at that temperature
% using the van 'T Hoff equation
K0 = calc K0(n0,T,R);

% Find the places where T changes
index=find(diff(T)~=0)+1;
% index contains the index of every first point of each isotherm
index=[1;index];

% Generate an initial speciation guess for every first point of an isotherm
[x0,fval] = initialguess(index,K0,c co2 tot,c am tot,c h2o tot,A DH,DENSITY H2O);
x0=x0';
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%% Regression

fun=@(n)ObjFun(n,T,R,x0,kH m,pco2 exp,c h2o tot,c am tot...
,c co2 tot,A DH,DENSITY H2O);

A = [];
b = [];
Aeq = [];
beq = [];
f1 = [0.5 1.5 0.5 1.5 0.5 1.5 0.5 1.5 0.5 1.5];
f2 = [1.5 0.5 1.5 0.5 1.5 0.5 1.5 0.5 1.5 0.5];
lb = f1.*n0;
ub = f2.*n0;
nonlcon=[];
%n = fmincon(fun,n0,A,b,Aeq,beq,lb,ub);

problem = createOptimProblem('fmincon','objective',fun,'x0',n0,...
'lb',lb,'ub',ub,'options',[]);

ms = MultiStart('UseParallel',true,'Display','iter');
% Use parallel computing to speed up the process
parpool
% Use Multistart with 1000 startpoints, to find the global minimum of the
% problem
[sol,fval,eflag,output,manymins] = run(ms,problem,100);
% Stop parallel computing
delete(gcp)

function AMINE DATA = convertdata(VLE DATA,DENSITY H2O,MW H2O,DENSITY AMINE,MW AMINE,ER,T C,nAminegroups)

% Function Description:
% This function converts the incoming VLE DATA array to an array containing
% all the required inputs of the model, called AMINE DATA.
%
% Inputs:
% - VLE DATA: [T concentration loading pco2 exp]
% - DENSITY H2O,DENSITY AMINE: density of water and amine, [kg/dm3].
% - MW H2O, MW AMINE: molar mass of water and amine, [g/mol].
% - ER: relative permittivity of water, [-]
% - T C: critical temperature of water, [K].
% - nAminegroups: number of NH-groups per molecule of amine.
%
% Output
% - AMINE DATA: array containing the following information:
% [T concentration loading pco2 exp c h2o tot c am tot c co2 tot A DH kH m]

% Assign the columns
T=VLE DATA(:,1)+273.15; % Temperature [K]
concentration=VLE DATA(:,2); % concentration amine [wt%]
loading=VLE DATA(:,3)*5; % CO2 loading [mol CO2/mol TEPA]
pco2 exp=VLE DATA(:,4).*0.1; % pCO2 converted from [mbar] to [kPa]

%% Convert data to total concentrations of H2O, AMINE and CO2
% Total water concentration [mol/L]
c h2o tot=((100-concentration)./MW H2O)./(0.001*((concentration./...

DENSITY AMINE)+((100-concentration)./DENSITY H2O)));
% Total amine concentration [mol/L]
c am tot=(concentration./MW AMINE)./(0.001*((concentration./...
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DENSITY AMINE)+((100-concentration)./DENSITY H2O)));
% Total co2 concentration [mol/L]
c co2 tot=loading.*c am tot;
% Debye Huckel constant [dm(3/2) mol(-1/2)]
A DH=(1.8248*10ˆ6)./((ER.*T).ˆ(3/2));

% Scale the total amine concentration by the factor nAminegroups/2
% This is the concentration the solution would have if the amine was a
% diamine, while the concentration of NH-groups remains the same.
ScalingFactor = nAminegroups/2;
c am tot = c am tot.*ScalingFactor;

%% Calculate the Henry constant, kH, as function of T
ln kH=zeros(length(T),1);

% When T < 353.15, kH follows the formula:
index=find(T<=353.15);
ln kH(index)=9.4052+(3934.4./T(index))-(941290.2./T(index).ˆ2);

% When T > 353.15, kH follows the folmula:
index2=find(T>353.15);
ln kH(index2)=((1713.53.*(1-(T(index2)./T C)).ˆ(1/3))./T(index2))...

+8.4802+(3680.09./T(index2))-(1198506.1./T(index2).ˆ2);
kH=exp(ln kH); % Henry constant, [kPa]

% Convert to molarity units by dividing by the molarity of pure water
kH m=kH./(1000*DENSITY H2O/MW H2O); % Henry constant, [kPa/(mol/dm3)]

%% Create the DATA matrix
% by horizontally concatenating the calculated vectors
AMINE DATA = [T concentration loading pco2 exp c h2o tot c am tot...

c co2 tot A DH kH m];

end

function K0 = calc K0(n,T,R)

% Function Description:
% This function calculates the infinite dilution equilibrium constants as a
% function of temperature (T) and model parameters (n) using the Van 'T
% Hoff equation for the following liquid phase reactions:
% (1) H+ + CO3-- <--> HCO3-
% (2) H+ + HCO3- <--> CO2 + H2O
% (3) H+ + OH- <--> H2O
% (4) H+ + Am <--> AmH+
% (5) HCO3- + Am <--> AmCOO- + H2O
% (6) H+ + AmCOO- <--> HAmCOO
% (7) HCO3- + AmCOO- <--> Am(COO)2-- + H2O
% (8) H+ + Am(COO)2-- <--> HOOCAmCOO-

log10K0 = zeros(length(T),8);

% Known equilibrium constants at infinite dilution
log10K0(:,1) =-(-(12431.7./T)-(35.4819.*log(T))+220.067)./2.3026; % bicarbonate dissociation
log10K0(:,2) =-(-(12092.1./T)-(36.7816.*log(T))+235.482)./2.3026; % CO2 dissociation
log10K0(:,3) =-(-(13445.9./T)-(22.4773.*log(T))+140.932)./2.3026; % H2O dissociation

112 Confidential



% Regressed equilibrium constants at infinite dilution
log10K0(:,4)=((n(1))-((n(2)*1000/2.3026/R).*((1./T)-(1/313.15))));
log10K0(:,5)=((n(3))-((n(4)*1000/2.3026/R).*((1./T)-(1/313.15))));
log10K0(:,6)=((n(5))-((n(6)*1000/2.3026/R).*((1./T)-(1/313.15))));
log10K0(:,7)=((n(7))-((n(8)*1000/2.3026/R).*((1./T)-(1/313.15))));
log10K0(:,8)=((n(9))-((n(10)*1000/2.3026/R).*((1./T)-(1/313.15))));

K0=10.ˆ(log10K0);
end

function [x0,fval] = initialguess(index,K0,c co2 tot,c am tot,c h2o tot,A DH,DENSITY H2O)

x0=zeros(length(index),14);
fval=zeros(length(index),1);

for i=1:length(index)
% Make paramvector for iteration
paramVec=[K0(index(i),1);K0(index(i),2);K0(index(i),3);K0(index(i),4);K0(index(i),5);K0(index(i),6);K0(index(i),7);K0(index(i),8);c co2 tot(index(i));c am tot(index(i));c h2o tot(index(i));A DH(index(i))];
% Solve the speciation and activity coefficients for each data point
% Described by the equations in the function:
fun=@(x)minsum(x,paramVec,DENSITY H2O);
nvars=14;
A = [];
b=[];
Aeq=[];
beq=[];
nonlcon=[];
lb = zeros(1,nvars); % All concentrations must be above 0
lb(4) = 0.9*paramVec(11); %
ub = [paramVec(9) 1E-06 paramVec(9) paramVec(11) paramVec(9) paramVec(11) paramVec(10) paramVec(10) paramVec(10) paramVec(10) paramVec(10) paramVec(10) 1 1];
Pop = 300;
options = optimoptions('ga','PopulationSize',Pop);
[x0(i,:),fval(i)] = ga(fun,nvars,A,b,Aeq,beq,lb,ub,nonlcon,options);
if fval(i)>=2.5

while fval(i) > 2.5
fprintf('Initial guess not good enough :(. Fval = %.3f. \n',fval(i));
Pop = Pop+300;
options = optimoptions('ga','PopulationSize',Pop,'Display','none');
[x0(i,:),fval(i)] = ga(fun,nvars,A,b,Aeq,beq,lb,ub,nonlcon,options);
end
fprintf('A good initial guess was found :) ! Fval = %.3f \n',fval(i));

else
fprintf('A good initial guess was found :) ! Fval = %.3f. \n',fval(i));

end
end

end

function Z=minsum(x,paramVec,DENSITY H2O)

% Function description:
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% This function is used as the objective function that is minimised by
% a genetic algorithm to make a good initial speciation guess.
% Essentially, it is a modified version of speciation gamma.m, where the
% function output is the sum of the absolute values of F. This modification
% is necessary because the genetic algorithm needs an objective function
% that returns a scalar value.
%
% Inputs:
% - x: unknowns vector, containing speciation and activity coefficients
% x=[(1) (2) (3) (4) (5) (6) (7) (8) (9) (10)
% HCO3- H+ CO3-- H2O CO2 OH- AmH+ Am AmCOO- AmCOOH
% (11) (12) (13) (14)]
% Am(COO)2-- HAm(COO)2- y(1) y(2)]
% - paramVec: vector containing the parameters required to solve the set of
% nonlinear equations.
% paramVec = [(1) (2) (3) (4) (5) (6) (7) (8)
% [K01 K02 K03 K04 K05 K06 K07 K08
% (9) (10) (11) (12) ]
% c co2 tot c am tot c h2o tot A DH ]
% - DENSITY H2O: density of water, [kg/dm3]
%
% Output:
% - Z: sum of the absolute values of F. These should be near 0.

% Ionic strength, as a function of charged species
I = (0.5*(x(1)+x(2)+4*x(3)+x(6)+x(7)+x(9)+4*x(11)+x(12))); % [mol/dm3]

% Equilibrium constants
F(1)=log10(paramVec(1)*x(14))-log10(x(1)/(x(2)*x(3)));
F(2)=log10(paramVec(2)*(x(13)ˆ2))-log10(x(5)/(x(2)*x(1)));
F(3)=log10(paramVec(3)*(x(13)ˆ2))-log10(x(4)/(x(2)*x(6)));
F(4)=log10(paramVec(4))-log10(x(7)/(x(2)*x(8)));
F(5)=log10(paramVec(5))-log10(x(9)/(x(1)*x(8)));
F(6)=log10(paramVec(6)*(x(13)ˆ2))-log10(x(10)/(x(2)*x(9)));
F(7)=log10(paramVec(7)*(x(13)ˆ2)/x(14))-log10(x(11)/(x(1)*x(9)));
F(8)=log10(paramVec(8)*x(14))-log10(x(12)/(x(2)*x(11)));

% Mass balances
F(9) = (paramVec(9)) - (x(3)+x(1)+x(5)+x(9)+x(10)+2*x(11)+2*x(12));
F(10) = (paramVec(10)) - (x(8)+x(7)+x(9)+x(10)+x(11)+x(12));
F(11) = (paramVec(11)) - (x(6)+x(4));

% Charge balance
F(12)= (x(1)+2*x(3)+x(6)+x(9)+2*x(11)+x(12))-(x(7)+x(2));

% Activity coefficient correlation: Specific Ionic Interaction Theory
F(13)=log10(x(13))+(paramVec(12)*sqrt(I)/(1+1.5*DENSITY H2Oˆ(-1/2)*sqrt(I)));
F(14)=log10(x(14))+(4*paramVec(12)*sqrt(I)/(1+1.5*DENSITY H2Oˆ(-1/2)*sqrt(I)));

Z=sum(abs(F));

end

function AARD = ObjFun(n,T,R,x0,kH m,pco2 exp,c h2o tot,c am tot,c co2 tot,A DH,DENSITY H2O)
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% Calculate the value of equilibrium constants at that temperature
% using the van 'T Hoff equation
K0 = calc K0(n,T,R);

% Find the places where T changes
index=find(diff(T)~=0)+1;
index=[1;index];

% Calculate the speciation for all values of T
spec = calc speciation gamma(T,x0,K0,c h2o tot,c am tot,c co2 tot,A DH,DENSITY H2O,index);

% Calculate the predicted CO2 partial pressure
pco2 mod=kH m.*spec(5,:)'; % kPa

%% Compare model prediction to experimental data of pCO2
% Sum of the squared relative error
SSQRE = sum(((pco2 exp - pco2 mod)./pco2 exp).ˆ2);

% Absolute average relative deviation
AARD = 100 * 1/length(T)*sum((abs(pco2 exp - pco2 mod)./pco2 exp))

end

F.2 Main code for TEPA-H2O-CO2 model

Structure and description of the code:

1. The VLE data for 30 wt% and 70wt% TEPA is imported and converted to the required model
inputs.

2. The regressed parameters of the model are defined.

3. The equilibrium constants for the reactions are calculated as a function of temperature, using
the ’calc K0’ function.

4. An initial guess can be made using the ’initialguess’ function or by importing a previously made
initial guess (’x0.mat’).

5. The speciation is solved using the ’calc speciation gamma’. Inside this function, using a for
loop, the speciation of the system at each data point is calculated by solving a set of nonlin-
ear equations using the ’fsolve’ solver. These equation are defined inside the function ’specia-
tion gamma’. Because this is a badly scaled system, the concentrations are normalized. After
the solution, the concentrations must be scaled back.

6. The set of non-linear equations in the function ’speciation gamma’ comprises of the equilibrium
constants, mass balances, charge balance and activity coefficient correlations.

7. Once the speciation is calculated for every data point, the partial pressure is calculated using
the henry constant.

8. The agreement between the model and the data is calculated using the SSQRE and AARD.

9. The ’plotresults’ function creates plots of multiple CO2 absorption isotherms, and compares
the model prediction to the experimental data. The ’plotparity’ function creates a plot of the
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measured vs. the calculated partial pressure of CO2.

%% TEPA-H2O-CO2 VLE model using extended Debye Huckel law

clc;close all;clear all
tic
%% Inputs
% Constants
DENSITY H2O=0.997; % density water, [g/mL]
MW H2O=18.015; % molar mass water [g/mol]
R=8.314; % gas constant [J/mol/K]
ER=80.2; % rel. perimittivity of water at 20C [-]
T C=647.126; % critical temperature water, [K]
% Amine specific
DENSITY AMINE=0.998; % density TEPA, [g/mL]
MW AMINE=189.314; % molar mass TEPA, [g/mol]
nAminegroups=5; % number of amine groups per molecule [mol/mol]

% VLE data
% [ (1) (2) (3) (4) ]
% [ T concentration loading pCO2 ]
% [ C wt% mol/mol N mbar ]
tepa30= importdata('tepa 30.txt'); % VLE data of 30 wt% TEPA
tepa30 = flipud(tepa30);
tepa70= importdata('tepa 70 cor.txt'); % VLE data of 30 wt% TEPA
tepa70 = flipud(tepa70);
VLE DATA =[tepa30;tepa70];

%% Calculations
% Convert the VLE data to the required inputs of the model: AMINE DATA.
% The array contains the following information:
% [(1) (2) (3) (4) (5) (6) (7)
% [ T concentration loading pCO2 c h2o total c amine total c co2 total
% [ K wt% mol/mol TEPA kPa mol/dm3 mol/dm3 mol/dm3
%
% (8) (9) ]
% Debye Huckel constant Henry's constant ]
% dm(3/2) mol(-1/2) kPa/(mol/dm3) ]
AMINE DATA = convertdata(VLE DATA,DENSITY H2O,MW H2O,DENSITY AMINE,...

MW AMINE,ER,T C,nAminegroups);

% Allocate columns
T=AMINE DATA(:,1); % Temperature [K]
pco2 exp=AMINE DATA(:,4); % Partial pressure CO2 [kPa]
c h2o tot = AMINE DATA(:,5); % Total water concentration [mol/dm3]
c am tot = AMINE DATA(:,6); % Total TEPA concentration [mol/dm3]
c co2 tot = AMINE DATA(:,7); % Total CO2 concentration [mol/dm3]
A DH = AMINE DATA(:,8); % Debye Huckel constant [dm(3/2) mol(-1/2)]
kH m=AMINE DATA(:,9); % Henry constant [kPa/(mol/dm3)]

%% Model prediction of pCO2
% Regressed parameters for TEPA
% [logK04 H4 logK05 H5 logK06 H6 logK07 H7 logK08 H8]
n = [8.05 -19.45 1.05 -26.37 8.9 -26.51 2.368 -21.28 6.74 -24.53];

% Calculate the value of equilibrium constants at that temperature
% using the van 'T Hoff equation
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K0 = calc K0(n,T,R);

% Find the places where T changes
index=find(diff(T)~=0)+1;
% index contains the index of every first point of each isotherm
index=[1;index];

% Generate an initial speciation guess for every first point of an isotherm
% [x0,fval] = initialguess(index,K0,c co2 tot,c am tot,c h2o tot,A DH,DENSITY H2O);
% x0=x0';
x0=importdata('x0.mat');

% Calculate the speciation for all values of T
spec = calc speciation gamma(T,x0,K0,c h2o tot,c am tot,c co2 tot,A DH,...

DENSITY H2O,index);
% Check for imaginary numbers
imag spec = imag(spec);

% Calculate the predicted CO2 partial pressure
pco2 mod=kH m.*spec(5,:)'; % kPa

%% Compare model prediction to experimental data of pCO2
% Sum of the squared relative error
SSQRE = sum(((pco2 exp - pco2 mod)./pco2 exp).ˆ2);

% Average absolute relative deviation
AARD = 100 * 1/length(T)*sum((abs(pco2 exp - pco2 mod)./pco2 exp));

toc

%% Plotting
% Plot the model results vs the data
vle fig = plotresults(pco2 mod,AMINE DATA);

% Create the parity plot
parity fig = plotparity(pco2 mod,pco2 exp);

function spec = calc speciation gamma(T,x0,K0,c h2o tot,c am tot,...
c co2 tot,A DH,DENSITY H2O,index)

% Function Description:
% This function calculates the liquid phase speciation for every datapoint,
% by solving a set of nonlinear equations (defined in 'speciation gamma.m')
% comprised of equilibrium conditions, mass balances, a charge balance and
% activity coefficient equations.
% Because the species concentrations vary over orders of magnitude, they
% are normalised to help the solver along and increase computation speed.
%
% Required files
% - speciation gamma.m
%
% Inputs:
% - T: temperature (K)
% - x0: initial speciation guesses array for the end of each isotherm.
% - K0: infinite dilution equilibrium constants for each T
% - c h2o tot, c am tot, c co2 tot: total concentrations of water, amine
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% and CO2, respectively.
% - A DH: Debye Huckel parameters for each T.
% - DENSITY H2O: density of water (kg/dm3)
% - index: row number of the datapoints corresponding to the end of each
% isotherm.
%
% Output:
% - spec: array containing the species concentration at each datapoint.
% The column number corresponds to the datapoint.
% The row numbers correspond to the different unknowns as follows:
% (1) (2) (3) (4) (5) (6) (7) (8) (9) (10)
% HCO3- H+ CO3-- H2O CO2 OH- AmH+ Am AmCOO- AmCOOH
% (11) (12) (13) (14)
% Am(COO)2-- HAm(COO)2- y(1) y(2)

% Preallocation for speed
spec = zeros(length(x0),length(T));

for i=1:length(T)

% Evaluate if i equals one of the values of index
[Lia(i),Locb(i)] = ismember(i,index);

if Lia(i) == 1 % i equals one of the values of index
x0i = x0(:,Locb(i)); % use a new initial guess

else
x0i = spec(:,i-1);

end

% Normalize the concentrations, this makes them all 1
% This helps the solver solve this otherwise badly scaled system.
xScalingVec = x0i;
x0i = x0i./xScalingVec;

% Make a vector out of all the required parameters to calculate
% speciation for this datapoint.
paramVec=[K0(i,1);K0(i,2);K0(i,3);K0(i,4);K0(i,5);K0(i,6);K0(i,7)...

;K0(i,8);c co2 tot(i);c am tot(i);c h2o tot(i);A DH(i)];

% Solve the speciation and activity coefficients for each datapoint
% Described by the equations in the function:
fun=@(x)speciation gamma(x,paramVec,xScalingVec,DENSITY H2O);
options = optimoptions('fsolve','Display','none',...

'MaxFunctionEvaluations',1000,'StepTolerance',1e-15,...
'MaxIterations',10000,'FunctionTolerance',1e-30);

x=fsolve(fun,x0i,options);

% Scale the solution back
x = x.*xScalingVec;

% Store the speciation at every data point in spec
spec(:,i) = x;

end

end
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function F=speciation gamma(x,paramVec,xScalingVec,DENSITY H2O)
% Function description
% This function contains the set of nonlinear equations that need to be
% solved to find the species concentrations and activity coefficients for
% each datapoint.
%
% Inputs:
% - x: unknowns to be solved, containing all species concentrations and
% activity coefficients.
% x = [ (1) (2) (3) (4) (5) (6) (7) (8) (9) (10)
% [HCO3- H+ CO3-- H2O CO2 OH- AmH+ Am AmCOO- AmCOOH
% (11) (12) (13) (14) ]
% Am(COO)2-- HAm(COO)2- y(1) y(2) ]
% - paramVec: vector containing the parameters required to solve the set of
% nonlinear equations.
% paramVec = [(1) (2) (3) (4) (5) (6) (7) (8)
% [K01 K02 K03 K04 K05 K06 K07 K08
% (9) (10) (11) (12) ]
% c co2 tot c am tot c h2o tot A DH ]
% - xScalingVec: vector used to normalise the unknowns.
% - DENSITY H2O: density of water, required for the Debye-Huckel equation.
%
% Output:
% - F: All values of F should be as close to zero as possible.

% The function must be evaluated at the 'real' x, thus we scale it back
x = (x.*xScalingVec);

% Ionic strength, as a function of charged species
I = (0.5*(x(1)+x(2)+4*x(3)+x(6)+x(7)+x(9)+4*x(11)+x(12))); % [mol/dm3]

% Equilibrium constants
F(1)=log10(paramVec(1)*x(14))-log10(x(1)/(x(2)*x(3)));
F(2)=log10(paramVec(2)*(x(13)ˆ2))-log10(x(5)/(x(2)*x(1)));
F(3)=log10(paramVec(3)*(x(13)ˆ2))-log10(x(4)/(x(2)*x(6)));
F(4)=log10(paramVec(4))-log10(x(7)/(x(2)*x(8)));
F(5)=log10(paramVec(5))-log10(x(9)/(x(1)*x(8)));
F(6)=log10(paramVec(6)*(x(13)ˆ2))-log10(x(10)/(x(2)*x(9)));
F(7)=log10(paramVec(7)*(x(13)ˆ2)/x(14))-log10(x(11)/(x(1)*x(9)));
F(8)=log10(paramVec(8)*x(14))-log10(x(12)/(x(2)*x(11)));

% Mass balances
F(9) = (paramVec(9)) - (x(3)+x(1)+x(5)+x(9)+x(10)+2*x(11)+2*x(12));
F(10) = (paramVec(10)) - (x(8)+x(7)+x(9)+x(10)+x(11)+x(12));
F(11) = (paramVec(11)) - (x(6)+x(4));
F(12)= (x(1)+2*x(3)+x(6)+x(9)+2*x(11)+x(12))-(x(7)+x(2));

% Activity coefficient correlation: Specific Ionic Interaction Theory
F(13)=log10(x(13))+(paramVec(12)*sqrt(I)/(1+1.5*DENSITY H2Oˆ(-1/2)*sqrt(I)));
F(14)=log10(x(14))+(4*paramVec(12)*sqrt(I)/(1+1.5*DENSITY H2Oˆ(-1/2)*sqrt(I)));

end

function fig = plotresults(pco2 mod,data)
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% This function creates plots of the partial pressure of CO2 versus the
% loading. Both the VLE dat and the prediction of the model are combined in
% the graph. One graph is created for each concentration, containing the
% isotherms at the different temperatures measured.

t=[40 80 120]+273.15;
c=[30 70];
marker = {'s','d','ˆ','o','x'};
color = {[0 0.4470 0.7410],[0.8500 0.3250 0.0980],...

[0.9290 0.6940 0.1250],[0.4940 0.1840 0.5560],...
[0.4660 0.6740 0.1880]};

k=1;
iter = 1;
for i = 1:length(c)

fig(k)=figure(k);
hold on
grid on
Legend = {};
for j=1:length(t)

% find the index of the datapoints corresponding to 1 isotherm
tindex=find(data(:,2)==c(i) & data(:,1)==t(j));
if isempty(tindex) == 0

A = (data(tindex,3)); % loading for that isotherm [mol/mol]
C = data(tindex,4); % pCO2 measured [kPa]
B = (pco2 mod(tindex)); % pCO2 calculated [kPa]
%ensure that the loading is sorted from low to high
[A,idx]=sort(A);
%sort the pCO2 in the same way as the loading
B=B(idx);
C=C(idx);
plot(A,B,'Color',color{j}) % plot the model
scatter(A,C,marker{j},'MarkerFaceColor',color{j},...

'MarkerEdgeColor',color{j}) %scatter the data
Legend1{iter}=sprintf('%.2f K calculated',t(j));
Legend2{iter}=sprintf('%.2f K measured',t(j));
Legend = [Legend, Legend1{iter},Legend2{iter}];

end
iter = iter + 1;

end
box on
grid on
xlabel('Loading (mol CO 2/mol TEPA)','fontweight','bold')
ylabel('Partial Pressure of CO 2 (kPa)','fontweight','bold')
title=sprintf('%d wt TEPA model vs experiment.jpg',c(i));
legend(Legend,'Location','northeastoutside')
set(gcf,'position',[10,10,700,400]);
set(gca,'YScale','log');
saveas(fig(k),title)
hold off
k=k+1;

end

end

function fig = plotparity(pco2 mod,pco2 exp)
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% This function creates a parity plot of the experimental and calculated
% partial pressure of CO2.
color = {[0 0.4470 0.7410],[0.8500 0.3250 0.0980]};

x = linspace(0.0001,10000,100);
y=x;
fig=figure;
hold on
box on
grid on
set(gca, 'YScale', 'log', 'XScale', 'log')
plot(x,y,'Color',color{2})
scatter(pco2 exp,pco2 mod,12,'o','MarkerFaceColor',color{1},...

'MarkerEdgeColor',color{1})
ylim([0.0001 10000])
xlim([0.0001 10000])
ylabel('Calculated CO 2 Partial Pressure (kPa)','fontweight','bold')
xlabel('Measured CO 2 Partial Pressure (kPa)','fontweight','bold')
saveas(fig,'Parity plot.jpg')
hold off

end

121 Confidential



122 Confidential


