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Abstract
Transport sector 𝐶𝑂ኼ emissions are on the rise and responsible for nearly 30% of the EU’s total 𝐶𝑂ኼ
emissions (European Parliament, 2019). An attractive way to reduce the 𝐶𝑂ኼ emissions by transport is
by changing the fuel used. Hydrogen is expected to play a key role in a clean, secure and affordable
energy future (IEA). However, a clean, widespread use of hydrogen in global energy transitions faces
several challenges. Currently, the global hydrogen production is approximately 7.2 EJ per year, 96%
of which comes from fossil fuels. To harness the potential of hydrogen on the way to a clean energy
future requires the capture of 𝐶𝑂ኼ from hydrogen production from fossil fuels and greater supplies of
hydrogen from renewable energy sources. This study focuses on assessing the techno-economic po-
tential of the membrane technology coupled with carbon capture technology, to produce decentralized
bio-hydrogen in realizing a low carbon society in The Netherlands.

A literature survey was performed to determine the performance of the membrane reactor & cryo-
genic capture technologies and expected technological advancements. With the information obtained,
a basic process of membrane reforming with carbon capture was modelled in Aspen Plus. Different
configurations of the basic process were developed. In the first stage, thermodynamic key perfor-
mance indicators were used to compare the performance of the different configurations developed.
Secondly, one promising configuration was chosen and the levelized cost of hydrogen was used to
optimize the process parameters like sweep ratio, permeate pressure, feed pressure etc. Finally, the
optimum configuration was used to determine its economic and 𝐶𝑂ኼ emissions potential compared to
the conventional steam methane reforming process. Exergy analysis for the optimum configuration
was also performed.

The optimum levelized cost of hydrogen of the decentralized hydrogen production system developed in
this work is calculated to be 4.19 €/𝑘𝑔 𝐻ኼ. The levelized cost of hydrogen for the equivalent centralized
steam methane reforming system is 5.98 €/𝑘𝑔 𝐻ኼ. Therefore, the decentralized system developed is
more attractive than the centralized system. The higher costs of the centralized system are due to the
hydrogen transportation costs. Furthermore, the carbon capture unit costs 0.68 €/kg 𝐻ኼ and an addi-
tional dehydration unit at 0.4 €/kg 𝐻ኼ is required to meet the PEM fuel-cell hydrogen specifications. The
efficiency and carbon capture rate of the developed configuration is 66.07% and 72.13% respectively,
higher than the conventional process. The exergy efficiency of the developed process is 65.1%. The
𝐶𝑂ኼ emissions for the decentralized system across the value chain are calculated to be 1.4 kg 𝐶𝑂ኼ/kg
𝐻ኼ. Future scenarios with renewable energy in the electricity mix result in negative 𝐶𝑂ኼ emissions,
making the system attractive to limit the climate change and also benefit financially from the EU-ETS.
The 𝐶𝑂ኼ emissions of the centralized system are 5.45 kg 𝐶𝑂ኼ/kg 𝐻ኼ with post-combustion carbon cap-
ture and 10.14 kg 𝐶𝑂ኼ/kg 𝐻ኼ with state-of-the-art reforming. With a carbon tax to be implemented soon,
the costs of this system will rise making the decentralized system even more attractive. However, un-
certainties in the development of an integrated hydrogen transport infrastructure, fuel-grade hydrogen
demand, technological advancements in membrane reactors etc. may affect the comparative attrac-
tiveness of the systems.
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1
Introduction

Our current energy system relies primarily on fossil fuels: non-renewable, depleting resources that
release greenhouse gases. The challenges that are now faced by the world’s energy system are far
greater than those that were faced during the 1970s energy crisis and a shift away from our current
reliance on fossil fuels is inevitable. Energy transition from fossil-based to zero-carbon is needed to
reduce energy related carbon emissions, limit climate change and meet the Paris Agreement goals of
limiting the global temperature rise this century well below 2 °C above pre-industrial levels (UNFCCC).

Figure 1.1: ፂፎᎴ emissions by sector in The EU (European Parliament, 2019).

Transport sector 𝐶𝑂ኼ emissions are on the rise and responsible for nearly 30% of the EU’s total 𝐶𝑂ኼ
emissions (European Parliament, 2019). Passenger cars are the major polluters accounting for around
60% of the total 𝐶𝑂ኼ emissions by road transport. As part of efforts to reduce the 𝐶𝑂ኼ emissions, the
EU has set a goal of reducing the transport emissions by 60% by 2050 compared to 1990.

An attractive way to reduce the 𝐶𝑂ኼ emissions by transport is by changing the fuel used. Hydrogen is
expected to play a key role in a clean, secure and affordable energy future (IEA). Today, hydrogen is
used mostly in oil refining and the production of fertilizers. To make a significant contribution to clean

1



2 1. Introduction

energy transition it needs to be adopted in sectors like transport, building and power generation where
it is almost absent.

Technologies available today enable hydrogen to produce, store, move and use energy in a number of
different ways. It can be transformed into electricity and methane to power homes and feed industry,
and also into fuels for cars, trucks, ships etc. A clean, widespread use of hydrogen, however, in global
energy transitions faces several challenges. Currently, the global hydrogen production is approximately
7.2 EJ per year, 96% of which comes from fossil fuels and the rest 4% from electrolysis. This results
in 500 Mt carbon-dioxide emissions per year (Voldsund et al., 2016). Hydrogen is majorly supplied
from natural gas and coal, with steam methane reforming covering around 50% of the global produc-
tion (Di Marcoberardino et al., 2018). The share of hydrogen production methods is shown in figure 1.2.

To harness the potential of hydrogen on the way to a clean energy future requires the capture of 𝐶𝑂ኼ
from hydrogen production from fossil fuels and greater supplies of hydrogen from renewable energy
sources. Furthermore, producing hydrogen from renewable electricity is costly at the moment and the
development of hydrogen infrastructure is slow which is holding back widespread adoption (IEA).

Figure 1.2: Share of the hydrogen production methods (Voldsund et al., 2016).

One near-term opportunity to boost hydrogen on the path towards its clean, widespread use is de-
centralized production via membrane reforming of biogas integrated with carbon capture technology.
Biogas is a renewable energy source and along with carbon capture this process is expected to pro-
duce near-zero or even negative 𝐶𝑂ኼ emissions. Membrane reforming promises economic small-scale
hydrogen production combined with inexpensive capture because of the high concentration and pres-
sure of exiting gas stream (Sjardin et al., 2006). Furthermore, decentralized production would result in
a higher efficiency on a value chain level due to less transport cost and emissions. This entire system
from waste to fuels will enable in creating a circular economy as well. The International Energy Agency
(IEA) predicted the deployment of fuel cell vehicles (FCVs) will begin in earnest by 2025 in the passen-
ger light duty vehicles (LDVs) (Voldsund et al., 2016). Therefore, such a system at a refuelling station
will exploit the increasing demand for hydrogen as a fuel. This study will assess the techno-economic
potential of the membrane technology coupled with carbon capture technology, to produce near-zero
or negative emissions hydrogen in realizing a low carbon society in The Netherlands. The integration
of these technologies into a process could facilitate capture at small scales, avoid the hydrogen trans-
port costs and therefore contribute to a more rapid reduction in carbon emissions. This potential will be
quantitatively assessed in this work by means of process modelling and simulations, sensitivity analysis
followed by economic and 𝐶𝑂ኼ emissions evaluation compared to conventional production processes
and finally exergy analysis.

1.1. Scope of the research
Initial research on membrane separation processes for production of hydrogen showed promising re-
sults compared to the conventional steam reforming process (Kikuchi, 2000). The integration of this
membrane technology with the maturing CCS (carbon capture & storage) technology into a novel sys-
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tem has the potential to deliver green hydrogen that will facilitate the transition to a low carbon economy
(Sjardin et al., 2006).

The main research question is formulated as follows:

What is the economic potential of PEM fuel-grade hydrogen production by membrane enhanced re-
forming of biogas with carbon capture to realize a low carbon society and promote sustainable growth
for the transportation sector in The Netherlands?

To help answer the main question, a number of sub-questions are formulated:

• What are the different process configurations possible? How do these configurations perform
with respect to each other?

• How does the best performing configuration compare to the conventional steam methane reform-
ing process in terms of economic and CO2 avoidance potentials?

These sub-questions are answered by conducting a conceptual process design of a membrane reactor
for biogas conversion to hydrogen at FCV grade. The process design is supported by process simula-
tions, to quantitatively compare different process configurations, generate mass and energy balances,
as well as enable following economic, emissions and exergy analysis. The results that answer these
sub-questions are valid at given design assumptions, that are fixed in the basis of process design. This
basis of design is built answering the following main questions, but not only:

• What capacity of the plant is preferable?

• Should the plant be centralized or decentralized?

• What are the battery limits (system boundaries) of the system?

• Is feed gas sufficiently available to produce the capacity chosen?

• Is pre-treatment of feed gas (minor contaminants) required? If yes, to what extent?

• Does the 𝐻ኼ produced from the membrane reactor meet the fuel-grade specifications? And 𝐶𝑂ኼ
from the carbon capture unit?

1.2. Methodology
The questions addressed for the basis of design were answered with the help of preliminary literature
review. First, the capacity and the location of the system were decided. The capacity was chosen
depending on the average size of the biogas digester available in The Netherlands, the predicted de-
mand of hydrogen in the near future, membrane performance assumed, and also the availability of
performance data of the conventional process to compare with. The location of the system depended
majorly on transportation factors.

With literature available on membrane reforming and carbon capture technologies, the suitable pro-
cess parameters were chosen. With the information obtained, a basic process of membrane reforming
with carbon capture was modelled in Aspen Plus. The battery limits of the process developed were
decided for a clear performance analysis and comparison. Different configurations of the basic process
were developed. In the first stage, before conducting a detailed economic potential estimate, thermo-
dynamic key performance indicators for example, efficiency, carbon capture rate etc. were used to
compare the performance of the different configurations developed. Secondly, one promising configu-
ration was chosen and the LCOH (economic performance indicator) was used to optimize the process
parameters like sweep ratio, permeate pressure, feed pressure etc. To calculate the LCOH, the cost
factors were taken from literature and experts. Finally, the optimum configuration was used to deter-
mine its economic and 𝐶𝑂ኼ emissions potential compared to the conventional steammethane reforming
process and also perform exergy analysis to evaluate the process design performance.





2
Theoretical Background

In this chapter, the background information necessary to build the novel process and compare it to
the conventional one is discussed. First, the current and future use and importance of hydrogen is
mentioned. Following, the conventional production method of hydrogen is introduced. Then, the novel
hydrogen production process using membrane technology is discussed, with integration of the car-
bon capture technology. Each section of the process is explained in detail. Finally, a few industrial
processes that use these technologies and their performances are listed.

2.1. Hydrogen
The main use of hydrogen is in petroleum refining and fertilizer production. However, its use in the
transportation and utilities market is growing in recent years. This is due to the fact that hydrogen is
a clean fuel with zero or near-zero emissions and therefore has high potential to reduce the green-
house gas emissions in many applications. The major impact will be in its use in a fuel cell, as when
consumed in a fuel cell it produces only water, electricity and heat. Hydrogen and fuel cells have a
potential for use in a vast number of applications: transportation, industrial, residential, commercial
etc. Energy Department-funded analysis states that the maximum reduction in emissions will be in the
transportation sector (U.S. Department of Energy, 2017).

It is important to realize that, currently, the hydrogen production plants are centralized and large-scale
complementing its use in the petroleum and fertilizer industry. However, if we consider its future appli-
cations, decentralized and small-scale production units (closer to the end user) may be the best solution
to introduce hydrogen in the short run partly because the initial (in the energy transition) demand for
hydrogen will be low (Hartnig and Roth, 2012). Another major reason is the current immature hydrogen
pipeline infrastructure. For example, when using hydrogen in a fuel cell vehicle, it is better to have a
production plant close to the refuelling station to avoid the transportation costs and easily match the
supply to the demand as the vehicle fleet increases. On the other hand, once the demand for hydrogen
is large enough, central hydrogen production will become cost-competitive to decentralized production.
Research on the hydrogen distribution infrastructure is ongoing as stated by the Department of Energy
but it also mentions that a number of technical concerns need to be dealt with before its global deploy-
ment (U.S. Department of Energy). At present, the uncertainty and the cost of transport is high.

The future market of hydrogen as a fuel will depend on four primary factors: the cost of hydrogen,
rate of advancement of 𝐻ኼ consuming technologies, the cost of competing energy systems, the po-
tential long-term restrictions on GHGs (Hartnig and Roth, 2012). Katikaneni et al. (2014) compares
on-site hydrogen generation using liquid hydrocarbons with natural gas based centralized hydrogen
production along with pipeline transportation. The important takeaway from this research is that the
centralized production of hydrogen from natural gas costs $ 1.4/kg (1.274 €/kg) but with transportation,
the total cost goes to $ 6.23/ kg (5.67 €/kg). The high cost of transport along with the uncertainty of
performance has led to increased research on feasibility of small-scale on-site hydrogen production.

5
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When dealing with fuel-grade hydrogen, it is of utmost importance to keep in mind the fuel quality
specifications. Below is a table enlisting the maximum allowable limits of contaminants in fuel cells
for road vehicles (Ohi et al., 2016). Furthermore, the refuelling pressure for FCVs is 700 bar (U.S.
Department of Energy, 2016).

Table 2.1: Maximum allowable limits of contaminants in PEM fuel cells in road vehicles (Ohi et al., 2016).

Characteristics Type I, Type II
Grade D

Hydrogen fuel index (minimum mole fraction) 99.97%
Total non-hydrogen gases 300 μmol/mol

Maximum concentration of individual contaminants
Water (𝐻ኼ𝑂) 5 μmol/mol
Total hydrocarbons
(Methane basis) 2 μmol/mol

Oxygen (𝑂ኼ) 5 μmol/mol
Helium (He) 300 μmol/mol
Total Nitrogen (𝑁ኼ) and Argon (Ar) 100 μmol/mol
Carbon dioxide (𝐶𝑂ኼ) 2 μmol/mol
Carbon monoxide (CO) 0.2 μmol/mol
Total sulphur compounds
(𝐻ኼ𝑆 basis) 0.004 μmol/mol

Formaldehyde (HCHO) 0.01 μmol/mol
Formic acid (HCOOH) 0.2 μmol/mol
Ammonia (𝑁𝐻ኽ) 0.1 μmol/mol
Total halogenated compounds
(Halogenate ion basis) 0.05 μmol/mol

Maximum particulates concentration 1 mg/kg

2.2. Conventional hydrogen production process

Figure 2.1: Process scheme for conventional SMR.

The conventional process for large-scale hydrogen production in the industry is by steam reforming
(Go et al., 2009). More than 50% of the global production is from steam reforming of natural gas (NG).
In steam reforming of natural gas, steam reacts with the natural gas in the presence of nickel-based
catalyst to produce mainly hydrogen, carbon dioxide and carbon monoxide. The block diagram shows
the conventional steam reforming plant for hydrogen production from natural gas. The main reactions
that take place in this process are shown below (Hartnig and Roth, 2012):

𝐶𝐻ኾ + 𝐻ኼ𝑂 ⇌ 𝐶𝑂 + 3𝐻ኼ Δ𝐻°
ኼዃዂፊ = 206.4 𝑘𝐽/𝑚𝑜𝑙 (2.1)

𝐶፧𝐻ኼ፧ዄኼ + 𝑛𝐻ኼ𝑂 ⇌ 𝑛𝐶𝑂 + (2𝑛 + 1)𝐻ኼ Δ𝐻°
ኼዃዂፊ > 0 (2.2)
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𝐶𝑂 + 𝐻ኼ𝑂 ⇌ 𝐶𝑂ኼ + 𝐻ኼ Δ𝐻°
ኼዃዂፊ = − 41.2 𝑘𝐽/𝑚𝑜𝑙 (2.3)

Reaction 1 is the main reforming reaction that takes place and reaction 2 represents the reforming of
higher hydrocarbons that maybe present in natural gas. Reaction 3 is called the water-gas shift (WGS)
reaction . The first 2 reactions are endothermic whereas reaction 3 is exothermic.

The production process has four important sub-processes. Purification of the feed is required if high
amounts of contaminants are present. A desulphurization unit is most commonly employed in a re-
forming process to remove the sulphur compounds in the natural gas. This step is very important due
to the high sulphur sensitivity of catalysts in the reformer.

In the reforming section, the steam reforming reactions take place (reaction 1 & 2). Owing to the
endothermic nature of the steam reforming reaction, heat input is required for the process. This heat
can either be provided by the off-gases from the PSA unit or additional natural gas. The main operat-
ing variables that influence the reaction are temperature, pressure, molar steam-to-carbon ratio. The
operating conditions are high temperatures of 800-900 °C, process pressure between 15-30 bar and
S/C ratio between 2.5-3. The reactions are catalysed by supported nickel catalysts.

Next, high-temperature WGS reaction takes place where the gas is cooled down to 350 °C and carbon
monoxide is converted to hydrogen using iron-oxide based catalysts (reaction 3). The exit gas temper-
ature is around 400-450 °C, because of the exothermic nature of the reaction. To obtain pure hydrogen,
purification of the reactor outlet stream is required. The commonly used technology is pressure-swing
adsorption (PSA). The gas from the WGS unit is cooled to ambient temperature and the water in the
stream is separated before it enters the adsorption column. The hydrogen obtained from this step is
>99.95 % pure. The off-gas from the PSA unit is usually burned in the reformer to provide the input
heat and decrease the fuel requirements. They can also be recycled into the reformer. In that case,
natural gas is used as a fuel for the reformer.

The thermodynamic limitations, the endothermic nature of the reforming reaction and the need for many
complex steps to purify hydrogen mean a high capital investment and a reduced process efficiency.
Cost of WGS and PSA practically accounts for about 30 % of the total cost for producing 𝐻ኼ (Go et al.,
2009). By integrating hydrogen selective membranes, a high degree of process integration and intensi-
fication can be accomplished in the steam reformer. A number of process units can be decreased and
total required reactor volume greatly reduced while achieving higher methane conversions, hydrogen
yields (beyond thermodynamic limitations) at lower temperatures and with higher energy efficiencies
(Gallucci et al., 2008).

2.3. Membrane reforming for hydrogen production

Figure 2.2: Process scheme for the MR.
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The feed, depending on its composition, is usually pre-treated before it enters the membrane reactor.
Due to the high sulphur sensitivity of the Ni-based catalyst in the reformer, a desulphurization unit is
usually employed similar to the conventional production process. Different technologies are available
for this purification step, depending on the feed composition, the amount of contaminants needed to
be removed etc.

The membrane reactor (MR) can combine the three most crucial steps of the conventional produc-
tion process into one i.e. steam reforming, water-gas shift as well as produce high purity hydrogen.
The latter is because the Pd-based membranes that are placed inside the reforming tubes are highly
selective to hydrogen and don’t allow other gases to pass through it. The reactions that take place in
the reformer are similar to the conventional process.

Compared to the temperature of the conventional process of around 900 °C, the MR can operate at a
lower temperature (500- 650 °C) with better methane conversions than the steam methane reformer
(SMR). This is due to the continuous removal of hydrogen, which shifts the equilibrium of the reaction
to the right. However, a minimum of 500 °C is required for sufficient methane conversion (Sjardin et al.,
2006).

In the conventional process, as pressure increases the reaction shifts to the feed side, lowering the
methane conversion. Assuming the permeation capacity of the membrane is sufficient and enough
hydrogen is removed from the feed side, the effect of increasing pressure in the MR is opposite to
the SMR. A higher reaction pressure increases the hydrogen flux through the membrane, increasing
the methane conversion. High permeation rate (flux)1 has a positive effect on membrane area but
increases costs for compressors, pumps etc. To further improve the permeation of hydrogen through
the membrane, a high pressure difference between the feed and the permeate stream of the reactor is
required (For a better understanding refer figure 2.4). This is achieved with the help of a sweep stream
(usually steam) at around atmospheric pressure or by using a vacuum pump. The optimal pressure
of the feed is between 10-30 bar and the permeate side is atmospheric or lower. An elaborate choice
between the two configurations has to be made depending on the results desired. If the sweep configu-
ration is adopted, steam needs to be produced, heated to the reaction temperature and later separated
from the hydrogen, which requires energy. If a sweep configuration is chosen, an optimum sweep
ratio 2 needs to be determined. Similar performance is achieved with lower reactor pressure and vac-
uum permeate configuration, however, additional equipments are required i.e. vacuum pump which
increase the costs. It also depends on the hydrogen outlet pressure required. Compression costs from
vacuum to a very high pressure will be considerably high.

Steam feed is usually added in excess to improve conversion and prevent coke formation which is
a pervasive problem in membrane reactors. The coke deactivates the catalyst, causes bed pressure
increase as a result of blocking the flow. The optimal steam-to-carbon ratio 3 is 2.7-3.2. Higher values
will increase methane conversion but imply lower hydrogen partial pressure and therefore result in in-
crease in the membrane surface area. Also, more steam production will be needed.

The membrane reactor produces two streams: the permeate stream which contains pure hydrogen
(in case of vacuum) or hydrogen & steam (if sweep gas is used). This permeate stream is purified
to contain at least 99.97% hydrogen and is compressed and stored. The retentate stream contains
majorly 𝐶𝑂ኼ, 𝐻ኼ0 product, unreacted 𝐶𝐻ኾ, 𝐶𝑂 and unseparated 𝐻ኼ,

In the conventional SMR, the off-gases from the PSA unit are either recycled or sent to the furnace
to raise heat for the endothermic reforming reaction. This can also be done for the MR without the
need of the PSA unit. However, if almost complete methane conversion and hydrogen recovery is
attained, the retentate stream contains mainly 𝐶𝑂ኼ and water with small amounts of 𝐶𝐻ኾ, CO, 𝑁ኼ, 𝐻ኼ.
To reduce the carbon footprint of the process, the 𝐶𝑂ኼ can be purified, captured and stored. This tech-
nique is called pre-combustion carbon capture as the 𝐶𝑂ኼ is recovered and stored before combustion.
1The amount of permeate the passes through the membrane per unit area per unit time.
2The ratio of sweep flow to the permeate hydrogen flow.
3The ratio of moles of steam to moles of equivalent carbon in the reactor feed
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A number of pre-combustion 𝐶𝑂ኼ capture technologies are available in the industry and the technol-
ogy chosen depends on the concentration of 𝐶𝑂ኼ in the stream, the scale, required pressure and the
presence of contaminants (Hartnig and Roth, 2012). Carbon capture and storage technologies will be
discussed later in this chapter (refer section 2.6). The gases that remain after 𝐶𝑂ኼ is captured can be
recycled with the feed or burned to produce heat for the membrane reactor.

2.4. Feed
Currently, the conventional feed used by the industry for production of hydrogen is natural gas. It is said
to be the earth’s ”cleanest” fossil fuel, majorly composed of methane. When it burns, mostly carbon
dioxide, water vapor and small amounts of nitrogen oxides are produced (American Gas Association).
The conventional hydrogen production process produces significant amounts of 𝐶𝑂ኼ emissions (close
to 10 kg 𝐶𝑂ኼ per kilogram of 𝐻ኼ product) (Hartnig and Roth, 2012). To reduce the carbon emissions,
other sustainable feedstocks are replacing natural gas; one such feedstock is biogas.

Biogas is a mixture of gases that are produced from the decomposition of organic waste (American
Gas Association). When the organic matter, such as food waste, agricultural waste, manure etc, break
down in an anaerobic environment (in the absence of oxygen) they release a blend of gases, majorly
𝐶𝐻ኾ and 𝐶𝑂ኼ, water vapour and traces of hydrogen sulfide, nitrogen and ammonia . This process of
producing biogas from organic matter is called anaerobic digestion and is facilitate by anaerobic organ-
isms which digest this matter.

Biogas is known as an ”environmentally-friendly” energy source because it reduces the dependence
on fossil fuels and helps mitigate the global waste epidemic that releases tons of methane in the air.
However, it is important to note that feed purification technologies may be different and more severe in
the case of biogas as compared to natural gas. This is because, biogas has a lot of contaminants like
sulphur, ammonia etc. which are detrimental in the downstream processes and need to be removed.
The exact composition of biogas depends on its origin. Although it is comparatively dirtier than natural
gas, biogas is increasingly being adopted in the industry as a feed for steam reforming for reduced
greenhouse emissions.

Biogas in the Netherlands
In the year 2016, the Netherlands had more than 252 functioning digesters with 219 MW installed
electrical capacity and 11,905 N𝑚ኽ/h bio-methane upgrading capacity (IEA Bioenergy, 2016). Unlike
many other countries, the percentage of energy in biogas utilised as heat is 56% while that as electricity
is 33%. 8% of the energy is used as vehicle fuel which is amongst the highest in the world. Furthermore,
it was predicted that the biogas sector has a potential to produce 1.2 billion 𝑚ኽ of biogas or 0.75 billion
𝑚ኽ bio-methane by 2020 increasing to 3.7 billion𝑚ኽ of biogas or 2.2 billion𝑚ኽ of bio-methane by 2030
(Green Gas Forum, 2014), with significant growth expected in biogas from manure, sewage sludge,
grass and seaweed.

2.4.1. Feed pre-treatment
In this section, the importance of feed pre-treatment and the most harmful impurities that can reduce
the performance of the membrane and catalyst are mentioned. Furthermore, commercial feed pre-
treatment technologies are listed that could be used to purify the feed.

Effect of impurities in the feed
Some gases present in the feed stream can be harmful for the performance of the membrane and the
catalyst in the membrane reactor, and therefore need to be removed. The most harmful is sulphur,
usually present as 𝐻ኼ𝑆. Hydrogen sulphide deactivates the reforming catalyst, which is an alloy of
Ni. Sulphur adsorbs so strongly on Ni that it causes a substantial loss of surface area of the catalyst
and therefore, the activity. Research by experts showed that the sulphur coverage on the catalyst is
always greater than 0.5 even when the concentration of 𝐻ኼ𝑆 in the feed is less than 0.02 ppm (Hou
et al., 1999). Another detrimental effect of 𝐻ኼ𝑆 in the stream is corrosive decay of the membranes.
The most commonly used membranes are the Pd-Ag alloys due to their high 𝐻ኼ permeability. These
alloys however, show high levels of deterioration when exposed to even trace amounts of 𝐻ኼ𝑆. Studies
showed that a reduction in 𝐻ኼ flux to 80% is seen when exposed to 20 ppm 𝐻ኼ𝑆 for 10 minutes (Gabitto
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and Tsouris, 2019). Therefore, all the sulphur in the feed needs to be removed to ppb levels for an
acceptable catalyst and membrane performance and reduce the replacement costs. Other gases that
cause harmful effects are 𝑁ኼ and 𝑁𝐻ኽ. Sakamoto et al. (1997) studied the effect of 10% 𝑁ኼ and 𝑁𝐻ኽ
in the gas stream on hydrogen permeation for a few chosen Pd alloy membranes. Optimum operating
conditions to minimize the effect of these gases are difficult to determine owing to the different effects
of the different gases. Therefore, the best option is to remove these gases from the feed stream to the
lowest concentration possible.

Pre-treatment technologies
Biogas is a mixture of gases composed mainly of 40-70% vol 𝐶𝐻ኾ, 30 - 60% vol 𝐶𝑂ኼ, 0-1% vol 𝐻ኼ,
0-3% vol 𝐻ኼ𝑆 and 1-5% vol other gases (Zăbavă et al., 2019). The exact composition depends on the
source of the biogas, but always contains some amount of contaminants. Prior to use, biogas need to
be treated (purified) to remove these impurities. The most common methods used for biogas treating
are shown in figure 2.3

Figure 2.3: Biogas purification methods (Zăbavă et al., 2019).

These methods are based on these four principle cleaning techniques namely, bio-filtration, adsorp-
tion, water scrubbing (an absorption process) and refrigeration. The technologies mentioned above are
commercial and efficiently clean the biogas, the outlet stream having negligible impurities. A detailed
description of these processes is not mentioned as pre-treatment of biogas is out of scope of this study.

2.5. Membrane technology
A membrane is a barrier that allows selective mass transport of substances. It is selective because
some substances can pass through it more easily than others. This makes it easy to separate or purify
a mixture into different components. The phases can be liquids or gases. Membrane processes are
continuous unlike the PSA purification step which is cyclical. They are mainly preferred in small-scale
applications because of the scalability cost advantage of PSA processes (IEA, 2017). In this work, we
will focus on gas separation membranes.

In the last 60 years, major developments in the membrane technology have taken place. This has
made the application of manufactured membranes a viable option. Membrane applications are di-
verse, from reverse osmosis (to purify water) to micro filtration (to filter bacteria) (Kluiters, 2004).

The popularity of membranes owes largely to the following advantages:

• Mild process conditions

• Low energy consumption

• Continuous separation possible

• Easy scaling up

• No additives
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• Easy integration with other separation technologies

It is important to note the disadvantages (depending on the specific membrane type):

• Low lifetime

• Fouling tendency

• Low selectivity or flux

• Linear scaling factor, no economies of scale

Before diving into the membrane characteristics for hydrogen purification, a basic explanation of the
membrane configuration is given for a better understanding.

Figure 2.4: Membrane unit (Kluiters, 2004)

Figure 2.4 shows the basic membrane set-up. The two sides of a membrane are called the feed
side, from which the feed enters and the permeate side, the downstream side. The general rule is that
the most relevant species permeates from the feed side to the permeate side, in this study it’s hydro-
gen. The feed side ”flow in” is called the feed flow and the resulting flow after permeation is called the
retentate flow. The inlet flow at the permeate side is called the sweep flow and the exit flow is called
the permeate.

The two main flow operations of the membrane are co-current and counter-current.

Figure 2.5: Co-current set-up (Kluiters, 2004). Figure 2.6: Counter-current set-up (Kluiters, 2004).

Figure 2.7: Co-current set-up (Kluiters, 2004). Figure 2.8: Counter-current set-up (Kluiters, 2004).
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The co-current set-up is when the feed and the permeate run in the same direction whereas in the
counter-current they run in the opposite direction as seen in figure 2.5 & 2.6 respectively. In the co-
current operation, the initial driving force is large but it decreases as the permeation takes place, figure
2.7. If the membrane length is long enough, the partial pressures on the feed and permeate side will
become almost equal. This means the efficiency will decrease as membrane surface area increases.
In contrast, the partial pressure difference between the feed and the permeate is roughly constant
throughout the length of the membrane in the counter-current set-up. This results in substantial driving
force even at the exit. Therefore, the best membrane results are obtained with the counter-current
operation. Another effective way to increase the partial pressure difference between the feed and
permeate side is by using a sweep flow as shown in figure 2.9

Figure 2.9: Membrane unit (Kluiters, 2004).

The performance and efficiency of a membrane can be measured in terms of flow or flux through
the membrane and the selectivity. The selectivity is the measure of the difference in permeability of a
substance compared to others in a mixture. For example, if a membrane allows only hydrogen to pass
through it, its selectivity is 100 % for hydrogen.

The next sections will focus on research and development of membranes for hydrogen separation
and application of membranes for hydrogen production.

2.5.1. Membranes for hydrogen separation
Membranes can be a good alternative for separation of hydrogen from mixtures and can replace PSA
and cryogenic separation technologies depending on the scale and purity of the product required
(Kluiters, 2004). They perform better as compared to other purification methods when high recov-
ery is required. Furthermore, they can operate at moderate temperatures and pressures. Maintenance
requirements are minimal because of a lack of moving parts and have less complex control systems
compared to the other hydrogen purification technologies. Since 1979, polymeric membranes are used
in the ammonia industry for hydrogen recovery and since the late 1990s palladium membranes are be-
ing used for the production of pure hydrogen in the electronics industry (Kluiters, 2004). In the recent
decades membrane are being developed and employed in more sectors for hydrogen separation.

Material & fabrication
Hydrogen selective membranes are classified into four categories: metallic, carbon, ceramic (together
called inorganic) and polymeric (organic). Polymeric membranes have a wide range of applications
and are available at a relatively low cost. They are currently used for refinery separation processes as
a primary material. Inorganic membranes can be operated under higher temperatures than polymeric
and posses high chemical stability (IEA, 2017). The properties of the most common hydrogen selective
membranes are summarized in table 2.2 (Kluiters, 2004) & (Gallucci et al., 2013).

The most important parameters when choosing a membrane type are selectivity, flux and tempera-
ture range at which the membranes can be applied. Dense metallic and dense ceramic membranes
are the most suitable ones in order to obtain high hydrogen purity because of their very high selectivity
towards hydrogen (Gallucci et al., 2013).
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Table 2.2: Properties of common hydrogen selective membranes (Kluiters, 2004) & (Gallucci et al., 2013).

Dense polymer Micro porous ceramic Dense metallic Porous carbon Dense ceramic
Temperature range < 100 °C 200 − 600 °C 300 − 600 °C 500 − 900 °C 600 − 900 °C
𝐻ኼ selectivityፚ low 5 − 139 > 1000 4 − 20 > 1000
𝐻ኼ flux (10ዅኽmol/mኼs)
at dP = 1 bar low 60 − 300 60 − 300 10 − 200 6 − 80

Stability issues Swelling, compaction,
mechanical strength Stability in 𝐻ኼ𝑂 Phase transition Brittle, oxidising Stability in 𝐶𝑂ኼ

Poisoning issues HCl, SOx, (𝐶𝑂ኼ) 𝐻ኼ𝑆, HCl, CO
Strong adsorbing
vapours, organics H2S

Materials Polymers
Silica, alumina,
zirconia, titania,
zeolites

Palladium alloy Carbon
Proton conducting
ceramics (mainly
𝑆𝑟𝐶𝑒𝑂ኽዅ᎑, 𝐵𝑎𝐶𝑒𝑂ኽዅ᎑)

Transport mechanism Solution/ diffusion Molecular sieving Solution/ diffusion Surface diffusion;
molecular sieving

Solution/ diffusion
(proton conduction)

Cost Low Low Low Moderate Low
ፚ It is a measure of the ability of the membrane to separate two or more gases.

Owing to the properties of the dense metallic membranes, a lot of research has been carried out to
check their performance for hydrogen production. Palladium membranes show an outstanding ability
to transport hydrogen in its bulk over a wide temperature range. The graph 2.10 shows the hydrogen
solubility in different metals (Yun and Ted Oyama, 2011). Developments in Pd and Pd-alloys have been
carried out for a long time, among the dense metal materials (Gallucci et al., 2013).

Figure 2.10: ፇᎴ solubility (፜፦Ꮅ of H2/100 g metal) in different metals at 1 atm (Yun and Ted Oyama, 2011).

For commercial applications, the membranes should have a reasonable cost, high hydrogen selec-
tivity and permeance compared to other gases and steady performance over a long period of time under
considerably harsh conditions (Yun and Ted Oyama, 2011). Furthermore, the membranes should have
a good thermal stability and they should be resistant to poisoning by substances like 𝐻ኼ𝑆, 𝐶𝑙ዅ, CO etc.
Research shows that Pd or Pd based membranes supported on ceramic and metallic materials showed
high hydrogen permeance and selectivity. Also, several Pd and Pd-alloy membranes were reported to
be stable for several months in the temperature range of 350 - 500 °C.

In spite of palladium’s ability to permeate hydrogen, it suffers some limitations. Adsorption of hydrogen
below its critical point of 298 °C and 20 bar, results in two different phases (𝛼/𝛽) of the metal. This
leads to bulk and grain boundary defects. Secondly, the exposure of hydrogen can result in the metal
loosing its ductility, a process called as hydrogen embrittlement which causes cracking of the metal.
Another problem is the palladium surface poisoning by sulphur compounds, CO, 𝐻ኼ𝑂, 𝐶𝑙ዅ, C, unsatu-
rated hydrocarbons etc. This phenomenon is more significant in thin membranes (Gallucci et al., 2013).
To avoid these problems and reduce the membrane cost, palladium can be alloyed with other metallic
elements such as Ni, Pt, Ag, Cu and Y. The alloying reduces the critical temperature for the 𝛼/𝛽 phase
transformation (Yun and Ted Oyama, 2011). Pd-alloys mainly Pd-Ag, Pd-Cu and Pd-X-Au are used to
decrease the embrittlement effect (Gallucci et al., 2013).
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The most effective way to increase the permeability of 𝐻ኼ through Pd membranes is the reduction
in the membrane thickness (Kikuchi, 2000). In recent years, fabrication methods that produce thin
selective layers have been developed. The cost of these selective layers are reported to be low to
moderate compared to the entire cost of the modules. For instance, Pd membranes are now produced
with a thickness in the order of 1 µm (Gallucci et al., 2013).

Common dense metal layer deposition techniques include chemical vapour deposition (CVD), elec-
troless plating (ELP), electroless plating and diffusion welding, physical vapour deposition (PVD, in-
cluding magnetron spluttering, thermal evaporation or pulsed laser evaporation) (Gallucci et al., 2013).
Every techniques has its pros and cons therefore tailoring the deposition techniques with respect to the
support material is required in order to obtain a suitable composite membrane.

Membrane configurations
A module is the building block of a membrane system. Gas separation modules are usually based on
two types of membrane configurations: planar and tubular. For early laboratory research studies, the
planar membranes are often used whereas for medium and industrial scale applications the tubular
ones are preferred owing to their higher surface area to volume ratio compared to the planar ones
(Gallucci et al., 2013).

Furthermore, membranes can be classified into unsupported and supported structures. Unsupported
membrane need to be thick self-standing with thickness more than 50 µm in order to have sufficient
mechanical stability. Being thick, the main drawback is a low hydrogen permeance. Furthermore, in-
creasing the membrane thickness means a high material cost resulting in an expensive membrane
structure. Therefore, the first industrial membranes preferred are the supported one until further re-
search is carried out to fabricate (thin) unsupported membranes without drastically affecting its perfor-
mance and cost.

Supported membranes consist of a thin selective film that is deposited onto a support that provides
the mechanical stability. As less membrane material is required, the whole membrane cost will be
lower than the unsupported one. However, the support costs also are important. Especially when thin
film membranes are considered, the pore size of the support should be much lower and also the sup-
port must be smoother. These requirements increase the overall cost of the membrane.

The porous support structures can be either metallic or ceramic. Metallic support materials are more
robust than ceramic but the tubular ones have lower surface qualities. Ceramic support materials have
better surface quality resulting in thinner selective layers. They are more fragile than metallic. Hollow
fiber supports are being developed and tested in order to increase the surface area to volume ratio and
also improve the surface quality.

Hydrogen permeation mechanism
The mechanism of hydrogen permeation through dense metal membranes follows a solution-diffusion
mechanism (Sievert’s law), refer figure 2.11. The steps that take places in transporting hydrogen from
a high to low pressure region are as follows (Hamstra et al., 2015):

Figure 2.11: Mechanism of permeation of hydrogen through metal membranes (Hamstra et al., 2015).
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• Adsorption of 𝐻ኼ molecule at the gas/metal interface.

• Dissociation of chemisorbed 𝐻ኼ molecule to hydrogen atoms.

• H atom loses its electron to the palladium structure.

• Diffusion of the H atoms and electrons through the membrane via the lattice structure.

• Re-combination of the hydrogen ions and electrons into molecular 𝐻ኼ.

• Desorption of 𝐻ኼ molecules from the surface to the bulk gas.

The permeation rate of hydrogen through the membrane is dependant on the mentioned steps. When
the diffusion through bulk of the metal is assumed to be the rate limiting step, the hydrogen flux (𝐽ፇᎴ,ᑞᑖᑞ ,
𝑘𝑚𝑜𝑙/𝑚ኼ𝑠) over the membrane can be described by Fick’s law (2.4).

𝐽ፇᎴ,ᑞᑖᑞ = −𝐷ፇᎴ
𝑑𝐶ፇᎴ
𝑑𝑥 (2.4)

where, 𝐷ፇᎴ is the diffusion coefficient in 𝑚ኼ/𝑠 and
፝ፂᐿᎴ
፝፱ is the hydrogen concentration gradient through

the membrane in 𝑘𝑚𝑜𝑙/𝑚ኾ.

Integrating equation 2.4 over the thickness (𝛿) of the membrane, we get a new form of the flux equation
(2.5)

𝐽ፇᎴ,ᑞᑖᑞ = −
𝐷ፇᎴ
𝛿 (𝐶ፇᎴ,ᑣᑖᑥ − 𝐶ፇᎴ,ᑡᑖᑣᑞ ) (2.5)

where, 𝐶ፇᎴ,ᑣᑖᑥ & 𝐶ፇᎴ,ᑡᑖᑣᑞ is the concentration of hydrogen (𝑘𝑚𝑜𝑙/𝑚ኽ) in the feed and in the permeate
respectively.

The hydrogen permeation through a dense palladium membrane is expressed by equation 2.6:

𝐽ፇᎴ,ᑞᑖᑞ =
𝑄
𝛿 (𝑝ፇᎴ,ᑣᑖᑥ

፧ − 𝑝ፇᎴ,ᑡᑖᑣᑞ
፧) 0.5 < 𝑛 < 1 (2.6)

where, 𝑄 is the membrane permeability in kmol/m s Pa, 𝑝ፇᎴ,ᑣᑖᑥ & 𝑝ፇᎴ,ᑡᑖᑣᑞ (in Pa) are the hydrogen
partial pressures in the retentate and permeate side respectively. The rate limiting step is specified
in the equation by the exponent n. The flux can be limited due to surface reactions and diffusion of
hydrogen atoms through the membrane. If bulk diffusion is the limiting step, n is set to 0.5. For thinner
membranes, surface reactions are the limiting step for which the n value increases towards 1.

Commercialization of dense metal membranes
Different companies have been working on commercialization of dense metal membranes for hydrogen
separation. In this section progress of a few companies is presented. Some of these membranes have
been successfully used in membrane separators in pilot plants for 20 𝑚ኽ/ℎ hydrogen production and
also in fluidized membrane reactors for methane steam reforming (Gallucci et al., 2013).

1. CRI/Criterion
Over the last two decades, CRI/Criterion (a company owned by Shell) has made substantial
advancements in developing and up-scaling Pd membrane technology. The technology is de-
veloped around electroless plating on ceramic-coated tubular metal supports (Enrico Drioli and
Giuseppe Barbieri, 2011). The 𝐻ኼ permeance of these membranes varies in the range of 40-70
𝑁𝑚ኽ/𝑚ኼℎ𝑏𝑎𝑟ኺ.኿. Hydrogen flux and selectivity are reported to be stable at temperatures of 300-
500 °C and differential pressures of 26-42 bar. 𝐻ኼ purity of >99% has been demonstrated for
periods exceeding 4000 h in high temperature gas separations.

2. TNO Energy Transition (previously The Energy Research Centre of The Netherlands (ECN))
TNO Energy Transition has been successful in developing hydrogen separation membranes fab-
ricated by electroless plating of Pd-alloys with a thickness of around 3-9 μm on a low-cost (com-
mercially available) ceramic support (Enrico Drioli and Giuseppe Barbieri, 2011). Membrane tube
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with length of 0.6 to 0.85 m and a outer diameter of 14 mm were prepared. These membranes
were used for single gas permeance test on a bench scale test system that can operate up to 500
°C and 65 bar feed pressure with a membrane area of 50 𝑐𝑚ኼ. It was recorded that, after initial
activation, very high hydrogen permeance values of 50-100 𝑚ኽ/𝑚ኼℎ𝑏𝑎𝑟ኺ.኿ could be achieved
with sufficient perm-selectivity.

TNO Energy Transition made their Pd-based membrane technology pre-commercially available
through the Hysep modules. There are three modules available: Hysep 108 (0.06 m2), Hysep
308 & Hysep 1308 (0.5 m2). The nominal capacity of the largest membrane module is reported
to be 3.5-6 𝑁𝑚ኽ/ℎ, when applying a reformate with 33% hydrogen, inlet pressure of 25 bar and
hydrogen outlet pressure of 4 bar. Lifetime of several thousand hours have been reported with hy-
drogen purity ranging from 99.5% to 99.995% depending on the initial composition (Gallucci et al.,
2013). Furthermore, a demonstration project with 10 𝑚ኼ hydrogen membrane is in preparation
(Hysep ECN).

3. Tokyo Gas
In the early 2000s, Tokyo Gas developed a MRF test system with a hydrogen production of 40
𝑁𝑚ኽ/ℎ, purity of 99.99% and production efficiency of 70%. The membrane modules composed
of stainless steel supports and Pd–Y(Gd)–Ag alloy films of less than 20 mm thick. They have
also introduced a membrane-on-catalyst (MOC) module. The MOC is a Pd-based membrane
prepared on the porous surface of the tubular structured catalyst that has catalytic activity for
steam reforming reaction (Gallucci et al., 2013).

2.5.2. Membrane reactors
If chemical reactions are carried out in a membrane module, it is called a membrane reactor. The ability
of the membrane to selectively permeate a species through it has a huge advantage when an equilib-
rium reaction is taking place in the module (Kluiters, 2004). The membrane reactors can bring various
advantages as compared to a conventional configuration. Some potential advantages are: improved
yields and selectivity; by selectively taking away the products of an equilibrium reaction, membranes
can shift the reaction to the product side, reduced downstream costs as the separation is integrated in
the reactor. Finally, due to these reasons the capital costs are reduced as the size of the process unit
is reduced.

However, reactions taking place in the module complicates it. The success of membrane reactors for
hydrogen production depends on the design of innovative reactor concepts which allow integration of
energy exchange and separation, reduction of mass and heat transfer resistances and simple housing
and sealing process of the membranes (Gallucci et al., 2013). Additionally, the advances in membrane
production methods to produce thin membranes that have high hydrogen flux and selectivity is not to
be forgotten.

The changes in composition of substances influences the membrane operation due to changes in
partial pressure and/or build up of contaminants. Furthermore, catalyst may be required for reactions
to take place. The catalyst has to be placed in the membrane reactor. It can be placed inside the feed
stream, which is the most simple option and easy to operate with the option to replace the catalyst. The
catalyst can be placed in the membrane top layer or inside the membrane also. In this case, replacing
the catalyst is difficult and will require replacing the entire membrane (Kluiters, 2004).

The performance of the membrane can also decrease over time due to concentration polarization and
fouling. Concentration polarization occurs if a species has limited permeation through the membrane,
which results in higher concentration of that species adjacent to the membrane reducing the permeate
transport. Usually, this phenomenon isn’t very severe for gas separation membranes. Fouling is a
phenomenon when species absorb to the membrane surface and pores, which limits or blocks perme-
ation. Common fouling examples are sulphur fouling due to presence of 𝐻ኼ𝑆 and 𝑆𝑂ኼ. Purging the
membrane with non-absorbing gases is a way to clean the membrane and avoid fouling. Membrane
effectiveness can also be affected due to compaction i.e. pore size reduction due to pressurization.
Compaction happens in polymer membranes and is usually irreversible. When deciding the optimal
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design of the membrane reactor, other practical considerations come into play. Temperature variations
cause structural changes in the membrane due to thermal stress. Also, pressure drop increases with
length, therefore shorter modules are preferred but will need more seals. Ease of start-up and shut-
down should also be considered (Kluiters, 2004).

Additionally, low separation factors, leakage at high temperature, poisoning of catalysts and mass
transfer limitations have hindered the commercial application of membrane reactors until recent years
(Kluiters, 2004). Tremendous amount of research has been carried out to develop membranes and
suitable membrane reactor configurations for feasible hydrogen production. The next section mentions
some of the work done on this field of study.

Membrane reactor performance for hydrogen production
A lot of work has been carried out in the past years to determine and improve the performance of
membrane reactors for hydrogen production. A few of the relevant research work is presented in this
section.

Figure 2.12: Basis sketch of the
reactor used by Van Delft et al.

(2009).

Figure 2.13: Methane conversion with a membrane reactor (MR), fixed-bed
reactor (FBR) and equilibrium conversion (thermo) vs feed flow (Van Delft

et al., 2009).

Van Delft et al. (2009) investigated the performance of Pd-membrane reactors for large scale hydro-
gen production. Dense tubular Pd alloy membranes with a high hydrogen permeance made on ceramic
supports with electroless plating on 1 𝑚ኼ scale were used for this work. The membrane reactor ex-
periments were performed in a single tube membrane reactor with 17.4 cm long PdAg membrane of
diameter 1.4 cm (figure 2.12). The membrane was placed in a catalyst bed using commercial low tem-
perature reforming catalysts. Nitrogen gas sweep flow was used in a co-current mode to prevent back
permeation of hydrogen. The results showed that methane conversions well above the thermodynamic
limits could be achieved at temperature of 600 °C, pressure of 11 bar and S/C ratio of 3 (figure 2.13).
The paper also concludes that scaling-up fabrication of thin defect free Pd-membranes and sealing
between ceramic tube and fixation in metallic tube are critical items for hydrogen membrane reactor
development.

Steam reforming of biogas in membrane reactors for hydrogen production has also been studied in
the recent years. The performance of a fluidized bed membrane reactor for production of hydrogen
from biogas is analysed by Saebea et al. (2014). The performance of the fluidized bed membrane
reactor is compared with the conventional reformer for steam reforming of biogas. The influence of
key operating conditions such as temperature, pressure, steam-to-carbon on the performance of the
reactor in terms of hydrogen production and purity are studied. The comparison showed that the pro-
duction rate of hydrogen is higher in the fluidized bed membrane reactor. The steam-to-carbon ratio
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had a minor influence on the production, whereas increasing the temperature and pressure (upto a
limit) considerably increased the hydrogen production in the fluidized bed membrane reactor.

Di Marcoberardino et al. (2018) investigated the potentiality of membrane reactor for green hydrogen
production from raw biogas. A detailed techno-economic assessment was carried out for this innova-
tive system developed within the BIONICO project. This project focuses on the adoption of fluidized
bed membrane reactor to produce 100 kg/day pure green hydrogen from biogas. The simulations
performed considered two different biogas compositions (from landfill and anaerobic digestion) to ac-
cess the impact on system performance and costs. Furthermore, two permeate configurations were
compared i.e. sweep gas and vacuum. It was found that the resulting efficiency and membrane area
for sweep gas configuration were 15% lower at 5 times larger than the vacuum. When compared to
the conventional hydrogen production case, the hydrogen production cost for the BIONICO case at
20 bar ranged from 4 to 4.1 €/kg 𝐻ኼ while reference case resulted in 4.21 €/kg and 6.4 €/kg for SR
(steam reforming) and ATR (auto-thermal reforming) respectively. Additionally, the BIONICO case had
lower biogas and capital costs but higher efficiency costs compared to the reference SR case whereas
it had lower biogas and efficiency costs with respect to the ATR. Between the landfill and anaerobic
digestion cases, the latter resulted in the lower costs due to the higher methane content. The work con-
cludes that membrane reactors are a promising technology for green hydrogen production from biogas.

Shafiee et al. (2016) modelled and simulated a multi-tubular metallic membrane reactor for hydrogen
production using thin-layer palladium-based membranes. A sequential simulation was done to analyse
pure hydrogen and binary hydrogen mixture separations and then scaled-up to simulate an industrial
scale unit. A techno-economic analysis was performed for a plant capacity of 300 TPD of hydrogen.
The membranes used for this analysis were thin (2.5 μm) defect-free with a selective layer (Pd-Ag
alloy). A sensitivity analysis was performed to determine the optimum operating conditions for the low-
est cost of hydrogen. Temperature, pressure, steam-to-carbon ratio, amount of catalyst (𝑘𝑔/𝑚ኼ) were
changed. Figure 2.14 shows the calculation methodology used. A similar methodology will be used in
this work for determining the optimum hydrogen cost. The cost of hydrogen was calculated to be 1.98
$/kg and the membrane cost was 20% of the total capital cost.

Figure 2.14: Methodology for determining optimum hydrogen cost of a plant (Shafiee et al., 2016).

For commercial use, the membrane reactors developed have to be scaled-up. A recent study by
Chompupun et al. (2018) performed experiments for steam methane reforming using Ni/𝐴𝑙ኼ𝑂ኽ cata-
lyst in a membrane reactor to determine the kinetics and formulated a 2-D Pd-reactor model with the
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obtained parameters. Furthermore, using the kinetic and permeation data, detailed 3-D membrane re-
actor models were developed and interesting scale-up strategies were proposed using the model. The
membrane reactor configuration and the 2-D axisymmetric model of the membrane reactor are shown
in figure 2.15 & 2.16 respectively.

The configuration shown in 2.15 is usually used in laboratories or bench scale experiments and it
is impractical to scale-up the annular cylindrical membrane reactor. The solution of this problem,
as proposed by Chompupun et al. (2018), is by scaling-up in parallel (enlarging the reactor size) or
numbering-up of the same reactor into multi-reactors arranged as a square honeycomb monolith.

Figure 2.15: Membrane reactor configuration
(Chompupun et al., 2018).

Figure 2.16: Two-dimensional model of the membrane
reactor (Chompupun et al., 2018).

Scaling by numbering-up makes the composite honeycomb structure shown in figure 2.17. The
cylindrical reactor shown is transformed into a square one (figure 2.17a). The arrangement for thermal
integration of heat input (H) for the endothermic reaction is shown in the figure 2.17b. Multiple square
packed beds (R) with the inner square annular tube of the membrane permeate zone (M) in the middle
make up a scaled reactor. A 2-D unit cell arrangement and a 3-D unit cell honeycomb monolith reactor
are shown in figure 2.17c & 2.18 respectively.

Figure 2.17: Simplified reactor model for scaling-up
(Chompupun et al., 2018)

Figure 2.18: 3-D unit cell honeycomb monolith reactor
(Chompupun et al., 2018).

Two approaches to determine the performance of an enlarged reactor for scaling up were followed,
as seen in figure 2.19. One was keeping the same inner tube size of the membrane tube but this didn’t
yield the same conversion as the laboratory scale because of insufficient membrane area for hydrogen
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separation (refer 2.19a). The other option was keeping the 𝑆፦፞፦/𝑉፫ 4 ratio constant. However, doing
this resulted in odd reactor architectures (refer 2.19b). It was agreed that scaling-up by numbering was
the preferred solution and the optimum geometric arrangement was examined. Detailed information
can be found in Chompupun et al. (2018).

Figure 2.19: Methodology for determining optimum hydrogen cost of a plant (Shafiee et al., 2016).

2.6. Carbon capture and storage
It is widely accepted that one major solution of global warming, as long at the energy economy is based
on fossil fuels, is carbon capture and storage (CCS). CCS consists of two challenging technologies:
carbon capture & carbon storage. There are three main technological paths for CCS namely post-
combustion capture, pre-combustion decarbonization and oxyfuel combustion route (Gallucci et al.,
2013). Lately, great interest has been shown for pre-combustion capture technologies, especially for
the production of fuel-grade (high purity) hydrogen (National Academy of Engineering, 2004). Removal
of 𝐶𝑂ኼ before the fuel combustion, at high pressure, enables the use of the resulting off-gas in many
applications like the production of power, chemicals, pure hydrogen etc. Another way to look at it is
that, if 𝐶𝑂ኼ sequestration is the main aim, the 𝐶𝑂ኼ stream has to abide to specific composition guide-
lines (refer table 2.3) and therefore, other impurities need to be removed from the stream.

The stream from which 𝐶𝑂ኼ has to be recovered contains majorly 𝐶𝑂ኼ (>50%) with small amounts
of other species like 𝐻ኼO, 𝐻ኼ, 𝐶𝐻ኾ, CO etc. (Atsonios et al.). Water can be easily removed by cooling
the stream below the dew point of water. However, the removal of other species is challenging and a
cost and energy efficient process needs to be used. The existing and emerging technological options
for 𝐶𝑂ኼ capture from gaseous streams with relatively high 𝐶𝑂ኼ are summarized in Figure 2.20 (Hartnig
and Roth, 2012).

The current commercial 𝐶𝑂ኼ capture technologies are based on absorption. These processes use
solvents that are capable of separating more than 90% of 𝐶𝑂ኼ. Novel technologies i.e. cryogenic sep-
aration technology are also being developed and demonstrated (Collodi et al., 2017). In this research
work, the performance and feasibility of the cryogenic separation technology, integrated with the mem-
brane reactor, for carbon capture is to be determined. Therefore, the next section will elaborate on this
technology and outline the recent research findings.

4The ratio between membrane surface area and reactor volume
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Figure 2.20: ፂፎᎴ capture technologies with high concentration of ፂፎᎴ (Hartnig and Roth, 2012).

2.6.1. Carbon capture with cryogenic technology
Cryogenic 𝐶𝑂ኼ separation is based on difference in boiling points of 𝐶𝑂ኼ and other components in the
gas stream. This method is currently widely used in the industry to purify and liquefy 𝐶𝑂ኼ (Hartnig and
Roth, 2012). The gas mixture is cooled below the boiling point of 𝐶𝑂ኼ (above the 𝐶𝑂ኼ triple point at
5.2 bar and - 56.6 °C) at a given pressure and the 𝐶𝑂ኼ is condensed from lighter gaseous components
(Voldsund et al., 2016). The retentate stream from the reactor usually has 𝐶𝑂ኼ partial pressure around
its triple point pressure and therefore, suitable for vapour-liquid separation. The 𝐶𝑂ኼ separation and
compression work decreases as the concentration of 𝐶𝑂ኼ increases. A recovery of 85-90% can be
obtained (Voldsund et al., 2016).

The technology has good economy of scale and possibility of direct production of liquid 𝐶𝑂ኼ that can be
pressurized by a pump at low energy cost and transported. The main shortcomings of this technology
is that the technology is very energy intensive and a upstream removal of relatively high freezing point
components like water is required (Hartnig and Roth, 2012).

Atsonios et al. models a cryogenic method for separation of combustibles from a 𝐶𝑂ኼ-rich stream
and evaluates its effects on the systems efficiency. Based on differences in thermodynamic properties
(dew point) of each component, the stream is cooled down and the 𝐶𝑂ኼ is separated in flash separators
(figure 2.21) or a distillation unit (figure 2.22). The research showed that applying a distillation column
resulted in a higher purity of the product 𝐶𝑂ኼ stream (>99%) compared to the flash separators. How-
ever, separation efficiency for the flash separators is quite high compared to the distillation column as
more duty is required due to extra cooling system.

A study by Xu et al. (2014) on cryogenic 𝐶𝑂ኼ capture technology proposed an improved 𝐶𝑂ኼ separation
and purification system after in-depth analysis of cryogenic separation and distillation theory as well as
the phase transition characteristics of gases containing 𝐶𝑂ኼ. Multi-stage compression, refrigeration,
separation and distillation technologies are used to produce a high purity 𝐶𝑂ኼ stream with relatively
low energy penalties (figure 2.23). The simulation results showed that specific energy consumption for
the 𝐶𝑂ኼ capture process developed was only 0.425 MJ/kg CO2 with 99.9 % purity. Techno-economic
analysis was carried out and the total plant investment was found to be relatively low. Compared to the
conventional MEA and 𝑆𝑒𝑙𝑒𝑥𝑜𝑙ፓፌ absorption methods, the cost of 𝐶𝑂ኼ capture of the proposed system
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was found to be reduced by 57.2% and 45.9% respectively.

Figure 2.21: Cryogenic ፂፎᎴ capture with flash separators (Atsonios et al.).

Figure 2.22: Cryogenic ፂፎᎴ capture with distillation column (Atsonios et al.).

Baxter et al. reported the performance of a cryogenic 𝐶𝑂ኼ capture process from flue gas. The work
states that the overall energy and economic costs of the process were found to be 30% lower than most
of the other conventional processes that involve air separation units, solvents etc. The advantages of
the process stem from elimination of the energy and entropy-intensive cyclic separation processes
(distillation and absorption), compressing a condensed phase rather than gas, smaller dry volumetric
flow rates and other ancillary advantages like energy and water savings.

Figure 2.23: ፂፎᎴ separation and purification process developed by Xu et al. (2014).



2.6. Carbon capture and storage 23

2.6.2. Transport and storage
There are projects being carried out for the transport and storage of carbon dioxide underground and
under the North sea in The Netherlands. This work focuses on carbon capture whereas sequestration is
outsourced. However, it is important to keep in mind that there are strict guidelines regarding the purity
of the 𝐶𝑂ኼ to be transported and stored. The carbon dioxide captured needs to meet these guidelines.
In table 2.3, the specifications for 𝐶𝑂ኼ storage are mentioned.

Table 2.3: Quality specifications for the ፂፎᎴ stream for storage (Alstom UK, 2011)

Recommended for EBTF Aquifer EOR
CO2 > 90 vol % > 90 vol % > 90 vol %
H2O < 500 ppm (v) < 500 ppm (v) < 50 ppm (v)
H2S < 200 ppm (v) <1.5 vol % < 50 ppm (v)
NOx < 100 ppm (v) NA NA
SOx < 100 ppm (v) NA < 50 ppm (v)
HCN < 5 ppm (v) NA NA
COS < 50 ppm (v) NA < 50 ppm (v)
RSH < 50 ppm (v) NA > 90 vol %

Non-condensable components
N2 < 4 vol % * < 4 vol % * < 4 vol % *
Ar < 4 vol % * < 4 vol % * < 4 vol % *
H2 < 4 vol % * < 4 vol % * < 4 vol % *
CH4 < 2 vol % * < 4 vol % * < 2 vol % *
CO** < 0.2 vol % * < 4 vol % * < 4 vol % *
O2*** < 100 ppm (v) < 4 vol % * < 100 ppm (v)
Note: 1 vol % = 10000 ppm (v).
* - x + ∑xi < 4 vol % = total content of all non-condensable gases.
** - health and safety issues.
*** - to avoid ignition.

A property that distinguishes 𝐶𝑂ኼ from other substances that are transported in pipelines is its low
critical temperature of 31.1 °C (Witkowski et al., 2014). Depending on the temperature and pressure
conditions in the pipeline, 𝐶𝑂ኼ can be transported as a gas, as a super-critical fluid or as a sub-cooled
liquid. The phase diagram of 𝐶𝑂ኼ is shown in figure 2.24.

Figure 2.24: Phase diagram of ፂፎᎴ (Witkowski et al., 2014).



24 2. Theoretical Background

2.7. Industrial processes
Air Liquide, owning numerous hydrogen plants around the world has developed a solution for 𝐶𝑂ኼ cap-
ture from SMR plants (Terrien et al., 2014). This new technology is called 𝐶𝑅𝑌𝑂𝐶𝐴𝑃ፓፌ 𝐻ኼ. It uses
cryogenic purification to separate 𝐶𝑂ኼ from the PSA off-gas stream. This purification step is followed
by membrane separation to simultaneously increase the SMR productivity (𝐻ኼ recovery) as well as 𝐶𝑂ኼ
capture rate. The extra hydrogen production due to this process is about 10-20%. The first implemen-
tation of this technology was suggested to be in the EOR (Enhanced Oil Recovery) application.

𝐶𝑅𝑌𝑂𝐶𝐴𝑃ፓፌ technology can be used in many industrial process such as steel plants, thermal power
plants, hydrogen production plants. However, 𝐶𝑅𝑌𝑂𝐶𝐴𝑃ፓፌ 𝐻ኼ development has been the fastest hav-
ing its first industrial deployment in 2015 (Air Liquide). This installation is in Port Jérôme, Normandy,
at the largest steam methane reforming hydrogen production unit operated by Air Liquide in France.
Figure 2.25 shows the process flow diagram of the process. This process produced food-grade liquid
𝐶𝑂ኼ and has additional purification steps that aren’t needed in the EOR application.

Figure 2.25: Process flow of Port Jérôme plant (Terrien et al., 2014).

The 40 𝑁𝑚ኽ/ℎ MRF test system by Tokyo Gas Co Ltd. briefly mentioned before was installed and
tested at Senju hydrogen refuelling station in Tokyo. The test unit has a multi-tube rectangular structure
with 112 reactor tubes, each having two planar-type membrane modules made of stainless steel sup-
port and Pd-based alloy films of less than 20 μm thick. The hydrogen permeability of the membrane was
several times as large as the then conventional Pd-Ag alloy membrane. A Ni-based catalyst supported
on alumina is used. The system was tested at 495-540 °C at a process gas pressure of 9 bar and a
hydrogen product pressure of 0.2-0.4 bar & S/C ratio of 3.0/3.2. The conversion obtained was 80-95%
for a natural gas feed flow range of 3.2-11.6 𝑁𝑚ኽ/ℎ, while calculated equilibrium conversion without
hydrogen separation for the condition is 21-29%. Furthermore, durability of the unit was checked and
it was found that after 2100 h of operation time, the impurity concentrations started to increase. The
impurity level was less than 3 ppm after 3310h of durability test but long term durability was identified
as an important issue.

As seen in figure 2.26, the system installed at the Senju Hydrogen Station was 1/3rd of the previ-
ously installed 50 𝑁𝑚ኽ/ℎ conventional PSA system. This successful operation and fueling of the FCVs
marked a major step towards the efficiency improvement for hydrogen production, which is especially
needed for diffusion of FCVs (Shirasaki et al., 2009).
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Figure 2.26: Senju Hydrogen Station (Shirasaki et al., 2009).

TNO Energy Transition’s Hysep membrane technology was tested in an experimental hydrogen
plant at Techimont KT’s Chieti test site in Italy in 2010 (ECN, 2010). The hydrogen plant was based
on Reformer and Membrane Modules configuration (RMM) integrated with membrane separation and
reaction modules. The scale of this test plant was 20 𝑁𝑚ኽ/ℎ hydrogen production. TNO delivered a
0.4 𝑚ኼ membrane module to perform this test experiment. The flux and the purtiy of hydrogen were
closely monitored during the tests. Both were shown to be high for an operation time of 5000 hours
and more than 50 thermal cycles.

2.8. Key takeaways
Table 2.4: Key takeaways from the literature study

Hydrogen production

Membrane reforming can result in a high degree of process integration & intensification
while achieving higher methane conversions and hydrogen yields at lower temperatures
and with higher energy efficiencies compared to conventional steam methane reforming,
refer 2.2 & 2.3.

Feed
Natural gas is the conventional feed used currently. Research on hydrogen production
using biogas is on the rise at it results in a lower carbon footprint of the process,
refer 2.4.

Feed purification
Impurities in the feed harm the membrane and catalyst and decrease their performance.
They need to be removed to approx. ppb levels. The most harmful impurity is sulfur,
usually present as 𝐻ኼ𝑆, refer 2.4.1.

Membranes
(most attractive/
relevant
characteristics)

Material: Pd-based dense metallic membranes, refer 2.5.1.1.
Configuration: Counter-current operation, refer 2.5.
Structure: Supported resulting in thin, less expensive membranes, refer 2.5.1.2.
Bulk diffusion through membranes is the limiting step. Hydrogen permeation through
metal membranes follows solution-diffusion mechanism (Sievert’s law), refer 2.5.1.3.

Membrane reactors,
refer 2.5.2.1.

Packed-bed and fluidized-bed membrane reactors are developed and studied for
hydrogen production.
Performance of reactors is mainly determined in laboratory or bench-scale experiments.
Scaling-up for commercial use can be achieved by numbering-up. However, no large
scale demonstration to determine performance.

Carbon capture
and storage

Cryogenic carbon capture technology can achieve high capture rates with low energy
penalty, refer 2.6.1.
𝐶𝑂ኼ can be transported as a gas, super-critical fluid or sub-cooled liquid through
pipelines, refer 2.6.2.
Strict quality specification for 𝐶𝑂ኼ storage have to be met, refer 2.6.2.

Hydrogen, refer 2.1 Strict quality specifications have to be met for 𝐻ኼ to be used as a fuel.
The fueling pressure for FCVs is 700 bar.

Industrial processes Air Liquide, Tokyo Gas Co. Ltd. etc. have commercial processes with successful
integration of membrane reactors/membranes for separation, refer 2.7.





3
Basis of design

The insights gained from the theoretical research in chapter 2 are used to fix the process design as-
sumptions for the system to be developed. A brief description of the reference system is mentioned
followed by detailed description and assumptions of the novel system to be developed. Following
which, three configurations are developed. Finally, the key performance indicators that will be used for
the performance analysis are defined.

3.1. Value chain definition
The value chain of the novel case and the reference case is defined in this section to get a good
perspective of the similarities and differences between the cases during comparison.

3.1.1. Reference system value chain
A reference system needs to be chosen to compare the results of the decentralized novel system to
be developed in this work. A conventional steam methane reforming system for hydrogen production
was chosen (Spath and Mann, 2001). This reference case is a centralized hydrogen production unit via
SMR. Figure 3.1 & 3.2 show the process flow and the value chain of the reference case respectively.
It is assumed that the natural gas is readily available at the production site from the grid. It is assumed
to be sweetened to remove 𝐻ኼ𝑆 to a level of 4 ppmv prior to pipeline transport. The natural gas is
further purified to remove any residual 𝐻ኼ𝑆 using a zinc oxide bed before feeding it in the reformer.
Then, it is compressed, pre-heated and fed to the reforming unit. The composition of natural gas fed
into the reformer is 94.5% 𝐶𝐻ኾ, 2.7% 𝐶ኼ𝐻ዀ, 1.5% 𝐶ኽ𝐻ዂ, 0.8% 𝑁ኼ, 0.5% 𝐶𝑂ኼ (Spath and Mann, 2001).
The reforming unit is assumed to be steam reforming and run at a capacity of 1.5 million 𝑁𝑚ኽ/𝑑𝑎𝑦 𝐻ኼ
(Spath and Mann, 2001). After the reforming, WGS and purification processes, 500 𝑁𝑚ኽ/ℎ hydrogen
(same capacity as the novel system) is separated, compressed and stored in cascade storage bullets
around 432 bar. Finally, a boost compressor is used to compress the hydrogen to 830 bar and trans-
ported to the refuelling stations via pipelines to be refuelled in FCVs at 700 bar (Katikaneni et al., 2014).
The higher pressure is to account for pressure loss during pipeline transport. The hydrogen produced
by this process is industrial grade with purity >99.5% (Spath and Mann, 2001). The modelling of the
conventional production process is out of scope of this study and thermodynamic and economic values
are taken from Spath and Mann (2001) & Katikaneni et al. (2014).

27
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Figure 3.1: SMR process producing 1.5 million ፍ፦Ꮅ/፝ፚ፲ ፇᎴ (Spath and Mann, 2001).

Figure 3.2: Value chain of reference SMR system (Spath and Mann, 2001) & (Katikaneni et al., 2014).

3.1.2. Novel system value chain

Figure 3.3: Value chain of novel case

It is assumed that pre-treated biogas from the biogas production unit is readily available at the hydrogen
production site. The biogas is compressed, pre-heated and fed to the reactor. Hydrogen is produced
and separated in the membrane reactor after which it is purified to fuel-grade hydrogen, compressed to
700 bar and stored in cascade bullets ready to be fueled into the FCVs. Simultaneously, the unreacted
gases are fed into the cryogenic carbon capture unit which separate the 𝐶𝑂ኼ into a pure stream. The
separated biogenic 𝐶𝑂ኼ is compressed into a super-critical state (>100 bar and around 30 °C) and
transported (outsourced) via pipelines to the storage location. Figure 3.3 shows the value chain of the
novel system.

3.2. System description
The process, battery limits, design and modelling assumptions and the configurations generated based
on this information are described in this section.
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3.2.1. Process description

Figure 3.4: Novel process producing 500 ፍ፦Ꮅ/፡ ፇᎴ.

Biogas from sewage treatment plant with a composition as in table 3.1 is fed to compressor unit to rise
its pressure from 1.013 bar to the desired pressure of the unit. The compressed biogas is heated to
600 °C and fed into the pre-reformer along with steam. A pre-reformer is needed to have the otherwise
missing 𝐻ኼ driving force at the inlet of the membrane reactor. The pre-reformed gas then enters the
membrane reactor where most of the reforming takes place and hydrogen is permeated into the per-
meate side. The reforming temperature for this process is 600 °C and pressure between 20 − 35 bar.
Membrane reforming can achieve high conversions at low temperatures compared to steam methane
reforming, however, permeation flux increases with temperature. Therefore, a moderate temperature
is a practical choice. Steam is used as a sweep to drive hydrogen out of the permeate side of the mem-
brane reactor. The permeate stream is cooled to around 30 °C to remove water in a knock-out drum.
FCVs require very high purity of 𝐻ኼ as shown in table 3.1, therefore a molecular sieves dehydration
unit using zeolite adsorbent is integrated for deep removal of water and contaminants i.e. 𝐶𝐻ኾ, 𝐶𝑂,
𝑁ኼ. Two columns are adopted for the purification process for continuous operation. When one is in the
adsorption cycle the other is in the regeneration cycle. Temperature swing adsorption technology is
used for the regeneration process. Nitrogen gas is heated to 250 °C and passed through the molecular
sieves bed to be regenerated. The nitrogen purges (almost) all the contaminants adsorbed to the bed
and regenerates them. During this process, 5% of hydrogen is lost. After purification of the hydrogen,
it is compressed to 700 bar and stored in cascade storage units.

The carbon capture unit captures 𝐶𝑂ኼ using cryogenic technology. The process involves a number
of different steps. First, the retentate stream is cooled around 30 °C to condensate out most of the
water in a knock-out drum. Later, the stream is cooled to a temperature between the triple point and
critical point of 𝐶𝑂ኼ (Seo et al., 2015). The liquefaction temperature of 𝐶𝑂ኼ is determined mainly by its
pressure. The increase in 𝐶𝑂ኼ pressure enhances its liquefaction temperature, which results in lower
energy consumption in refrigeration and prevents the equipment from freezing. Generally, the 𝐶𝑂ኼ con-
centration and the total pressure of the gas mixture directly affect the 𝐶𝑂ኼ pressure in a gas mixture.
Depending on the stream conditions, an optimum pressure and temperature is decided. The range
is between 30 - 60 bar and -35 to -50 °C (Xu et al., 2014). The liquid 𝐶𝑂ኼ stream obtained is further
purified in a distillation column if required. The pure 𝐶𝑂ኼ stream obtained is then compressed to 110
bar to be transported via pipelines. The off-gases can be sent to a furnace for combustion to use their
energy for the reactor or they can be recycled back into the process.
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3.2.2. Battery limits

Figure 3.5: Sketch of the whole system from biogas production to refueling station.

Figure 3.5 shows how the biogas production plant, the novel hydrogen production plant and the refu-
elling station interact with each other. The battery limits of the process developed are shown by the
dotted boundary. Pre-treated biogas enters the hydrogen production plant. Hydrogen is stored in cas-
cade storage tanks ready to be fuelled into vehicles. 𝐶𝑂ኼ is compressed and ready to be transported
to storage sites via pipelines.

3.2.3. Design assumptions
The 500 𝑁𝑚ኽ/ℎ hydrogen production plant (250 FCVs/day (Katikaneni et al., 2014)) with carbon cap-
ture is assumed to be located near a refuelling station in the Netherlands. Currently, there are about
250 cars in operation in The Netherlands and the number is expected to grow exponentially in the
near-future (Marcel Weeda, 2020). Therefore, the production capacity chosen will assuredly meed the
demand requirements in the future.

Furthermore, the hydrogen production plant is assumed to be close to a sewage sludge biogas pro-
duction unit. Sludge biogas plants in The Netherlands have capacities ranging from 40 𝑁𝑚ኽ/ℎ (HoSt
Bioenergy Systems) to several thousand, for example 2050𝑁𝑚ኽ/ℎ in Amsterdam (DutchWater Sector,
2020). These capacities of biogas would result in 58 𝑁𝑚ኽ/ℎ to 3000 𝑁𝑚ኽ/ℎ production of hydrogen
respectively. These values are in range with the reported capacity of the novel system. A biogas pro-
duction capacity of around 340 𝑁𝑚ኽ/ℎ is required to produced 500 𝑁𝑚ኽ/ℎ 𝐻ኼ. Therefore, an average
Dutch biogas plant producing 340 𝑁𝑚ኽ/ℎ is assumed to be coupled with an 𝐻ኼ production plant by
membrane reactor technology and an 𝐻ኼ refuelling station for FCV. This scenario is assumed for the
study.

The inlet-outlet conditions assumed are mentioned in table 3.1. At the biogas production facility it-
self, the biogas is purified to the composition mentioned in table 3.1 to meet the membrane reactor
specifications (free of impurities such as sulfur compounds). The temperature and pressure values
are typical conditions from an anaerobic digester (Di Marcoberardino et al., 2018). The feed water
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used for the process is assumed to be demineralized. The 𝐻ኼ and 𝐶𝑂ኼ compositions are based on
the quality specifications already discussed in the previous chapter. 𝐻ኼ pressure is in line with the
FCV’s hydrogen pressure requirement (Katikaneni et al., 2014). 𝐶𝑂ኼ is assumed to be transported in a
super-critical state and the temperature and pressure conditions are taken from the sea-based pipeline
requirements of the Porthos project (Porthos Project, 2019). Transportation is out of scope for this work
and is assumed to be outsourced.

Table 3.1: Input-output specifications.

Stream (mol%)

Biogas (available)
63 % 𝐶𝐻ኾ, 35 % 𝐶𝑂ኼ, 1.8 % 𝐻ኼ𝑂, 0.2 % 𝑁ኼ
T = 35 °C, P = 1.013 bar
LHV = 19.5 MJ/kg

Water (available) 100 % 𝐻ኼ𝑂
T = 15 °C, P = 1.013 bar

Air (available) 78 % 𝑁ኼ, 21 % 𝑂ኼ, 0.96 % 𝐻ኼ𝑂, 0.04 % 𝐶𝑂ኼ
T = 15 °C, P = 1.013 bar

Hydrogen (target)

99.97 % 𝐻ኼ, 5 μmol 𝐻ኼ𝑂/mol 𝐻ኼ, 2 μmol 𝐶𝐻ኾ/mol 𝐻ኼ,
2 μmol 𝐶𝑂ኼ/mol 𝐻ኼ, 0.2 μmol CO/mol 𝐻ኼ
T = 30 °C, P = 700 bar
LHV = 120 MJ/kg

Carbon dioxide (target)
> 90 % 𝐶𝑂ኼ, < 2 % 𝐶𝐻ኾ, < 4 % 𝐻ኼ + 𝑁ኼ, < 0.2 % CO,
< 500 ppm (v) 𝐻ኼ𝑂
T >= 30 °C, P > 100 bar (super-critical state)

The membrane reactor is a continuous plug flow reactor, assuming tube-in-tube configuration with
packed bed around the membrane. It is assumed that the membrane reactor is scaled up by num-
bering up (Chompupun et al., 2018). A counter-current flow configuration is assumed with steam as
a sweep agent for hydrogen removal. A counter-current sweep configuration results in high methane
conversions and hydrogen recovery, producing a retentate stream containing majorly 𝐶𝑂ኼ and wa-
ter. Therefore, efficient carbon capture using cryogenic capture technology is possible considering
the scale of the system and also the fact that the retentate stream has a high partial pressure of 𝐶𝑂ኼ
(Sjardin et al., 2006). The refrigeration system type (single-stage or multi-stage) and the refrigerant
used depend on the process conditions. The system and the refrigerant selection will be done after the
optimum configuration is selected. For the configuration selection, this decision is not important.

Boiler(s) required for steam generation are assumed to be electric as they are more compact, efficient
and easy to install than gas boilers. However, electricity is more expensive than gas and therefore the
operating costs will be higher. Nonetheless, the environment impact of the electric boilers is lesser and
may be even negligible if most of the electricity is produced using renewable sources in the future.

For the dehydration unit, the amount of molecular sieves required is calculated taking into account
the water needed to be removed, the other contaminants removed, the adsorption capacity of the
sieves, cycle life & time etc. Zeolite molecular sieves 5A are selected for the deep removal of con-
taminants from hydrogen. 5A molecular sieve is a strong adsorbent and is widely used in the industry
for drying and purification of hydrogen due to its high adsorbing quality and speed and high crushing
strength (high durability) (Molecular Sieve Desiccants, 2020). They are mostly used for water adsorp-
tion in the industry, however, for this work it is assumed that the adsorbent effectively adsorbs water
and other contaminants like 𝐶𝐻ኾ, 𝐶𝑂ኼ, 𝐶𝑂 that may permeate through the membrane. A major ad-
vantage of molecular sieves is that they can be regenerated, which reduces the required amount of
molecular sieve to economically feasible quantities. TSA is the technology chosen for regeneration
of the molecular sieves because it allows removal of impurities down to 0.1 - 1 ppm levels. Pressure
swing adsorption is used for less stringent outlet specifications of 100 ppm or more and therefore not
suitable for this application. In TSA, the change in the adsorption equilibrium is obtained by increasing
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the temperature with the help of a hot gas. Molecular sieves 5A are typically regenerated with a hot gas
between 200 °C and 315 °C (Sigma-Aldrich). The maximum velocity of the hot gas in this application
is 5 m/min to prevent any channelling or bed lifting (Gas processing and LNG, 2018). The hot gas
chosen for this work is nitrogen. Typical specifications of molecular sieves 5A are shown in table 3.2
(ZR Catalyst).

Table 3.2: Typical specifications of molecular sieve 5A (ZR Catalyst).

Performance Unit
Shape Sphere
Diameter mm 2
Bulk density 𝑘𝑔/𝑚ኽ 680
Water adsorption wt % ≥ 24

Furthermore, utilities are assumed to be readily available i.e. electricity is available from the grid,
cooling water is readily available and refrigerant for cryogenic capture is available.

3.2.4. Model description
For initial results, a basic Aspen model was developed for the membrane reactor which consists of a
series of reactor and separator blocks integrated together to model the performance of the membrane
reactor (reaction and separation) as closely as possible. This model was used to achieve preliminary
results which were refined with a more detailed model developed in the Aspen Custom Modeler. The
basic design of the membrane reactor was out-of-scope for this work and a 1-D PFR model already de-
veloped was used to estimate the required area to finally estimate the cost, based on publicly available
permeance data. In this section, the two models are described.

Membrane reactor Aspen Plus Point model
The Aspen Plus Point model is a 0-D reactor model used to predict the performance of the mem-
brane reactor by achieving quick results for the membrane area, productivity, methane conversion etc.
A FORTRAN subroutine is developed in Aspen Plus to calculate the membrane area required. The
equations used are as follows:

𝐴፦፞፦ =
𝑛̇ፇᎴዅ፩፞፫፦
𝐽ፇᎴ,ᑞᑖᑞ

𝑚ኼ (3.1)

The flux is calculated using the following equations:

𝐽ፇᎴ,ᑞᑖᑞ = 𝐾፩ ∗ 𝐷𝐹ፇᎴ 𝑘𝑚𝑜𝑙/𝑚ኼ𝑠 (3.2)

𝐷𝐹ፇᎴ1 =
𝐷𝐹።፧ − 𝐷𝐹፨፮፭
𝑙𝑛( ፃፅᑚᑟፃፅᑠᑦᑥ

)
𝑃𝑎ኺ.኿ (3.3)

The assumptions and/or limitations of this model are:

1. 0-D model.

2. No kinetics.

3. No permeance.

4. Driving force is fixed (fixed split fraction in the membrane separator block).
1where ፃፅᑚᑟ is the driving force at input end of tube (ፏፚᎲ.Ꮇ) and ፃፅᑠᑦᑥ the driving force at exit end (ፏፚᎲ.Ꮇ). ፃፅᑚᑟ ዆ (፩ᑣᑖᑥ,ᑚᑟ)Ꮂ.Ꮇዅ
(፩ᑡᑖᑣᑞ,ᑚᑟ)Ꮂ.Ꮇ where (፩ᑣᑖᑥ,ᑚᑟ) is the partial pressure on the retentate side at the input end (Pa) and (፩ᑡᑖᑣᑞ,ᑚᑟ) the partial pressure
on the permeate side at the input end (Pa). ፃፅᑠᑦᑥ ዆ (፩ᑣᑖᑥ,ᑠᑦᑥ)Ꮂ.Ꮇ ዅ (፩ᑡᑖᑣᑞ,ᑠᑦᑥ)Ꮂ.Ꮇ where (፩ᑣᑖᑥ,ᑠᑦᑥ) is the partial pressure on
the retentate side at the exit end (Pa) and (፩ᑡᑖᑣᑞ,ᑠᑦᑥ) the partial pressure on the permeate side at the exit end (Pa).
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Membrane reactor ACM model
The basis of the membrane reactor ACM model used in this work is described below and taken from
Lin et al. (2003).

The reactor model was formulated assuming steady-state operation. Isothermal & isobaric reaction
conditions were assumed. Furthermore, it was assumed that the permeation of hydrogen through the
Pd membrane follows Sievert’s law, no boundary layer on membrane surfaces and plug flow on both
reaction and permeation sides.

The reactions considered in this model are the reforming reaction 3.4, the water-gas shift reaction
3.5 and the overall reaction 3.6.

𝐶𝐻ኾ + 𝐻ኼ𝑂 ⇌ 𝐶𝑂 + 3𝐻ኼ Δ𝐻°
ኼዃዂፊ = 206 𝑘𝐽/𝑚𝑜𝑙 (3.4)

𝐶𝑂 + 𝐻ኼ𝑂 ⇌ 𝐶𝑂ኼ + 𝐻ኼ Δ𝐻°
ኼዃዂፊ = − 41 𝑘𝐽/𝑚𝑜𝑙 (3.5)

𝐶𝐻ኾ + 2𝐻ኼ𝑂 ⇌ 𝐶𝑂ኼ + 4𝐻ኼ Δ𝐻°
ኼዃዂፊ = 165 𝑘𝐽/𝑚𝑜𝑙 (3.6)

The rate expressions for reactions 3.4-3.5 are given below, the unit of each reaction rate is ex-
pressed in 𝑘𝑚𝑜𝑙/𝑘𝑔፜ፚ፭ℎ and the unit of partial pressure 𝑝። is atm.

𝑟ኻ =
𝑘ኻ
𝑝ኼ.኿ፇᎴ

𝑝ፂፇᎶ 𝑝ፇᎴፎ − (𝑝ኽፇᎴ 𝑝ፂፎ/ 𝐾፞፪ኻ)
𝐷𝐸𝑁ኼ (3.7)

𝑟ኼ =
𝑘ኼ
𝑝ፇᎴ

𝑝ፂፎ 𝑝ፇᎴፎ − (𝑝ፇᎴ 𝑝ፂፎᎴ/𝐾፞፪ኼ)
𝐷𝐸𝑁ኼ (3.8)

𝑟ኽ =
𝑘ኽ
𝑝ኽ.኿ፇᎴ

𝑝ፂፇᎶ 𝑝ኼፇᎴፎ − (𝑝ኾፇᎴ 𝑝ፂፎᎴ/𝐾፞፪ኽ)
𝐷𝐸𝑁ኼ (3.9)

where the adsorption term (DEN):

𝐷𝐸𝑁 = 1 + 𝐾ፚ፝፬ፂፎ 𝑝ፂፎ + 𝐾ፚ፝፬ፇᎴ 𝑝ፇᎴ
+ 𝐾ፚ፝፬ፂፇᎶ 𝑝ፂፇᎶ +

𝐾ፚ፝፬ፇᎴፎ 𝑝ፇᎴፎ
𝑝ፇᎴ

(3.10)

the rate constants (𝑘ኻ, 𝑘ኼ, 𝑘ኽ) , adsorption coefficients (𝐾ፚ፝፬ፂፎ , 𝐾ፚ፝፬ፇᎴ , 𝐾ፚ፝፬ፂፇᎶ , 𝐾ፚ፝፬ፇᎴፎ) and equilibrium
constants (𝐾፞፪ኻ, 𝐾፞፪ኼ, 𝐾፞፪ኽ) are calculated as follows:

𝑘ኻ = 4.2248𝐸15 𝑒𝑥𝑝(
−240100
8.314 𝑇 ) 𝑘𝑚𝑜𝑙 𝑎𝑡𝑚ኺ.኿/𝑘𝑔፜ፚ፭ ℎ

𝑘ኼ = 1.9558𝐸6 𝑒𝑥𝑝(
−67130
8.314 𝑇 ) 𝑘𝑚𝑜𝑙 /𝑘𝑔፜ፚ፭ ℎ 𝑎𝑡𝑚

𝑘ኽ = 1.0202𝐸15 𝑒𝑥𝑝(
−243900
8.314 𝑇 ) 𝑘𝑚𝑜𝑙 𝑎𝑡𝑚ኺ.኿/𝑘𝑔፜ፚ፭ ℎ

(3.11)

𝐾ፚ፝፬ፂፎ = 8.23𝐸 − 5 𝑒𝑥𝑝(
70650
8.314 𝑇 ) 1/𝑎𝑡𝑚

𝐾ፚ፝፬ፇᎴ = 6.12𝐸 − 9 𝑒𝑥𝑝(
82900
8.314 𝑇 ) 1/𝑎𝑡𝑚

𝐾ፚ፝፬ፂፇᎶ = 6.65𝐸 − 4 𝑒𝑥𝑝(
38280
8.314 𝑇 ) 1/𝑎𝑡𝑚

𝐾ፚ፝፬ፇᎴፎ = 1.77𝐸4 𝑒𝑥𝑝(
−88680
8.314 𝑇 ) 1/𝑎𝑡𝑚

(3.12)

𝐾፞፪ኻ = 7.846𝐸12 𝑒𝑥𝑝(
−220200
8.314 𝑇 ) 𝑎𝑡𝑚ኼ

𝐾፞፪ኼ = 1.412𝐸 − 2 𝑒𝑥𝑝(
37720
8.314 𝑇 )

𝐾፞፪ኽ = 1.11𝐸11 𝑒𝑥𝑝(
−182400
8.314 𝑇 ) 𝑎𝑡𝑚ኼ

(3.13)
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with the partial pressure of each component as:

𝑝። = 𝑦። 𝑃 (3.14)

where, 𝑦። is the mole fraction of the component and P is the total pressure.

The component transformation rates are given as, in 𝑘𝑚𝑜𝑙/ℎ 𝑘𝑔፜ፚ፭:

𝑑𝑋ፂፇᎶ
𝑑𝑧 = −𝑟ኻ − 𝑟ኽ
𝑑𝑋ፂፎᎴ
𝑑𝑧 = 𝑟ኼ + 𝑟ኽ
𝑑𝑋ፂፎ
𝑑𝑧 = 𝑟ኻ − 𝑟ኼ

𝑑𝑋ፇᎴፎ
𝑑𝑧 = −𝑟ኻ − 𝑟ኼ − 2𝑟ኽ
𝑑𝑋ፇᎴ
𝑑𝑧 = 3𝑟ኻ + 𝑟ኼ + 4𝑟ኽ

(3.15)

Furthermore, the permeation rate (also known as flux) of hydrogen through palladium membrane is
to be calculated. It is expressed as 𝐽ፇᎴ,ᑞᑖᑞ . The permeation rate is determined as follows:

𝐽ፇᎴ,ᑞᑖᑞ = 𝐾፩,ፇᎴ 𝐷𝐹ፇᎴ 𝑘𝑚𝑜𝑙/𝑚ኼ𝑠 (3.16)

where, 𝐾፩,ፇᎴ is the permeance value in 𝑘𝑚𝑜𝑙/𝑚ኼ𝑠𝑃𝑎ኺ.኿ and 𝐷𝐹ፇᎴ is the driving force given as:

𝐷𝐹ፇᎴ = 𝑝ፇᎴ,ᑣᑖᑥ
ኺ.኿ − 𝑝ፇᎴ,ᑡᑖᑣᑞ

ኺ.኿ 𝑃𝑎ኺ.኿ (3.17)

where 𝑝ፇᎴ,ᑣᑖᑥ , 𝑝ፇᎴ,ᑡᑖᑣᑞ are the partial pressures of 𝐻ኼ in the retentate and permeate respectively and
𝑛 = 0.5 because it is assumed that bulk diffusion is the rate limiting step as already stated.

In the rate equations 3.7 − 3.9, the partial pressure of 𝐻ኼ (𝑝ፇᎴ ) is an important parameter. If the
feed-stock to the membrane reactor is hydrogen free i.e. 𝑚ኺፇᎴ = 0, the initial rate of reaction will be
infinite because the inlet hydrogen partial pressure is zero. This problem can be solved by having a
pre-reformer that converts a small amount of the feed-stock to hydrogen, resulting in sufficient partial
pressure of hydrogen at the inlet of the membrane reactor.

3.2.5. Modelling assumptions
The modelling assumptions used to develop the Aspen Plus model for the entire process and also
assumptions of the two membrane models used are mentioned in this section.

General process assumptions
The process model is an Aspen model including the reforming unit, dehydration unit, carbon capture
unit, feed and products, the utilities required integrated to represent the process design of the novel
system. The general unit modelling assumptions for each section to develop the novel process are
summarized in table 3.3. The stream modelling assumptions are already mentioned in table 3.1. Fur-
thermore, the modelling assumptions of the two models used in this work are described in the following
sections.

Table 3.3: Modelling assumptions used in Aspen Plus simulationᑒ

General

Heat exchanger
Δ p/p = 2% or 0.5 bar
Minimum Δ T = 15 °C (gas-liquid)
or 30 °C (gas-gas)፛



3.2. System description 35

Table 3.3 continued from previous page

Biogas compressor

Multi-stage compressor with inter-cooling
Outlet temperature doesn’t exceed 150 °C ፜

Maximum compression ratio = 3 ፝

Polytropic efficiency = 0.84 ፞

Mechanical efficiency = 0.98

Hydrogen compressor

Multi-stage compressor with inter-cooling
Outlet temperature doesn’t exceed 135 °C ፟

Maximum compression ratio is 2 ፠

Outlet pressure is 700 bar፡
Isentropic efficiency = 0.78።
Mechanical efficiency = 0.98

𝐶𝑂ኼ and water pump
Centrifugal pump
Efficiency = 0.9

Knock-out drum Flash drum
𝑄ፇ = 0 W

Hydrogen dehydration unit

Separator block
99.98 % water removal to 5 μm 𝐻ኼ0/ mol 𝐻ኼ ፣
Contaminants removed as per table 3.1.
𝐻ኼ product loss = 5%
Regeneration assumptions (table 3.4).

Reforming

Pre-reformer
Gibbs free energy minimization reactor
Reactor temperature = 600 °C
Excess of highly active Ni-based catalyst

Membrane reactor Aspen Plus Point Model, refer 3.2.5.2
ACM Model, refer 3.2.5.3

Furnace
Gibbs free energy minimization reactor
Fuel = Recycle stream and/or biogas
Excess air for 100% conversion

Carbon capture

Compressor Polytropic efficiency = 0.84
Mechanical efficiency = 0.98

Cooler፤ Heat exchanger
Temperature = −35 to −50 °C

Distillation unit Short-cut distillation design
Partial condenser with all vapour distillate

ፚ SRK equation of state is used for the thermodynamic properties.
፛ ,፜ ,፝ ,፞ ,። Sjardin et al. (2006).
፟ According to guidelines of the American Petroleum institute, stated in
Sjardin et al. (2006).
፠ According to guidelines of the American Petroleum institute, stated in
Sjardin et al. (2006). The low compression ratio per stage reduces the
hydrogen discharge temperature and increases the piston ring lifetime.
፡ Fuelling pressure for light weight FCVs (U.S. Department of Energy, 2016).
፣ Maximum allowable limit for PEM fuel cells in road vehicles (Ohi et al., 2016).
፤ The heat is removed by a refrigeration unit with a COP of 1.5 (Luyben, 2017).
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Table 3.4: Regeneration modelling assumptions.

Process assumptions Unit
Regeneration temperatureፚ °C 250
Hot (purge) gas 𝑁ኼ
Regeneration flow rate 𝑚ኽ/𝑚𝑖𝑛 1/5 of feed flow rate
Hydrogen loss % 5
Molecular sieves cycle life 1000
Adsorption/regeneration cycle time hours 16
Water adsorptionፚ wt % 15
ፚ The water adsorption capacity of the molecular sieves assumed
in this study is a lower value of 15 wt % after taking into account
performance loss over the years.

Membrane reactor Aspen Plus Point model
The Aspen Plus point model consists of an RGIbbs block which acts as the pre-reformer. The pre-
reformer is followed by a series of reactor and separator blocks integrated together to model the mem-
brane reactor.
The model is formulated assuming:

1. 0-D reactor model.

2. No kinetics.

3. No permeance. Area calculated manually with an assumed permeance value of 6.67𝐸 − 4
mol/𝑚ኼ𝑠𝑃𝑎ኺ.኿ (Chompupun et al., 2018).

4. Fixed driving force with fixed membrane split fraction i.e. the permeate stream consists of a fixed
fraction of hydrogen generated in the reactor.

5. 100% hydrogen perm-selectivity.

6. Counter current sweep configuration.

7. Steady-state operation.

8. SRK equation of state.

9. Reactor temperature of 600 °C.

Membrane reactor ACM model
The kinetic equations and the basis of the membrane reactor was described in the previous section. In
this section, specific modelling assumptions for this work are listed.
The reactor model is formulated assuming:

• 1-D reactor model.

• Packed-bed with tube-in-tube configuration.

• Counter current sweep configuration.

• Steady-state operation.

• SRK equation of state.

• Isothermal & isobaric reaction conditions.

• Driving force is calculated.

• Permeation through Pd membrane follows Sievert’s law (refer 2.11).

• Limiting step is the permeation through the membrane (Sjardin et al., 2006).
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• An excess of highly active Ni-based catalyst is used to guarantee equilibrium is reached (Sjardin
et al., 2006).

• No boundary layer on membrane surfaces.

• Plug flow on both reaction and permeation sides.

• Kinetics from Lin et al. (2003).

• Permeance value of 6.67𝐸 − 4 mol/𝑚ኼ𝑠𝑃𝑎ኺ.኿ at 600 °C.

• Reactor temperature of 600 °C.

• Perm-selectivity 2 for hydrogen is 1000.

The permeance was measured with a reactor as follows:
An annular cylindrical packed-bed membrane reactor with Pd-coated membrane of 40 μm thickness.
The highest permeance value for this membrane was found to be 6.67𝐸−4mol/𝑚ኼ𝑠𝑃𝑎ኺ.኿ at 600 °C by
Chompupun et al. (2018) and is adopted in this work.

3.2.6. Configurations generated
Three process configurations are generated on the basis of the basic process previously described.
The aspen models for all three are shown in Appendix A.

In all the three configurations, biogas is compressed to the desired pressure of the unit. In the first
configuration, figure 3.6, the compressed biogas is fed into a carbon capture unit directly. Biogas has
a high content of 𝐶𝑂ኼ, which reduces the partial pressure of hydrogen and therefore the driving force
for permeation, reducing the productivity. Pre-𝐶𝑂ኼ separation is interesting because separation of 𝐶𝑂ኼ
from biogas before entering into the reformer will reduce these effects leading to a better performance
of the reactor. After most of the 𝐶𝑂ኼ is removed in the carbon capture unit, the remaining gas containing
majorly 𝐶𝐻ኾ is heated and fed into the membrane enhanced reforming section. In configuration 2 & 3,
figure 3.7 and 3.8, the compressed biogas is heated and fed directly to themembrane enhanced reform-
ing section and then 𝐶𝑂ኼ is separated from the outlet retentate stream. In all the configurations, before
entering the membrane reactor, the biogas is pre-reformed. Then the membrane reformer converts
most of the feed into hydrogen. Hydrogen permeated through the membrane is cooled and purified to
the desired specifications, compressed to 700 bar and stored.

The cryogenic carbon capture unit has stages of compression, cooling and separation, similar in all
the configurations with the same operating conditions so that the configurations are comparable. In
configuration 1 & 3 however, the 𝐶𝑂ኼ obtained after the compression stages isn’t pure enough and a
distillation column is required. The pure 𝐶𝑂ኼ obtained in all the three configurations is compressed to
110 bar to be transported through pipelines. In configuration 1, the retentate stream is cooled to remove
water and then recycled back into the carbon capture unit. The retentate stream contains the produced
𝐶𝑂ኼ that can potentially be captured and also contains unreacted reactants that can be re-used to in-
crease the efficiency. The heat input required for reforming is obtained by burning additional biogas.
In configuration 2, the off-gas from the carbon capture unit isn’t recycled but burnt to provide heat for
reforming. Additional heat, if required, is obtained by burning biogas. Similar to configuration 1, the
off-gas is recycled back in configuration 3 to increase the efficiency and biogas is burnt to provide heat
for the reforming reaction. It is important to note that it isn’t viable to capture the 𝐶𝑂ኼ produced from
the furnace because it contains very low concentrations of 𝐶𝑂ኼ (around 15%).

2If 1000 kmol/h of hydrogen passes through the membrane, a total of 1 kmol/h impurities (ፂፇᎶ, ፂፎᎴ, ፂፎ, ፍᎴ) will pass through
too. In most research work, a 100% selectivity is assumed but a more realistic case is chosen for this study.
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Figure 3.6: Process block diagram (PBD) of Configuration 1: Carbon capture unit before the reforming section.

Figure 3.7: Process block diagram of Configuration 2: Carbon capture unit after the reforming section without recycle stream.
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Figure 3.8: Process block diagram of Configuration 3: Carbon capture unit after the reforming section with recycle stream.

Table 3.5: Comparison of the three configurations

Advantages Disadvantages
Configuration 1

Lower membrane area for the same
conversion, hence lower costs.

Lower 𝐶𝑂ኼ concentration for the carbon
capture unit, hence difficult separation.
Distillation column required.

Lower chance of coke formation in reactor. External heat required for reformer.

More combustion gases released in the air.

Configuration 2

Energy from off-gas used for reformer.
Low/no additional biogas needed.

Dry reforming reactions may take place because of the
high concentration of 𝐶𝑂ኼ in feed, higher steam-to-carbon
ratio required.

Lesser combustion gases released in the atmosphere. Higher membrane area required for same conversion,
hence higher costs.

Better separation as high concentration of 𝐶𝑂ኼ
in the feed to the capture unit.

Configuration 3
Lower membrane area required, hence less costs. Dry reforming reactions may take place.

Better separation as high concentration of 𝐶𝑂ኼ
in the feed to the capture unit. External heat required for reformer.

More combustion gases released in the air.

Distillation column required for 𝐶𝑂ኼ purification.
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Table 3.6: Differences between the novel and the reference process across value chain

Novel process Reference process
System Decentralized Centralized
Feed Biogas Natural gas
Feed purification No (outsourced) Yes
Reforming MR SMR
Carbon capture Cryogenic No
Hydrogen purification Small-scale dehydration unit Large-scale PSA unit
Hydrogen product purity 99.99% (fuel-grade) 99.95 % (industrial-grade)
Hydrogen compression 700 bar 830 bar

Hydrogen storage Yes, at the refuelling station Centralized, before boost
compression and transport

Hydrogen transport No Yes
CO2 transport No (outsourced) -

Table 3.5 summarises the expected advantages and disadvantages of the three configurations. All
three configuration have pros and cons and determining the best performing configuration at this stage
is unworkable. Therefore, a detailed evaluation of these configurations is done in the next chapter. The
aim is to assess the different configurations on their thermodynamic performance in order to determine
the most promising one. Then, the chosen process will be optimized taking into account the economic
performances. The extent & influence of coke formation in the three configurations isn’t researched on
in this work and is left for later study.

Furthermore, as the novel process’s performance will be compared to the conventional steam reform-
ing of natural gas, it is important to explicitly mention the differences between the two processes for a
reasonable comparison. The major differences between the two cases to be compared are mentioned
in table 3.6.

3.3. Key performance indicators definition
The key performance indicators used in the work for performance evaluation at different stages are
defined below. The KPIs relevant for the evaluation method will be mention in the related chapters.

Thermodynamic performance indicators:

1. Hydrogen recovery factor, %

𝐺𝑙𝑜𝑏𝑎𝑙 𝐻𝑅𝐹 =
𝑛̇ፇᎴᎽᑠᑦᑥ

4 𝑛̇ፂፇᎶዅ፟፞፞፝ + 𝑛̇ፇᎴዅ፟፞፞፝ + 𝑛̇ፂፎዅ፟፞፞፝
∗ 100 (3.18)

𝑃𝑒𝑟 − 𝑝𝑎𝑠𝑠 𝐻𝑅𝐹 =
𝑛̇ፇᎴዅ፩፞፫፦

4 𝑛̇ፂፇᎶዅ።፧ + 𝑛̇ፇᎴዅ።፧ + 𝑛̇ፂፎዅ።፧
∗ 100 (3.19)

2. Methane conversion, %

𝐺𝑙𝑜𝑏𝑎𝑙 𝑚𝑒𝑡ℎ𝑎𝑛𝑒 𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛 =
𝑛̇ፂፇᎶᎽᑗᑖᑖᑕ − 𝑛̇ፂፇᎶᎽᑠᑦᑥ

𝑛̇ፂፇᎶᎽᑗᑖᑖᑕ
∗ 100 (3.20)

𝑃𝑒𝑟 − 𝑝𝑎𝑠𝑠 𝑚𝑒𝑡ℎ𝑎𝑛𝑒 𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛 =
𝑛̇ፂፇᎶᎽᑚᑟ − 𝑛̇ፂፇᎶᎽᑣᑖᑥ

𝑛̇ፂፇᎶᎽᑚᑟ
∗ 100 (3.21)

3. CO2 capture rate, %

𝐶𝑎𝑟𝑏𝑜𝑛 𝑐𝑎𝑝𝑡𝑢𝑟𝑒 𝑟𝑎𝑡𝑒 =
𝑛̇ፂፎᎴᎽᑠᑦᑥ

𝑛̇ፂፎᎴዅ፟፞፞፝ + 𝑛̇ፂፇᎶዅ፟፞፞፝ + 𝑛̇ፂፎᎴዅ፟፮፞፥ + 𝑛̇ፂፇᎶዅ፟፮፞፥
∗ 100 (3.22)
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4. Global energy efficiency, %

𝜂፞፧፞፫፠፲ =
𝐿𝐻𝑉ፇᎴ 𝑚̇ፇᎴᎽᑠᑦᑥ

𝐿𝐻𝑉 ፞፞፝ 𝑚̇፟፞፞፝ + 𝑊 ∗ 100 (3.23)

5. Global exergy efficiency, %

𝜂፞፱፞፫፠፲ =
𝑚̇ፇᎴ 𝐸̇ፇᎴ
𝐸̇።፧

∗ 100 (3.24)

6. Productivity, 𝑘𝑔/𝑚ኼ 𝑑𝑎𝑦

𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑣𝑖𝑡𝑦 =
𝑚̇ፇᎴᎽᑠᑦᑥ
𝐴፦፞፦

(3.25)

Economic performance indicators:

1. Levelized cost of hydrogen (LCOH), €/ kg 𝐻ኼ

𝐿𝐶𝑂𝐻 =
(𝐶𝐴𝑃𝐸𝑋 ∗ 𝛼) + 𝑐ፎፌ,፟ + (𝑐ፎፌ,፯ፚ፫ ∗ ℎ𝑜𝑢𝑟𝑠)

𝑚̇ፇᎴ
(3.26)

where,
𝛼 = ፝

ኻዅኻ/(ኻዄ፝)ᑟ where, 𝑑 = 𝑟𝑟 + 𝑖 + 𝑟𝑟 𝑖 (d = after tax rate of return, rr = after tax real rate of
return, i = inflation, n = lifetime).

2. 𝐶𝑂ኼ avoidance cost (CAC), €/ton 𝐶𝑂ኼ

𝐶𝐴𝐶 = 𝐿𝐶𝑂𝐻፜ − 𝐿𝐶𝑂𝐻፛
𝐶𝑂ኼ𝑒𝑚𝑖𝑠𝑠𝑖𝑜𝑛𝑠፛ − 𝐶𝑂ኼ𝑒𝑚𝑖𝑠𝑠𝑖𝑜𝑛𝑠፜

(3.27)

3.4. Key takeaways
The production capacity of the reference case is 1.5 million 𝑁𝑚ኽ/𝑑𝑎𝑦 of hydrogen whereas the value
chain of the case from natural gas to hydrogen transport is 500 𝑁𝑚ኽ/ℎ. The production capacity of the
novel case is the same as the value chain capacity of the reference case. The value chain of the novel
case is from pre-treated biogas input to hydrogen compression & storage and 𝐶𝑂ኼ compression, ready
to be transported via pipelines (outsourced).

Design assumptions for the novel case are:

1. Capacity: 500 𝑁𝑚ኽ/ℎ 𝐻ኼ.

2. Feed and product specifications: Refer 3.1.

3. Location: The Netherlands.

4. Required utilities: Cooling water, electricity, refrigerant.

5. Membrane reactor configuration: Packed-bed continuous plug flow reactor assuming tube-in-tube
configuration. Counter-current flow with 𝐻ኼ𝑂 as the sweep agent for membrane reactor.

6. Molecular sieves dehydration unit with TSA regeneration used for hydrogen purification.

Modelling assumptions for the novel case are:
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1. The modelling assumptions for developing the entire process in Aspen Plus are shown in table
3.3

2. Two models for the membrane reactor are used. A basic model is developed for initial results,
refer 3.2.5.2, and refined results are achieved with a more detailed model developed in Aspen
Custom Modeler, refer 3.2.5.3.

With the following assumptions, three process configurations for the novel case are developed. Config-
uration 1: process with carbon capture unit before the reforming section, configuration 2: process with
carbon capture unit after the reforming section without recycle stream and configuration 3: process
with carbon capture unit after the reforming section with recycle stream. The expected advantages
and disadvantages of the three configurations are summarized in table 3.5. The important differences
between the reference case and the novel case are mentioned in table 3.6.

Key performance indicators are defined to evaluate the performance of the configurations developed
and select the most promising one, refer 3.3. The KPIs will also be used to evaluate the performance
of the (local) optimum process and for comparison with the reference case.
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Process design & optimization

In this chapter, the performance of the three configurations developed is determined and compared
with each other. Firstly, the relevant variables are defined and a number of cases are formulated. The
sensitivity of the manipulated variables to the output variables for each of the three configurations is
analyzed and presented in Appendix B. Later, one of the three configurations is selected based on
comparison of the output variables for the Base case formulated. Finally, the selected configuration’s
process flow is optimized and heat integration is performed to improve the performance of the process.

4.1. Method for process configuration selection
The process parameters for the base case and the other cases are mentioned in table 4.1. The list
below shows the values that are used for the fixed &manipulated variables in the simulation to select the
process configuration. The controlled (output) variables are the thermodynamic performance indicators
mentioned in chapter 3, section 3.3 (except exergy efficiency). The KPI values obtained are compared
case wise for the three configuration defined in chapter 3, section 3.2.6.

1. Fixed variables (assumptions)

(a) Hydrogen output at 500 𝑁𝑚ኽ/ℎ.
(b) Reforming temperature at 600 °C.

(c) Reforming pressure at 30 bar .

(d) Steam-to-carbon ratio of 3.

(e) Carbon capture temperature, −50 °C.
(f) Carbon capture pressure, 38 bar.

(g) Feed composition, refer table 3.1.

(h) Sweep composition, refer table 3.1.

2. Manipulated (input) variables

(a) Sweep ratio - 0.1 to 4.

(b) Permeate pressure - 1.1 to 7 bar.

(c) Biogas feed - 9.75 to 10.5 kmol/h.
As the BG feed is changed, the area also changes and from these values the load-to-surface
ratio can be found, figure 4.1.

(d) Recycle ratio - 0.5 & 0.9.

43
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Figure 4.1: L/S & area vs biogas feed.

Table 4.1: Process parameters for different cases formulated.

Permeate
pressure (bar) Sweep ratio Recycle ratio

Base case 1.1 1 0.9
Case 2.1 1.1 0.1 0.9
Case 2.2 1.1 0.5 0.9
Case 2.3 1.1 4 0.9
Case 3.1 1.1 1 0.5
Case 4.1 3 1 0.9
Case 4.2 5 1 0.9
Case 4.3 7 1 0.9

4.2. Process configuration selection

The sensitivity of the performance indicators towards sweep ratio, recycle ratio & permeate pressure
was analysed for each configuration. The results are presented in Appendix B. However, to choose
one process out of the three the results of the Base case are compared in this section.

In figure 4.2 we can see that the global hydrogen recovery factor for all the three configurations is
the same. This is because the hydrogen output and the biogas feed for all the cases is the same. How-
ever, the configuration 1 has a higher productivity than the other two. This implies that, the membrane
surface area required for the same hydrogen recovery is lower.
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Figure 4.2: Global hydrogen recovery factor for all three configurations varying biogas feed from 9.75 to 10.5 kmol/h.

The carbon capture rate, figure 4.3, for the configuration 2 is the highest compared to the other
two. Although, the productivity is lesser (higher membrane surface care required) this configuration is
attractive. This is because the operating expenditure is expected to have a larger impact on the cost of
hydrogen than the capital expenditure. Furthermore, a higher 𝐶𝑂ኼ capture rate means a lower carbon
footprint.

Figure 4.3: Carbon capture rate for all three configurations varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure 4.4: Global methane conversion for all three configurations varying biogas feed from 9.75 to 10.5 kmol/h.

The methane conversion values are high for all three configurations, figure 4.4. Configuration 1 &
3 have conversions very close to 100% whereas configuration 2 also has high methane conversions
of more than 96%. Furthermore, configuration 1 has the best productivity compared to the other two.

The global efficiency of the configuration 2 is slightly higher than the other two and lesser deviation
with changing biogas feed, figure 4.5. However, configuration 2 has a lower productivity.

Figure 4.5: Global efficiency for all three configurations varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure 4.6: Per-pass hydrogen recovery factor for all three configurations varying biogas feed from 9.75 to 10.5 kmol/h.

As seen from figure 4.6, the per-pass HRF for configuration 2 is higher than the global HRF. This
is because of the loss of hydrogen during the dehydration stage. The per-pass HRF for the other two
configurations is lower than the global HRF. Figure 4.7 presents the per-pass methane conversion of
all the three configurations. Furthermore, figure 4.8 shows that the work and heating & cooling duties
required for configuration 2 are the lowest because this configuration is a simpler process without
recycle streams.

Figure 4.7: Per-pass methane conversion for all three configurations varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure 4.8: Total work & duties of the three different configurations with biogas feed of 10.5 kmol/h.

It is a challenging task to decide which of the three configurations has a better performance as
all three perform differently for different performance indications. However, a choice has to be made.
Under the assumption that the operating expenditure of the process will have a larger impact on the cost
of hydrogen than the capital expenditure and a higher carbon capture rate is required, configuration 2
is chosen: process with carbon capture unit after the reforming section without recycle stream . It is
expected that the increase in membrane surface area required will be compensated by the lower work
and duties required. Furthermore, without the recycle, the process flow and the plant construction is
expected to be simpler.

4.3. Process optimization
For the three configurations to be comparable, the conditions and components used were similar. How-
ever, the process design may not be the optimum for the configuration chosen. Some amendments
have been made in the carbon capture unit of the process. These changes will be mentioned in this
section. Furthermore, after the carbon capture unit has been optimized, heat integration is performed
to improve the performance of the process.

4.3.1. Carbon capture optimization
As previously mentioned, the carbon capture unit of all the three configurations was the same except
that configuration 1 & 3 has an additional distillation unit to purify the 𝐶𝑂ኼ, whereas the selected configu-
ration didn’t need one. The carbon capture process was a 2-staged compression, cooling & separation
process for the configuration without recycle: the chosen process. It was found that a single com-
pression and separation stage was sufficient to get the 𝐶𝑂ኼ purity required for transport and storage.
A 2-staged process resulted in a slightly higher recovery & purity of 𝐶𝑂ኼ but wasn’t worth the extra costs.

For the single staged process, the stream is compressed to 38 bar and then cooled to −50 °C which
produces liquid, >95% pure 𝐶𝑂ኼ. According to Luyben (2017), a single-staged refrigeration unit is suf-
ficient to remove heat down to -50 °C for our chosen process. An appropriate refrigerant to remove the
heat down to −50 °C is to be chosen. The temperature and pressure conditions being −50 °C and 38
bar, R 1270 (propylene) is the preferred option as propylene has a normal boiling point of -53.7 °C and
a critical pressure of 45.9 bar. Furthermore, R 1270 is a natural refrigerant, non-toxic with zero ODP
(oxygen depletion potential) and very low GWP (global warming potential) therefore negligible impact
to the environment (Linde Gas).

Luyben (2017) has designed refrigeration processes at various temperature levels for a refrigeration
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load of 1 MW. The paper provides information about the optimum process conditions and the economic
results for each process. It also gives guidelines to scale the cost values according to the preferred
refrigeration load. The refrigeration cycle shown in figure 4.9 is appropriate for our chosen process and
is scaled according to the load requirements. The COP of this particular refrigeration cycle is 1.523
(2.911/1.911) and this value will be used for the next steps of calculations.

Figure 4.9: Single stage refrigeration cycle using propylene as refrigerant (Luyben, 2017).

4.3.2. Heat integration
The energy requirements of the process can beminimized by heat integration. Pinch analysis is a widely
used method to minimize energy consumption and maximize heat recovery of a chemical process.
Table 4.2 shows the different streams, their supply and target temperatures and their heat flows. The
minimum approach temperature selected is 30 °C which is the maximum heat exchanger Δ T assumed
in our model, table 3.3. The values in the table are for the Base case with biogas feed of 10.5 kmol/h.

Table 4.2: Stream information for pinch analysis.

Stream Stream type Supply temperature (°C) Target temperature (°C) Heat flow (kW)
S1 Cold 30 450 58.0
S2 Cold 15 235.35 110.2
S3 Cold 235.35 235.35 184.7
S4 Cold 235.35 450 47.9
S5 Cold 15 123.53 63.32
S6 Cold 123.53 123.53 277.0
S7 Cold 123.53 600 119.8
S8 Cold -35 250 5.1
S9 Cold -35.5 30 18.2
S10 Cold 15 250 8.8
S11 Hot 600 86.62 226.9
S12 Hot 86.62 20 339.3
S13 Hot 600 182.88 96.2
S14 Hot 182.88 20 130.1

The hot pinch and the cold pinch temperature calculated was 71.62 °C and 41.62 °C respectively.
The minimum hot utility required was 461.84 kW and the minimum cold utility required was 361.03 kW.
The grand composite curve obtained is shown in figure 4.10. The T-Q curves obtained are shown in
Appendix C.

Pinch technology is widely used in a lot of industrial processes to minimize energy consumption. De-
spite the fact, a more practical approach is adopted in this work given the small scale application and
limited number of streams of the developed process. Using Aspen Plus, manual heat integration of



50 4. Process design & optimization

streams is performed keeping in mind the objective to reduce energy consumption and avoid unnec-
essary increase in capital costs (heat exchangers). The minimum hot and cold utility requirements
obtained for the Base case with biogas feed flow of 10.5 kmol/h are 493 kW and 392 kW respectively.
The hot and cold utility requirements before heat integration for the same process were 893.02 and
792.5 respectively. Therefore, around 400 kW of hot and cold utility is saved, which is 44.8 % of hot
utility saved and 50.5 % of cold utility saved from the heat integration. The increase in efficiency after
the heat integration is from 50.9 % to 58.73 %.

The results shown are for the base case with biogas feed flow rate of 10.5 kmol/h. With every change
in process parameter (different case), the extent of heat integration is expected to vary. For the sen-
sitivity analysis in the next chapter the streams are manually adjusted, whenever required, to optimize
the heat integration. For example, the amount of duty required for a stream of water with sweep ratio
of 0.1 can be met by a hot outlet stream (permeate for example) but the same hot outlet stream may
not be able to provide the duty for a stream of water with a sweep ratio of 4. This change in every case
is difficult to document but it is important to keep in mind that the total hot and cold utility required for
each case won’t necessarily be the same.

Figure 4.10: Grand composite curve for Base case with biogas feed flow rate of 10.5 kmol/h.

4.4. Conclusion
The global hydrogen recovery factor and the global methane conversion of configuration 2 is compa-
rable to the others. However, the performance w.r.t. the carbon capture rate and global efficiency is
better. Furthermore, the work and duty requirements of this configuration are considerably lower than
the other two but the productivity is lower. The operating expenditure is expected to have a larger
impact on the cost than the capital expenditure. Based on these results, configuration 2 i.e. carbon
capture unit after the reforming section without recycle stream is chosen. The carbon capture unit of
this configuration is optimized and a single-stage refrigeration unit using R 1270 (propylene) refrigerant
is chosen. A realistic approach is chosen for heat integration which increases the energy efficiency of
the process by 8% to 58.73%.
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Techno-economic evaluation

In chapter 4, one configuration was selected based on thermodynamic performances. In Appendix
B, the sensitivity of certain process parameters towards the thermodynamic performance indicators
was analysed. It is however important to determine the process conditions that result in the optimum
performance of the process. The main objective is to achieve the lowest possible levelized cost of hy-
drogen. Therefore, the optimum process conditions that can result in the lowest LCOH are determined
in this chapter. After which, the results of the optimum process are presented and compared with the
reference case described in chapter 3.

5.1. Economic factors
Before the sensitivity of variables towards the LCOH can be analyzed and the optimum process con-
ditions determined, the economic factors need to be determined to calculate the LCOH. This section
will describe all the cost factors and assumptions made. Referring to equation 3.26, we need to deter-
mine the capital expenditure of the plant, the fixed & variable operation and maintenance factors, and
investment terms.

5.1.1. General assumptions
General assumptions made to perform the economic calculations are summarized below.

1. The production capacity of the plant is 500 𝑁𝑚ኽ𝐻ኼ/ℎ or 1071 kg/day 𝐻ኼ .

2. Lifetime of the plant is 20 years with continuous operation of 8760 hours/year. Loss of production
time due to equipment failure or other unforeseen events is neglected.

3. The investment cost parameters for the duration are presented in table 5.1

4. Reference year for the cost calculations is 2019.

5. All cost values are converted from dollars to euros with an exchanger rate of $1 = € 0.91.

6. Plant construction time not taken into account.

Table 5.1: Cost parameters.

After-tax real rate of return 10%

Inflation rate 2%

Annuity factorፚ 13.56%
ፚcalculation shown in equation 3.26.
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5.1.2. Capital expenditure (CAPEX)
For calculating the total CAPEX of the plant, first we need to determine the total component cost (TCC)
of the system. Then, additional factors have to be taken into account like assembly costs, installation
costs etc. The cost factors used for this work are explained in this section.

Table 5.2: Capital cost of system components.

Component Unit Base scale Scale factor (R) Base cost, € Base year
Compressorፚ Work (kW)
Heat exchanger፛ Area (𝑚ኼ)
Boiler፜ kg 𝐻ኼ𝑂/h 901 0.67 192000 2006
Pump፝ VFR (𝑚ኽ/h)
Pre-reformer፞ kg 𝐻ኼ/h 4.8 0.7 2616 2002
Membrane reactor፟
(without membrane
tubes)

kg 𝐻ኼ/h 4.8 0.7 12830 2006

Reactor furnace፠ kg 𝐻ኼ/h 4.8 0.78 1910 2006
Flash/knock-out drum፡ kg 𝐻ኼ/h 4.8 0.68 4460 2006
Refrigeration unit። Work (MW) 1 0.6 3.375E+6 2017
Blower፣ VFR (𝑚ኽ/h)
Molecular sieves
dehydration unit፤ (2) Volume (𝑚ኽ)
Hydrogen cascade storage፥ kg 𝐻ኼ 140 146510 2014
ፚ Centrifugal compressor for biogas and hydrogen. Screw compressor for general.
Material assumed is carbon steel (Matches).
፛ Fixed shell and tube, double pipe, water heater depending on the application
and area of heat exchanger required (Matches).
፜ The boiler is assumed to be electric. Values from Sjardin et al. (2006).
፝ Positive displacement pump with mechanical seal (Matches).
፞ The cost value is taken from Inc and Francisco (2006) and corrected for material used.
፟ ,፠ ,፡ Values from Sjardin et al. (2006).
። The total capital costs of the refrigeration unit are taken from Luyben (2017).
፣ Carbon steel axial blower (Matches).
፤ AISI 316L column with a H/D between 0.7 − 3 (DACE Price Booklet).
፥ Storage size roughly 10 % of daily production to meet the varied hydrogen demand profile
(Katikaneni et al., 2014).

The material of construction for the components is SS 316 unless specified otherwise. The mem-
brane reformer is assumed to be a basic reactor resembling the SMR, but since operating conditions
are lower less expensive material can be used. The steam methane reformer requires high quality
steel alloys like Haynes 556, whereas the membrane reactor can suffice with stainless steel 304 or 316
because of less stringent operating conditions (cost a factor 10 less (Sjardin et al., 2006)). The mem-
brane tubes are an additional cost factor and they need to be replaced within fixed intervals of time.
Furthermore, the cost value for the pre-reformer was taken from a SMR plant’s economic evaluation.
However, the cost is corrected for the material used as the SMR plant assumes Haynes 556 & Incoloy
800H but in our case SS 316 is sufficient (factor of 10 lesser).

The sizing of the molecular sieves unit is done taking into consideration the amount of water & im-
purities needed to be removed and the adsorption properties of the molecular sieves. The volume of
the column is assumed to be 1.5 times the volume of molecular sieves required. Furthermore, the cost
of mixer(s) is assumed to be negligible and not accounted for in the total cost of components.

The component cost figures are obtained from literature, websites etc. as mentioned in table 5.2.
Some values obtained from literature are for a specific scale. They need to be scaled to the required
capacities of the developed system. It is a common practice in engineering economics to use the
following scaling equation to calculate the cost at other capacities:

𝑐፧፞፰ = 𝑐፤፧፨፰፧(
𝑆𝑐𝑎𝑙𝑒፧፞፰
𝑆𝑐𝑎𝑙𝑒፤፧፨፰፧

)ፑ (5.1)
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Table 5.3: Relevant CPECI values for this work.

Year CEPCI
2002 395.6
2006 499.6
2014 579.8
2017 567.5
2019 603
Values taken from Scribd.

Furthermore, the capital cost values obtained are seldom for the same year, as can be seen in table
5.2. Therefore, the costs need to be calculated for the reference year. This calculation is done using
the chemical engineering plant cost index (CEPCI). The CEPCI for relevant years is given in table 5.3
and the cost values of components in year 2019 is calculated as follows (Gas processing and LNG,
2018):

𝑐 = 𝑐፨(
𝐶𝐸𝑃𝐶𝐼
𝐶𝐸𝑃𝐶𝐼፨

) (5.2)

where c is the current cost (€), 𝑐፨ is base cost (€), CEPCI is the current index & 𝐶𝐸𝑃𝐶𝐼፨ is the base
index.

After the total component cost (TCC) is calculated for the relevant capacity and year (Free on Board
cost), additional cost factors need to be taken into account. For example total investment expendi-
ture at the refuelling station, system assembly costs at the production plant & installation costs at the
refuelling station need to be determined. Table 5.4 lists the factors taken into consideration and their
fractions (Sjardin et al., 2006).

Table 5.4: Installation factors.

Instrumentation & control 13% TCC
Structural support 5% TCC
Assembly 5% TCC
Piping 2% TCC
Total system assembly 25% TCC

Total plant cost (TPC) 1.25 TCC
Site preparation 0.5% TPC
Assembly on-site 10% TPC
Tax, insurance and freight 2% TPC
Engineering 5% TPC
Contingency 10% TPC
Fees, overhead and profit 10% TPC
Start-up cost 5% TPC
Total installation 42.5% TPC

Total CAPEX 1.425 TPC

5.1.3. Operational expenditure
The OPEX is another factor needed to calculate the LCOH. The OPEX comprises of costs of raw ma-
terials, utilities, O&M etc. These costs and assumptions are mentioned in table 5.5.

Determining the membrane tube cost is complicated, not enough cost estimates are available. The
costs depend on the membrane surface area, raw material prices, production cost etc. One of the
leading manufacturers of palladium membrane tubes have stated that the raw material consists of
around 40% of the production cost and the rest is tube manufacturing. The exact cost also depends
on the type of support: ceramic, porous metallic support. The latter is more expensive but has ad-
vantage of simple connections & noticeable cracks (Sjardin et al., 2006). Furthermore, another author
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estimated that the membrane costs could go down to 1500-2000 €/𝑚ኼ by 2020 for thin Pd-membranes
on ceramic support with a high permeance value (Marcello De Falco). For this work, a value of 2500
€/𝑚ኼ is assumed and the economic feasibility of the process, if this value is achieved, is determined.

The costs to replace the catalyst and the membrane tubes also needs to be determined. The life-
time of the catalyst is assumed to be 5 years, i.e. it needs to be replaced 3 times during the lifetime of
the plant (Di Marcoberardino et al., 2018). The lifetime of the membrane is an uncertain factor. Sjardin
et al. (2006) assumes a lifetime of 3 years which is adopted in this work as well. The membrane tubes
have to be replaced 6 times during the lifetime of the plant. Recycling of materials of the membrane
isn’t considered. The total membrane replacement cost and the catalyst cost is calculated and divided
evenly across the lifetime of the plant.

For a well-designed, properly used molecular sieves desorption unit the cycle life is estimated around
24,000 to 40,000 hours (Yuanying Industry Limited, 2015). The adsorption and desorption cycle time
considered in this work is 16 hours resulting in 1500 minimum cycles life before recycle. However, a
conservative & realistic value of 1000 cycles is taken for this work.

Table 5.5: Operational expenditure factors.

Operational expenditure Values

Annual load 97%
O&Mፚ 4% Total CAPEX
Property taxes፛ 2% Total CAPEX
Insurance፜ 1.5% Total CAPEX
Biogas price፝ 3.46 €/GJ
Electricity price፞ 0.105 €/kWh
Water price፟ 0.35 €/𝑚ኽ
Deionized water for process፠ 0.91 €/𝑚ኽ
Refrigeration unit፡ 1.013E+6 €/year (1 MW)
Replacements
Membranes። 2500 €/𝑚ኼ
Catalyst፣ 1012.83 €/kg
Molecular sieves፤ 2.1 €/kg
ፚ ,፛ ,፜ Values taken from Sjardin et al. (2006).
፝ Cost of biogas from an anaerobic digester (Di Marcoberardino et al., 2018).
፞ Average electricity cost from DACE Price Booklet.
፟ Value taken from Di Marcoberardino et al. (2018).
፠ Value taken from Mohamad Fahrurrazi Tompang.
፡ the energy costs are taken from Luyben (2017) and scaled linearly according
to the load requirement for this work as suggested in the paper.
። comparatively higher value than predicted by Marcello De Falco, hence
expected to be more realistic and achievable.
፣ Value taken from Sjardin et al. (2006).
፤ Value taken from Alibaba.

It is assumed that besides nominal maintenance tasks, the system can operate unattended and
therefore labour costs are omitted. The cost of air required for combustion in the furnace and the nitro-
gen gas required for regeneration of molecular sieves is assumed to be negligible. The cost influence
of the refrigerant required for the refrigeration unit on its total operating cost is also negligible and there-
fore neglected.

Having all the cost values, the LCOH can be calculated from equation 3.26. Furthermore, the cost
is split into two parts: the cost for the reforming section and the cost for the carbon capture unit. The
independent influence of process parameters on the two sections can therefore be studied.
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5.2. LCOH optimization
First, the relevant variables for the analysis are defined and a finite list of cases to be analyzed are
formulated. Next, the results of the formulated cases are presented.

5.2.1. Method for LCOH optimization
The fixed variables are the same as defined in chapter 4, section 4.1 except the reactor pressure,
which is a manipulated variable in this analysis. It is expected that a change in the reactor pressure will
significantly affect the compression load in the carbon capture unit, and hence the costs. Therefore,
the reactor pressure is changed as an attempt to optimize the carbon capture unit. The range of the
manipulated variables is shown in figure 5.6. The controlled variables are the thermodynamic and
economic performance indicators defined in chapter 3, section 3.3 (except exergy efficiency). The
formulated cases for the LCOH optimization are shown in table 5.7.

Table 5.6: Manipulated variables range.

Process condition Investigated range
Biogas feed (kmol/h) 9.75 to 10.5
Sweep ratio 0.1 to 4
Permeate pressure (bar) 1.1 to 7
Reactor pressure (bar) 20 to 35

Table 5.7: Different cases analysed.

Biogas feed
(kmol/h) Sweep ratio Permeate pressure

(bar)
Reactor pressure
(bar)

Base case 10.75 1 1.1 30
Case 1.1 10.25 1 1.1 30
Case 1.2 10 1 1.1 30
Case 1.3 9.75 1 1.1 30
Case 2.1 9.75 0.1 1.1 30
Case 2.2 9.75 0.5 1.1 30
Case 2.3 9.75 4 1.1 30
Case 3.1 9.75 1 3 30
Case 3.2 9.75 1 5 30
Case 3.3 9.75 1 7 30
Case 4.1 9.75 1 1.1 20
Case 4.2 9.75 1 1.1 25
Case 4.3 9.75 1 1.1 35

5.2.2. Optimization results
The levelized cost of hydrogen obtained for the different cases formulated is presented in this section
and the sensitivity of the LCOH with change in process conditions is noted. A summary of the LCOH
and thermodynamic results of these cases is shown in Appendix D.

In chapter 4, we have seen that varying the biogas feed results in a change in the load-to-surface
ratio (refer figure 4.1). Increasing the biogas feed means having a higher load (more reactants) for the
membrane reactor. This results in a lower area required for a fixed output of hydrogen product. The
effects are higher biogas feed costs, higher costs upstream the membrane reactor i.e. biogas compres-
sors, heat exchangers costs but lower membrane area costs. It is worthwhile to determine if the lower
membrane costs compensate the increase in the upstream costs. Therefore, in Base case & Cases
1.1 - 1.3, the biogas feed is varied to see how sensitive the membrane area is to the change in the load.

The LCOH obtained with varying biogas feed is shown in figure 5.1. The LCOH drops from 5.01 €/kg
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to 4.93 €/kg as the biogas feed changed from 10.5 to 9.75 kmol/h. This means that the reduction in
the upstream costs over-compensates the increase in the area costs. Furthermore, there is a minor
decrease in the carbon capture section costs downstream the membrane reactor due to the reduction
in the amount of feed.

Figure 5.1: Levelized cost of hydrogen with varying biogas feed flow rate.

As the case with the biogas feed of 9.75 kmol/h gives the lowest value of LCOH, the cases analysed
henceforth have a feed flow rate of 9.75 kmol/h as shown in table 5.7.

A higher sweep ratio requires lesser membrane surface area for a constant output, hence less mem-
brane costs as seen from the results presented in Appendix B. However, increase in the upstream and
downstream load due to a higher sweep ratio results in increase in equipment and operating costs.
In Base case & Case 2.1-2.3, the sweep ratio is varied to see the effect of these parameters to the
levelized cost of hydrogen.

Figure 5.2: Levelized cost of hydrogen with varying sweep ratio.

Figure 5.2 shows the LCOH obtained with varying sweep ratios. While reading the graphs it is im-
portant to keep in mind that the x-axis isn’t linear, to avoid misinterpretation of the results. The LCOH
increases from 4.29 to 7.68 €/kg for sweep ratio from 0.1 to 4, which means that the decrease in mem-
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brane costs doesn’t compensate the increase in equipment and operating costs for sweep generation
and separation from permeate. The percentage cost for the reforming section to the overall LCOH
increases from around 84% to 91% with increase in sweep ratio from 0.1 to 4.

The change in membrane surface area and hydrogen compression duty for different permeate pres-
sures is presented in figure 5.3. Therefore, determining a trade-off between increased membrane area
costs and decreased hydrogen compression costs for varying permeate pressure is interesting due to
the high pressure of hydrogen product required.

Figure 5.3: Membrane surface area vs hydrogen compressor duty for different permeate pressure.

Figure 5.4 shows the effect of changing permeate pressure on the LCOH. Increasing the permeate
pressure from 1.1 to 5 bar results in a decrease in LCOH. This means that the decrease in hydrogen
compression costs compensates the increase in membrane area costs. When increasing the pressure
from 5 to 7 bar, the increase in membrane area and therefore cost overpowers the decrease in hydrogen
compression costs.

Figure 5.4: Levelized cost of hydrogen with varying permeate pressure.

Furthermore, increasing the permeate pressure considerably reduces the dehydration unit’s oper-
ating cost as seen in figure 5.5. This is because as pressure increases, latent heat of condensation
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of water reduces and more water is removed in the knock-out drum. Therefore, the dehydration unit
needs to remove lesser amount of water than it had to at lower pressure, which reduces the operating
cost.

Figure 5.5: OPEX of hydrogen dehydration unit for different permeate pressure.

The effects of change in reactor pressure on the LCOH is also interesting to note. An increase in
the pressure results in increase in feed compression costs. However, it also increases the driving force
for hydrogen permeation through the membrane (permeate pressure being constant) and therefore re-
duces the area requirement (refer Appendix D) & cost.

Furthermore, with a higher reactor pressure i.e. higher inlet stream pressure to the carbon capture
unit, the compression cost for the carbon capture unit decreases. The effect of the interplay between
these variables on the LCOH is shown in figure 5.6. The reduced costs due to reduction in membrane
area and carbon capture unit costs compensates the increase in feed compression costs until (at least)
the studied reactor pressure range of 35 bar.

Figure 5.6: Levelized cost of hydrogen with varying reactor pressure.
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Figure 5.7: Cost changes in the reforming & carbon capture section with varying reactor pressure.

Figure 5.7 shows how the cost of the reforming section and the carbon capture unit change with
increasing reactor pressure. With increase in reactor pressure, the membrane area costs reduce (due
to the increase in driving force). However, the overall reduction in costs of the reforming section aren’t
significant due to the increase in compression costs as the reactor pressure increases. As the reactor
pressure increases, the line becomes less steeper i.e. the increase in the compression costs have a
higher effect compared to the reduction in membrane area costs. Furthermore, the reduction in the car-
bon capture costs are significant compared to the reforming section and the overall LCOH decreases.
For a reactor pressure greater than 35 bar, there may be a point where the reforming section cost
increases enough that the carbon capture section cost decrease doesn’t compensate the increase,
resulting in an increase in the overall LCOH.

5.3. (Local) Optimum result
From the sensitivity results, we expect to obtain the lowest LCOH of the cases investigated for a bio-
gas feed of 9.75 kmol/h, sweep ratio of 0.1, permeate pressure of 5 bar and reactor pressure of 35
bar. It is important to understand that the combination of these operating parameters may not result
in a lowest LCOH of all the cases investigated due to a number of interacting factors. A finite list of
combinations was formulated to determine to lowest LCOH obtainable, refer Appendix E. Results of
the (local) optimum process conditions are presented in table 5.8. The (local) optimum obtained is at
biogas feed flow rate of 9.75 kmol/h, reactor pressure of 35 bar, sweep ratio of 0.1 and a permeate
pressure of 1.1 bar. With a permeate pressure of 5 bar, the membrane area obtained from simulations
was infinitely high, therefore unfeasible. A permeate pressure of 1.1 bar compared to 5 bar results in a
higher driving force and therefore lesser membrane area. However, the hydrogen compression costs
are higher. The decrease in membrane costs overcompensates the increase in hydrogen compression
costs and therefore the (local) optimum is at these process conditions. The Aspen model for this pro-
cess is shown in Appendix A.

The total annual cost contribution of the (local) optimum process is shown in figure 5.8. Hydrogen
compression contributes to the highest costs. This result is expected due to the high fuelling pressure
requirement of 700 bar. Annual capital costs followed by the reforming costs are the next highest an-
nual cost contributors. The reforming cost is almost half the cost for hydrogen compression. Membrane
replacement, permeate dehydration, carbon capture, biogas input costs contribute to 10.5% of the total
annual costs in total. The break-down of these costs is presented in Appendix F.
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Table 5.8: (Local) Optimum conditions for the novel process.

Process conditions
Biogas feed, kmol/h 9.75
Reactor temperature, °C 600
Reactor pressure, bar 35
Steam-to-carbon ratio 3
Sweep ratio 0.1
Permeate pressure, bar 1.1
Biogas fuel, kmol/h 3.73

Results
LCOH, €/kg 4.26
Hydrogen produced, kg/day 1071
Global hydrogen recovery factor (%) 93.2
Global methane conversion (%) 99.9
Carbon capture rate (%) 72.13
Global efficiency (%) 66.07
Productivity, 𝑘𝑔/𝑚ኼ day 28.76
Area, 𝑚ኼ 37.34
Load-to-surface area, 𝑘𝑚𝑜𝑙/𝑚ኼ h 0.66
𝐶𝑂ኼ emitted (biogenic)ፚ, kg 𝐶𝑂ኼ/kg 𝐻ኼ 3.69
ፚ From furnace flue gas.

Figure 5.8: Contribution to total annual cost.

5.3.1. Sensitivity analysis on LCOH
To evaluate the effect of potential uncertainties in the main assumptions made to calculate the levelized
cost of hydrogen, a sensitivity analysis is performed for a finite list of parameters. The range of the
manipulated (input) variables and the reference values assumed for the previous calculations is shown
in table 5.9.
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Table 5.9: Manipulated variables range.

Reference value Rangeፚ

Membrane cost, €/𝑚ኼ 2500 1250 - 3750
Biogas cost, €/GJ 3.46 1.73 - 5.19
Electricity cost, €/kWh 0.105 0.0525 - 0.1575
Water cost, €/𝑚ኽ 0.350 0.175 - 0.525
After tax real rate of return, % 10 5 - 15
ፚ ± 50% from the default value.

Figure 5.9: LCOH sensitivity for cost variation of ± 50% from reference value.

Figure 5.9 shows that the LCOH is most sensitive to the water cost, followed by the electricity cost
and is least affected by the membrane cost. The cost of water and electricity for industry can vary
every year which might affect the LCOH of the process (Frédéric Michas, 2020). The after tax rate
of return can change due to a number of factors which are sometimes unpredictable (for example the
virus pandemic in 2020). A number of factors can change during the lifetime of the system and the
effects of these changes have to be kept in mind to decide if the system will be favourable throughout
its lifetime. Furthermore, the assumption in chapter 4 while selecting a configuration that the operating
costs will have a higher impact on the LCOH than the capital cost (area) holds true.

5.4. Comparison with reference
The feasibility of the novel system developed is determined by comparing the results obtained with the
results of the reference case. The objective of this section is to determine if decentralized bio-hydrogen
production (novel case) outperforms the centralized hydrogen production with hydrogen transport (ref-
erence case). The performance results of the reference case have been rounded off from 1071 kg/day
(which is 500 𝑁𝑚ኽ/h) to 1000 kg/day. Therefore, the novel system has also been scaled down to 1000
kg/day for the results to be comparable.

5.4.1. Techno-economic comparison
In addition to the two cases defined earlier, two other cases are defined for a holistic comparison. The
four cases compared in this section are centralized production with 𝐻ኼ transport (𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛),
centralized production with 𝐻ኼ transport + carbon capture (𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜), decentralized production
(𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛) and decentralized production with carbon capture (𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜).

Common cost values for MDEA 𝐶𝑂ኼ capture are taken from literature to define the reference case
with carbon capture. MDEA technology is considered because it is commonly adopted in the conven-
tional steam methane reforming processes in the industry for 𝐶𝑂ኼ capture. An estimate of the amount
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of 𝐶𝑂ኼ emitted by a SMR plant and the percentage of 𝐶𝑂ኼ captured by the MDEA technology are taken
from IEA (2017). A break-down of the LCOH values for both the systems are shown in figure 5.10.

Figure 5.10: Components of LCOH for the four cases.

As seen in table 5.10, the efficiency of the novel cases is higher than the reference cases. The in-
crease in efficiency is due to the intensivemembrane reactor reforming compared to the steammethane
reforming which has multiple process units, as expected. The efficiency of the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ decreases
around 1% compared to 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛. Comparing the baseline cases, the LCOH of the novel case
is approximately 40% lower than the reference case. With the carbon capture unit, the difference re-
duces to around 30%. This indicates that the carbon capture unit integrated with the reference system
is cheaper than the cryogenic carbon capture unit integrated with the novel system. Figure 5.10 con-
firms this conclusion as the orange bar in the second column is almost half the size of the orange bar in
the fourth column. The production cost for the reference case is 1.274 €/kg. The production cost of the
novel case is around 40% higher at 1.81 €/kg. However, the compression, storage & transport costs for
the reference system overpower the higher production and carbon capture costs of the novel system.
These costs are around 3.5 times the production costs at 4.4 €/kg. Transport distance assumed for the
calculation is 161 km (100 miles) (Katikaneni et al., 2014). 𝐶𝑂ኼ transport cost for the relevant cases
isn’t taken into consideration but it is assumed the increase in the LCOH for both the reference case
and novel case will be the same and won’t affect their relative feasibility.

Table 5.10: Comparison of key results.

Centralized production
with 𝐻ኼ transport
Reference case፛

Centralized production
with 𝐻ኼ transport &
𝐶𝑂ኼ capture
Reference case፜

Decentralized
on-site production
Novel case፛

Decentralized
on-site production
with 𝐶𝑂ኼ capture
Novel case፜

LCOH, €/kg 𝐻ኼ 5.67 5.98 3.51 4.19
Energy efficiency, % 61.64 <61.64 67.86 66.96

The attractiveness of the cases also depends on their carbon footprint i.e. 𝐶𝑂ኼ emissions of the
system. The next section compares the carbon emissions of these cases throughout the value chain.
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5.4.2. Carbon footprint comparison
An attempt to evaluate the 𝐶𝑂ኼ emissions for the entire value chain of the four cases presented in the
previous section is made. The value chain with the locations of 𝐶𝑂ኼ emissions of the two cases with
carbon capture is shown in Appendix G. The list of assumptions made to determine the 𝐶𝑂ኼ emissions
of the cases are as follows:

1. The transport mode for feed and products that need to be transported is pipeline transport.

2. The transport distance is 100 km for all substances except biogas. The transport distance for
biogas is negligible as the biogas production plant is assumed to be close to the refuelling station.

3. The pipeline transport emissions are 5 g 𝐶𝑂ኼ / tonne-km i.e. 5 grams of 𝐶𝑂ኼ will be emitted when
1 tonne of a substance is transported a distance of 1 km (ECTA, 2011).

4. To calculate the 𝐶𝑂ኼ emissions from biogas production, a number of assumptions are made.

• The biogas production plant was in operation before the novel process was commissioned.
• The biogas production plant produced exactly the same amount of biogas required by the
novel process.

• The biogas was used to generate electricity before but is now a feed for the novel process.
4082𝑚ኽ/day of biogas produces 7226 kWh/day of electricity as stated in Hanum et al. (2019)
and will be scaled linearly for this work.

• The electricity that was produced by the biogas before, is now taken from the grid (produced
with natural gas). Therefore, the 𝐶𝑂ኼ emissions from electricity production using natural gas
are considered the emissions of the biogas production plant.

5. The 𝐶𝑂ኼ emissions from hydrogen production for the reference system are 9 kg 𝐶𝑂ኼ/kg 𝐻ኼ (IEA,
2017).

6. For reference case with 𝐶𝑂ኼ emissions, the MDEA capture technology can capture 54.1% of the
𝐶𝑂ኼ emissions (IEA, 2017).

7. 𝐶𝑂ኼe emissions from electricity generation in The Netherlands as calculated on 1-1-2020 are 475
g 𝐶𝑂ኼ/kWh (Milieu centraal, 2020). The absolute 𝐶𝑂ኼ emissions are calculated depending on the
electricity consumption of the system in question.

The input-output specifications of the four cases are mentioned in table 5.11.

Table 5.11: Input-output specifications of the cases.

𝑅𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛ 𝑅𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ 𝑁𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛ 𝑁𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜
Feed, kg/kg 𝐻ኼ 3.33 3.33 7.56 (feed + fuel) 7.56 (feed + fuel)
Hydrogen product, kg/h 41.7 41.7 41.7 41.7
𝐶𝑂ኼ captured, kg 𝐶𝑂ኼ/kg 𝐻ኼ - 5.07 - 8.96
𝐶𝑂ኼ emitted, kg 𝐶𝑂ኼ/kg 𝐻ኼ 10.14 5.45 10 1.4

The 𝐶𝑂ኼ emissions across the value chain for all the processes along with the carbon avoidance cost
is shown in table 5.12 and a break-down of these values is shown in Appendix G. The reference case
has significantly higher emissions even after the carbon capture unit is integrated whereas the novel
case with carbon capture has comparatively low emissions (The positive 1.4 kg 𝐶𝑂ኼ/kg 𝐻ኼ emissions
are due to the electricity requirement of the process). The 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ reduces the 𝐶𝑂ኼ emissions by
approximately 90% compared to 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛. This is a favourable result considering the urgency
to reduce carbon emissions to mitigate global warming. The 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛ has net emissions lower than
the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛.

The CAC for 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ and 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ in comparison with 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛ is 66.1 €/𝑡𝑜𝑛 𝐶𝑂ኼ
and −169.33 €/𝑡𝑜𝑛 𝐶𝑂ኼ respectively. The negative avoidance cost for the latter is due to the lower
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LCOH and massive reduction in 𝐶𝑂ኼ emissions due to the utilisation of membrane-enhanced reforming
for hydrogen production and cryogenic carbon capture technology. TheCAC comparing the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜
with the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ is −441.98 €/𝑡𝑜𝑛 𝐶𝑂ኼ. The CAC comparing the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ with the
𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛ is 79.1 €/𝑡𝑜𝑛 𝐶𝑂ኼ, higher than the CAC for the reference cases at 66.1 €/𝑡𝑜𝑛 𝐶𝑂ኼ. How-
ever, the important takeaway from the CAC calculation is the negative cost of−169.33 €/𝑡𝑜𝑛 𝐶𝑂ኼ which
indicates that carbon capture isn’t actually a cost for the novel case if compared to the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛,
thanks to efficiency improvement. However, it is important to keep it mind that the 𝐶𝑂ኼ transport costs
aren’t included and which should be for a complete comparison.

Table 5.12: Comparison of carbon footprint of the different cases.

𝑅𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛ 𝑅𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ 𝑁𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛ 𝑁𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜
Net 𝐶𝑂ኼ emissions,
kg 𝐶𝑂ኼ/kg 𝐻ኼ 10.14 5.45 10 1.4

𝐶𝑂ኼ avoidance cost (CAC)ፚ,
€/ton 𝐶𝑂ኼ

- 66.1 - -169.33
-441.98፛
79.1፜

ፚ The baseline case is 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛ unless specified.
፛ The baseline case is 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜.
፜ The baseline case is 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛.

Although The Netherlands doesn’t have a explicit carbon tax in place at the moment, the govern-
ment as part of the Dutch ”climate agreement” has plans to implement a carbon tax system by January
2021 (Loyens & Loeff). According to a statement by the Dutch Government in June 2019, the car-
bon tax would likely start at 30 €/ton 𝐶𝑂ኼ in 2021 and rise to 150 €/ton 𝐶𝑂ኼ in 2030 (Federal News
Network, 2019). The Dutch government’s measures following the COVID-19 pandemic are uncertain,
however the EU Covid-19 recovery plan favouring sustainable and green economies and societies will
be favourable for the novel case.

Currently, the electricity is generated majorly from fossil sources. However, in the future there will
be a higher mix of renewable sources like wind and solar energy. The 𝐶𝑂ኼ emissions from renewable
sources is negligible and will result in lower and possibly negative 𝐶𝑂ኼ emissions for the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜.
Two future carbon emission scenarios with 20% and 40% (additional) integration of renewable sources
for electricity generation are shown in figure 5.11. The two future scenarios result in net negative emis-
sions for the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜. Such a scenario, if realized, will significantly benefit in the EU-ETS system.
The effective cost of hydrogen produced may drastically decrease as a result.

Figure 5.11: Future ፂፎᎴ emissions scenario.
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5.5. Conclusion
The (local) optimum LCOH for a capacity of 500 𝑁𝑚ኽ/ℎ (1071 kg/day) hydrogen is 4.26 €/𝑘𝑔 𝐻ኼ at
reactor temperature of 600 °C, reactor pressure of 35 bar, S/C of 3, sweep ratio 0.1, permeate pressure
of 1.1 bar and biogas feed of 9.75 kmol/h (valid at given assumption). The global HRF, global methane
conversion, carbon capture rate, global efficiency are 93.2%, 99.9 %, 72.13%, 66.07% respectively.
The major cost contributor is hydrogen compression cost followed by reforming cost due to the high
work and duty requirements. Furthermore, the assumption in chapter 4 that the operating costs will
have a higher impact on the LCOH than the capital cost holds true: the sensitivity of LCOH is highest
for water and electricity costs.

Comparing the optimum results of the novel case with the reference case for 1000 kg/day hydro-
gen production reveals that the novel case has a better thermodynamic and economic performance
and a lower carbon footprint. Four cases are defined i.e. centralized production with 𝐻ኼ transport
(𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛), centralized production with 𝐻ኼ transport + carbon capture (𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜), de-
centralized production (𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛) and decentralized production with carbon capture (𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜)
and the results are as follows:

Table 5.13: Comparison of novel and reference cases.

𝑅𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛ 𝑅𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ 𝑁𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛ 𝑁𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜
LCOH, €/kg 𝐻ኼ 5.67 5.98 3.51 4.19
Energy efficiency, % 61.64 <61.64 67.86 66.96
Net 𝐶𝑂ኼ emissions,
kg 𝐶𝑂ኼ/kg 𝐻ኼ 10.14 5.45 10 1.4

𝐶𝑂ኼ avoidance cost (CAC)ፚ,
€/ton 𝐶𝑂ኼ

- 66.1 - -169.33
-441.98፛
79.1፜

ፚ The baseline case is 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛ unless specified.
፛ The baseline case is 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜.
፜ The baseline case is 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛.

The LCOH of the novel cases is lower than the reference cases. The higher cost for the reference
cases is due to the high transportation costs of hydrogen. Furthermore, the efficiency of the novel
cases is higher than the reference cases due to the intensive membrane reactor reforming process
compared to the steam methane reforming process which has multiple process units.

The reference case has significantly higher emissions of 5.45 kg 𝐶𝑂ኼ/kg 𝐻ኼ, even after the carbon cap-
ture unit is integrated. The 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ reduces the 𝐶𝑂ኼ emissions by approximately 90% compared to
𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛ (down to 1.4 kg 𝐶𝑂ኼ/kg 𝐻ኼ). This is a favourable result considering the urgency to re-
duce carbon emissions to mitigate global warming. The important takeaway from the CAC calculation is
the negative cost of −169.33 €/𝑡𝑜𝑛 𝐶𝑂ኼ, comparing the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ with the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛, which
indicates that carbon capture isn’t actually a cost for the novel case if compared to the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛,
thanks to efficiency improvement. However, it is important to keep it mind that the 𝐶𝑂ኼ transport costs
aren’t included and which should be for a complete comparison.

The positive 1.4 kg 𝐶𝑂ኼ/kg 𝐻ኼ emissions are due to the electricity requirement of the process. Scenar-
ios with more penetration of renewable sources for electricity production are formulated to determine
the (probable) carbon footprint of the process in the future. A (additional) 20% and 40% integration of
renewable sources results in net negative carbon emissions of -0.66 kg 𝐶𝑂ኼ/kg 𝐻ኼ and -2.73 kg 𝐶𝑂ኼ/kg
𝐻ኼ respectively.





6
Exergy analysis

This chapter aims to analyze the design of the novel system developed. Optimization of the process
after the exergy analysis is out of scope for this work. The process with the most promising results,
described in table 5.8 is evaluated in this chapter.

6.1. Definition
Exergy is defined as ”the maximum amount of work obtainable when an energy carrier is brought from
its initial state to a state of thermodynamic equilibrium (an inert state) with the common substances
of the natural environment by means of reversible processes” (Szargut et al., 1987). In other words,
exergy defines the maximum amount of work that can be derived from a process when a substance
goes from an initial state to a reference state.

Following the definition, determining the reference state is a very important factor when performing
exergy analysis. The reference state conditions are usually the temperature and pressure conditions
of the ambient environment. Typical environment conditions are 𝑇፨ = 25 °C and 𝑝፨ = 1 atm.

6.2. Physical & chemical exergy
Exergy of a substance can generally be divided into physical exergy and chemical exergy. The physical
part comprises of heat, pressure, kinetic and potential exergies and the chemical part is mostly just the
chemical exergy of the substance. Generally assumptions are made so that physical exergy is only
related to temperature and pressure, then the exergy is a function of enthalpy, temperature and entropy.
When the kinetic and potential terms are ignored, the exergy flow is given by (Moran and Shapiro):

𝐸̇፩፡ = ℎ − ℎ፨ − 𝑇፨(𝑠 − 𝑠፨) (6.1)

where, h & s represent the enthalpy and entropy respectively, at inlet or outlet and ℎ፨ & 𝑠፨ represent
the respective values at the reference state.

As seen in the equation above, an increase in entropy of a substance through a process causes a
loss of exergy (available work) that can be obtained from the products. Entropy is the enemy of exergy
and will always win due to irreversiblilities (Gray and Schlup, 2019). Since physical exergy is a property
of enthalpy and entropy, it can easily be calculated for process streams knowing their temperature and
pressure conditions.

Chemical exergy is the maximum useful energy theoretically obtainable by a chemical process which
turns reactants into products that are in chemical equilibrium with the environment (Gray and Schlup,
2019). Chemical exergy only applies to chemical processes and not the temperature and pressure
surrounding the reactants and products. Since there is no single equilibrium state for the chemicals,
the final state (reference) must be determined. Generally, chemical exergy is determined in reference
to compositions found in the atmospheric air i.e. 𝑁ኼ, 𝑂ኼ, 𝐻ኼ𝑂, 𝐶𝑂ኼ. Once the reference composition
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is determined, a series of calculations are required to obtain exergy values of substances of interest.
However, these complexities can be sidestepped by using the table for standard molar chemical exergy
of (typical) substances by Moran and Shapiro, refer Appendix H.

6.3. Exergy calculation
To calculate the exergy efficiency using equation 3.24, we need to calculate the (useful) exergy out
and the total exergy into the process. The exergy out is the total exergy of hydrogen which can be
easily calculated knowing its temperature and pressure (physical exergy) and standard molar chemical
exergy values from Moran and Shapiro (chemical exergy). The exergy input to the process is majorly
total (physical + chemical) exergy of biogas and work.

Table 6.1: Reference state conditions.

Temperature, °C 25
Pressure, bar 1.01325
𝑂ኼ, % 21
𝑁ኼ, % 78
𝐻ኼ𝑂, % 0.96
𝐶𝑂ኼ, % 0.04

The assumptions for calculating the exergy are listed below:

1. Ideal-gas law.

2. Reference state for all the calculations is mentioned in table 6.1.

3. Kinetic and potential terms are ignored.

4. Physical exergy (exergy flow) values taken from REFPROP (verified by manual calculations,
Appendix I.

5. Chemical exergy values taken from Moran and Shapiro, refer Appendix H.

Table 6.2 shows the calculation results of the exergy flow of the process. After calculating the exergy
input values, the exergy of hydrogen and the exergy lost in 𝐶𝑂ኼ and flue gases, the exergy destroyed
is easily calculated by writing the exergy balance equation 6.2 (Dincer and Rosen, 2013). The exergy
efficiency of the process (𝐸̇ፇኼ/ 𝐸̇።፧) is calculated to be 65.1%which is quite close to the energy efficiency
value of 66.07 % (table 5.8). It is important to note that hydrogen has a smaller exergy content than its
lower heating value and methane has a larger exergy content than its lower heating value which result
in these values being close to each other.

𝐸𝑥𝑒𝑟𝑔𝑦 𝑖𝑛 = 𝐸𝑥𝑒𝑟𝑔𝑦 𝑜𝑢𝑡𝑝𝑢𝑡 𝑖𝑛 𝑝𝑟𝑜𝑑𝑢𝑐𝑡 + 𝐸𝑥𝑒𝑟𝑔𝑦 𝑙𝑜𝑠𝑡
+𝐸𝑥𝑒𝑟𝑔𝑦 𝑑𝑒𝑠𝑡𝑟𝑢𝑐𝑡𝑖𝑜𝑛 (6.2)

Table 6.2: Exergy flow results.

𝐸̇, kW 𝐸ፓ, kJ/kg 𝐸፩፡, kJ/kg 𝐸፜፡, kJ/kg
Percentage
of total ̇𝐸።፧, %

Temperature,
°C

Pressure,
bar

Mass flow
rate, kg/h

Exergy in 2409.87 100
Biogas feed 1438.32 20512.11 0.23 20511.88 59.68 35 1.01325 252.434
Biogas fuel 550.25 20512.11 0.23 20511.88 22.83 35 1.01325 96.57
Water (feed) 4.68 50.7 0.72 49.98 0.194 15 1.01325 331.98
Water (sweep) 0.61 50.7 0.72 49.98 0.025 15 1.01325 43.4
Work 405.4 16.82
Exergy out (Hydrogen) 1569.66 126627.8 8577.8 118050 65.1 30 700 44.625
Exergy lost 131.39 5.5
Carbon dioxide 77.39 675.58 218.61 456.97 3.2 30 110 412.3
Flue gases 54 232.53 62.97 169.56 2.3 65.27 1.9 836
Exergy destroyed 707.58 29.4
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Figure 6.1: Exergy in and out distribution of the system.

Figure 6.2: Grassmann diagram of novel system.
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Figure 6.1 graphically shows the distribution of exergies in and out of the system. The right half of
the pie displays the total exergy in and the left half displays the total exergy out. Biogas is the domi-
nant exergy input contributing to 82.51% of the total exergy in. Exergy of feed water and sweep water
contributes to a negligible fraction of total exergy in. Majority of the exergy out is carried by hydrogen
followed by exergy destroyed due to irreversibilities within the system. The exergy of 𝐶𝑂ኼ cannot be
recovered as it is sequestered. The exergy of flue gas is the lowest exergy out. The temperature of
these gases is 65 °C as seen in table 6.2 i.e. most of the exergy is already recovered into the system.
First law analysis would lead to a conclusion that most of the heat is lost by the flue gas whereas ex-
ergy destruction is the major part of the exergy unused. The exergy distribution illustrated the utility of
exergy analysis where these results could help make improvements in the design to reduce unused
exergies.

Figure 6.2 represents the Grassmann (exergy) diagram for the novel process developed. The ar-
rows at the upper side correspond to exergy loss of the system whereas the arrows at the lower side
correspond to exergy destroyed across each components.

6.4. Conclusion
The exergy efficiency of the process is calculated to be 65.1%. For the calculation, physical exergy
is taken from REFPROP and chemical exergy from standard molar chemical exergy values by Moran
and Shapiro presented in Appendix H. Major fraction of exergy input is due to biogas feed and fuel at
82.51 %, most of the remaining is work input. Exergy destruction is the major exergy unused at 29.4%.
Most of the exergy of flue gas is recovered and the flue gas is released into the atmosphere at 65 °C,
resulting in an exergy loss of 2.3%. 3.2 % exergy of 𝐶𝑂ኼ cannot be recovered as it is sequestered. First
law analysis would lead to a conclusion that most of the heat is lost by the flue gas whereas exergy
destruction is the major part of the exergy unused.
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Conclusion and recommendations

Overall, the decentralized membrane reforming system’s result is more attractive than the centralized
steam methane reforming system.

Three configurations for the novel case have been developed i.e. process with carbon capture unit
before the reforming section, process with carbon capture unit after the reforming section without recy-
cle stream and process with carbon capture unit after the reforming section with recycle stream. The
process with carbon capture unit after the reforming section without recycle stream (configuration 2)
was chosen due to its lower process complexity and superior efficiency for further levelized cost of
hydrogen and 𝐶𝑂ኼ avoidance cost evaluation. The thermodynamic performance of this configuration
is better than the other two with comparable global hydrogen recovery factor and the global methane
conversion and higher carbon capture rate and global efficiency. Furthermore, the overall cost of this
configuration was expected to be lower assuming the operating expenditure would have a larger im-
pact on the cost than the capital expenditure. The results of this configuration, after optimization are
compared to the reference case.

The energy efficiency and carbon capture rate of the decentralized system (𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜) are 66.07%
& 72.13%, higher compared to 61.64% & 54.1% for the centralized system (𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜). The
exergy efficiency of the process is 65.1%, very close to the energy efficiency suggesting a good pro-
cess design. Major fraction of exergy unused was exergy destroyed at 29.4%. The total LCOH of the
𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ is 5.98 €/kg 𝐻ኼ and the total LCOH of the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ is 4.19 €/kg 𝐻ኼ. The higher
cost for the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ is due to the high transportation costs of hydrogen. Furthermore, the
hydrogen production cost of the reference system is 1.27 €/kg 𝐻ኼ whereas the novel system is only
slightly higher at 1.81 €/kg 𝐻ኼ.

The modelling results also revealed that the novel system has a potential of relatively inexpensive
carbon capture. Addition of a carbon capture unit increases the LCOH from 3.51 €/kg to 4.19 €/kg,
which means that the carbon capture unit costs 0.68 €/ kg 𝐻ኼ. Furthermore, the energy efficiency drop
is roughly 1%, which is a low penalty for a carbon capture unit. This favourable result is due to the high
methane conversion of the system which results in low impurities in the retentate and therefore efficient
capture of 𝐶𝑂ኼ. Another noteworthy outcome of the research was that the hydrogen purity obtained
from the membrane reactor wasn’t sufficient for the FCV application. A molecular sieve dehydration
unit was integrated into the system at an approximate cost of 0.4 €/kg 𝐻ኼ to remove 0.15 kg 𝐻ኼ𝑂/kg
𝐻ኼ.

Comparing the carbon emissions of the cases. The reference case has higher 𝐶𝑂ኼ emissions than
the novel case, with and without the carbon capture unit. The 𝐶𝑂ኼ emissions of the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛
are unreasonably high at 10.14 kg 𝐶𝑂ኼ/kg 𝐻ኼ. Integrating the carbon capture unit nevertheless results
in considerably high 𝐶𝑂ኼ emissions for the reference case at 5.45 kg 𝐶𝑂ኼ/kg 𝐻ኼ owing to the low carbon
capture rate of the MDEA capture unit. Although the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፛ has similar emissions (10 kg 𝐶𝑂ኼ/kg
𝐻ኼ) to the equivalent reference system, integrating the carbon capture unit results in extremely low
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emissions at 1.4 kg 𝐶𝑂ኼ/ kg 𝐻ኼ, approximately 90% lower as compared to 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፛. This is a
favourable result considering the urgency to reduce carbon emissions to mitigate global warming.

The positive 1.4 kg 𝐶𝑂ኼ/kg 𝐻ኼ emissions are due to the electricity requirement of the process. Fu-
ture scenarios with (additional) 20% and 40% integration of renewable sources into the electricity mix
will result in -0.66 kg 𝐶𝑂ኼ/kg 𝐻ኼ and -2.73 kg 𝐶𝑂ኼ/kg 𝐻ኼ emissions respectively for the 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜.
Systems with near-zero and/or negative emissions will be essential for The Netherlands to meet its
climate policy to reduce greenhouse gas emissions by 49% by 2030 compared to 1990 levels and a
90% reduction by 2050 (Government of the Netherlands, 2019).

Future prospects to deepen the research are as follows:

• A more integrated optimization of the process taking into account the performance of both the
membrane reforming section and the carbon capture unit. For example, analyzing the effect of
change in reforming temperature on the carbon capture unit.

• Optimization of the carbon capture unit with sensitivity on the cryogenic temperature and pressure
conditions.

• Further research on the process with carbon capture before the membrane reactor.

– The configuration showed superior productivity.
– If coke formation is modelled in the membrane reactor, this configuration is expected to have
a better performance compared to the others.

• The effect of the carbon tax and the EU-ETS on the attractiveness of the novel system should be
considered to access the business case of the technology.

• Optimization based on the exergy analysis to reduce the exergy destruction of the system.

• It will be interesting to compare the fixed bed design with a fluidized bed design by modelling,
since contrasting information are available in literature.
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A
Aspen models

The aspen model for the optimum process and the three configurations developed is shown here.
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Figure A.1: Aspen model of Configuration 1: process with carbon capture unit before the reforming section.
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Figure A.2: Aspen model of Configuration 2: process with carbon capture unit after the reforming section without recycle
stream.
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Figure A.3: Aspen model of Configuration 3: process with carbon capture unit after the reforming section with recycle stream.
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Figure A.4: Aspen model of the optimum process.



84 A. Aspen models

The carbon capture unit of the optimum process shown in figure A.4 is expanded in figure A.5.

Figure A.5: Aspen model of the carbon capture unit of the optimum process.



B
Performance results of the three

configurations

The results of the three configurations based on the cases formulated in chapter 4 are represented
here. The sensitivity of KPIs towards change in the process parameters is described.

B.1. Process with carbon capture unit before the membrane reac-
tor

The performance values of different cases for this process will be compared and the trends will be
analysed to see how changing certain parameters affects the performance of the process.

B.1.1. Sweep ratio: Base case, Case 2.1, Case 2.2 & Case 2.3
The following graphs B.1 & B.2 display the global hydrogen recovery factor & carbon capture rate vs
productivity for different sweep ratios.

Figure B.1: Global hydrogen recovery factor vs productivity for different sweep ratios, varying biogas feed from 9.75 to 10.5
kmol/h.
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Figure B.2: Carbon capture rate vs productivity for different sweep ratios, varying biogas feed from 9.75 to 10.5 kmol/h.

Considering the global HRF for sweep ratio 0.5 in figure B.1 as a reference, we can see that as
the productivity increases the HRF decreases. Productivity is the ratio of hydrogen output to the mem-
brane surface area. As the hydrogen output is constant in all the cases, this in turn means that the HRF
decreases with decrease in area, as expected. A higher HRF is obtained with lower biogas flow rate
(one would expect to achieve a higher HRF with higher biogas flow rate but that is not the case here be-
cause the hydrogen output of the process is constant as mentioned earlier.) However, the membrane
surface area is larger compared to the HRF value for biogas feed of 10.5 kmol/h. It is expected that the
operating expenditure will have a higher impact on the economics than the capital expenditure. Gen-
erally, the membrane cost is considered to be a dominant factor for membrane reforming. However,
the membrane cost for this work is selected assuming sufficient technological advancements that rea-
sonably bring down the cost of the membrane. The productivity decrease (area increase) for the lower
biogas flow rate isn’t very large. Therefore, a higher HRF value with lower productivity is expected to
be a better choice. For example, for a sweep ratio of 0.5 a HRF of 93.15% with a productivity of 42.70
𝑘𝑔/𝑚ኼ day is preferred over a HRF of 86.5% with productivity of 47.58 𝑘𝑔/𝑚ኼ day.

Furthermore, if we compare the results of different sweep ratios, we see that a higher sweep ratio
gives a better performance. This is because, although the HRF values do not increase, the productivity
increases (area decreases). This is because a higher sweep ratio results in a higher driving force for
hydrogen permeation through the membrane, thereby requiring less surface area for the same hydro-
gen product. Hence, a higher sweep ratio should be selected. However, as seen in figure B.5, the
decrease in area for higher sweep ratios is not so significant. Furthermore, a higher sweep ratio would
mean more costs to generate steam and in turn to separate the hydrogen product from the permeate
stream. Figures B.3, B.4 & B.5 show the change in work, duties and area w.r.t the sweep ratio for a
biogas feed flow rate of 10.5 kmol/h (Base case). The trend for other values of biogas flow rate is the
same, therefore only one case is shown.
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Figure B.3: Work & duties (reforming section) for different sweep ratios with biogas feed of 10.5 kmol/h.

Figure B.4: Total Work & duties of the process for different sweep ratios with biogas feed of 10.5 kmol/h.
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Figure B.5: Membrane surface area vs sweep ratio.

A detailed economic analysis should be performed to determine the best trade-off between reduced
membrane area cost vs increased sweep generation & permeate separation costs. This analysis is
done in chapter 5, section 5.2.2. A similar trend for the carbon capture rate w.r.t. the sweep ratios is
seen in figure B.2 with values ranging from approximately 60.5% to 66% for biogas feed 10.5 to 9.75
kmol/h respectively.

The following graphs B.6 & B.7 display the global methane conversion & global efficiency vs productivity
for different sweep ratios.

Figure B.6: Global methane conversion vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.7: Global efficiency vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.

The global methane conversion w.r.t. sweep ratios also has a similar trend like the global HRF and
carbon capture rate. However, the change in value for different biogas flow rates isn’t very significant.
The values range from 99.72% to 99.77% for biogas flow rates of 10.5 to 9.75 kmol/h, see figure B.6.
One would expect the methane conversion to increase with the increase in biogas flow rate. However,
it is important to remember that the hydrogen output is constant, which means a biogas flow rate of
10.5 kmol/h will require a lesser conversion than a biogas flow rate of 9.75 kmol/h for the same output
of hydrogen. Furthermore, as expected, the global efficiency decreases with increase in the sweep
ratio. The efficiency with sweep ratio 4 is considerably low (between 32% to 35%).

In conclusion, assuming the operating expenditure will have a larger impact on the cost of hydrogen,
a lower sweep ratio should be chosen and a lower biogas feed (i.e. 9.75 kmol/h) for low levelized cost
of hydrogen.

B.1.2. Recycle ratio: Base case & Case 3.1

The performance of this process is analysed when changing the recycle ratio (RR). A recycle ratio lower
than 0.5 results in undesirably low carbon capture rates and therefore not worth considering.
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Figure B.8: Global hydrogen recovery factor vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.9: Carbon capture rate vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5 kmol/h.

The hydrogen recovery factor for both the cases i.e. recycle ratio 0.9 and 0.5 is the same because
the hydrogen output as well as the biogas flow rates for the cases is the same, see figure B.8. However,
the productivity for RR 0.9 is higher. This means that the area required for the same output of hydrogen
is lower. This is because with a higher RR, more amount of un-permeated hydrogen from the retentate
side is fed back into the membrane reactor resulting in a higher driving force for permeation at the inlet.
However, higher RR means more amount of recycle stream to be handled resulting in higher operating
costs (figure B.14). The per-pass hydrogen recovery factor changes with recycle ratio as shown in
figure B.10 unlike when the sweep ratio or the permeate pressure is changed. The per-pass HRF is
higher for a lower RR with the same logic as explained for the global HRF.
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Figure B.10: Per-pass hydrogen recovery factor vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.11: Per-pass methane conversion vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5
kmol/h.

In case of the carbon capture rate, figure B.9, a lower RR captures considerably lesser 𝐶𝑂ኼ. This
is because, the carbon capture unit is before the membrane reactor & there is considerable amount of
𝐶𝑂ኼ produced in the membrane reactor. Which means, if a lower percent of the produced 𝐶𝑂ኼ (retentate
stream) is recycled to the carbon capture unit, a lower carbon capture rate is achieved. Furthermore,
a higher RR results in a higher productivity with the same logic as explained before. Considering all
aspects, a higher RR is preferred.
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Figure B.12: Global methane conversion vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5 kmol/h.

Figure B.13: Global efficiency vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5 kmol/h.

A similar trend can be seen for the global methane conversion for different RR, figure B.12. The
per-pass methane conversion is also shown in B.11. A higher global efficiency for RR of 0.5 is expected
as the work & duties required will be lower, considering a lower flow rate. However, the increase in ef-
ficiency is not substantial. A case with RR of 0.9 and biogas feed of 9.75 kmol/h gives better efficiency
than a case with RR of 0.5 and biogas feed of 10.5 kmol/h.

The work required, heating and cooling duties for the different recycle ratios is shown is figure B.14,
B.15 & B.16 for the overall process, the reforming section and the carbon capture section respectively.
These values are for a biogas feed flow rate of 10.5 kmol/h.
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Figure B.14: Total work & duties of the process for different recycle ratios with biogas feed of 10.5 kmol/h.

Figure B.15: Work & duties (reforming section) for different recycle ratios with biogas feed of 10.5 kmol/h.
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Figure B.16: Work & duties (carbon capture unit) for different recycle ratios with biogas feed of 10.5 kmol/h.

A higher RR results in better performance for most of the performance indicators and the efficiency
values aren’t significantly different, however the heating and cooling duties are higher. A higher RR will
be preferable in terms of economics if the reduction is area costs is more than the increase in cost of
duty required. Keeping in mind the unacceptably low carbon capture rates for lower RR, a higher RR
is preferred even at higher costs.

B.1.3. Permeate pressure: Base case, Case 4.1, Case 4.2 & Case 4.3

The trend for global HRF, carbon capture rate, global methane conversion is very similar to the cases
with changing sweep ratios (Base case, case 2.1 to 2.3).

Figure B.19 shows the methane conversion for different permeate pressures. A higher biogas flow
rate gives a lower conversion. This is because the amount of hydrogen output is the same for all the
cases, an a higher biogas feed will mean a lower percentage of hydrogen produced and in turn a lower
methane conversion. Therefore, for better conversions a lower biogas flow rate should be chosen.
However, this results in a slight decrease in productivity (increase in area) because of lower driving
force. It is assumed that the increase in methane conversion can compensate the increase the area
required as the increase in area isn’t significant.
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Figure B.17: Global hydrogen recovery factor vs productivity for different permeate pressures varying biogas feed from 9.75 to
10.5 kmol/h.

Figure B.18: Carbon capture rate vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5 kmol/h.

Furthermore, when comparing different permeate pressures, it can be seen that a lower permeate
pressure results in a higher productivity. This means a lower area owing to the fact that the partial
pressure difference of hydrogen between the feed and the permeate side in higher. A higher difference
in pressure requires a lesser amount of area for the same hydrogen output.

However, a lower permeate pressure will mean high hydrogen compressor load resulting in lower ef-
ficiencies (figure B.20). As the hydrogen needs to be compressed to 700 bar, even a slight increase
in the permeate pressure may result in a considerably lower compressor load, resulting in higher ef-
ficiency. A trade-off between increase in area cost and decrease in hydrogen compression cost is
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needed to determine the optimum permeate pressure, refer chapter 5, section 5.2.2. The membrane
area and hydrogen compression work required for different permeate pressures is shown in figure B.21.
The process work and duties required for different permeate pressures at biogas feed flow rate of 10.5
kmol/h is shown in B.22.

Figure B.19: Global methane conversion vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.20: Global efficiency vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.21: Membrane surface area vs hydrogen compression work for different permeate pressures.

Figure B.22: Total Work & duties of the process for different permeate pressures with biogas feed of 10.5 kmol/h.

The global methane conversion and the global hydrogen recovery factor have the same range for
the different cases. The is because the hydrogen output and the biogas feed flow rates are the same
for all, which result in the same values.

B.2. Process with carbon capture unit after the membrane reactor:
without recycle of off-gases

For this configuration too, similar graphs are presented. The trends for most of the performance indi-
cators are the same. Therefore, elaborate explanations aren’t provided.
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B.2.1. Sweep ratio: Base case, Case 2.1, Case 2.2 & Case 2.3

Figure B.23: Global hydrogen recovery factor vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.24: Carbon capture rate vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.25: Per-pass hydrogen recovery factor vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5
kmol/h.

With no recycle stream, the global and per-pass values for the HRF and methane conversion are
expected to be same. However, the global and per-pass HRF aren’t the same. This is because, some
percentage of hydrogen is lost in the dehydration unit upstream the membrane reactor. Therefore, the
per-pass hydrogen recovery across the membrane reactor is higher than the global hydrogen recovery.
The per-pass HRF is shown in figure B.25. The same trends for the HRF is obtained for the permeate
pressure.

Figure B.26: Global methane conversion vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.27: Global efficiency vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.

Figure B.28: Work & duties (reforming section) for different sweep ratios with biogas feed of 10.5 kmol/h.
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Figure B.29: Total Work & duties of the process for different sweep ratios with biogas feed of 10.5 kmol/h.

Figure B.30: Membrane surface area vs sweep ratio.
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B.2.2. Permeate pressure: Base case, Case 4.1, Case 4.2 & Case 4.3

Figure B.31: Global hydrogen recovery factor vs productivity for different permeate pressures varying biogas feed from 9.75 to
10.5 kmol/h.

Figure B.32: Carbon capture rate vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.33: Global methane conversion vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.34: Global efficiency vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.35: Membrane surface area vs hydrogen compression work for different permeate pressures.

Figure B.36: Total Work & duties of the process for different permeate pressures with biogas feed of 10.5 kmol/h.

B.3. Process with carbon capture unit after the membrane reactor:
with recycle of off-gases

For this configuration too, similar graphs are presented. The trends for most of the performance indi-
cators are the same. Therefore, elaborate explanations aren’t provided.
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B.3.1. Sweep ratio: Base case, Case 2.1 & 2.2 & Case 2.3

Figure B.37: Global hydrogen recovery factor vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.38: Carbon capture rate vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.39: Global methane conversion vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.

Figure B.40: Global efficiency vs productivity for different sweep ratios varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.41: Work & duties (reforming section) for different sweep ratios with biogas feed of 10.5 kmol/h.

Figure B.42: Total Work & duties of the process for different sweep ratios with biogas feed of 10.5 kmol/h.
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Figure B.43: Membrane surface area vs sweep ratio.

B.3.2. Recycle ratio: Base case & Case 3.1

Figure B.44: Global hydrogen recovery factor vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5
kmol/h.
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Figure B.45: Carbon capture rate vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5 kmol/h.

Figure B.46: Per-pass hydrogen recovery factor vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5
kmol/h.
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Figure B.47: Per-pass methane conversion vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.48: Global methane conversion vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5 kmol/h.



B.3. Process with carbon capture unit after the membrane reactor: with recycle of off-gases 111

Figure B.49: Global efficiency vs productivity for different recycle ratios varying biogas feed from 9.75 to 10.5 kmol/h.

Figure B.50: Total Work & duties of the process for different sweep ratios with biogas feed of 10.5 kmol/h.
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B.3.3. Permeate pressure: Base case, Case 4.1, Case 4.2 & Case 4.3

Figure B.51: Global hydrogen recovery factor vs productivity for different permeate pressures varying biogas feed from 9.75 to
10.5 kmol/h.

Figure B.52: Carbon capture rate vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.53: Global methane conversion vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5
kmol/h.

Figure B.54: Global efficiency vs productivity for different permeate pressures varying biogas feed from 9.75 to 10.5 kmol/h.
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Figure B.55: Membrane surface area vs hydrogen compression work for different permeate pressures.

Figure B.56: Total Work & duties of the process for different permeate pressures with biogas feed of 10.5 kmol/h.

The three tables below B.1, B.2, B.3 present all the simulation results of the three configurations de-
signed for easier comparison.

Table B.1: Results of configuration 1.

Carbon capture unit before membrane reactor

Biogas flow
rate, kmol/h

Global
HRF,
%

Global
methane
conversion,
%

Carbon
capture
rate, %

Global
efficiency,
%

Productivity,
kg/m2 day
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Table B.1: Results of configuration 1.

Carbon capture unit before membrane reactor

Base case

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

60.50
62.63
64.32
66.20

44.33
46.56
48.72
51.10

52.17
51.16
49.70
47.26

Case 2.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

60.50
62.63
64.32
66.20

51.47
54.15
57.03
60.24

39.55
38.49
36.93
34.30

Case 2.2

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

60.50
62.63
64.32
66.20

48.45
50.82
53.35
56.15

47.58
46.58
45.12
42.70

Case 2.3

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

60.50
62.63
64.32
66.20

31.92
32.93
33.99
35.11

60.65
59.60
58.06
55.48

Case 3.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

38.01
38.91
39.94
41.31

48.28
49.33
50.43
51.59

48.27
47.54
46.62
45.31

Case 4.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

60.50
62.63
64.32
66.20

45.59
47.68
49.90
52.34

38.36
37.46
36.17
34.10

Case 4.2

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

60.50
62.63
64.32
66.20

45.79
47.89
50.12
52.59

27.41
26.62
25.51
23.79

Case 4.3

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.72
99.75
99.76
99.77

60.50
62.63
64.32
66.20

45.92
48.04
50.30
52.78

17.47
16.82
15.92
14.62

Table B.2: Results for configuration 2.

Carbon capture unit after membrane reactor without recycle

Biogas flow
rate, kmol/h

Global
HRF,
%

Global
methane
conversion,
%

Carbon
capture
rate, %

Global
efficiency,
%

Productivity,
kg/m2 day

Base case

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

96.37
97.86
99.16
99.93

70.43
70.85
71.51
72.44

50.93
51.36
51.79
52.13

44.38
43.75
42.94
41.69

Case 2.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

96.37
97.86
99.16
99.93

70.43
70.85
71.51
72.44

58.47
59.04
59.62
60.06

31.36
30.67
29.80
28.48

Case 2.2

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

96.37
97.86
99.16
99.93

70.43
70.85
71.51
72.44

54.86
55.36
55.87
56.75

39.85
39.23
38.45
37.24
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Table B.2: Results for configuration 2.

Carbon capture unit after membrane reactor without recycle

Case 2.3

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

96.37
97.86
99.16
99.93

70.43
70.85
71.51
72.44

35.77
35.97
36.18
36.34

52.53
51.85
50.97
49.56

Case 3.1 - - - - - -

Case 4.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

96.37
97.86
99.16
99.93

70.43
70.85
71.51
72.44

51.47
51.91
52.35
52.69

31.36
30.84
30.19
29.24

Case 4.2

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

96.37
97.86
99.16
99.93

70.43
70.85
71.51
72.44

51.72
52.16
52.61
52.94

21.11
20.69
20.19
19.48

Case 4.3

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

96.37
97.86
99.16
99.93

70.43
70.85
71.51
72.44

51.87
52.31
52.76
53.10

11.89
11.57
11.21
10.73

Table B.3: Results of configuration 3.

Carbon capture unit after membrane reactor with recycle

Biogas flow
rate, kmol/h

Global
HRF,
%

Global
methane
conversion,
%

Carbon
capture
rate, %

Global
efficiency,
%

Productivity,
kg/m2 day

Base case

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

64.80
66.50
68.28
70.16

44.40
46.21
48.17
50.30

50.52
49.31
47.58
44.78

Case 2.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

64.80
66.50
68.28
70.16

49.99
52.31
54.86
57.65

37.91
36.65
34.83
31.86

Case 2.2

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

64.80
66.50
68.28
70.16

47.34
49.10
51.66
54.13

45.92
44.72
42.99
40.21

Case 2.3

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

64.80
66.50
68.28
70.16

32.49
33.41
34.40
35.44

59.02
57.78
55.97
53.05

Case 3.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

63.36
65.06
66.84
68.72

48.88
49.83
50.81
51.93

45.53
44.72
43.72
42.33

Case 4.1

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

64.80
66.50
68.28
70.16

44.82
46.67
48.67
50.84

36.66
35.55
33.98
31.51

Case 4.2

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

64.80
66.50
68.28
70.16

45.00
46.85
48.87
51.06

25.59
24.58
23.16
21.00
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Table B.3: Results of configuration 3.

Carbon capture unit after membrane reactor with recycle

Case 4.3

10.5
10.25
10.00
9.75

86.50
88.61
90.82
93.15

99.88
99.89
99.91
99.95

64.80
66.50
68.28
70.16

45.11
46.98
49.00
51.21

15.39
14.48
13.22
11.40





C
Pinch analysts: T-Q curves

The T-Q diagrams (composite curves) obtained for the pinch analysis performed in chapter 4 are pre-
sented here.

Figure C.1: T-Q diagram.

Figure C.2: Shifted T-Q diagram.
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D
Results of the cases formulated for

LCOH optimization

The key performance indicators for the different cases formulated in chapter 5 are presented here. A
summary table with the LCOH and all the performance indicators is also presented for easy comparison.

The results obtained with varying biogas feed is shown in figure D.1. The KPIs are nearly constant
with slight increase in membrane surface area and efficiency & slight decrease in productivity with
decrease in the biogas feed.

Figure D.1: KPI results with varying biogas feed flow rate.

Figure D.2 shows the results obtained with varying sweep ratios. While reading the graphs it is
important to keep in mind that the x-axis isn’t linear, to avoid misinterpretation of the results. The KPIs
are fairly constant except a decrease in efficiency and area with increase in sweep ratio, and therefore
an increase in productivity.
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Figure D.2: KPI results with varying sweep ratio.

Figure D.3 show the KPI values for different permeate pressure. The KPI values are fairly constant
except that the membrane surface area required increases considerably with increase in permeate
pressure.

Figure D.3: KPI results with varying permeate pressure.

Increasing the reactor pressure increases the driving force for hydrogen permeation through the
membrane (permeate pressure being constant). Therefore, the membrane area required reduces in-
creasing the productivity, figure D.4.
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Figure D.4: KPI results with varying reactor pressure.

A summary of the results of these cases is shown in table D.1 below. The ninth column lists the
𝐶𝑂ኼ released from the furnace which isn’t captured in the system.
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E
Cases formulated for (local) optimum

process determination

Table E.1: Formulated cases to determine the optimum process conditions.

Case Sweep ratio
Permeate
pressure,
bar

Reactor
pressure,
bar

LCOH,
€/𝑘𝑔

1 0.1 5 30 -
2 0.1 3 30 4.985
3 0.5 5 30 4.694
4 1 5 30 4.604
5 0.1 1.1 35 4.260
6 0.1 3 35 4.534
7 0.1 5 35 -
8 0.5 5 35 4.466
9 1 4 35 4.540
10 1 5 35 4.529
11 1 6 35 4.555

The process conditions and the LCOH of the formulated cases are shown here. For case 1 & 7, the
driving force for hydrogen permeation was too low resulting in a very large membrane area required.
Hence, they are not feasible options. The lowest levelized cost of hydrogen obtained was for case 5.
The LCOH of this case is slightly lower than Case 2.1 in table 5.7 because of the increase driving force
due to the higher partial pressure difference leading to a lower membrane surface area required.
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F
Break-down of cost components for the

(local) optimum process
In the table below, the break-down of the CAPEX and OPEX is presented which contribute to the
levelized cost of hydrogen.

Table F.1: Economic analysis of the (local) optimum process.

Cost (€)
Capital expenditure (CAPEX)
Reforming section
Biogas compressor 42210
Biogas heater 1230
Water pump 12587
Boilers 13566
Sweep pump 10789
Pre-reformer 19439
Membrane reactor 75607
Membrane tubes 93098
Furnace 13498
Knock-out drum 25111
Dehydration unit (2) 360000
Hydrogen compressor 144517
Air blower 5962
N2 blower 1798
Nitrogen heater 947
Additional heat exchangers 10221
Hydrogen storage 146874
Carbon capture section
Heat exchangers 4827
Knock-out drum(s) 50222
Compressor 3596
Refrigeration unit 499233
𝐶𝑂ኼ pump 12587
Total component cost (TCC) 1547919
Total plant cost (TPC) 1934898

Total CAPEX 2757231

Annual cost (OPEX)
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Biogas feed 55493
Biogas fuel 21230
Water feed 2766
Sweep feed 362
Electricity 346452
Cooling water 555726
Reforming catalyst 34031
Membrane replacement 27930
Molecular sieves 839
Refrigeration unit 40338
O&M 110289
Annual insurance and tax 96503
Annual capital cost 373881

Total annual cost 1665840

Hydrogen cost (€/kg) 4.26

The cost figures are presented graphically to get a better perspective of the values compared to
each other. The site assembly, installation costs are a major fraction (44%) of the total CAPEX as seen
in figure F.1. Figure F.2 shows the contribution to total component cost ignoring the miscellaneous site
assembly, installation costs etc. The figure shows that the carbon capture unit is the major contributor to
the total component cost followed by permeate dehydration and reforming. The permeate dehydration
in figure F.1 & F.3 includes permeate cooling, condensation and separation of water in a knock-out drum
and also the dehydration & purification of hydrogen in the molecular sieves unit. The break-down of
the permeate dehydration section for both CAPEX and OPEX is shown in figure F.4 & F.5 respectively.
The hydrogen compressor and storage costs together account for roughly 19 % of the total component
cost.

Figure F.1: Contribution to capital expenditure.
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Figure F.2: Contribution to total component cost.

As seen in figure F.3, hydrogen compression is the major contributor to the annual operating cost
at 45.8% followed by the reforming section at roughly 24.3%. The cooling water and electricity costs
are the major contributors to the annual operating costs as seen in table F.1. The cooling water and
electricity required for compression comprising of the largest portion. The reforming costs include
biogas feed and fuel costs, biogas compression costs (electricity and cooling water), steam generation
costs for feed, initial membrane tube cost & catalyst costs. The high costs for hydrogen compression
are expected as hydrogen needs to be compressed to a high pressure of 700 bar.

Figure F.3: Contribution to annual costs.
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Figure F.4: Break-down of permeate dehydration
component cost.

Figure F.5: Break-down of permeate dehydration
annual operating cost.

The figures above show that the molecular sieves dehydration unit is the major cost factor in per-
meate dehydration. The high component cost is because it contains two columns, heat exchanger(s),
blower(s) whereas the other part contains only heat exchangers for cooling and a knock-out drum to
remove most of the water. The operating costs are high due to the intensive dehydration and regener-
ation processes requiring molecular sieves, purging etc.



G
Break-down of 𝐶𝑂2 emissions of the four

cases

The value chain for the 𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑐𝑎𝑠𝑒፜ and 𝑛𝑜𝑣𝑒𝑙 𝑐𝑎𝑠𝑒፜ with locations of 𝐶𝑂ኼ emissions is shown
in the following figures. Later, the quantitative break-down of the 𝐶𝑂ኼ emissions of the four cases
formulated in chapter 5 is presented.

Figure G.1: Value chain of ፫፞፟፞፫፞፧፜፞ ፜ፚ፬፞ᑔ with locations of ፂፎᎴ emissions.
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132 G. Break-down of 𝐶𝑂ኼ emissions of the four cases

Figure G.2: Value chain of ፧፨፯፞፥ ፜ፚ፬፞ᑔ with locations of ፂፎᎴ emissions.
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H
Standard molar chemical exergy of

selected substances

Table H.1: Standard Molar Chemical Exergy, (kJ/kmol), of selected Substances at 298 K and ፩Ꮂ.

Substance Formula Model Iፚ Model II፛

Nitrogen 𝑁ኼ(g) 640 720
Oxygen 𝑂ኼ(g) 3950 3970
Carbon dioxide 𝐶𝑂ኼ(g) 14175 19870
Water 𝐻ኼ𝑂(g) 8635 9500
Water 𝐻ኼ𝑂(l) 45 900
Carbon (graphite) C (s) 404590 410260
Hydrogen 𝐻ኼ(g) 235250 236100
Sulphur S(s) 598160 609600
Carbon monoxide CO(g) 269410 275100
Sulphur dioxide 𝑆𝑂ኼ(g) 301940 313400
Nitrogen monoxide NO(g) 88850 88900
Nitrogen dioxide 𝑁𝑂ኼ(g) 55565 55600
Hydrogen sulphide 𝐻ኼ𝑆(g) 799890 812000
Ammonia 𝑁𝐻ኽ(g) 336685 337900
Methane 𝐶𝐻ኾ(g) 824350 831650
Ethane 𝐶2𝐻6(g) 1482035 1495840
Methyl alcohol 𝐶𝐻ኽ𝑂𝐻(g) 715070 722300
Methyl alcohol 𝐶𝐻ኽ𝑂𝐻(l) 710745 718000
Ethyl alcohol 𝐶ኼ𝐻኿𝑂𝐻(g) 1348330 1363900
Ethyl alcohol 𝐶ኼ𝐻኿𝑂𝐻(l) 1342085 1357700
ፚ 𝑝ኺ = 1.019 atm.
፛ 𝑝ኺ = 1 atm.
For more details and assumptions about the two
models, refer (Moran and Shapiro).

Standard chemical exergy values are based on the standard exergy reference environment exhibiting
standard reference temperature, 𝑇፨ and pressure, 𝑝፨ as already defined. Additionally, for the chemical
exergy calculation, the reference state also consists of a set of reference substances with standard
concentrations closely representing the chemical makeup of the natural environment. Two alternative
standard exergy reference environments are commonly used, called Model I and Model II. For each
of these models, the table gives values of standard chemical exergy for several substances, in units
kJ/kmol. Either one of the models should be used in a particular analysis.
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I
Exergy calculation verification

Exergy flow values for biogas feed and water feed are verified with manual calculations using equation
6.1. The exergy flow values from hand calculations are similar to the values from REFPROP (refer
table 6.2). It is assumed that the REFPROP values are more accurate and therefore, all physical
exergy values are taken from the software.

Table I.1: Biogas and water feed exergy flow (hand calculation).

Mass fraction Temperature,
°C Pressure, bar Enthalpyፚ, kJ/kg Entropy፛, kJ/kg K Exergy, kJ/kg Fraction,

kJ/kg
Biogas

Methane 0.39037 35 1.01325 21.4618 0.0714755 0.377 0.147
(reference) 25 1.01325 -0.9722 -0.0025427

Carbon dioxide 0.594941 35 1.01325 514.39 2.766 0.2047 0.1217
(reference) 25 1.01325 505.84 2.74

Water 0.0125 35 1.01325 146.68 0.5053 0.696 8.72E-3
(reference) 25 1.01325 104.89 0.3674

Nitrogen 0.0022 35 1.01325 319.7 6.87 0.386 8.36E-4
(reference) 25 1.01325 309.297 6.837

Total 0.278
Water 1 15 1.01325 62.99 0.2245 0.6842 0.6842

(reference) 25 1.01325 104.89 0.3674
ፚ ,፛ Values are taken from Moran and Shapiro.
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