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Summary 
The modern world is faced with a multitude of environmental and socio-economic issues, 

stemming from the way that energy is used and converted. Climate change due to anthropogenic 

activities (use of fossil fuel resources and its associated CO2 equivalent emissions), has greatly affected 

humankind and nature in general, by leading to extreme weather phenomena and reducing the quality 

of life especially of people belonging to vulnerable communities. The unsustainable practices of the 

energy sector and the increased energy and materials needs of the public, have brought the situation 

to a point where immediate action is required to mitigate the effects of climate change. Furthermore, 

as became apparent by studying the impact of the COVID-19 pandemic and the Russo-Ukrainian war, 

the global energy market is heavily exposed to price and availability shocks that have a significant 

negative impact on the quality of life of people globally also in the very short term. Overall, the 

transition of the energy sector to a green and renewable alternative is essential and bioenergy 

constitutes a crucial piece of the puzzle of such a sustainable future. 

In general, a wide range of bioenergy technologies have been or are being developed, that offer 

a significant range of feedstock – product possibilities to contribute in the global energy mix. Biomass 

feedstocks can be utilized in a variety of thermochemical or biochemical conversion methods to 

produce renewable electricity, heat, fuels, chemicals, or other intermediate products. Biomass 

pyrolysis and gasification constitute two of the most important thermochemical conversion 

technologies that have been attracting significant interest from the scientific and industrial 

communities and will certainly impact the formation and outlook of the future renewable energy mix.  

The present work is focused initially on the exploration and development of experimental and 

analytical methods, as well as relevant models for the investigation of biomass pyrolysis. Pyrolysis, 

apart from a stand-alone process aimed at the valorisation of biomass feedstocks, also constitutes a 

crucial step in a biomass gasification process and a method for fuels characterization in general. 

Therein lies the two-fold purpose of this endeavour, since the methods and models developed for 

biomass pyrolysis also constitute a significant input for the field of biomass gasification. 

Characterization of biomass feedstocks in terms of their devolatilization behaviour and expected 

product composition during thermochemical conversion, is essential for the design of a biomass 

conversion process. For this purpose, the fast pyrolysis of woody biomass in a Pyroprobe reactor was 

examined and presented in Chapter 2, focusing on polycyclic aromatic hydrocarbons (PAH) formation 

at high pyrolysis temperatures, thus being relevant also to gasification processes. The goal of this work 

was to develop a method for the successful quantification of PAHs produced from biomass fast 

pyrolysis, with high reproducibility and minimal complexity. The flexibility of the proposed method 

allows the efficient conduction of multiple experiments, with minimal complexity in terms of sampling, 

while specific tar compounds can be targeted (PAH, sugars, acids, phenolics, etc.), depending on the 

experimental conditions.   

Another important aspect of biomass feedstock characterization lies within the investigation of 

their mass loss behaviour and the derivation of the respective kinetics. Therefore, in Chapter 3, an 

international round robin of TGA pyrolysis experiments with pure cellulose and beech wood 

conducted by seven participants is presented. Within this work, a method was developed to increase 

the reliability of the determination of biomass pyrolysis kinetics. This method suggests the conduction 

of pure cellulose pyrolysis experiments at a heating rate of 5 K/min, to assess the employed TGA device 

and methods in comparison to relevant literature, as well as the employment of various heating rates 

and the utilization of isoconversional methods. While this method does not completely guarantee the 

error-free derivation of kinetics, it ensures that they are chemically meaningful. Such an approach can 

assist the reduction of the variability in biomass kinetics determination, which can be attributed 

significantly to the lack of consistency in data acquisition and kinetic analysis of TGA experiments. 
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The relevance of “big data” and the immense opportunities offered through machine learning 

applications are becoming increasingly interesting for most scientific fields, including biomass 

thermochemical conversion. The Artificial Neural Network (ANN) models proposed in Chapter 4 for 

the prediction of the pyrolysis product yields focus on generalizability, to achieve the best possible 

results for a variety of biomass feedstocks, reactor types and process conditions. A large database 

consisting of a variety of small-scale experimental pyrolysis studies was built, constituting a first-of-

its-kind attempt in terms of employing ANN models for such a wide range of literature data. Overall, 

the implementation of the ANN models was successful, as shown by the reasonable RMSE values 

obtained. The derived models were able to reproduce the expected trends in relation to temperature 

variation. However, other parameters such as residence and holding time did not appear to have any 

particular effect.  

One of the main goals of this PhD work was to investigate a novel type of indirect/allothermal 

gasifier, namely the Indirectly Heated Bubbling Fluidized Bed Steam Reformer (IHBFBSR). The scientific 

and technical effort was focused on the commissioning of a 50 kWth pilot unit and the conduction of 

experimental work in order to explore its operational characteristics and behaviour, while evaluating 

the industrial relevance of the proposed system in the field of biomass gasification (Chapter 5). 

Through the conduction of these experimental campaigns it was found that char accumulating in the 

bed area for the overall process promotes H2 formation and in-situ tar destruction. Furthermore, it 

was found that by injecting moderate amounts of air in the freeboard, tar reduction and carbon 

conversion can be improved without compromising H2 production. Finally, the product gas 

composition and overall system efficiency obtained compare favourably to similar allothermal 

gasification systems, while carbon conversion can still be improved. 

Finally, an important step during the investigation of a new reactor system, such as the IHBFBSR, 

is gaining an understanding into the governing hydrodynamic phenomena during its operation. As 

shown in Chapter 6, CFD – TFM simulations were employed for this purpose, which were successfully 

verified with the corresponding experimental results obtained from fluidization experiments. The 

simulation of the reactor’s hydrodynamic behaviour showcased small deviations compared to the 

experimental and computational values of the global hydrodynamic metrics (bed height and pressure 

drop). Through the simulations, it was observed that for realistic values of the particle restitution 

coefficient the gas flow forms channels near the reactor wall. Overall, the present work constitutes 

the first step to study the fluidization behaviour of the novel IHBFBSR reactor and offers significant 

feedback for potential improvements on its design. 
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Samenvatting 
De moderne wereld heeft momenteel te maken met een veelheid aan uitdagingen die liggen op 

het vlak van milieu en sociaal-economische problematiek, welke voortkomt uit de manier waarop 

energie wordt gebruikt en omgezet. Klimaatverandering als gevolg van menselijke activiteiten (het 

gebruik van fossiele brandstoffen en hun gerelateerde CO2-equivalente emissies), heeft al de 

mensheid en de natuur in het algemeen enorm getroffen door extreme weerverschijnselen en het 

reduceren van de kwaliteit van leven, in het bijzonder van de mensen die al behoren tot kwetsbare 

gemeenschappen. Niet-duurzame praktijken van de energiesector en de toegenomen vraag naar 

energie en materialen hebben een situatie veroorzaakt waardoor onmiddellijke actie nodig is om de 

effecten van klimaatverandering om te buigen. Voorts wordt, zoals duidelijk werd door te kijken naar 

de impact van de COVID-19 pandemie en de oorlog in Oekraïne, de wereld energiemarkt fors 

blootgesteld aan prijs- en beschikbaarheidsfluctuaties die een significant negatieve invloed hebben op 

de kwaliteit van leven van mensen wereldwijd, ook op de zeer korte termijn. Kortom, de transitie van 

de energiesector naar een groen en hernieuwbaar alternatief is essentieel en bio-energie vormt een 

cruciaal stuk van de puzzel van zo’n duurzame toekomst. 

In het algemeen is er al – of wordt er verder- een breed spectrum aan bio-energietechnologieën 

ontwikkeld die een significante range aan voeding – product ketens mogelijk maken om bij te dragen 

aan de wereld energiemix. Biomassavoedingen kunnen worden ingezet in een verscheidenheid aan 

thermochemische of biochemische conversietechnieken om hernieuwbare elektriciteit, warmte, 

brandstoffen, chemicaliën, of andere tussenproducten te produceren. Biomassapyrolyse en -

vergassing zijn twee van de meest belangrijke thermochemische conversietechnologieën die in de 

belangstelling staan van wetenschappelijke en industriële gemeenschappen en deze zullen zeker de 

samenstelling en het vooruitzicht van de toekomstige hernieuwbare energieportfolio bepalen.  

Deze studie is in eerste instantie gericht op de verkenning en ontwikkeling van experimentele en 

analytische methoden en verder op relevante modellen voor de bestudering van biomassa pyrolyse. 

Pyrolyse is, naast dat het een apart op zichzelf staand proces is voor de valorisatie van 

biomassavoedingen, ook een cruciale stap in een biomassavergassingproces alsmede een methode 

voor brandstofkarakterisering in het algemeen. Daarin ligt het tweeledige doel van deze studie, 

aangezien de methoden en modellen die ontwikkeld worden voor biomassapyrolyse ook een 

belangrijke input vormen op het gebied van biomassavergassing. De karakterisering van 

biomassavoedingen in termen van hun ontvluchtigingsgedrag en de verwachte productsamenstelling 

tijdens het thermochemische conversieproces is essentieel voor het ontwerp van een 

biomassaconversieproces. Met dit doel voor ogen zijn de snelle pyrolyse van houtachtige biomassa in 

een Pyroprobe reactor bestudeerd en gepresenteerd in Hoofdstuk 2, dat gericht is op polycyclische 

aromatische koolwaterstoffen (PAK) vorming bij hoge pyrolysetemperaturen, hetgeen dus belangrijk 

is ook voor vergassingsprocessen. Het doel van dit werk was het ontwikkelen van een methode voor 

de succesvolle kwantificering van PAKs gegenereerd door snelle pyrolyse van biomassa met een hoge 

mate van reproduceerbaarheid en minimale complexiteit. De flexibiliteit van de voorgestelde 

methode faciliteert het efficiënt uitvoeren van meerdere experimenten met minimale complexiteit in 

termen van bemonstering, terwijl ook specifieke teercomponenten kunnen worden geanalyseerd 

(PAK, suikers, zuren, fenol-achtige componenten, etc.), afhankelijk van de experimentele condities.   

Een ander belangrijk aspect van biomassavoedingskarakterisering ligt in de bestudering van hun 

gedrag met betrekking tot massa afname en de afleiding van de conversiekinetiek. Daarom wordt in 

Hoofdstuk 3 een beschrijving gegeven van een internationale ‘’round robin’’ studie van TGA pyrolyse 

met pure cellulose en beukenhout, uitgevoerd door zeven participanten. In deze studie werd een 

methode ontwikkeld om de betrouwbaarheid te vergroten van de bepaling van de kinetiek van 

biomassapyrolyse. Deze methode beveelt aan om pyrolyse experimenten met pure cellulose uit te 
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voeren met een verwarmingssnelheid van 5 K/min om het gebruikte TGA apparaat en methoden te 

beoordelen in vergelijking met relevante literatuur, alsmede het toepassen van verschillende 

verwarmingssnelheden en het gebruik van ‘’isoconversie’’ methoden. Hoewel deze methode niet 

volledig de foutenvrije afleiding van kinetiek garandeert, verzekert deze wel dat ze in chemisch opzicht 

van praktische betekenis is. Een dergelijke benadering kan helpen bij het reduceren van de variabiliteit 

in de bepaling van de kinetiek van biomassaconversie, welke significant het gevolg is van het gebrek 

aan consistentie in data acquisitie en kinetiek analyse van TGA experimenten. 

De relevantie van “big data” en de immense mogelijkheden geboden door ‘’machine learning’’ 

toepassingen worden in toenemende mate interessant voor de meeste wetenschappelijke terreinen, 

inclusief de thermochemische conversie van biomassa. De ‘’Artificial Neural Network’’ (ANN) 

modellen voorgesteld in Hoofdstuk 4 voor de voorspelling van de pyrolyse product opbrengsten zijn 

gericht op generaliseerbaarheid om de best mogelijke resultaten te bereiken voor een variëteit aan 

biomassavoedingen, reactor types en procescondities. Een uitgebreide database met een variëteit aan 

kleinschalige experimentele pyrolyse studies is opgebouwd, en dit is een unieke poging in termen van 

het toepassen van ANN modellen voor een dergelijk breed spectrum aan literatuurdata. In het 

algemeen was de implementatie van de ANN modellen succesvol, zoals aangetoond door de verkregen 

tamelijk goede RMSE waarden. De afgeleide modellen waren in staat om de verwachte trends met 

betrekking tot de temperatuur variatie te reproduceren. Echter, andere parameters zoals de 

verblijftijd en de ‘’holding time’’ bleken geen bijzondere effecten te vertonen.  

Een van de belangrijkste doelen van dit promotiewerk was het bestuderen van een nieuw type 

indirecte/allotherme vergasser, namelijk de ‘’Indirectly Heated Bubbling Fluidized Bed Steam 

Reformer’’ (IHBFBSR). Het wetenschappelijke en technische werk was gericht op de oplevering van 

een 50 kWth proefopstelling en het doorvoeren van een experimenteel programma om de 

operationele karakteristieken te verkennen alsmede het reactorgedrag, tezamen met het evalueren 

van de industriële relevantie van het voorgestelde systeem op het gebied van biomassavergassing 

(Hoofdstuk 5). Door middel van het uitvoeren van deze experimentele campagnes is gebleken dat bio-

cokes (‘’char’’) accumulatie in het bed de H2-vorming bevordert alsmede in-situ teerafbraak. Verder 

is gevonden dat door het injecteren van beperkte hoeveelheden lucht in het vrijboord teerreductie en 

koolstofconversie kan worden verbeterd zonder afbreuk te doen aan H2 productie. Tenslotte zijn de 

gerealiseerde productgas samenstelling en de algehele systeemefficiëntie goed vergelijkbaar met 

andere allotherme vergassingsystemen, hoewel de koolstofconversie nog kan worden verbeterd. 

Tenslotte is een belangrijke stap gedurende het onderzoek naar een nieuw reactorsysteem, zoals 

de IHBFBSR, het verkrijgen van een beter begrip van de hydrodynamica gedurende de bedrijfsvoering. 

Zoals beschreven in Hoofdstuk 6, werden CFD – TFM simulaties uitgevoerd voor dit doel en deze 

konden succesvol worden geverifieerd met overeenkomstige experimentele resultaten verkregen met 

fluïdisatie experimenten. De simulatie van het hydrodynamische gedrag van de reactor vertoonde 

geringe afwijkingen vergeleken met experimentele en berekende waarden van de globale 

hydrodynamische grootheden (bedhoogte and drukval). In de simulaties werd duidelijk dat voor 

realistische waarden van de deeltjesrestitutiecoefficient de gasstroming kanalen vormt nabij de 

reactorwand. Kortom, het huidige werk omvat de eerste stap naar bestudering van het 

fluïdisatiegedrag van de nieuwe IHBFBSR reactor en biedt een significante feedback voor potentiële 

verbeteringen van het ontwerp.
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1.  Introduction 
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1.1 Climate concerns and global energy crisis 
 

Climate change is one of the greatest challenges that mankind is currently facing, posing a threat 

to human well-being and planetary health. According to the Intergovernmental Panel on Climate 

Change (IPCC), human activities, mostly through emissions of greenhouse gases, are responsible for 

the increase of the global surface temperature by 1.1 oC above the 1850 – 1900 levels, between 2011 

– 2020 [1]. A multitude of reasons for this effect can be identified in unsustainable energy and land 

use, land-use change, lifestyles and patterns of consumption and production across regions, countries 

and individuals. The impact of climate change has been rapid and widespread, affecting the 

atmosphere, oceans, cryosphere and biosphere, leading to many weather and climate extremes 

throughout the world. These adverse impacts and losses to nature and people, have been 

disproportionately affecting vulnerable communities who have historically contributed less to climate 

change. Perhaps the most important conclusion derived from the AR6 Synthesis report of the IPCC, 

was that the global greenhouse gases (GHG) emissions in 2030, according to the nationally determined 

contributions announced in 2021, suggest that warming will exceed 1.5 oC during the 21st century 

while making the 2 oC threshold harder to achieve (Figure 1.1). Overall, the window of opportunity for 

a liveable and sustainable future for mankind is closing and the necessary sustainable developments 

can only be achieved through international cooperation, financial support and governance/policy 

actions [1]. 

 

 
Figure 1.1: Global GHG emissions of modelled pathways (Panel a) and projected emission outcomes from near-term 

policy assessments for 2030 (Panel b). Reprinted from [1]. 

 

The concerns regarding climate change highlight the importance of a global transition towards a 

“green future” where fossil fuel consumption and GHG emissions will be lower. Despite the steady 

progress achieved in energy transition, with the renewable energy installation capacity increasing by 

more than 200 GW in 2019 [2], the COVID-19 pandemic significantly hindered the developments. The 

unprecedented shock imposed by the pandemic and the resulting lockdown had a significant effect 

on the entirety of the energy sector and correspondingly the energy transition efforts. The disruption 

of the business and economic activities led to a nearly 5 % decrease in global energy demand in 2020 

and a 7 % decline in global emissions, weakening the oil-producing countries’ grip on the energy 
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market, causing a significant drop in oil prices. This drop led to a further loss of the competitive edge 

of renewable energy technologies versus traditional technologies, while the drastic reduction of 

international trade also caused a setback on the corresponding supply chains. Furthermore, funds 

from renewable energy projects and tax deductions where withdrawn in favour of much needed 

support for medical and health expenditures, while many countries focused more on economy 

recovery by further promoting conventional fuel domination (e.g. new routes for fossil fuel supply, 

nuclear extensions, coal revival) on their energy investment structure [3]. Once the lockdown 

measures were lifted in the beginning of 2021, the industrial activities were resumed and the demand 

for energy carriers was increased, leading to a surge in energy prices. The increased demand for 

natural gas initially in Asia and then in Europe, caused electricity and natural gas price hikes in 2021. 

Some EU Member States even introduced support mechanisms (e.g. tax exemptions) to lower the 

burden on low-income consumers which were already heavily hit by the pandemic, while the 

European Commission introduced a toolkit focused on facilitating the renewable energy transition and 

increasing energy efficiency, in order to tackle the crisis [4]. The price shocks faced, raised the debates 

around the issue of whether the European energy and climate policy is successful in increasing security 

of energy supply, by promoting the use of natural gas as a “bridge fuel” towards renewable energy 

transition [5].  

Another significant event with heavy implications on the global energy markets is the geopolitical 

conflict between Russia and Ukraine, which started in February 2022. As a result, the US announced a 

ban on imports of oil, liquefied natural gas and coal from Russia, while the EU reduced their natural 

gas imports from Russia by two-thirds, with Japan, South Korea, Britain and Canada following suit [6]. 

Especially for Europe, this meant a significant shift in its energy strategy, since a large percentage of it 

natural gas needs were covered by Russia. In particular, in the year 2000 56 % of natural gas imported 

to Europe by pipeline came from Russia. Despite the drop of the percentage to 38 % by 2020, the total 

amount imported has not dropped since its demand for gas produced elsewhere has been increasing 

over the years. Natural gas imported by pipeline in 2020, corresponded to roughly 80 % of the total 

(pipeline and liquified natural gas – LNG) amount of natural gas imported [6]. Overall, besides natural 

gas, the imposed sanctions also included petroleum oil products and coal, with the shift caused in the 

European import strategy being clearly visible in Figure 1.2. Russia was the largest provider of 

petroleum oils with a share of 26 % in the first quarter of 2022 which dropped to 3.2% in the first 

quarter of 2023, following the ban on seaborne crude oil imports in December 2022 and the embargo 

on refined oil products as of February 2023. Additionally, the fifth package of EU sanctions, which 

included a prohibition to import or transfer coal and other solid fuels in the EU originating from Russia, 

led to a drop of the Russian share of coal imports dropping from 42 % to zero, with South Africa, 

Colombia and the United States mainly picking up its share [7]. The invasion of Ukraine by Russia, has 

led to a new round of energy resources allocation on a global scale, with certain experts suggesting 

that the crisis was essentially a natural gas crisis, resulting from the complex interactions between 

energy trade patterns and geopolitics. By 2023, this war has impacted negatively supply chains, 

economic growth and carbon emissions of numerous countries, by altering the existing energy trade 

network. Therefore, the significance of a strong strategic energy layout and energy security has once 

again been highlighted for many affected countries [8]. Overall, trade restrictions, energy security and 

climate change mitigation are intertwined. Imposed sanctions can cause an increase of the energy 

prices and welfare costs, while it has also led to an increase of the use of coal, which was beginning to 

be phased out in countries like Germany, thus increasing the environmental cost. These effects make 

the need for renewable energy development even more substantial, in order to support deep 

electrification and energy saving as well as renewable chemicals production at certain stage [9]. 

According to the Europe and Central Asia economic update published by the World Bank Group in the 

spring of 2023, the energy and value chain disruptions have led a surging inflation and a slowing 
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growth in the region, building on the effects of the COVID-19 pandemic. The ongoing energy crisis 

offers an opportunity for green transition acceleration, which can facilitate the reduction of the 

region’s energy intensity and environmental degradation [10]. 

 

  

  
Figure 1.2: Comparison of EU imports of natural gas, petroleum oils, LNG and coal before and after the sanctions 

imposed to Russia according to the Eurostat database (Comext) and Eurostat Estimates [7]. 

 

The umbrella term Renewable Energy Technologies stands for energy conversion using a 

renewable energy source like solar, wind, water (hydro and tidal), biomass (biofuels), wastes and 

geothermal heat. A renewable energy system is considered as a power plant that converts renewable 

energy carriers or sources to electrical, mechanical or thermal energy [11]. Power-to-X technologies 

also fall under this term, in which renewable electricity is used to produce chemicals and fuels that 

can be stored and transported more efficiently, as well as renewable chemicals and fuels from 

agricultural residues, energy crops, forestry and wastes [12, 13]. By the end of 2022, the global 

capacity for renewable generation amounted to 3372 GW, with hydropower (37 %), solar (31 %) and 

wind (27 %), being the main contributors (Figure 1.3). Overall, the share of renewables in the net 

expansion of capacity in 2022 was 83 %, with wind and solar contributing 90 % of the new renewable 

capacity and Asia leading in share of new capacity installed (59 %) [14]. The renewable capacity 

additions are expected to further increase in 2023, to more than 440 GW, with solar PV (large scale 

and small distributed systems) estimated to account for two-thirds of the projected increase. This 

development is seen as a response to the higher electricity prices caused by the global energy crisis, 

that has led policy makers to become more active in seeking alternatives to imported fossil fuels to 

improve energy security. According to some projections, the capacity additions for renewable energy 

could reach 550 GW in 2024, assuming a faster implementation of recent policies and incentives and 

depending on the pace of permitting, construction and timely grid connection of projects that are 

under development. It should also be noted that by 2024, China’s share is set to have expanded to a 

record 55 % of the global annual renewable capacity deployment, delivering 70 % of new offshore 

wind, 60 % of onshore wind and 50 % of solar PV projects. In Europe, countries eased permitting in 

2022 and 2023, by introducing more policy and regulatory changes than over the entire previous 

decade. Between 2021 and 2023, EU electricity consumers saved approximately EUR 100 billion owing 
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to the newly installed solar PV and wind capacity, partly mitigating the impact of the energy crisis. 

Furthermore, the projected growth of renewable energy such as clean electricity, bioenergy boilers, 

heat pumps, solar thermal and geothermal technologies, could potentially displace roughly 8 and 17 

bcm of EU buildings-related gas consumption annually in 2023 and 2024, respectively. This could 

potentially be a crucial contribution to the struggle to cover the increasing gas demand in the case of 

extreme weather [15].  

 

 
Figure 1.3: Global renewable generation capacity growth from 2016 to 2022 [14]. 

The above discussion highlights that apart from the necessity of supporting and promoting a green 

transition to a renewable future to ensure the well-being of mankind in the long term, the energy 

market in its present form is heavily exposed to shocks that have a significant negative impact on the 

quality of life of people globally in the very short term. Even though the need for such a transition has 

been identified and important actions have been taken to that end, further acceleration of this 

transition is imperative. According to the findings of the IEA World Energy Outlook 2022 report [16], 

the currently high energy prices are causing a huge transfer of wealth from consumers to producers, 

mainly for oil and natural gas, while the number of people without access to modern energy supply is 

rising. Approximately 75 million people with recently gained access to electricity may soon lose the 

ability to pay for it, while 100 million people may turn back to using traditional biomass for cooking. 

However, for the first time, a scenario based on the prevailing policy settings, sees a definite peak in 

the global demand for fossil fuels, with their share expecting to drop from 80 % in 2023 to less than 

75 % by 2030 and to barely above 60 % by 2050. Despite promising, this trajectory would still lead to 

a 2.5 oC rise in global average temperatures by 2100, which while it is lower than implied by the 

baseline trajectory prior to the Paris Agreement, indicates that further action is required. In general, 

the world has not been investing enough in energy in the recent years, leaving the energy system 

vulnerable to shocks. A secure and steady energy transition will require a major increase in clean 

energy investments, even by tripling the spending by 2030 and shifting investments towards emerging 

markets and developing economies [16]. 
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1.2 The role of bioenergy 
 

Bioenergy, which is the use of biomass feedstocks for energy supply, is a growing renewable 

energy source in Europe and globally. This type of energy is produced from organic materials, known 

as biomass, where the carbon in their composition is absorbed by plants through photosynthesis. 

According to the United States Energy Information Administration (EIA), biomass is renewable organic 

material derived from plants and animals, which stores chemical energy produced by plants. Biomass 

sources for energy include wood and wood processing waste (firewood, wood pellets/chips, lumber, 

mill sawdust and waste, pulp and paper mill black liquor), agricultural crops and waste materials (e.g. 

corn, soybeans, sugar cane, switchgrass, woody plants, algae, crop/food processing residues), biogenic 

materials in municipal solid waste (paper products, cotton, woold, food, food wastes, yard residues) 

and animal manure and human sewage [17].  During energy production from biomass, the released 

carbon returns to the atmosphere and as more biomass is produced, an equivalent amount of carbon 

is absorbed, making modern bioenergy a near zero-emission fuel. In biorefineries, biomass is split into 

fractions that can be employed for the production of a variety of products such as energy, materials, 

chemicals, animal feed, pharmaceuticals, etc. Furthermore, intermediate bioenergy carriers, like 

torrefied pellets, pyrolysis oils or other biocrudes can be used for energy storage, improving the 

transportability of the energy carriers. Overall, bioenergy installations can be used for heat and 

electricity provision on demand, by covering baseload and peak demands, or by shifting energy 

provision between seasons. Bioenergy in its various forms (solid, liquid and gaseous) can be used in 

hard-to-decarbonise applications, such as high temperature heat production for industrial purposes, 

long distance aviation, heavy duty transport and international shipping. Combustion, anaerobic 

digestion, gasification, pyrolysis and hydrothermal liquefaction are some of the most important 

bioenergy technologies. A wide range of options is available to provide energy to the transport, heat 

and electricity sectors, along with opportunities for various feedstock and technology combinations 

for the production of several biorefinery products [18]. Additionally, bioenergy constitutes the most 

important method for achieving negative GHG emissions, which is required in order to meet the 1.5 
oC target, by storing carbon in vegetation (or biochar sequestration), the subsequent biomass 

conversion to energy and the coupling of the system with a carbon capture and storage (BECCS) 

concept [19]. 

To characterize a system as a sustainable bioenergy system, it has to comply with certain criteria 

in terms of its technological merit (soundness, accessibility), its financial and economic merit (cost 

effectiveness, sound cost-benefit ratios and coherence with local and national development plan) and 

ecological soundness. The latter is of the outmost importance, since traditional biomass use, such as 

its employment in pit fires or inefficient heating devices, is not sustainable. Furthermore, land use 

change (LUC) considerations must be taken into account for the supply of a bioenergy system with 

biomass feedstocks. Direct Land Use Change (DLUC) refers to the direct conversion of a specific land 

area from one use (e.g. forest, agricultural crop, cultivation for food/feed) to another (e.g. crop 

cultivation for biofuels) [18]. On the other hand, Indirect Land Use Change (ILUC), refers to bioenergy 

production employing feedstocks grown on arable and pasture land, that can cause ILUC through 

market mechanisms. According to the EU’s Renewable Energy Directive II (RED II) the phasing out of 

high ILUC risk biofuels, meaning fuels produced from feedstocks that are associated with significant 

levels of agricultural expansion into land with high carbon stock, is mandated after 2023. This mandate 

promotes the concept of low ILUC risk biofuels, that are produced from feedstocks that avoid food 

and feed crop displacement through improved agronomic practises leading to increased yields and 

through the cultivation of areas not previously used for crop production (including unused, abandoned 

or severely degraded land) [20]. 
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In global terms, bioenergy can be considered as the most dominant renewable energy source, 

contributing to roughly 12 % of the total energy mix in 2019, as can be seen in Figure 1.4. Over 80 % 

of the bioenergy produced is employed for cooking and heating in buildings and the industry, covering 

roughly 20 % of the total heat consumption in 2020. However, out of this percentage only 8 % is 

derived from modern bioenergy concepts, with the rest being produced through traditional biomass 

use. Approximately 2.4 billion people, mostly in developing regions (sub-Saharan Africa and South 

Asia), have limited access to affordable and reliable modern energy systems and thus rely on 

traditional solid biofuels (firewood, charcoal, crop residues and animal dung). These fuels are sourced 

mostly through informal supply chains or are self-supplied and are used in open cookstoves and 

fireplaces with low energy conversion efficiencies (less than 15 %). Most importantly though, the use 

of traditional solid biofuels causes negative health effects, socio-economic and environmental 

consequences, since it generates health-damaging air pollutants, leading to severe ambient and 

indoor air pollution. This is considered as the major cause for roughly 3.8 million premature deaths 

yearly, mostly in low, lower and middle income countries [21]. Overall, ensuring the access of the 

severely affected global population to cleaner energy solutions is an important part of just transition 

as is it also addressed in the Affordable and Clean Energy Sustainable Development Goals of the United 

Nations [22], where the goal of phasing out traditional open fire bioenergy by 2030 is set. The role of 

modern bioenergy is predominant in that regard, since modern biomass stoves, bioethanol and biogas 

are some of several options to substitute traditional biomass. When compared to other cleaner 

cooking solutions such as natural gas, liquefied petroleum gas (LPG) or electricity, the sustainable use 

of biomass offers, apart from health benefits, the possibility of income generation (e.g. biomass 

cultivation, ethanol production) and the utilization of waste biomass (e.g. biogas production) [18]. 

 

 

 
 
 

 
Figure 1.4: Share of renewables in global total final energy consumption in 2019 (top) and share of global bioenergy 

consumption by end use in 2020 (bottom) [21]. 
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Modern bioenergy is considered to be one of the largest sources of renewable energy in the world, 

contributing to 55 % of renewable energy and over 6 % of the global energy supply in 2022. Overall, 

the use of bioenergy has experienced an average yearly increase of 3 % between 2010 and 2022 and 

is following an upward trend. In 2022,  biofuels represented 3.5 % of the global transport energy 

demand, intended mostly for road transport. The growth of biofuels utilization has been following a 

6% increase from 2017 to 2022, with the exception of 2020 due to the impact of the COVID-19 

pandemic [23]. According to the Net Zero Emissions by 2050 (NZE) Scenario of the IEA [24], a rapid 

increase in the use of bioenergy by 8 % per year is required between 2022 and 2030, while making 

sure that this production is free of negative social and environmental consequences. The same 

scenario requires the increase of the contribution of biofuels to transport to 9 % by 2030, which would 

keep the share of fuel demand for road vehicles at the same level. Additionally, the usage of advanced 

feedstocks should also expand, since only 9 % of the total biofuel demand was covered from waste, 

residues and non-food energy crops in 2021, with the target for 2030 being over 40 %. More effort is 

required for aviation biofuels, where the less than 0.1 % coverage of demand in 2022, would need to 

scale-up to roughly 10 % in 2030. The success of this endeavour depends on several key factors, 

including the reduction of the cost gap between bio-jet and fossil jet fuel, the implementation of clear 

regulatory framework and the diversification of sustainable feedstock supply beyond waste and edible 

oils.   

As mentioned in the previous paragraphs, there is a wide range of bioenergy technologies, offering 

a significant breadth of feedstock – product possibilities to contribute in the global energy mix. In 

general, bioenergy technologies can be broadly divided into two main categories, namely biochemical 

and thermochemical. Biochemical technologies (or biological) include anaerobic digestion and 

fermentation, where biomass is converted to gas (i.e. biogas) or liquid (i.e. bioethanol) product using 

bacteria, microorganisms and enzymes. On the other hand, thermochemical conversion technologies 

include hydrothermal liquefaction/carbonization, combustion, gasification and pyrolysis. In these 

technologies, fuels, chemicals or electricity are obtained through biomass using heat and in some 

cases catalysts. A separate type of bioenergy technology is mechanical extraction, a physio-chemical 

conversion process, consisting principally of extraction combined with esterification [25, 26]. As can 

be understood, there are several conversion pathways for biomass feedstocks that can lead to the 

production of a variety and combination of end-products. An overview of these technologies is 

presented in Figure 1.5. 

 

 
Figure 1.5: Overview of some biomass conversion technologies and derived products [27-29]. 
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1.3 Biomass gasification and pyrolysis 
 

1.3.1 Pyrolysis  
 

Pyrolysis can be defined as the thermochemical decomposition of (biomass) feedstocks into 

various products, without the presence of oxidizing agents (air, oxygen, steam, etc.), or with a limited 

one, which does not allow the occurrence of gasification to an appreciable extent. It should also be 

mentioned that pyrolysis constitutes one of the first reaction steps that take place during gasification. 

Through pyrolysis the large and complex hydrocarbon molecules decompose to smaller and simple 

gas, liquid and solid (char) molecules. As a process, it has an extended overlap with other processes 

such as devolatilization, carbonization, dry and destructive distillation, as well as thermolysis. 

However, the absence of chemical reactions with an external agent set it apart from gasification. 

Another major difference between the two processes is the temperature range in which they take 

place. Pyrolysis is typically conducted between 300 oC and 650 oC, while gasification occurs between 

800 oC and 1000 oC [30]. 

In general terms, during a pyrolysis process, the biomass is heated to the final (pyrolysis) 

temperature at a certain heating rate and it is stabilized there for a certain time interval. The final 

products mainly depend on the biomass type, the pyrolysis temperature, heating rate and residence 

time. However the main phenomena that take place during the process can be generalized as follows 

[31]: 

 

- Heat is provided by a source, the fuel/biomass temperature increases and moisture is 

released; 

- Primary pyrolysis reactions are initiated at the final pyrolysis temperature and volatiles are 

released along with the formation of solid (char) residue; 

- The now hot volatiles flow towards the lower temperature solids and heat transfer occurs; 

- Certain parts of the volatiles are condensed in these lower temperature zones and subsequent 

secondary reactions can lead to tar formation; 

- Autocatalytic secondary pyrolysis reactions take place simultaneously and in competition with 

the aforementioned primary pyrolysis reactions; 

- Depending on the process characteristics (e.g. residence time and temperature/pressure 

profile) further thermal decomposition, reforming, water gas shift reactions, radicals 

recombination and dehydration reactions take place. 

 

In summary, the primary pyrolysis products are char and gases, from where condensable gases 

further decompose into non-condensable gases (CO, CO2, H2 and CH4), liquids and more char. This 

decomposition takes place mostly through homogeneous gas-phase reactions and at a lesser degree 

through heterogeneous thermal gas-solid phase reaction. During the latter, condensable vapours 

break down to smaller permanent gases molecules (CO, CO2, etc.). The pyrolysis process can be 

generally described through the following reaction scheme [30]: 

 

𝐶𝑛𝐻𝑚𝑂𝑝(𝐵𝑖𝑜𝑚𝑎𝑠𝑠)
𝐻𝑒𝑎𝑡
→   ∑ 𝐶𝑥𝐻𝑦𝑂𝑧

𝑙𝑖𝑞𝑢𝑖𝑑

+ ∑𝐶𝑎𝐻𝑏𝑂𝑐
𝑔𝑎𝑠

+𝐻2𝑂 + 𝐶(𝑐ℎ𝑎𝑟) 

 

According to the employed process conditions, different types of pyrolysis exist. The main 

parameters that dictate the pyrolysis type however are temperature, heating rate and the residence 

time of the primary products in the reaction zone. In flash pyrolysis, the feedstock is heated at heating 
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rates above 1000 oC/s at temperatures between 450 oC and 600 oC, while the condensable and non-

condensable gases produced are removed from the reactor after 30 to 1500 ms. The main difference 

between this type of pyrolysis and the much more commonly employed fast pyrolysis lies in the 

residence time of the gases, which is significantly lower for flash pyrolysis [32]. In fast pyrolysis, the 

feedstock decomposes to produce of vapours, aerosols and charcoal at very high heating rates (1000 

– 10000 oC/s) at 500 oC, with the residence time of the product gases being less than 2 s. In both fast 

and flash pyrolysis, a finely ground feedstock is required to achieve the desired heat and mass transfer 

rates, while the rapid quenching/condensation of the condensable products is of the essence for the 

maximization of the liquid yield, which is the main target of these types of pyrolysis [33]. On the 

contrary, in slow pyrolysis or carbonization, the production of charcoal or char is the main goal, 

constituting the oldest pyrolysis method, being employed for thousands of years. In slow pyrolysis, 

the feedstock is heated at heating rates below 100 oC/min at temperatures between 400 oC and 600 
oC for extended residence time of the products (on hours scale), which allows their conversion into 

char and mostly non-condensable gases [34]. 

Regardless of the employed process parameters, a pyrolysis process yields gaseous (non-

condensable vapours), liquid (condensable vapours) and solid products (char). The selection of the 

process parameters regulates the amounts, relative yields and composition of the final products, as 

was also described above. The liquid product of pyrolysis, bio-oil, is a combination of roughly 80 % 

polar organic compounds and 20 % water (mass). It consists of several compounds with different 

functional groups, such as phenolics, carboxylic acids, alcohols, hydroxyketones, esters, 

hydroxyaldehydes, sugars/anhydrosugars, lignin-derived oligomeric compounds and furan/pyran ring 

derivatives. Balancing the composition of bio-oil to fit the desired application purposes is a complex 

process consisting of trade-offs between composition and yields depending on the temperature and 

residence time effects. For example, when very short residence times are employed, depolymerization 

of the biomass feedstock’s lignin content is not completed, leading to the presence of higher molecular 

weight oligomeric fractions in the bio-oil. This negatively affects bio-oil properties for certain 

application (e.g. increased viscosity). On the other hand, longer residence times can lead to secondary 

cracking of the pyrolysis condensable products, leading to significantly lower yields [35]. In terms of 

physicochemical properties, which are a direct translation of the above stated impact of its 

composition, the most critical ones are oxygen and moisture content, viscosity, acidity and ash 

content. In general, bio-oil has many special features and properties, that differ significantly from fossil 

fuel derived oils, as for example the fact that the stability of bio-oil is usually rather limited. Therefore, 

special considerations are required in regards to its storage, transport and application, making its 

upgrading  a necessity in the vast majority of cases. The bio-oil properties that are the cause of this 

need are, among others, high viscosity and water content, low pH, inhomogeneity, temperature 

sensitivity and the presence of suspended char particles and alkali metals in its composition [31]. 

Applications of bio-oil include (co-)firing in boilers and combustion engines for heat and power 

generation, the production of liquid fuels such as diesel and ethanol (or blends) after refining, the 

production of chemicals such as olefins and aromatics upgrading after hydrotreatment, as well as the 

recovery of commodity chemicals (e.g. phenolics). An overview of potential bio-oil applications is 

presented in Figure 1.6. The solid product of pyrolysis, called char or bio-char, consists mainly of 

carbon (up to 85 %) and at a lesser degree also contains oxygen and hydrogen. Furthermore, it also 

contains inorganic materials and depending on the process characteristics (e.g. temperature), 

unconverted organics and carbonaceous resides from the degradation of organic biomass 

components. The inorganic content of char is lower compared to char derived from the pyrolysis of 

fossil fuels, which leads to overall lower yields. A typical lower heating value of biomass char is 32 

MJ/kg, which is higher than that of the parent biomass and the one of the pyrolysis liquid product. 

This lower heating value is comparable to lignite and coke [30, 36]. Applications of pyrolysis char 
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include soil amendment and carbon sequestration, soil fertility improvement, pollution remediation 

and agricultural by-product/waste recycling. Furthermore, char can also be employed in several high-

value applications such as catalysts, energy storage, environmental protection (sorbent for pollutants 

removal in water and flue gases) and as a sustainable platform carbon material. Finally, the main gases 

produced during pyrolysis are carbon dioxide, carbon monoxide, hydrogen, methane, ethane, 

ethylene, propane, sulfur and nitrogen oxides and ammonia. Carbon dioxide and monoxide mainly 

originate from the decomposition and reforming of carboxyl and carbonyl groups, light hydrocarbons 

from weak methoxy and methylene bonds decomposition and hydrogen from the reforming and 

decomposition of C-H groups and aromatics. The gaseous product of pyrolysis is most commonly 

employed for internal process heat requirements  [37]. 

 

 
Figure 1.6: Applications of pyrolysis products [38]. 

 

1.3.2 Gasification 
 

Gasification is the process by which a carbonaceous solid material is transformed mainly to a 

gaseous product called syngas, mostly comprised out of CO, CO2, H2 and CH4, char, ash and tars. This 

process is taking place in the presence of a gasification agent at high temperatures. Drying, pyrolysis, 

combustion and reduction are the main stages of a gasification process as depicted in Figure 1.7. In 

general terms, gasification is a process by which chemical energy is stored into chemical bonds in the 

gas, in contrast to combustion where these bonds are broken for the release of heat. During 

gasification, hydrogen is added and carbon is stripped away from the feedstock, in order to produce 

gases with a higher hydrogen to carbon ratio. A variety of gasification media can be employed for this 

purpose, typically oxygen, air, CO2 and steam. These agents assist with breaking down solid carbon 

and heavy hydrocarbons to low molecular weight gases, such as CO and H2. The choice of gasification 

medium heavily influences the composition and heating value of the product gases, with steam 

favouring the production of a gas with high H/C ratio, while the employment of pure O2 leads to a 

higher heating value of the gas. It should be noted that while the employment of air, despite having 



12 
 

certain process benefits (no need for an elaborate and costly N2 removal process), leads to the dilution 

of the product gas with N2 which significantly hinders its quality [39].  

 

 
Figure 1.7: Biomass gasification pathway (adapted from [40]). 

The conversion steps that an organic feedstock such as biomass undergoes during gasification, are 

depicted in Figure 1.7 and the governing reactions are presented in Table 1.1. During drying the 

moisture of the fuel is evaporated, while during pyrolysis the dried feedstock is decomposed in a solid 

fraction (char) and a volatile fraction comprised out of non-condensable (permanent) gases and 

condensable vapours (tar). The products of the pyrolysis step further react with the externally supplied 

gasification agent, as well as with O2, CO2 and H2O (steam) produced during the process. When there 

is a local depletion of oxygen in the gasification reactor, gasification or reforming reactions will 

proceed. These reactions, with the exception of the water-gas-shift reaction are endothermic, thus 

requiring external provision of heat to maintain the desired gasification temperature. Depending on 

the employed concept, this is either achieved by the supply of oxygen so that the heat of combustion 

can balance the heat required by the reduction reactions (“Direct Gasification”), or by heating the 

reactor from an external source, like a circulating heat carrier (“Indirect Gasification”) [41].  
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Table 1.1: Typical gasification reactions (adapted from [39, 41]) 

Carbon reactions 
 

Drying 𝐹𝑢𝑒𝑙𝑟𝑎𝑤
 
→𝐹𝑢𝑒𝑙𝑑𝑟𝑦 +𝐻2𝑂 

Pyrolysis 𝐹𝑢𝑒𝑙𝑑𝑟𝑦
 
→ 𝑔𝑎𝑠𝑒𝑠 + 𝑣𝑎𝑝𝑜𝑢𝑟𝑠 (𝑡𝑎𝑟) + 𝐶𝑠𝑜𝑙𝑖𝑑 

 
Carbon reactions 

 
Boudouard 𝐶𝑠𝑜𝑙𝑖𝑑 + 𝐶𝑂2 ⇌ 2𝐶𝑂 

Water – gas 𝐶𝑠𝑜𝑙𝑖𝑑 +𝐻2𝑂 ⇌ 𝐶𝑂 + 𝐻2 

Methanation (hydrogasification) 𝐶𝑠𝑜𝑙𝑖𝑑 + 2𝐻2
 
→ 𝐶𝐻4 

Partial oxidation reaction 𝐶𝑠𝑜𝑙𝑖𝑑 +
1
2⁄ 𝑂2

 
→ 𝐶𝑂 

 
Oxidation reactions 

 

𝐻2 +
1
2⁄ 𝑂2

 
→𝐻2𝑂 

𝐶𝑂 + 1 2⁄ 𝑂2
 
→ 𝐶𝑂2 

𝐶𝐻4 + 2𝑂2
 
↔𝐶𝑂2 + 2𝐻2𝑂 

𝐶𝑠𝑜𝑙𝑖𝑑 + 𝑂2
 
→ 𝐶𝑂2 

 
Water – gas shift reaction 

 
𝐶𝑂 + 𝐻2𝑂⇌ 𝐶𝑂2 +𝐻2 

 
Methanation reactions 

 
2𝐶𝑂 + 2𝐻2 ⇌ 𝐶𝐻4 + 𝐶𝑂2 
𝐶𝑂 + 3𝐻2 ⇌ 𝐶𝐻4 +𝐻2𝑂 
𝐶𝑂2 + 4𝐻2 ⇌ 𝐶𝐻4 + 2𝐻2𝑂 

 
Steam reforming 

 
𝐶𝐻4 +𝐻2𝑂 ⇌ 𝐶𝑂 + 3𝐻2 

𝐶𝐻4 +
1
2⁄ 𝑂2

 
→ 𝐶𝑂 + 2𝐻2 

 
Dry reforming 

 
𝐶𝐻4 + 𝐶𝑂2 ⇌ 2𝐶𝑂 + 2𝐻2 

 

One of the aspects of gasification that requires specific attention is the production of tar which, 

as elaborated above, is one of the products of the pyrolysis process embedded in a gasification system. 

Tar is a complex mixture of condensable hydrocarbons, which include single to 5-ring aromatic 

compounds along with other oxygen containing hydrocarbons and complex polyaromatic 

hydrocarbons (PAH). According to the EU/IEA/US-DOE definition from 1998 though, tar is defined as 

all organic contaminants with a molecular weight larger than benzene [42]. During gasification, a large 

variety of tar products are generated depending on the operating conditions. The most important 

process parameters in that regard are temperature, pressure, residence time of the produced gas, 
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equivalence ratio and feedstock composition. In general, tar is an undesirable by-product of 

gasification, that can cause severe problems in downstream applications, such as [43, 44]: 

 

- Blocking and fouling of pipelines, heat exchangers, engines and turbines 

- Corrosion of downstream equipment  

- Degradation of fuel cells 

- Cracking in filter pores 

- Lower cold gas efficiency and heating value of syngas 

- Coking that can lead to catalyst deactivation, especially regarding downstream processes such 

as methanol synthesis, Fischer Tropsch synthesis and methanation. 

- Production of phenolic wastewater 

- Human and environmental risks due to the carcinogenic nature of tar compounds 

 

The formation and transformation of tar compounds is a challenging process, since very fast and 

complicated mechanisms are involved, mostly due to the complex nature of biomass, which includes 

different polymeric units and cross-linkages in its main constituents (lignin, cellulose, hemicellulose). 

Furthermore, the large number of competing tar reactions that involve highly reactive radicals with 

complex chemistry add to this effect. In general, tar formation follows sequential steps. At 

temperatures below 500 oC, the produced tar is mainly comprised of oxygenated organic compounds, 

referred to as primary tar. Such tar species are vanillin, catechol, guaiacol and anisol. At temperatures 

above 500 oC primary tar is converted into secondary tar through dihydroxylation, demethoxylation 

and demethylation reactions that occur simultaneously. Secondary tar is mainly comprised of 

branched and heteroatom compounds such as phenol, cresols and xylenes. As the temperature 

increases to higher levels and especially in the 800 – 1000 oC region, secondary tar evolves to more 

stable compounds (tertiary tar), through ring condensation and polymerization reactions. Tertiary tars 

are divided to alkyl tertiary compounds (compounds with methyl branches) such as toluene, indene, 

methyl acenaphthylene and methyl naphthalene and polycyclic aromatic hydrocarbons (e.g. benzene, 

naphthalene, phenanthrene, anthracene, pyrene, etc.). Especially, the presence of PAH is highly 

problematic for a gasification process and therefore thorough understanding of their underlying 

formation mechanisms and their precursors is of essence. Briefly, there are two main pathways for tar 

formation, one considering phenol as the main precursor, while the other considers benzene. In both 

cases, the lignin content of biomass can be regarded as the most crucial aspect of its composition in 

that regard, since it includes an aromatic ring structure [43]. Finally, it should be mentioned that the 

aforementioned classification of tar compounds follows the structure suggested by Milne et al. in [45], 

based on their reactivity and order of appearance. Alternative classification methods exist however, 

in particular the one developed by the  Energy research Centre of The Netherlands (ECN), Toegepast 

Natuurwetenschappelijk Onderzoek (TNO) and University of Twente (UT) within the framework of the 

project ‘Primary measures for the inhibition /reduction of tars in biomass fuelled fluidised-bed 

gasifiers’, funded by the Dutch Agency for Research in Sustainable Energy (SDE) [46]. This approach is 

based on the solubility and condensability of the tar compounds instead of their reactivity, but does 

not change the above stated conclusions.  

During gasification, several tar decomposition reactions are taking place (steam reforming and 

dealkylation, thermal cracking, cracking and dry reforming), depending on the process conditions (e.g. 

temperature and residence time) and potentially the presence of catalysts in the system (catalytic bed 

material, downstream syngas cleaning, etc.). An overview of the most important tar reactions during 

gasification is given in Table 1.2. As can be seen, tar decomposition leads to the formation of gas 

species such as H2, CO, CO2 and CH4, directly affecting the syngas yield and the equilibrium of the main 

gasification reactions [44]. Overall, the above stated “tar problem” requires the development of 
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efficient methods for tar removal, that promote tar decomposition reactions while not affecting 

negatively the formation of useful products. The methods that are currently in use can be divided into 

two main categories: (1) in-situ or primary tar reduction which takes place inside the gasifier and 

prevents tar formation and (2) post-gasification or secondary reduction that takes place outside the 

gasifier [42, 47]. In-situ or primary methods are the measures taken in the gasification process to 

prevent the formation of tar in the gasifier, or to convert it. Ideally, the concept of in-situ methods 

completely eliminates the need for post-gasification treatments. Consequently, to obtain high quality 

exit gas, the gasifier’s performance needs to be optimized. The most decisive factors in this direction 

are the proper selection of operating conditions, the use of suitable bed material or catalyst and the 

gasifier’s design [42].  Post-gasification or secondary methods, treat the hot product gas of the gasifier 

and they are chemical or physical in their nature. The chemical methods include thermal or catalytic 

tar cracking downstream of the gasifier. On the other hand, physical methods include the use of 

cyclones, baffle, ceramic, electrostatic and fabric filters, rotating particle separators and scrubbers. 

Secondary methods can be further divided into dry and wet gas cleaning. Dry gas cleaning is employed 

before the cool-down of the gas where the temperature is higher than 500oC and partly below 200oC 

after the gas has been cooled. On the other hand, wet gas cleaning is used after the gas has been 

cooled down to temperatures around 20 - 60oC. For example, cyclones, rotating and electrostatic 

precipitators and filters are examples of equipment of dry gas cleaning applications, while spray and 

wash towers, scrubbers, etc. are used in wet gas cleaning [48].   

 
Table 1.2: Main tar decomposition reactions during tar reforming (adapted from [44]) 

Reaction Name Equation 

Steam reforming (1) 𝐶𝑛𝐻𝑚 + 𝑛𝐻2𝑂 ⇌ 𝐻2 + 𝐶𝑂 
Steam reforming (2) 𝐶𝑛𝐻𝑚 +𝐻2𝑂 ⇌ 𝐻2 + 𝐶𝑂2 

Steam dealkylation (1) 𝐶𝑛𝐻𝑚 + 𝑛𝐻2𝑂⇌ 𝐶𝑥𝐻𝑦 +𝐻2 + 𝐶𝑂 

Steam dealkylation (2) 𝐶𝑛𝐻𝑚 + 𝐻2𝑂⇌ 𝐶𝑥𝐻𝑦 +𝐻2 + 𝐶𝑂2 

Thermal cracking 𝐶𝑛𝐻𝑚 ⇌ 𝐶𝑠𝑜𝑙𝑖𝑑 + 𝐶𝑥𝐻𝑦 + 𝑔𝑎𝑠 

Cracking 𝐶𝑛𝐻𝑚 (𝐻𝑒𝑎𝑣𝑦 𝑡𝑎𝑟) ⇌ 𝐶𝑛𝐻𝑦(𝐿𝑖𝑔ℎ𝑡 𝑡𝑎𝑟) + 𝐻2 

Hydro cracking 𝐶𝑛𝐻𝑚 +𝐻2 ⇌ 𝐶𝐻4 
Hydro dealkylation 𝐶𝑛𝐻𝑚 +𝐻2 ⇌ 𝐶𝑥𝐻𝑦 + 𝐶𝐻4 

Dry reforming 𝐶𝑛𝐻𝑚 + 𝐶𝑂2 ⇌ 𝐻2 + 𝐶𝑂 
Carbon formation 𝐶𝑛𝐻𝑚 ⇌ 𝐶𝑠𝑜𝑙𝑖𝑑 +𝐻2 

*CnHm represents tar and CxHy  represents lighter hydrocarbons 
 

Gasifiers can be classified according to certain operation characteristics. One type of classification 

is based on the gas-solid interaction within the unit and it includes fixed or moving bed (downdraft, 

updraft, crossdraft) gasifiers, fluidized bed gasifiers (bubbling, circulating and dual) and entrained flow 

gasifiers (top-fed and side-fed). Additionally, gasifiers can also be classified according to the gasifying 

medium employed (air, CO2, steam, etc.). Other relevant gasification technologies that can be 

identified, include plasma gasification and supercritical water gasification. An important distinction 

between gasifier types, can also be made according to the way that the heat required for the 

gasification of a feedstock is provided to the system. The later classification, which splits gasification 

technologies in direct and indirect systems, will be further discussed in Chapter 5. In this section the 

types of reactor technologies, depending on the interaction of gas and fuel within the system, are 

going to be briefly discussed.  

The category of fixed and moving bed gasifiers constitutes perhaps the most popular commercial 

option due to the simplicity of their design and operation. In these systems the fuel moves down the 

gasifier in the form of a plug and depending on the contact between gasifying agent and fuel, fixed 
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bed gasifiers can be further divided in updraft, down-draft and cross-draft systems. In updraft 

gasifiers, the fuel flows from the top of the reactor, while the gasifying agent enters from the bottom 

in a counter-current configuration. In this case, the bottom portion of the reactor acts as the 

combustion zone for the drying and pyrolysis products, aiding to the increase of the temperature of 

the combustion zone and the up-flowing gases. These gases are then reduced in the reduction zone 

and can also serve as a medium for the drying of the biomass. These characteristics showcase the high 

thermal efficiency of this process, due to the low exit temperature of the gases from the system. 

Furthermore, updraft gasifiers have a low sensitivity in the amount of ash present in the feed, since 

the highest temperature point where the risk of ash fusion is most significant is located at the bottom 

of the reactor, close to the ash discharge point. In downdraft gasifiers, the gasifying agent is fed in the 

combustion zone, with the fuel being fed from the top to firstly the drying and then to the pyrolysis 

zone. After the combustion that takes place in the middle of the system, the gases flow into the 

reduction zone. Overall, downdraft or co-current gasifiers, have lower tar production rates compared 

to updraft gasifiers, however also possess lower thermal efficiencies, due to the higher gas outlet 

temperatures. Additionally, ash content in the feed should be fairly limited since high temperatures 

in the oxidation zone can lead to ash melting that could obstruct the flow of solids and ash discharge. 

Finally, cross-draft gasifiers employ a configuration where the gasifying agent is fed from the side and 

the fuel is fed from the top. However, in contrast to the updraft and downdraft concepts, the product 

gas is released from the opposite side to where the gasifying agent enters. In these type of systems 

high temperatures can be achieved in the combustion zone (around 1500 oC) and this is perhaps the 

most important reason that the lowest amount of tar is produced compared to the other 

configurations [49].  

The operation of fluidized bed gasifiers is based on the concept of fluidization, where the fuel and 

the bed material employed behave as a fluid, when a fluidization medium (air, steam, oxygen or 

mixtures) is allowed to force though this solid inventory of the reactor. This concept offers enhanced 

mixing and heat transfer between the fuel particles, the bed material and the produced gases, with 

the fluidized bed operating at near isothermal conditions. Inert materials such as silica, as well as 

materials with catalytic activity such as sand, olivine, dolomite and glass beads (mostly for research 

purposes) are employed as bed materials, with the latter assisting greatly in the effort of tar 

minimization. The temperature of such systems is limited by the melting point of the bed material 

(typically between 700 oC and 900 oC) and in conjunction with the short residence time, leads to a high 

hydrocarbon content in the product gas compared to downdraft fixed bed systems, since chemical 

equilibrium is not achieved. However, these gasifiers have a high carbon conversion efficiency 

(reportedly up to 95 %) due to the back-mixing of solids and are suitable for scaling up due to their 

excellent mixing properties and feed – flexibility with regards to particle size and type of feed. 

Furthermore, in contrast to other reactor types, fluidized beds offer the possibility of employing 

additives for the in-situ removal of pollutants and to enhance tar conversion [50]. Depending on the 

velocity of the fluidizing medium, fluidized bed gasifiers can be divided in bubbling and circulating bed 

gasifiers. Bubbling fluidized bed gasifiers are designed to operate at lower gas velocities (around 1 

m/s), while in circulating fluidized beds the velocities are typically between 3 and 10 m/s, leading to 

solid particles moving upwards along with the gas flow. These particles are then separated in a cyclone 

and recycled to the bottom of the bed. In both cases, the majority of the reactions take place in the 

dense bed region and substantial tar conversion takes place in the freeboard. Probably the weakest 

point in the fluidized bed technology comes from the employment of fuels with high ash content and 

in particular alkali metals, which can form eutectics with silica present in the bed material or the fuel 

itself, while the presence of chlorine also adds to this effect. The melting point of those eutectics is 

lower than the one of the bed material, leading to their melting at process temperature and the 

formation of bigger lumps called agglomerates. These agglomerates dramatically affect the 
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hydrodynamics of the reactor, leading to defluidization and correspondingly to a shut-down. However, 

options that reduce these phenomena and allow the use of high ash content fuels do exist and have 

been thoroughly discussed in the relevant literature [41]. The schematic representation of the two 

fluidized bed concepts is presented in Figure 1.8. 

 

 
Figure 1.8: Schematic representation of bubbling (a) and circulating (b) fluidized bed gasification concepts (adapted 

from [51]). 

Entrained flow gasification systems are perhaps the most widely used type of gasifiers, since they 

are commonly employed for large scale gasification of coal, petroleum coke and refinery residues. 

Unlike fluidized bed reactors, in this case no solid material is required. Instead, the feedstock is fed 

co-currently with the oxidizing agent by the means of a burner and a pneumatic transport regime is 

achieved due to the high flow velocity. Compared to both fixed and fluidized bed systems, entrained 

flow gasifiers operate at much higher temperatures, typically between 1200 oC and 1500 oC, allowing 

the thermal conversion of both tar and high hydrocarbons. This practically means that the product gas 

composition is near the chemical equilibrium composition and thus close to syngas quality [41]. A 

simplified schematic of the working principle of an entrained flow reactor is shown in Figure 1.9. At 

this point it should be mentioned that entrained flow reactors require the grinding of the feedstock 

to a very fine particle size. In the reactor the high velocity jet flow of pulverized fuel and oxidizing 

agent forms a recirculation zone near the entry point, allowing the fine particles to be rapidly heated 

by radiative heat from the reactor chamber walls and the hot gases downstream. This process takes 

place in excess of oxygen, which is depleted in its duration, with the remaining char undergoing much 

slower gasification reactions in a CO2 and H2O environment. The extended time interval required for 

these reactions, leads to the need of the employment of a large reactor for such systems. Entrained 

flow reactors can be classified in top-fed and side-fed systems. In top-fed entrained flow gasifiers, a 

vertically cylindrical vessel is used, where pulverized fuel and gasifying agents are conveyed by oxygen 

and injected from the top. On the contrary, in side-fed systems, the fuel is injected through horizontal 

nozzles placed opposite of each other in the lower section of the reactor. This way, a stirred-tank 

reactor effect is formed and the product gas moves upwards exiting from the top. Due to the high 

temperatures and the high oxygen availability in the mixing zone, the gas temperature is raised above 

the ash melting point (> 1400 oC), leading to the formation of slag which is then drained from the 

reactor. In general, entrained flow gasification of biomass feedstocks is rather limited mainly due to 

the very low particle size requirements (< 50 μm) calling for the employment of extensive pre-

treatment measures (e.g. torrefaction), as well as the high alkali content of biomass ash. Regarding 
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the later, the molten ash from biomass can lead to corrosion of the gasifier’s refractory and metal 

lining [30].  

 

 
Figure 1.9: Simplified schematic of the working principle of an entrained flow reactor [30]. 

The last type of gasification unit to be discussed within this chapter is the supercritical water 

gasifier. In supercritical water gasification, wet biomass feedstocks can also be utilized, elevating the 

energy savings due to absence of drying needs. During this process, supercritical water is used as a 

solvent, offering a low dielectric constant and enhanced solubility. In particular, the solubility of 

organic material and gases significantly improves, materials insoluble in water or vapour can be 

dissolved, while inorganic materials solubility is decreased, in supercritical conditions. Water is in its 

supercritical state above the critical point of 22.12 MPa pressure and 374.12 oC temperature. The main 

products of the process are H2, CH4 and CO2, with CO content being typically lower compared to other 

gasification processes due to the enhanced water gas shift and methanation reactions. Furthermore, 

fast solution of the formed gas in the supercritical water leads to the suppression of tar and coke 

formation. The temperature of the water influences greatly the composition of the product gas, since 

until 450 oC CH4 is the main component and above 600 oC, H2 becomes the main product. Overall, the 

ability of supercritical water gasification systems to treat wet feedstocks is one of its main advantages, 

along with the production of hydrogen-rich gas, the high process efficiency and the low tar formation. 

However, the use of special anti-corrosion and pressure/temperature resistant equipment increases 

the investment costs of the process. The operational costs are also significant due to the high energy 

requirements of the process. For this purpose, the use of catalysts is often suggested (e.g. Pt, alkali 

metals) to reduce the reaction temperature [49, 52].  

As presented in the previous paragraphs, there is a wide range of gasification technologies that 

can be utilized for the production of a variety of feedstock – product combinations. An overview of 

the potential products from a biomass gasification process is presented in Figure 1.10. According to 

data from IEA Bioenergy, there were already over 1700 operational gasification based CHP plants in 

Europe, mostly using woody biomass as a feedstock, rendering this particular application a well-

established technology. These types of facilities are able to facilitate the energy demands of hospitals, 

schools and hotels, they are employed in district heating concepts, as well as in sawmills, food 

production facilities and farms where the feedstock is readily available. Syngas from gasification can 

also be combusted in gas turbines, gas engines or boiler/steam turbine configurations for electricity 

production, internal combustion or Stirling engines for the generation of mechanical work and in high 

temperature fuel cells also for electricity generation. Co-combustion of the syngas with conventional 

fuels (coal, heavy oil or biomass) in power plants is also an option [53-56]. 
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Figure 1.10: Syngas from biomass gasification utilization pathways (adapted from [53]). 

 Apart from the primary ways to utilize the syngas produced from gasification, several methods 

exist for its utilization after downstream processing. An overview of potential pathways for the 

valorisation of syngas is provided in Figure 1.11. The hydrogen content of syngas can be enhanced 

through steam reforming and water-gas shift reactions while methanol can be produced through the 

hydrogenation of carbon oxides over a suitable catalyst. Methanol can be further converted to diesel, 

gasoline, dimethyl ether (DME) and olefins, among else. Additionally, the Fischer-Tropsch synthesis 

process, which includes CO hydrogenation over a Fe, Co or Ru catalyst for the production of mainly 

higher hydrocarbons and oxygenates, is an important route of biomass gasification syngas utilization 

[57]. Furthermore, synthetic natural gas (SNG) can be produced using gasification syngas through 

methanation reactions over a catalyst (typically Nickel-based) [58]. Another method for syngas 

utilization is syngas fermentation, which is often referred to as a hybrid thermochemical and 

biochemical process. During syngas fermentation, acetogenic bacteria are used as biocatalysts for the 

microbial conversion of syngas into short-chain organic acids and alcohols (e.g. ethanol, acetate) [59]. 

Finally, the char byproduct of biomass gasification can be employed in several applications, such as 

tar removal, gasification feedstock, activated carbon, contaminants adsorbent, direct carbon fuel cell 

(DCFC) production, additive for anaerobic digestion and catalysts production [60]. 
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Figure 1.11: Overview of main syngas conversion pathways and final products (adapted from [61]). 

 

1.4  Scope and research questions 
 

One of the goals of this work is to explore and finally develop experimental and analytical 

methods, as well as relevant models, for the investigation of biomass pyrolysis. As extensively outlined 

in the Introduction, pyrolysis, apart from a stand-alone process aimed at the valorisation of biomass 

feedstocks, constitutes also a crucial step in a biomass gasification process and a method for fuels 

characterization in general. Therefore, the work performed within this PhD project, has a two-fold 

purpose, since the methods and models developed for biomass pyrolysis also constitute a significant 

input for the field of biomass gasification. For this reason, it was carefully considered that the 

employed methodology would be appropriately adjusted to be applicable in both these lines of 

biomass-related research. The second goal of this study was to investigate a new type of indirect 

gasifier, the Indirectly Heated Bubbling Fluidized Bed Steam Reformer. Within the context of this work, 

a 50 kWth pilot reactor was developed and built through a collaboration between TU Delft and the 

company Petrogas. The scientific effort also included its commissioning and the conduction of 

experimental as well as modelling work to explore its operational characteristics and behaviour, while 

evaluating the industrial relevance of the proposed system in the field of biomass gasification. The 

corresponding investigation was focused on presenting a first, well-rounded overview of the 

properties and potential of such a novel biomass gasification unit. To achieve the aforementioned 

goals, the following research questions were formulated and addressed: 

 

- How can the Polyaromatic Hydrocarbons (PAHs) formed during biomass pyrolysis, be sampled 

and quantified in a fast and accurate way? 

- Which is the proper experimental and modelling methodology that needs to be employed in 

order to derive reproducible and accurate biomass pyrolysis mass loss kinetics? 

- Can Artificial Neural Networks (ANN) be employed for the accurate prediction of biomass 

pyrolysis product class yields? 

- What are the operational characteristics, occurring phenomena, performance metrics and 

product attributes of the novel Indirectly Heated Bubbling Fluidized Bed Steam Reformer? 
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- Can the hydrodynamic performance of the Indirectly Heated Bubbling Fluidized Bed Steam 

Reformer be accurately predicted and subsequently investigated, using numerical modelling 

via Computational Fluid Dynamics? 

 

1.5  Thesis outline 
 

In Chapter 1, a general introduction to the motivation and the concepts explored within this PhD 

thesis were presented. In Chapter 2, an experimental and analytical method developed for PAH 

sampling and quantification from woody biomass fast pyrolysis in a Pyroprobe reactor with a modified 

tar sampling system, is presented. Subsequently, Chapter 3 includes an assessment of biomass 

pyrolysis Thermogravimetric Analysis (TGA) through an international round robin. Chapter 4, discusses 

the topic of the estimation of lignocellulosic biomass pyrolysis product yields using Artificial Neural 

Networks. Furthermore, in Chapter 5, the experimental results from the gasification of woody biomass 

in the novel Indirectly Heated Bubbling Fluidized Bed Steam Reformer are examined, while in Chapter 

6, its hydrodynamic performance is investigated using two-phase numerical modelling of Geldart B 

particles. Finally, in Chapter 7 the major conclusions and recommendations of the present work are 

summarized. It should be noted that, with the exception of the first and final one, each chapter has 

been published separately in peer-reviewed journals. Overall, the work conducted within this thesis, 

was performed within the context and with the support of the European project Biofuels Research 

Infrastructure (BRISK) 2 funded by EU Horizon 2020 (Grant Agreement Number: 731101). 
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2.1 Introduction 
 

Concern around environmental changes, the future depletion of conventional fossil fuel reserves 

as well as the ever-increasing need for energy self-reliance and the global concern around 

environmental change caused by their use, have made heat and power generation from alternative 

and sustainable resources a primary research focus worldwide. Biomass is such a resource, 

constituting a potentially clean and renewable fuel, while being the third fuel resource worldwide, 

after coal and oil, in terms of abundance. Thermochemical conversion of biomass can be employed 

for heat, power, chemicals and fuels production. Pyrolysis, torrefaction, gasification, combustion and 

hydrothermal carbonization or liquefaction are considered as the major employed thermochemical 

conversion methods [1]. Pyrolysis is the thermochemical process of biomass decomposition, either in 

the absence of an oxidation medium, or with a minor amount which does not enable gasification to 

an appreciable extent [2]. Pyrolysis generates char, bio-oil and gases, depending on the reactor’s 

operational regime. Pyrolysis is also a sub-process of solid fuel gasification and tar formation therein. 

During gasification, primary and secondary pyrolysis reactions occur among other reactions such as 

the water-gas shift reaction and char oxidation [3]. Biomass gasification is receiving a lot of attention 

as a route for (large-scale) energy conversion. However, the presence of tar in the product is linked to 

several issues such as condensation, formation of tar aerosols and polymerization for the formation 

of more complex structures. Such structures can damage process equipment including engines and 

turbines [4]. The amount and nature of the produced tars depend both on the operational parameters 

and on the type of the biomass feedstock. Therefore, the study of a biomass feedstock’s tar production 

potential is essential for its successful application in gasification applications.  

Tar is a complex mixture of oxygenated organic compounds, 1 to 5 – ring aromatic hydrocarbons 

and complex polycyclic aromatic hydrocarbons. According to the EU/IEA/US-DOE meeting on tar 

measurement protocol (Brussels, 1998), the components of thermochemical conversion products 

with a molecular weight higher than benzene are defined as tars [5]. In the present work however, the 

first definition is going to be used. Tars are produced primarily through depolymerisation during 

pyrolysis and their formation depends greatly on the reaction conditions. At intermediately high 

temperatures, secondary reactions take place in the gas phase converting the oxygen-containing tar 

compounds produced primarily to light hydrocarbons, aromatics, oxygenates and olefins. 

Subsequently, higher hydrocarbons and larger polycyclic aromatic hydrocarbons are formed [6]. 

Polycyclic aromatic hydrocarbons (PAH) are ubiquitous environmental pollutants that are formed from 

natural and anthropogenic sources [7]. Low molecular weight PAHs (less than four benzene rings) are 

acutely toxic, while high molecular weight PAHs are mutagenic and carcinogenic [8]. They are 

considered as by – products of high temperature pyrolysis and incomplete combustion reactions [9]. 

Tars can be broadly classified into four main categories: primary, secondary, alkyl tertiary and 

condensed tertiary tars. Primary tars are produced during primary pyrolysis (200 oC – 500 oC) and 

include cellulose – derived products such as levoglucosan, hydroxyacetaldehyde and furfurals, along 

with analogous hemicellulose-derived products and lignin derived methoxyphenols. Secondary tars 

mainly include phenolics and olefins and are produced from the thermal cracking of the primary tars 

at temperatures higher than 500 oC. The class of alkyl tertiary tars includes methyl derivatives of 

aromatics, such as methylacenaphthylene, methylnaphthalene, toluene and indene, while the 

condensed tertiary tars class includes PAHs (naphthalene, acenapthylene, anthracene/phenanthrene, 

pyrene, etc.). Tar products belonging to those classes appear at pyrolysis temperatures higher than 

650 oC and 750 oC, respectively [10].  Another tar classification scheme is proposed in [11] based on 

the solubility and condensability of the tar compounds instead of their reactivity. According to this 

scheme, tars can be divided into the following groups: GC – undetectable tars, heterocyclic tars which 

contain hetero atoms along with highly water soluble compounds (pyridine, phenol, cresols, etc.), light 
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aromatic tars including light hydrocarbons with a single ring (toluene, ethylbenzene, xylenes and 

styrene), light polyaromatic tars, which are two- or three-ring compounds (indene, naphthalene, 

methylnaphthalene, biphenyl, acenaphthalene, fluorene, phenanthrene and anthracene) and heavy 

polyaromatic tars such as fluoranthene, pyrene and chrysene which have more than three rings. 

Among these classes light polycyclic tars condense at low temperatures while heavy polycyclics 

condense at high temperatures, both at low concentrations [11]. Consequently, the use of an 

appropriate configuration of the tar sampling method is essential for the accurate determination of 

the tar production spectrum. 

In processes such as gasification to produce producer gas or upgraded syngas and fast pyrolysis, 

which is mainly focused on bio-oil production, rapid heating rates are employed (higher than 100 oC/s). 

As a result, the investigation of tar formation under such conditions requires the use of reactors that 

can ensure such heating rates and the use of appropriate tar sampling techniques. Typical analytical 

pyrolysers that are used in such experimental studies include furnace type of pyrolysers, heated foil 

reactors, Curie – Point/Pyroprobe reactors, entrained flow/drop tube reactors, as well as small scale 

fluidized bed reactors [12, 13]. In furnace type of pyrolysers, the (small particle size) sample is 

introduced into a preheated zone rapidly. In Curie – point pyrolysers, the samples are placed on 

ferromagnetic wires or small sheets and they undergo pyrolysis at the Curie temperature of the 

ferromagnetic alloys [13]. Heated foil reactors, pyrolyse a thin disk of particles in an electrically heated 

wire mesh, while the heating rate and holding time are controlled by the proper adjustment of the 

current to the screen [12]. Pyroprobe reactors perform platinum filament heated pyrolysis, where the 

temperature of the filament surrounding the sample is controlled by variation of the voltage drop [14]. 

Drop tube furnaces are mostly vertical and down – fired and the samples are introduced in pulverized 

form. Entrained flow reactors are a variation of the drop tube furnace where the fuel particles are 

entrained in a carrier gas along the axis of the furnace into a flowing preheated gas stream. All these 

types of pyrolysers can achieve maximum temperatures above 1400 oC and appropriate heating rates 

for the conduction of fast or flash pyrolysis experiments [15]. Tar sampling from such instruments is 

based on cold trapping techniques followed by solvent absorption. The obtained volatiles can be 

analysed by the means of high – performance liquid chromatography (HPLC), size – exclusion 

chromatography – UV, gas chromatography (GC) – flame ionisation detection (FID) or GC – mass 

spectrometry (MS) [16]. In Table 2.1, the reader can find a brief overview on some tar sampling 

methods for PAH detection from fast pyrolysis reactors. 

Pyroprobe reactors have been widely employed in the investigation of the pyrolysis characteristics 

of biomass species. Analysis of the produced volatiles is usually performed by means of GC - MS [17-

25]. This choice however, creates an obstacle regarding the quantification of PAH species produced 

during pyrolysis. The main reason is that during devolatilization/pyrolysis most condensable gases are 

absorbed in the pyroprobe trap. By increasing the local temperature, desorption of the tars takes place 

at a maximum temperature of 350 oC. This temperature is not sufficient for the desorption of all the 

PAHs and especially the heavier ones. For example, the boiling point of pyrene and fluoranthene are 

393 oC and 383oC, respectively [26]. Furthermore, limitations are imposed by the maximum GC inlet 

temperature and the maximum temperature of the GC line interface (typically below 300 oC and 200 
oC , respectively [27]). Heavy PAHs can also recondense on the GC column under the aforementioned 

conditions. In general, quantitative results on the production of PAH cannot be obtained through PY 

– GC/MS pyrolysis [28]. Only qualitative results can be obtained, through the determination of the 

total calibrated chromatographic peak areas for several experiments performed  at different 

temperatures with the same sample mass [29].  
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Table 2.1: PAH capturing and analysis methods from pyrolysis reactors reported in literature. 

Feed 
Pyrolysis 
reactor 

Temperature 
(oC) 

Heating 
rate 

Tar sampling method Post sampling 
Tar analysis 
instrument 

PAH 
species 

detected 
Ref. 

Xylan, 
cellulose, 

lignin 

Fixed bed 
reactor 

800 
350 

oC/min 
Air and dry ice condensers Washing by ethyl acetate GC/MS 

2, 3 and 
4 ring 
PAHs 

[30] 

Municipal 
solid waste 

Fixed bed 
reactor 

800 
350 

oC/min 
Air and dry ice condensers 

Removal of aliphatic 
compounds and part of the 

aromatic tar fraction by 
washing with hexane. 

Remaining aromatics were 
obtained through ethyl 

acetate washing. Aliphatic 
and aromatic compounds 

were separated with a 
silica – alumina sorbent 

packed column. 

GC/MS 
2, 3 and 

4 ring 
PAHs 

[31] 

Sawdust 
Continuously 
fed drop-tube 

furnace 
600 – 1400 n.a. 

One sampling probe with a quartz 
filter and three 2-propanol filled 

impinger bottles; two at room 
temperature and one placed in a 

methanol – CO2 ice bath 

Evaporation at room 
temperature for 20 – 30 h 
to constant weight. Heavy 

tars condensed in the 
sampling line were added 

to this residue after 
washing with 

tetrahydrofuran. 

Identification 
by GC/MS and 
quantification 

by GC-FID 

2, 3 and 
4 ring 
PAHs 

[32, 
33] 

Cellulose, 
pectin, 

chlorogenic 
acid 

Quartz tube 
reactor 

700 - 850 n.a. Cambridge pad 
Extraction with methanol 
from the pad. The reactor 
was rinsed with methanol. 

GC/MS 
2, 3 and 

4 ring 
PAHs 

[9] 

Wood chips 
Quartz 
tubular 
reactor 

700 n.a. 

1) Two frit – less ice cooled impingers, 
immerse in ice and liquid N2 and 2-

propanol. Another two impingers with 
glass frit immerse in ice. 

2) SPA tubes (Carbotrap 300 pacted 
within stainless steel tubes) heated at 

350 oC 

Injection of internal 
standards 

1)GC/MS 
2)Thermal 
desorption 

with capillary 
GC/MS 

2 and 3 
ring PAHs 

[16] 

Acetylene 
Quartz 
reactor 

800 - 1000 n.a. 

Light PAHs were retained as they 
passed through a fine tube filled with 

XAD-2 resin. Heavy PAHs were 
adsorbed on the produced soot or on 

the reactor walls or they were 
collected using quartz fibre filters. 

Soxhlet extraction followed 
by PAH concentration by 
rotary evaporation and 

micro-concentration under 
nitrogen stream. 

GC/MS 
2, 3 and 

4 ring 
PAHs 

[34] 

Poplar 
wood 

Pyroprobe 
reactor 

500 
20 

oC/ms 

1) Solid phase extraction (Py-SPE). 
Silica gel was introduced to a glass 
tube packed with glass wool and 

conditioned with n-hexane. 
2) Solid phase micro-extraction (Py-

SPME) through a 
carboxen/polydimethylsiloxane fibre 

placed at the exit of the pyrolysis 
chamber. 

1) The trapping apparatus 
was spiked with a 

surrogate PAH mix,  rinsed 
with n-hexane and the 

solvent was collected in a 
vial after passing through 
the silica gel. The solution 
was subsequently blown 

down under N2. 
2) The fibre was introduced 
into an ammonia aqueous 
solution under magnetic 

stirring for 15 min and then 
dried under N2 flow. 

GC/MS 
Up to 6 

ring PAHs 
[35] 

 

In this work, PAH formation during the fast pyrolysis of woody biomass within a high temperature 

range (500 oC to 1000 oC) is investigated. An additional purpose of this study is to present a fast and 

accurate method for PAHs sampling and quantification from pyrolysis experiments in a Pyroprobe 

reactor. More specifically, condensation of the produced PAHs was achieved by the coupling of the 

built – in trapping system of the Pyroprobe with an isopropanol filled condenser at room temperature. 

The obtained tars, dissolved in isopropanol, were analysed using an HPLC for the quantification of 

each PAH content, without the need for a solvent evaporation step, Besides the time and accuracy 

benefits of this method, the simultaneous sampling of the non – condensable pyrolysis products is 

possible. Thus, at least satisfactory mass balance values can be obtained and links between tar and 

permanent gases evolution can be investigated. Moreover, the decoupling of the Pyroprobe reactor 

from a GC/MS system allows the conduction of experiments with oxidizing agents such as air, oxygen 

and CO2, although such attempts were not part of this study. Overall, this method offers a more 

complete determination of a biomass feedstock’s fast devolatilization characteristics and the effects 

of operational parameters on the products’ nature and distribution. The results were compared to 

those obtained from a heated foil reactor at the same process conditions. Significant differences, 

however, exist between the two reactor systems related to heat and mass transfer characteristics, 
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sample size, tar sampling procedure, etc. Considering the limitations in both cases (e.g. sample size), 

both reactor systems were used in such a way as to ensure yields relevant to the relatively high heating 

rate industrial application cases for all product fractions (gas, char, tar), which would also positively 

affect the identification of its individual gaseous and tar (in this case PAH) compounds afterwards. 

Therefore, the purpose of any comparison of the two performed, is to highlight the differences in PAH 

quantification from biomass fast pyrolysis by following two different procedures.    

 

2.2 Materials & methods 
 

2.2.1 Proximate and ultimate analysis of the fuels 
 

Raw biomass supplied by the Dutch company Synvalor was employed. In particular, a waste 

softwood mixture, a by-product of furniture manufacturing was used as a feedstock. Prior to the 

experiments the biomass was ground and sieved to powder with particle size <90 μm. Proximate and 

ultimate analysis of the wood is provided in Table 2.2. Analytical description of the procedures 

followed for the analysis, as well as the sugar and biochemical composition of the feedstocks can be 

found in [36]. 

 
Table 2.2: Proximate and ultimate analysis of waste softwood 

 a.r. d.b. daf 

Moisturea (wt%) 7.9 - - 

Asha (wt%) 0.7 0.8 - 

VMa (wt%) 72.1 78.3 78.9 

FCa (wt%) 19.3 21.0 21.1 

C (wt%) 45.6 49.5 49.8 

H (wt%) 4.7 5.0 5.1 

N (wt%) 0.5 0.5 0.5 

S (wt%) 0.04 0.04 0.04 

Ob (wt%) 36.5 39.6 39.9 

HHV (MJ/kg) 18.1 20.6 20.7 
a calculated by TGA 

b calculated by difference 

 

2.2.2 Apparatus and experimental procedure 
 

Fast pyrolysis experiments within this work, were conducted on a CDS Pyroprobe Model 5200. The 

Pyroprobe  is a pyrolysis instrument which can perform multistep platinum filament heated pyrolysis, 

in order to provide gas samples for gas chromatography, mass spectrometry or FTIR. By calculating 

the resistance of the filament at a particular temperature, the very temperature of the filament can 

also be controlled by voltage variation. The temperatures for the pyrolysis filament can reach up to 

1400 oC at heating rates from 0.01 oC/min to 20 000 oC/s, while the interface temperatures can be set 

to 350 oC. In Pyroprobe, a great variety of biomass feedstocks can be investigated, ranging from woody 

biomass to sludge. The typical sample size is 30 mg. For solid materials, preferably small particles sizes 

(<75 µm) are used to avoid heat transfer limitations. Furthermore, nitrogen, air or CO2 can be used as 

mediums. 
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Figure 2.1: CDS Pyroprobe 5200 setup during a fast pyrolysis experiment 

Pyroprobe is equipped with a ½” coil probe, able to house a 2.1 mm quartz tube with maximum 

capacity of approximately 300 mg of sample. Figure 2.2 presents a schematic overview of the 

equipment and the experimental procedure. This configuration allows higher biomass loading, 

compared to traditional Py-GC/MS applications where the typical biomass loading is 2-3 mg. In this 

way the inaccuracies and uncertainties during product collection and determination can be 

significantly reduced. For each experiment, a sample of approximately 30 mg weight was placed in the 

middle of the quartz tube, with the support of some quartz wool in both ends. The sample holder and 

the quartz wool are cleaned with pressurized air and seared respectively, to avoid contaminants. This 

sample size was selected to avoid the introduction of heat and mass transfer limitations imposed by 

larger sample sizes. At the same time, this sample size is considered large enough to lead to the 

production of considerable yields of the products investigated.  

 
Figure 2.2: A schematic overview of the experimental procedure and product sampling methods that were followed in 

the conduction of the pyrolysis experiments. 
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The coil probe, loaded with the quartz tube containing the sample was introduced in the 

Pyroprobe interface. The interface was heated from an initial temperature of 50 oC to 300 oC at a 

heating rate of 100 oC/min. Afterwards, the coil was heated with a heating rate of 600 °C/s to the 

desired pyrolysis temperature, which was maintained for 10 s. It must be noted that the actual 

temperature inside the quartz tube differs from the one that is set for the probe coil. According to the 

manufacturer, the difference is approximately 100 oC. Nitrogen (purity 99.999 %) was used as a purge 

gas at a constant flow of 10 mLn/min using a flowmeter.  The pyrolysis vapours flowed from the quartz 

sample tube to the trap through the valve oven which was kept at 325 °C (Figure 2.3). The trap 

consisted of a quartz tube (114 mm L, 4 mm I.D.) equipped with a glass frit to facilitate aerosol 

condensation. The trap was heated with a heating jacket at 50 °C because of the high temperature in 

the oven upstream the trap (325 °C). The majority of condensable products (tars and moisture) 

condensed in the trap. However, an additional liquid trap was connected downstream this quartz tube 

trap to ensure the condensation of lighter tar species. The liquid trap consisted of an impinger bottle 

filled with 2 mL of 2-propanol (IPA) (99.9 % purity). At the exit of the liquid trap gases were collected 

in a syringe with a freely moving piston for subsequent analysis by micro-GC. After the end of the 

sample heating, with the interface temperature still at 300 oC the operation continues for 5 min to 

achieve complete collection of the gaseous and liquid product.  

 

 
Figure 2.3: Diagram of the pyroprobe reactor and purge flow pathway 

At the end of the experiment, the char product and the liquid product (tars and with pyrolytic 

water) that condensed in the quartz trap were determined gravimetrically by weighing the sample 

quartz tube and the quartz trap, respectively. Initially, the weight of the holder with one piece of 

quartz wool on one end is measured. Afterwards, the weight including the biomass sample and 

subsequently the other piece of quartz wool is measured. It should be noted that the weight measured 

during this procedure also includes the moisture of the sample. Furthermore, before the initiation of 

the experiment the weight of the empty trap is also noted. After the completion of the experiment 

both the weight of the holder and the trap are measured again. This way, the amount of volatiles 

released and the gravimetric tar content of the biomass are measured. After the end of the experiment 
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and the weighing, the quartz trap is inserted in a testing tube along with the 2mL of isopropanol plus 

an additional 3mL. The trap remains there for approximately 40 min, so that the tars can dissolve. 

Afterwards, the solvent is filtered and is collected in a vial which is subsequently refrigerated. It should 

be mentioned here, that after a certain point, due to damage on the impinger bottle, a two – traps 

configuration was employed. That practically means that a second trap was used instead of a glass 

tube in the condenser. This particular adaptation did not influence the overall process or the results 

in any way. However, during the sampling procedure, the second trap was immersed in the 2 ml of 

IPA in the condenser, while the 3 ml were used only for the first trap.  Additionally, the total amount 

of gas that is collected in the syringe is measured as it is used in the gas yield determination. All 

experiments were performed at least in triplicate.  

The heated foil reactor employed was coupled with an FTIR for the simultaneous analysis of the 

product gases. A detailed schematic of the reactor and the overall procedure can be found in [36]. 

Briefly, the biomass sample was ground and sieved to particle sizes below 90 μm and subsequently, 

10 mg were compressed into a tablet (2.5 mm diameter, 0.7 mm thickness) by using a pellet press 

(force of 2 t). The sample size employed is limited to 10 mg, since for larger sample sizes, the increased 

thickness of the tablet would impose significant temperature gradients in the sample, as it was found 

by the authors in [37].  The tablet was then placed on the stainless steel foil and the reactor was 

purged with N2 (purity 99.999 %) in order to create an inert atmosphere. No temperature correction 

was employed in the case of the heated foil experiments, since the thermocouple of the instrument 

is located on the plate where the sample is placed. Subsequently, the sample was heated to the final 

pyrolysis temperature (500 – 1000 oC) for 10 s at a heating rate of 600 oC/s. A circulation pump was 

used for carrying the product gases to the FTIR for analysis. After the gas analysis, the reactor was 

cooled down by a N2 stream and the remaining char was retrieved from the foil and measured 

gravimetrically. Glass wool was placed at the outlet of the main chamber (before the circulation pump) 

to serve as a tar trap. The tar trapped in the glass wool filters was washed with DCM (dichloromethane) 

and mixed with the tar obtained from the reactor’s walls and lid (also washed with DCM). After 

filtering, the total solution was subjected to DCM evaporation at room temperature in a fume hood 

and the final total tar yield was determined gravimetrically. All experiments were performed in 

triplicate.  

 

2.2.3 Analysis of the products 
 

Tars from pyrolysis experiments were analysed by means of a high performance liquid 

chromatograph (HPLC) supplied by KNAUER System. Separation was achieved on an UltraSep ES PAH 

QC, 60 × 2.0 mm column, with a mobile phase of water/acetonitrile at a flow rate of 0.5 ml/min. The 

analysis temperature and analysis time were 25 oC and 17 min, respectively. Determination of tar 

composition was accomplished with a combination of ultraviolet-visible light (UV) and fluorescence 

detectors. According to the US Environmental Protection Agency (EPA) [38],  the UV detector is 

recommended for the determination of naphthalene, acenapthylene, acenaphthene, and fluorene 

while the fluorescence detector is recommended for the remaining PAHs. The UV detector wavelength 

was set at 254 nm. In the fluorescence detector, unlike in the UV detector, the wavelength varies with 

time during each experiment. The fluorescence excitation (EX) and emissivity (EM) wavelengths were 

set for the individual groups of PAHs as: EX-275 nm, EM-325 nm for naphthalene, acenaphthene and 

fluorene; EX-255 nm, EM-375 nm for phenanthrene and anthracene; EX-270 nm, EM-420 nm for 

fluoranthene and pyrene; EX-275 nm, EM-383 nm for benzo(a)anthracene and chrysene; EX-295 nm, 

EM-410 nm for benzo(b)fluoranthene, benzo(k)fluoranthene and benzo(a)pyrene; EX-301 nm, EM-420 

nm for dibenzo(a,h)anthracene and benzo(g,h,i)perylene and finally EX-304 nm, EM-501 nm for 
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indeno(1,2,3-cd)pyrene. Due to the limited amount of strongly fluorescent compounds, the 

fluorescence detection is highly selective. 

A certified PAH standard mixture (SS EPA 610 PAH Mix 100-2000 μg/ml methanol : methylene 

chloride 1:1) was supplied by Sigma Aldrich for calibration of the HPLC system. The calibration was 

carried out using the standards at 7 different concentrations. Each calibration standard was injected 

three times to check the analysis repeatability and the calibration curve was prepared by considering 

the whole set of injections.  The correlation factor obtained after the calibration procedure was 

R2>0.99 for all the PAH compounds under investigation. The fluorescence detector, being very 

sensitive concerning PAH analysis, can detect very low concentrations. The system was calibrated with 

a lowest concentration limit of 0.2 μg/ml.   

Gas analysis for the pyroprobe experiments was performed on a Varian μ-GC CP4900. Separation 

of H2, CO, CO2 and CH4 was achieved on a 1 m CP-COX column and detection and quantification by a 

TCD detector with Argon used as carrier gas. For the heated foil experiments, a Thermo Nicolet NEXUS 

6700 FTIR was used. The FTIR was calibrated for CO2, CO, CH4 and H2O detection and quantification. 

The resolution was 0.25 cm-1 and 3 scans were averaged every 9 s for a total time of 3 min. 
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2.3 Results & discussion 
 

2.3.1 Influence of pyrolysis temperature on PAH evolution 
 

The total PAH along with the main individual PAH compounds found in the product tar/oil from 

wood pyrolysis (600 °C/s, 10 s holding time) at different temperatures from both analytical pyrolysers 

(pyroprobe – PP and heated foil reactor – HF) are depicted in Figure 2.4. Appreciable quantities of 

PAHs were found only at peak pyrolysis temperatures exceeding 700 °C.   
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Figure 2.4: PAH evolution during pyrolysis (600 °C/s, 10 s holding time) of wood at different temperatures, comparison 

between pyroprobe and heated foil (HF). 

In the case of the PP experiments, the total PAH yield increased from 60 mg/kg at 700 oC to 

approximately 1900 mg/kg at 1000 oC.   The total PAH yield, as can be seen in Figure 2.4 (a), was 

significantly higher for the pyroprobe experiments in all temperatures examined and this difference 

increased for increasing temperature. In particular, no PAHs were detected for the HF experiments at 

700 oC while the corresponding yield for the PP was 60 mg/kg of sample. For 800 oC, the PP 

experiments resulted in almost twice the PAH yield compared to the HF tests, while for 900 oC and 

1000 oC PP PAHs were approximately 4.5 and 5 times higher, respectively. The differentiation between 

the two experimental procedures arises mainly from the effectiveness of light PAH capture. Light 

polyaromatic tars include two and three ring compounds and have the tendency to condense at 
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intermediate to low temperatures even at very low concentrations. On the other hand heavy 

polyaromatic compounds (larger than three rings) condense mostly at high temperatures [11].  

Naphthalene was the most abundant PAH detected in the PP experiments. The difference 

between the two methods was significant and it increased with increasing temperature, since the 

naphthalene yield increased as well. Specifically, the naphthalene yield was roughly 40, 60 and 90 

times higher for the PP experiments in comparison to the HF tests at 800, 900 and 1000 oC, respectively 

(Figure 2.4 (b)). In the case of the HF experiments, fluoranthene at 800 oC and phenanthrene at 900 
oC and 1000 oC were the PAH produced at the highest concentrations. It is interesting to note, that 

despite this fact, the fluoranthene yields of the two reactors were comparable at 800 oC (41 mg/kg – 

HF versus 37.4 mg/kg – PP) while PP pyrolysis produced more than two times higher phenanthrene 

yields at 900 oC and 1000oC.  

Another major difference between the two reactor systems, was the absence of acenapthylene 

from the HF pyrolysis products, while in the case of PP it constituted the second higher PAH specie 

yield detected.  In general, the HF reactor underperformed in comparison to the PP in terms of light 

polyaromatic compounds production (naphthalene, acenaphthylene, fluorene, phenanthrene and 

anthracene). As it can also be seen in Figure 2.4 (d), (e) and (f) the yields of fluorene were on average 

7.6 times higher for PP experiments, the ones of phenanthrene 2.4 times higher and anthracene’s 

approximately 4 times higher. These differences correspond to 800 oC, 900 oC and 1000 oC, since at 

700 oC, no PAH were detected at all for the HF. One potential explanation for the less successful light 

PAH sampling from the HF, lies in the employment of the evaporation step in those experiments. It is 

very likely, that lighter PAH species evaporated as well during the DCM evaporation, causing these 

differences with the PP experiments. The situation however was different for heavier PAH compounds. 

In particular, some species that were captured in the HF experiments were not present in the PP ones. 

Namely, benzo(b)fluoranthene, benzo(k)fluoranthene, benzo(a)pyrene and indeno (1,2,3-cd)pyrene 

were detected only in the HF tar samples. However, their concentration was particularly low, ranging 

from 14.6 mg/kg of wood for benzo(a)pyrene at 1000 oC to as low as 2.6 mg/kg of wood for 

benzo(b)fluoranthene at 800 oC. Regarding the rest of the species, as can also be observed in Figure 

2.4 (g), (h), (i) and (j) the differences were minimal between the two reactors, with the HF test results 

having a slight edge over the PP results for benzo(a)anthracene and chrysene. Heavy polyaromatic tars 

can condense at high temperatures and at low concentrations as it was mentioned earlier. This can 

potentially explain the differences between the two reactors, since tar sampling for the HF was 

performed closer to the sample in comparison to the PP. It is possible that part of the heavier PAH 

condenses on the tube in the PP oven or escapes the tar sampling system due to its low concentration 

[39, 40].  

Limited information is available in literature concerning PAH formation at high pyrolysis 

temperatures, since pyrolysis is not usually employed at temperatures higher than 800 °C.  Morf et al. 

[41] conducted homogeneous tar conversion experiments by initially pyrolysing fir/spruce wood chips 

at 380 oC and subsequently guiding the evolved gases to the tar  conversion zone were they remained 

for less than 0.2 s. The naphthalene yield obtained from those experiments ranged between 200 

mg/kg at 830 oC and 1167 mg/kg at 990 oC. These values are comparable to the results presented in 

this study since they also regard the secondary conversion of primarily formed tars in a continuously 

fed reactor. Zhou et al. performed fast pyrolysis of xylan, cellulose and dealkaline lignin in a fixed bed 

reactor at 800 oC [30, 31]. Tar sampling was performed with two air and dry ice cooled condensers 

and analysed by GC/MS. The authors reported total PAH yields of 156.2 mg/kg, 59.1 mg/kg and 541 

mg/kg for xylan, cellulose and lignin, respectively, which were also close to the results presented here. 

The results also compare well to the work previously published by the same group [42], where using 

the same type of PP reactor wood residues and ash wood was pyrolysed, producing a PAH yield ranging 
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from 291 mg/kg to 1189 mg/kg and 143 mg/kg to 1549 mg/kg between 800 oC and 1000 oC, 

respectively.  The yields of acenaphthalene, fluorene, phenanthrene, anthracene and pyrene in the 

present work are also consistent with the findings of Brage et. al at [43] although somewhat lower 

(i.e. fluorene yield of 276 mg/kg at 900 oC versus 67,18 mg/kg for PP). On the contrary, the 

naphthalene yields reported were three and four times higher at 800 oC and 900 oC, respectively, 

compared to the PP results. Brage et al. conducted hardwood pyrolysis at 700 oC and steam cracking 

of the produced gases between 700 oC and 900 oC. Tar sampling was performed through a series of 

Liebig condensers and cryogenic traps, the latter immersed in ice-acetone and dry-ice-acetone. The 

tars were extracted by washing with dichloromethane and acetone and the samples were introduced 

in a GC-MS, following solid-phase extraction. It is apparent, that steam cracking facilitated the 

decomposition of primary and secondary tars to produce PAH. Furthermore, experiments of Dufour 

et al. presented in [16] also yielded significantly higher amounts of naphthalene, acenaphthylene and 

phenanthrene compared to the present study. These experiments were performed with wood chips 

as feedstock in a quartz tubular reactor and the sampling procedure was described earlier in the 

introduction. A possible reason for the observed differences is the presence of a gas 

cracking/conversion zone in the Dufour et al. reactor which lies right after the biomass sample location 

and before the SPA sampling point. According to Cypres [44], the primary mechanism of phenol 

cracking is the simultaneous formation of CO and cyclopentadiene, with dibenzofurane formation 

being the second primary reaction. Further cracking of cyclopentadiene leads to benzene, toluene, 

indene and naphthalene formation along with H2.  Yu et al. [45], proposed a second pathway to PAH 

formation. According to the authors, benzene generates bicyclic or polycyclic PAHs through the 

abstraction of hydrogen atoms, the addition reaction of ethylene molecules or by the benzene ring 

condensation reaction of PAHs. Therefore, there is the possibility that phenol or benzene cracking can 

lead to higher PAH yields in the reactor of Dufour et al. Finally, it is interesting to note that in both 

Brage’s and Dufour’s work, pyrene and phenanthrene, were the heavier PAHs reported, respectively, 

in contrast with the present work which reports PAH until indeno (1,2,3-cd)pyrene. Heavy PAH are 

generally found in low concentrations in biomass tars, as it also apparent here, but their detection and 

quantification is crucial for the scale – up of any pyrolysis or gasification process.  

The present study reports a wider range of PAH compared to other studies. In particular, only 

naphthalenes are reported in [46] for Jatropha fast pyrolysis at 500 oC for 30 s in a pyroprobe – GC/MS 

system. In [47], again for Pyroprobe – GC/MS pyrolysis of sawdust between 500 oC and 800 oC, only 

naphthalene, phenanthrene and anthracene are reported. Trubetskaya et al. in [48], report 14 PAH in 

total (up to C17H12) from lignocellulosic compounds pyrolysis at a drop tube reactor between 800 oC 

and 1250 oC. However, to achieve this, before the quantitative analyses in a GC – FID the tar 

compounds were annotated using a dual detector system (GC/MS – GC-FID). Numerical comparison 

with the previously mentioned studies was unfortunately not possible since either area or mol 

percentages were reported.   

 Some interesting observations can also be made by studying the distribution of the PAH 

species between the quartz and the impinger trap for the PP reactor. In Figure 2.5 (a), it becomes 

apparent that at 800 oC , a temperature associated with lower PAH concentrations (compared to 

higher temperatures), the vast majority of PAHs tend to condense in the first trap (quartz) of the 

system. Less than 15 wt% of each of two or three ring compounds (light polyaromatics) was found in 

the impinger trap. However, a major shift is observed at 1000 oC, especially for the two major PAH 

species formed (naphthalene and acenaphthylene) (Figure 2.5 (b)). At this temperature, roughly 95 

wt% and 80 wt% of the naphthalene and acenaphthylene yields were found present in the impinger 

trap, while the presence of the other PAHs in the liquid (impinger) trap also increased (except for 

chrysene). These data suggest that a cold zone is sufficient in order to trap the major fraction of PAHs 

formed at lower temperatures (e.g. 800 °C) where total PAH yield is relatively low (approximately 500 
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mg/kg at 800 °C). However, at higher temperatures (e.g. 1000 °C) and higher PAH concentrations 

(approximately 1900 mg/kg at 1000 °C) the cold trap is not sufficient for effective condensation of 

PAHs, especially light PAHs (2 and 3 rings). This can be also attributed to a local increase of the 

temperature of the cold trap, due to the increase of the temperature of the product gas flow. 

 

 
Figure 2.5: PAH condensation on quartz and liquid traps from wood pyrolysis on PP (600 °C/s, 10 s holding time) at (a) 

800 °C and (b) 1000 °C. 

 

2.3.2 Gravimetric liquid and char from PP and HF reactors 
 

The char and liquid yields of the PP and HF reactors are presented as percentages of the initial 

biomass feed in Figure 2.6. Regarding the char product, very similar trends can be observed in both 

cases. Char production decreases with increasing temperature until 700 oC for the PP, before attaining 

a near-constant profile for higher temperatures. The corresponding temperature for the HF was 800 
oC. Liquid production peaks for both cases at 600 oC and subsequently decreases until 800 oC, 

maintaining a fairly constant yield above this temperature. The char yield reduction with the increase 

of the temperature, is the attributed to the increased primary decomposition of the biomass 

(hemicellulose, cellulose and lignin decomposition) as well as to the secondary char decomposition 

which mainly leads to non – condensable gases production [49]. The decrease of the liquid yield 

between  600 oC and 800 oC, for both the HF and PP reactor can originate from secondary cracking of 

liquid products to lighter volatiles (H2, CO, CH4, C2H4, etc.) despite the short residence time in the 

apparatus employed [50, 51] or from rigorous reactions in the decomposing biomass [52]. In general, 

the observed char yields and their trend for increasing temperature are in good agreement with 

several earlier similar studies of biomass fast pyrolysis [53-56]. The same holds for the liquid yields 

[54-56].  
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Figure 2.6: Effect of pyrolysis (600 °C/s, 10 s holding time) temperature on (a) char and (b) gravimetric liquid 

(condensables on quartz trap) yields. 

The differences between the char and liquid yields from the two reactors are more pronounced 

in the lower temperature range. In particular, the char yields were higher for the HF reactor at 500 oC 

and 600 oC by ~20.6 wt% and 6.8 wt%, respectively. This can be attributed to the thermal lag in the 

biomass sample in heating foil reactors. The poor thermal conductivity of woody biomass and the non-

distributed source of heating (foil) in heating foil reactors creates temperature gradients inside the 

pyrolysing sample [37]. This thermal lag is more pronounced at lower temperatures and low residence 

times. At temperatures higher than 600 oC the average difference was 2.2 wt% in favour of the PP. 

This difference can be attributed to minor inaccuracies occurring during the gravimetric determination 

of char yields. Higher sample mass was used in PP experiments (30 mg) compared to HF experiments 

(10mg) which would reduce any inaccuracies during char yield determination. Furthermore, 

inaccuracies during gravimetric char yield determination should be contained at minimum in case of 

PP experiments, since the resultant char was weighed in the sample quartz tube originally containing 

the starting feedstock. On the contrary, in case of HF experiments the resultant char had to be 

manually removed from the foil and subsequently weighed, a procedure during which minor losses of 

char particles can occur.    

The lower extent of devolatilization of wood sample in the HF reactor at 500 oC and 600 oC resulted 

in less liquid yield as expected. Nonetheless, liquid yields as determined gravimetrically were 

comparable at 600 oC and 700 oC for both analytical pyrolysers (42wt% for PP compared to 39wt% for 

HF at 600 oC, 39wt% for PP compared to 37wt% for HF at 700 oC). At higher pyrolysis temperature 

(>800 oC) the liquid yield determined gravimetrically from the HF was higher than that of PP.  

Considering the values of the standard deviation, the difference in this temperature range becomes 

less significant. However, as it was also shown in Figure 2.5, at high temperatures, naphthalene and 

acenaphthylene, which constitute the larger fraction of the detected tars tend to condense in the 

impinger trap for the PP. This liquid yield is not measured gravimetrically, as it was mentioned earlier. 

Therefore, it is fair to assume that along with light PAHs, lighter condensables also tend to condense 

in the impinger, thus explaining this difference between the two methods. Overall, it can be observed 

that PAH compounds constitute only a very small part of the total liquid yield from the fast pyrolysis 

experiments (maximum 0.2 wt% at 1000 oC). Lower molecular weight compounds (i.e. levoglucosan, 

phenolics, olefins, etc.) as well as pyrolytic water represent the by far larger part of fast pyrolysis liquid 

yield. As it was also evident in the previous work published by the authors, for woody biomass fast 

pyrolysis in the same pyroprobe reactor, only the phenol yield at 800 oC can be 8 times higher than 

the total PAH yield [42]. 
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2.3.3 Analysis of the product gas 
 

The total amount of gases produced from the two reactors were similar, ranging from 12 wt% to 

34 wt% for the PP and from 6.5 wt% to 33 wt% for the HF. From Figure 2.7, it can be derived that the 

main reason for this difference is the lower amount of CO2 produced during the HF experiments at 

500 oC and 600 oC, due to the lower extent of devolatilization of biomass sample as explained earlier. 

Furthermore, the CH4 yield became stable for the HF above 800 oC in contrast with the PP where the 

increase continued until 1000 oC. The values for CO were similar, while H2 was not measured in the 

case of the HF.  

 
Figure 2.7: Gas evolution over temperature during pyrolysis (600 °C/s, 10 s holding time) of wood: (a) CO2, (b) CO, (c) 

CH4 and (d) H2. Comparison between pyroprobe and heated foil. 

 

 It is important to notice that CO2 is the highest yielding gas until a temperature of 700 oC for 

both reactors studied. Above this temperature, CO becomes the most prominent gas and as can be 

seen in Figure 2.7 (d) and the yield of H2 monotonously increases despite remaining at low levels 

overall. Keeping in mind the stable char yield and the decreasing liquid yield at temperatures above 

700 oC, it can be concluded that secondary decomposition (cracking) of tar compounds is responsible 

for the increasing gas yield above this temperature. Primary devolatilization of the softwood sample 

leads to the production of mainly tar and CO2 until 700 OC. However, the further increase of the 

pyrolysis temperature leads to subsequent tar decomposition, producing more CO and H2 [50, 51]. 

Furthermore, as it was also mentioned before, phenol and BTEX (primarily benzene) compounds can 

both serve as PAH precursors. The rapid increase of the H2 yield observed here can be therefore linked 

to PAH formation, either through phenol cracking [45] or through the HACA sequence [41]. Finally, 
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regarding CH4,the steep increase of its yield from 0.2 wt% to 3.5 wt% from 500 oC to 1000 oC can also 

be attributed to the reforming and cracking of tar compounds [57]. 

 

2.3.4 Overall mass balance of the experiments 
 

The overall mass balance of the experiments was calculated as the summation of the individual 

product classes’ yields (gas, liquid and char) for both the HF and PP reactors. For the PP reactor, the 

average mass balance closure value was 80 wt% while the corresponding value for the HF was slightly 

higher (81.7 wt%), but similar overall. In both cases, the mass balance closure values increased for 

increasing temperature. In the HF reactor mass losses can occur from the char collection especially at 

high temperatures since the sample is not contained in the heating system, unlike in the case of 

pyroprobe where the sample is contained in a removable quartz tube. In both cases, there is a fraction 

of the product gases that is not measured, namely higher hydrocarbon gases, such as C2H4, C2H6, C3H6 

and C3H8 as well as H2 in the case of the HF reactor and H2O in the case of pyroprobe. The total yield 

of higher hydrocarbon gases can sum up to 2 – 5 wt% depending always on the experimental 

conditions and the biomass type [51, 56, 58], while the H2 production is usually close to, or less than 

1 wt%, as it was also shown in the present study [50, 59]. For both cases however, the largest amount 

of losses can be attributed to the liquid product gravimetric measurements. As it was shown in Section 

3.1, the HF reactor fails in terms of PAH determination by underestimating their total yield even by 5 

times compared to the PP. However, the main drawback of the PP system is the inability to measure 

gravimetrically the products condensing in the impinger trap. As it was shown in Figure 2.5, as 

temperature increases the bigger part of the PAH condenses there. Lighter tar compounds are also 

expected to be found present in significant quantities in the impinger trap rather than in the quartz 

trap.  Furthermore, as it was also mentioned earlier, there is a possibility of heavy PAH condensation 

in the transfer tube situated in the oven area of the PP reactor. Finally, pyrolytic water production was 

not measured for the PP experiments, in contrast with the HF tests. Pyrolytic water can account for 

10 – 12 wt% of the dry feed [60-62] and part of it condenses in the impinger trap for the PP 

experiments. 

   

2.4 Conclusions 
 

Fast pyrolysis of woody (softwood mixtures) biomass was conducted in a Pyroprobe (PP) reactor, 

with the purpose of studying PAH formation at high pyrolysis temperatures with an efficient, accurate 

and user – friendly method. Comparison of the results with the ones obtained from experiments 

conducted with a heated foil (HF) reactor showed a definite improvement in terms of PAH capture, 

except for some heavier PAH, which however contribute very little to the overall PAH yield. The PP 

reactor was also more efficient with respect to the total yields determination, due to the absence of 

thermal lag at lower temperatures, that leads to higher char yields for reactors such as the HF. Overall, 

it was also concluded that the HF reactor is not applicable for PAH quantification related studies, 

without making significant changes in the reactor’s configuration (sample size, pyrolysis chamber size, 

etc.) and tar sampling methods. 

PAH yields were found to increase with increasing pyrolysis temperature approaching a maximum 

of 1900 mg/kg (roughly 0.2 wt% of the overall yield) at 1000 oC for the PP experiments. Naphthalene 

and acenapthylene were the main compounds detected, while also significant amounts of 

phenanthrene were detected. PAH evolution was linked with the simultaneous increase of the CO, H2 

and CH4 yields, the stabilization of the char yield and the decrease of the liquid yield, suggesting that 

it is mainly a product of secondary decomposition. 
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The PP system produced reasonably good mass balance closure values (80 wt% on average). Char 

and gas yields were determined with high accuracy, however gravimetric liquid analysis lacked in this 

sense mainly due to the inability to measure the yield condensing in the impinger bottle. There is a 

trade – off between the gravimetric determination of the total liquid yield and the quantification of 

its constituents. By adding a solvent evaporation step for example, one might improve the mass 

balance closure values, but at the same time it would hamper the efficiency of determination of the 

liquid compounds. It was shown, that while a single cold trap is sufficient for PAH condensation at low 

concentrations (and therefore low pyrolysis temperatures), the same does not hold for higher 

concentrations. Therefore, an expanded condensation/trapping system, such as the one presented 

here, is required. 

Overall, the proposed system was successful in the reproducible quantification of PAH produced 

from biomass fast pyrolysis experiments. The flexibility of the system allows the fast conduction of 

multiple experiments, which minimizes the time required for sampling and its complexity. 

Furthermore, specific compounds of interest can be targeted for the analysis (PAH, sugars, acids, 

phenolics, etc.), depending on the experimental conditions and the purpose of the study. 
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3.1 Introduction 
 

Biomass is currently the main renewable energy source and it is expected to play a key role to 

reach the target formulated in the special IPCC report to limit global warming to 1.5 °C [1, 2]. Biomass 

combustion for bio-heat production is a consolidated technology and it is currently the main bioenergy 

use. Besides, biomass has the potential to play a more relevant role in the production of power, liquid 

fuels or chemicals. Thermochemical processes applied to lignocellulosic biomass are very promising 

for this purpose. Pyrolysis itself is a promising conversion process that can be used to produce liquid 

bio-oil [3, 4] and biochar [5], and is a main intrinsic sub-process in other thermochemical conversion 

processes such as gasification or combustion. Biomass mass loss behaviour is commonly determined 

by thermo-gravimetric analysis (TGA). TGA experiments with small samples and low heating rates can 

be conducted in a pure kinetic regime, i.e. without heat and mass transport limitations. For cellulose 

pyrolysis, it was concluded by Antal et al. [6] that mass loss at low heating rates can be described with 

a single first order reaction with a high activation energy (191–253 kJ/mol). Gronli et al. [7] conducted 

a round robin at 8 European labs with commercial cellulose Avicel PH-105, showing some although 

limited scattering in the results, with a temperature of peak conversion at 327 ± 5 °C and activation 

energy of 244 ± 10 kJ/mol at 5 °C/min. 

For lignocellulosic biomass pyrolysis, the derivation of kinetics is more challenging. Mass loss 

description with a single reaction is inaccurate, and the most common approach is to employ three 

reactions with a parallel reaction scheme, where each component represents cellulose, hemicellulose 

and lignin, respectively [8]. The main peak in conversion rate corresponds to cellulose, the shoulder 

at lower temperatures to hemicellulose and the tail at high temperatures to lignin. The kinetic 

parameters for each component are determined with model-based (model-fitting) methods, where 

the reaction model (commonly first and nth order) is selected before the fitting. Very different 

activation energies are however reported for each component, and especially for lignin [9]. This leads 

to a concern about the reliability of TGA data [10]. It has been pointed out that experiments should 

be conducted at different heating rates to minimize the influence of compensation effects [11, 12]. 

Besides, it has been reported that the selection of higher order reaction models for lignin leads to 

better predictions [9, 13], as it was also the case for the use of a distributed activation energy model 

(DAEM) [14]. 

Isoconversional (model-free) methods are also applied for deriving kinetics removing the need for 

a reaction model assumption. Integral isoconversional methods as Kissinger-Akahira-Sunose (KAS), 

Flynn-Wall-Ozawa (FWO) or Vyazovkin can provide the activation energies along conversion when 

experiments at different heating rates are conducted. The obtained kinetic data with these methods 

cannot be straightforwardly employed in a particle and reactor model, as the kinetic parameters 

change along conversion, but their complementary application with fitting (model-based) methods 

can increase the consistency of the obtained kinetic data though fitting, especially the selected 

reaction models, as suggested by Khawam and Flanagan [15] and applied by Anca-Couce et al. [9] for 

bio-mass pyrolysis. Anca-Couce et al. [16] recommended that for a reliable determination of biomass 

pyrolysis kinetics the reference experiments with pure commercial cellulose from Gronli et al. [7] 

should be first reproduced. Subsequently, experiments with biomass should be conducted at different 

heating rates and assessed with isoconversional methods, to verify the reliability of the experiments 

as well as the employed reaction model sand obtained activation energies in a fitting routine.  

In a thorough review conducted by Anca-Couce [16] in 2016, where concern about the variation 

of kinetics values in literature was raised, activation energy values for hemicellulose, cellulose and 

lignin pseudo-components in the parallel reaction scheme were reported from biomass pyrolysis 

experiments conducted at several heating rates. Cellulose values ranged from 190 kJ/mol to 250 

kJ/mol, while the respective ranges for hemicellulose and lignin were of 70 – 215 kJ/mol and 20 – 190 
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kJ/mol, respectively. This review was updated in the present work to include investigations conducted 

after 2016. In Figure 3.1, the activation energies are reported from the kinetic analyses conducted for 

pure biomass components (cellulose, hemicellulose and lignin) using various methods [17-29]. A very 

wide range of activation energies has been reported for each component, namely 114 – 288 kJ/mol 

for cellulose, 34 – 179 kJ/mol for hemicellulose and 7 – 226 kJ/mol for lignin. Figure 3.2 includes the 

results from kinetic analyses conducted for various biomass species employing three (or four in some 

cases) pseudo-components [30-47]. Very large variations are also present for each pseudo-

component. The ranges for the activation energies of each pseudo-component were 72 – 244 kJ/mol 

for cellulose, 58 – 200 kJ/mol for hemicellulose and 16 – 205 kJ/mol for lignin. The initial sample mass 

employed in these works was on average of 9.2 ± 5.0 mg, which is a relatively high value that can cause 

thermal lag in certain cases [6, 7]. The initial sample mass was however not directly correlated with 

the obtained activation energies. These large variations observed for the activation energy values of 

pure and pseudo components in very recent works raise concerns regarding the reliability of both the 

experimental and the modelling side of the analyses performed in the literature.  

 

 
Figure 3.1: Activation energies reported in literature for pure biomass components pyrolysis using several kinetic 

analysis methods [17-29]. Box plots indicate the median and interquartile ranges. 
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Figure 3.2: Activation energies reported in literature for pseudo-components in biomass pyrolysis using several kinetic 

analysis methods [30-47]. The values denoted with a * are mean values obtained from experiments performed under 
various heating rates or with different biomass species. For cases with 4 components, the 4th is either extractives [45, 46] 

or a second hemicellulose component [44]. Boxplots indicate the median and interquartile ranges. 

 

The objective of this work is to investigate the reproducibility of TGA biomass pyrolysis 

experiments and the deviations that can be expected when mass loss kinetics are derived from the 

same sample with different TGA devices. An international round robin has been conducted for this 

purpose with 7 European partners. Experiments have been first conducted with commercial cellulose 

to reproduce the results from a previous round robin conducted by Gronli et al. [7]. Subsequently, 

experiments were conducted at different heating rates with homogenized beech wood and the results 

were analysed with fitting and isoconversional methods for kinetics derivation. The reported 

activation energies for woody biomass pyrolysis in literature vary in abroad range and this variability 

is attributed to a certain extent to the inherent variability in biomass composition. This uncertainty in 

composition is removed in this study, which is focused on investigating the deviations that can be 

expected when TGA pyrolysis experiments are conducted with different devices by experienced users 

and the kinetics are derived using reliable methods. The results of this work will lead to relevant 

conclusions regarding the accuracy that can be expected in determining biomass pyrolysis mass loss 

kinetics.  

 

3.2 Materials and methods 
 

3.2.1 TGA experiments 
 

The instruments used in the round robin in this study are listed in Table 3.1. The partners were 

requested to conduct pyrolysis experiments with cellulose at a constant heating rate of 5 K/min and 

with beech wood at 4 constant heating rates in the range from 1 to 20 K/min (1, 5, 10 and 20 K/min 

for all partners, except #5 which conducted experiments at 2 K/min instead of 1 K/min). The samples 

were centrally distributed to all the partners involved in the round robin. Commercial Avicel® PH-101 

cellulose (CAS Number: 9004–34-6) was purchased from Sigma-Aldrich. Beech wood chips were 

homogenized according to ISO 14,780 and milled to particle sizes < 200 μm. The same homogenized 
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sample was used by every participant in the round robin. The proximate, ultimate and elemental 

analysis of beech is presented in Table 3.2. 

 
Table 3.1: TGA instruments list and characteristics as well as employed initial mass and nitrogen purge flow for 

partners #1 to #7. 

 

  

Partner Model 
Sensitivity 

(μg) 

Temperature 

accuracy (oC) 
Type 

Initial 

mass 

(mg) 

N2 Purge 

flow 

(ml/min) 

Sample 

holder 
Calibration 

#1 
TA SDT 

Q600 
0.1 0.001 Horizontal 3 50 Ceramic 

Curie 

point 

#2 

Perkin 

Elmer 

TGA 7 

0.1 0.5 Vertical 3 20 Platinum 
Curie 

point 

#3 
Netzsch 

STA 409 
1 1 Vertical 100 70 Alumina 

Melting 

point 

#4 

Mettler 

Toledo 

TGA/DSC 

2 Star 

System 

0.1 0.001 Horizontal 3 30 Ceramic 
Melting 

point 

#5 

Netzsch 

STA 449 

F3 Jupiter 

1 0.001 Vertical 3 100 Alumina 
Melting 

point 

#6 

Perkin 

Elmer 

PYRIS 6 

TGA 

5 2 Vertical 10 100 Alumina 
Currie 

point 

#7 

TG-

DTA/DSC 

Setsys-

1750 

(Setaram) 

1 0.001 Vertical 12 105 Alumina 
Melting 

point 
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Table 3.2: Proximate, ultimate and elemental analysis of Beech wood. a) Calculated by difference. 

Proximate analysis 

Moisture (wt%, a.r.) 9.9 

Volatiles (wt%, a.r.) 73.2 

Fixed carbon (wt%, 

a.r.)a 
16 

Ash (wt%, a.r.) 0.9 

Ultimate analysis 

C (wt%, d.b.) 49.5 

H (wt%, d.b.) 6.5 

N (wt%, d.b.) 0.25 

S (wt%, d.b.) 0.05 

Cl (wt%, d.b.) - 

O (wt%, d.b.)a 42.9 

Elemental Analysis 

Al (ppm, d.b.) 65 

Ca (ppm, d.b.) 3668 

Fe (ppm, d.b.) 60 

K (ppm, d.b.) 1490 

Mg (ppm, d.b.) 654 

Na (ppm, d.b.) 65 

Si (ppm, d.b.) 106 

Zn (ppm, d.b.) 2 

 

The partners were requested to conduct experiments with their usual procedure, employing an 

initial mass sample as low as possible, ideally of 3 mg (following the ASTM E1641 – 16 standard [48]). 

Some partners employed a higher initial mass, as shown in Table 3.1, following their commonly 

employed methods. In case #3 an open weighing system was employed, which inherently limits the 

precision of the system, and a compromise must be found between background noise and 

measurement signal. In cases #6 and #7 it was employed the minimum quantity that is required to 

cover the whole surface of the crucible, to maximize the exposed surface with an even distribution of 

the sample. The ASTM E1641 – 16 standard is similar to ISO 11,358 – 2 but differs mainly in its 

mathematical treatment and it was employed as a general guideline in the present study. The TGA 

experiments were conducted from room temperature up to 500 °C, however the results were analysed 

and presented only for the interval between 150 °C and 500 °C. To ensure complete moisture 

evaporation until the aforementioned lower limit, a holding time of 10 – 15 min was employed from 

the partners at temperatures around 110 °C. The char yield is reported at 500 °C, considering the initial 

mass as the one at a temperature of 150 °C. 
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3.2.2 Kinetic analysis 
 

The kinetic analysis is done is the range from 150 to 500 °C. Conversion (α) is defined in Equation 

(1) and it is calculated as a function of the current mass (m) as well as the initial and final masses at 

150 and 500 °C, respectively. The raw data is treated to provide 200 points for conversion in this range 

for further kinetic analysis. Conversion is employed instead of mass loss to do not account for the 

differences in char yield, as the current study focuses on mass loss kinetics without considering 

differences in product composition. These conversion values for all data sets are provided in the 

supplementary information. Besides, standard deviations in this manuscript are calculated with the “n 

– 1” method to estimate them in a conservative way. 

 

𝛼 = 1 −
𝑚 −𝑚500 ℃

𝑚150 ℃ −𝑚500 ℃
 (1) 

        

Kinetics are calculated with the model fitting method considering nth order reactions to 

determinate the reaction rate (dα/dt), as shown in Equation (2), where A is the pre-exponential factor, 

E is the activation energy, R the gas constant, T the temperature and n the reaction order. Cellulose 

pyrolysis is described with one first order reaction (n = 1). Beech wood pyrolysis is described with 3 

reactions, including one first order reaction representing cellulose and two nth order reactions 

representing hemicellulose and lignin. The model fitting routine derives the kinetic parameters from 

the derivative thermogravimetry (DTG) curves, where dα/dt is plotted as a function of temperature, 

and employs a least minimum squares method (nlinfit routine from Matlab [49]). The error in the fit 

for each experiment is normalized by the maximum of the DTG curve, as described elsewhere [9, 50]. 

 
𝑑𝛼

𝑑𝑡
= 𝐴𝑒𝑥𝑝 (

−𝐸

𝑅𝑇
) (1 − 𝛼)𝑛 

(2) 

 

Besides, the isoconversional KAS method has been applied at defined conversion intervals. The 

temperatures Tα,i at which a certain conversion α is achieved at each heating rate (ΔT/Δt)i are first 

calculated. The activation energy at that conversion Eα is then calculated based on Equation (3). For 

that, an Arrhenius plot of the left side of Equation (3) versus 1/Tα,i is derived, and the activation energy 

is calculated from its slope which is equal to - Eα/R. It was previously shown that other integral 

isoconversional methods as FWO or Vyazovkin lead to very similar results for biomass pyrolysis [9]. 

 

𝑙𝑛 (
𝛥𝑇

𝛥𝑡⁄

𝑇𝑎,𝑖
2 ) = 𝑙𝑛 (

𝐴𝑎𝑅

𝐸𝑎𝑔(𝑎)
) −

𝐸𝑎
𝑅𝑇𝑎,𝑖

 
(3) 

 

3.3 Results and discussion 
 

3.3.1 Cellulose pyrolysis 
 

The thermogravimetry (TG) and derivative thermogravimetry (DTG) results of cellulose pyrolysis 

experiments at 5 K/min are shown in  

Figure 3.3. For TG the conversion α is shown in the range 150 – 500 °C and for DTG the reaction 

rate dα/dt (calculated from the percentage of conversion) is shown for the same temperature interval. 

The averaged heating rate, char yield and temperature of the peak in reaction rate (DTG) are shown 

in Table 3.3. The shape of the curves is similar for all cases, but some deviations are present. The 
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maximum reaction rate was achieved on average at a temperature of 328.3 ± 9.2 °C, while it was of 

327 ± 5 °C in a previous round robin with the same commercial cellulose, conducted by Gronli et al. 

[7]. The obtained averaged heating rates (5.12 ± 0.26 K/min) are close to the target of 5 K/min. 

 

  
 

Figure 3.3: TG (left) and DTG (right) curves for cellulose pyrolysis at 5 K/min. 

 
Table 3.3: Temperature of the peak in reaction rate (DTG), char yield, averaged heating rate, kinetic parameters and 

error in the fitting for the cellulose pyrolysis experiments at 5 K/min. 

Partner 
T peak DTG 

(°C) 
Char yield 

(%) 
ΔT/Δt 

(K/min) 
E (kJ/mol) log10(A) (s-1) Error fit (%) 

#1 321.5 2.3 5.01 224.5 17.48 2.1 

#2 338.1 5.2 5.11 224.3 16.89 1.7 

#3 324.5 21.4 5.10 236.5 18.50 5.0 

#4 327.6 4.4 5.14 208.4 15.85 2.0 

#5 313.5 8.5 5.06 182.3 13.91 3.1 

#6 336.5 9.5 4.77 225.4 17.09 2.4 

#7 336.6 12.2 5.64 252.7 19.50 4.1 

Mean 
328.3 9.1 5.12 222.0 17.03 2.9 

± 9.2 ± 6.4 ± 0.26 ± 22.1 ± 1.81 ± 1.2 

Gronli et al. 
327 7.2 5.0 244 19 0.6 
± 5 ± 2.4 ± 0.1 ± 10 ± 1.1 ± 0.2 

 

Regarding the char yields, significantly higher deviations were obtained among the partners. The 

obtained values from cases #1, #2, #4 and #5 (5.1 ± 2.5%), employing initial mass samples of 3 mg, are 

similar to the ones of the round robin by Gronli et al. [7] (7.2 ± 2.4% with an initial mass sample of 4.1 

± 1.3 mg). However, the obtained char yields are higher for cases #6, #7 and especially for the case #3 

(9.5%, 12.2%, 21.4%, respectively), which leads to higher values of the mean char yield and standard 

deviation. These 3 cases were also the ones employing a higher initial mass for the experiments (10, 

12 and 100 mg for cases #6, #7 and #3, respectively). The correlation shown in Figure 3.4 between 

initial mass sample and char yield may be due to for bigger samples, where the retention time of the 

volatiles in contact with the sample is increased, secondary charring reactions are promoted leading 

to higher char yields [16, 51]. The char yield should also depend on the configuration of sample holder 

and inert flow. 
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Figure 3.4: Char yield as a function of initial sample mass for commercial Avicel® PH-101 cellulose pyrolysis at a 

heating rate of 5 K/min for partners #1 to #7. 

 

The DTG experiments were modelled with a first order reaction. The obtained kinetic parameters 

and error in the fit for all cases are shown in Table 3.3. Moreover, the DTG curves for experiments and 

model are shown in Figure 3.5 for the cases #1 (left) and #3 (right), considered as representative cases. 

The obtained activation energies and (log10) pre-exponential factors were on average of 222.0 ± 22.1 

kJ/mol and 17.03 ± 1.81 s−1, respectively. In the previous round robin values of 244 ± 10 kJ/mol and 19 

± 1.1 s−1 were respectively achieved [7]. The averaged error in the fitting was of 2.9 ± 1.2%. For most 

of the cases the error was very low, around 2%, as shown in Figure 3.5 - left for the case #1. This error 

took mainly place at temperatures around 350 °C due to the tail of the DTG curve, which cannot be 

modelled with a single reaction. This tail was more pronounced for the cases #3 and #7, which leads 

to a higher error (see the DTG curve in Figure 3.5 – right for case #3) and can be attributed to a more 

relevant char devolatilization in these cases with a higher char yield. The obtained char yields for cases 

#7 and specially #3 were higher than the range reported in the round robin by Gronli et al. [7], as seen 

in Figure 3.4. In this previous round robin, the error in the fit was generally lower because it was 

calculated for the TG curves and in a narrower temperature range [7]. 

 

  
Figure 3.5: Comparison of DTG experiment (circles) and model fitting (line) profiles for Avicel® PH-101 cellulose 

pyrolysis at a heating rate of 5 K/min with one first order reaction for the #1 (left) and #3 (right) cases. 

 

The obtained results show a good reproducibility of the previously conducted round robin by 

Gronli et al. [7]. The peak of reaction rate is at the same temperature, although with a higher 

variability. The case number #5 is the only one clearly outside the general trend, with the peak being 

observed at 15 °C less than the average. The obtained activation energies are in a similar range, except 
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for case #5 and to a lower extent case #4, where lower values are obtained. It is also remarkable that 

for cases #3 and #7 a significant conversion takes place at temperatures higher than 370 °C, which 

leads to a higher error in the fitting as previously commented. This may be related to the higher values 

of char yield observed for these two partners (see Table 3.3), probably caused by the higher initial 

cellulose mass (100 and 12 mg for the case #3 and #7, respectively) leading to char devolatilization in 

this region. 

It can be concluded from the cellulose results that previous results from literature could be well 

reproduced for most of the cases, although with a slightly higher variability. The main discrepancies 

were present in the char yield, which is significantly affected by the initial mass sample. Mass loss in 

cellulose pyrolysis is already well understood and the current results show that deviations are to be 

expected among experiments conducted from different partners, but they are limited, especially if 

small initial sample masses are employed. The next section will analyse the results of the round robin 

with beech wood at different heating rates, which is the main novelty of this work. 
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3.3.2 Beech wood pyrolysis 
 

The TG and DTG curves for beech wood pyrolysis at 1, 5, 10 and 20 K/min are shown in Figure 3.6 

and Figure 3.7, respectively. The averaged heating rate, temperature of the peak and temperature of 

the shoulder in DTG curves and char yields are shown in Table 3.4. The temperature of the shoulder 

is calculated from the local minimum of the derivative of the DTG curve. For the experiments at 1 

K/min, the data of #4 is analysed only in the range from 150 to 450 °C, as the heating rate of the 

experiment significantly increases after 450 °C, and data of #5 is not present as the experiment was 

conducted at 2 K/min. 

 
Figure 3.6: TG curves for beech wood pyrolysis at heating rates of 1, 5, 10 and 20 K/min for partners #1 to #7. 
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Figure 3.7: DTG curves for beech wood pyrolysis at heating rates of 1, 5, 10 and 20 K/min for partners #1 to #7.  
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Table 3.4: Average heating rate (K/min or °C/min – equivalent units), temperature of the peak and shoulder in DTG 
curve (°C) and char yield (%) for beech wood pyrolysis experiments at heating rates of 1, 5, 10 and 20 K/min (* result at 2 

K/min, not considered for the mean). 

 Partner 1 K/min 5 K/min 10 K/min 20 K/min 

Heating rate 
(K/min) 

#1 1.00 5.00 10.0 20.1 

#2 1.00 5.11 10.2 20.4 

#3 0.99 5.01 10.7 22.9 

#4 1.38 5.32 11.6 25.0 

#5 -- * 5.40 10.4 19.8 

#6 1.00 4.77 10.1 20.8 

#7 1.00 5.65 10.1 20.6 

Mean 
1.06 5.18 10.5 21.4 

± 0.16 ± 0.30 ± 0.6 ± 1.9 

Peak 
temperature 

DTG curve (°C) 

#1 317.2 343.1 355.5 367.9 

#2 335.7 363.0 373.0 387.0 

#3 321.5 344.2 355.3 367.5 

#4 328.4 353.4 368.5 383.0 

#5 314.7 * 334.2 343.7 344.8 

#6 327.3 358.7 367.5 377.6 

#7 317.9 355.3 372.9 389.2 

Mean 
324.7 350.3 362.3 373.9 

± 7.1 ± 10.1 ± 11.1 ± 15.4 

Shoulder 
temperature 

DTG curve (°C) 

#1 268.1 292.8 301.2 316.1 

#2 288.8 313.7 323.3 333.4 

#3 267.6 293.5 309.8 321.0 

#4 274.8 289.7 312.0 320.6 

#5 272.1 * 285.3 291.0 296.0 

#6 278.2 308.0 312.7 321.5 

#7 272.9 304.3 314.6 340.1 

Mean 
275.1 298.2 309.2 321.2 

± 7.8 ± 10.5 ± 10.4 ± 14.0 

Char yield (%) 

#1 13.9 18.9 20.4 21.5 

#2 13.7 20.3 20.3 20.2 

#3 27.0 26.5 26.6 26.6 

#4 21.7 19.5 20.4 21.6 

#5 22.8 28.9 27.2 26.8 

#6 20.9 21.0 21.9 22.4 

#7 20.9 19.7 24.3 22.0 

Mean 
19.7 22.1 23.0 23.0 

± 5.1 ± 3.9 ± 3.0 ± 2.6 

 

As for cellulose, the shape of the curves is similar for all cases, but some deviations are present. 

The obtained peak and shoulder temperatures in DTG curves at 5 K/min (350.3 ± 10.1 and 298.2 ± 

10.5, respectively) are similar to literature experiments conducted as well with beech wood at 5 K/min 

(349 and 295 °C, respectively [8]). The obtained deviations among experiments with different devices 

are of a similar order as in the previously presented cellulose pyrolysis round robin. Besides, the 

deviations from average presented the same tendency for most cases, e.g. peak of DTG at lower 

temperatures than average for #1, #3 and #5 and higher temperatures than average for #2 and #6. 
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The obtained averaged heating rates were very close to the targets for most of the cases, although 

some deviations were present. In case #4, the heating rate increased at the end of the experiment. 

The experiment at 1 K/min was analysed only until 450 °C, as previously stated, because at higher 

temperatures the heating rate became too high. However, the most critical experiment of #4 is the 

one at 20 K/ min, as the increase in heating rate takes place already when the conversion is not high 

(i.e. a significant fraction of biomass has not yet pyrolysed, as opposite to other experiments when 

the increase in heating rate takes place when conversion is already very high). In the experiments of 

#3 the heating rate is higher at the begin of the experiment for the cases at 10 and 20 K/min. In all 

other cases the deviations were minor. 

Regarding the char yields, the obtained deviations are lower than for cellulose. The highest char 

yields were obtained for cases #3, with the highest initial sample mass, and #5. The results are 

surprising for case #5 as the initial sample mass was of 3 mg. Cases #6 and #7, with an initial sample 

mass of 10 – 12 mg had generally higher char yields than the other cases with an initial sample mass 

of 3 mg (#1, #2 and #4). Besides, the char yield was slightly lower at the lowest heating rate in some 

cases, which points out a higher uncertainty in the determination at these very low heating rates. 

 

3.3.2.1 Isoconversional KAS method results 

 

The isoconversional KAS method has been applied to determine the activation energies along 

conversion for all cases. The Arrhenius plots are shown in Figure 3.8. For a certain conversion, one 

point is obtained from each experiment at a different heating rate. Therefore, 4 points are presented 

for each conversion since experiments were conducted at 4 heating rates. The slope of the Arrhenius 

plots at a certain conversion determines the activation energy. The quality of the linear fit is good for 

most of the cases. There are however two exceptions: the experiment from #2 at 1 K/min for high 

conversions (see at α = 0.9 in Figure 3.8) and the experiment from #5 at 20 K/min. 
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Figure 3.8: Arrhenius plots from the KAS method for conversions from 0.1 to 0.9 for beech wood pyrolysis at heating 

rates of 1, 5, 10 and 20 K/min for partners #1 to #7. 

 

The obtained activation energies from the KAS method and R-squared values are presented in 

Table 3.5 and Table 3.6, respectively. For #2 and #5 the values are reported for all heating rates and 

also without the experiments considered as outliers (at 1 K/min for #2 and at 20 K/ min for #5). 

Including all experiments, the obtained R-squared values were low at all conversions for #5 (values 

around 0.9) and very low at conversions higher than 0.8 for #2. These 2 outliers were therefore easily 

detected with the isoconversional KAS method, looking at the R-squared values as well as the 

Arrhenius plots in Figure 3.8. Without the outliers, the obtained R-squared values are very high for all 

cases (see Table 3.6), obtaining values above 0.99 for the seven data sets for conversions between 0.1 

and 0.85 (except for #5 without outliers at conversions of 0.1 and 0.15, with R-squared values of 0.97 
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and 0.98). The R-squared values are a bit worse for some cases at low conversions (α = 0.05) and they 

are much worse at high conversions (especially at α = 0.95). 
 

Table 3.5: Activation energies (kJ/mol) along conversion from KAS method for beech wood pyrolysis – data of #2 and 
#5 presented as well without outliers (#2 at 1K/min and #5 at 20 K/min). 

α #1 #2 #3 #4 #5 #6 #7 Mean 
#2 No 

out. 

#5 No 

out. 

Mean (#2, #5 no 

out.) 

0.05 148.9 185.7 169.7 157.4 172.3 173.3 104.5 158.8 ±26.7 166.5 134.8 150.7 ±24.4 

0.1 155.1 179.4 168.6 156.1 182.4 169.2 106.5 159.6 ± 25.6 166.0 145.2 152.4 ± 22.0 

0.15 157.7 180.3 172.0 157.1 188.5 169.6 109.1 162.0 ± 25.9 166.8 151.5 154.8 ± 21.5 

0.2 161.1 184.4 177.3 158.8 191.7 172.0 112.6 165.4 ± 26.1 169.4 154.7 158.0 ± 21.5 

0.25 165.2 189.4 184.3 161.2 193.6 175.2 114.4 169.1 ± 26.9 172.8 156.3 161.3 ± 22.7 

0.3 169.8 195.0 190.9 164.1 195.6 178.4 116.8 172.9 ± 27.7 176.1 157.7 164.8 ± 23.7 

0.35 174.2 199.7 195.6 166.7 197.9 181.2 120.0 176.5 ± 27.9 180.5 159.3 168.2 ± 24.2 

0.4 177.7 203.2 198.3 168.1 200.2 182.7 122.5 178.9 ± 28.1 184.4 161.1 170.7 ± 24.4 

0.45 179.8 204.3 199.5 168.3 201.5 183.2 124.3 180.1 ± 28.0 187.4 162.0 172.1 ± 24.4 

0.5 180.8 204.9 200.3 168.6 201.9 183.3 125.5 180.8 ± 27.7 188.5 162.4 172.8 ± 24.3 

0.55 181.2 204.9 200.7 169.6 201.8 183.0 126.4 181.1 ± 27.4 189.8 162.5 173.3 ± 24.2 

0.6 181.2 205.5 200.6 170.3 201.4 182.9 127.1 181.3 ± 27.2 191.3 162.5 173.7 ± 24.1 

0.65 181.0 206.7 200.3 170.4 201.1 183.0 127.6 181.4 ± 27.1 193.0 162.6 174.0 ± 24.1 

0.7 180.8 208.3 199.8 170.5 201.1 183.5 128.2 181.8 ± 27.1 194.0 163.0 174.3 ± 23.9 

0.75 180.8 212.4 199.6 170.8 201.4 184.3 128.8 182.6 ± 27.6 194.3 163.8 174.6 ± 23.7 

0.8 181.3 225.6 200.5 171.0 203.0 186.0 129.7 185.3 ± 30.2 195.0 165.7 175.6 ± 23.7 

0.85 184.0 329.2 207.3 171.5 207.2 190.8 131.6 203.1 ± 61.3 197.9 170.3 179.1 ± 24.8 

0.9 211.4 
-

152.4 
321.5 173.8 231.7 216.9 142.9 163.7 

± 

150.0 
212.7 194.0 210.5 ± 55.6 

0.95 332.3 
-

218.8 
667.6 184.0 125.0 300.6 192.7 226.2 

± 

265.4 
131.8 16.6 260.8 ± 207.7 

 
 

Table 3.6: R-squared values from KAS method for beech wood pyrolysis – data of #2 and #5 presented as well without 
outliers (#2 at 1K/min and #5 at 20 K/min). 

α #1 #2 #3 #4 #5 #6 #7 Mean 
#2 No 

out. 

#5 No 

out. 
Mean (#2, #5 no out.) 

0.05 0.9849 0.9966 0.9947 0.9995 0.8061 0.9966 0.9773 0.9651 0.0706 1 0.9184 0.9816 ± 0.0291 

0.1 0.9949 0.9984 0.9965 0.9993 0.8672 0.9978 0.9947 0.9784 0.0491 0.9999 0.9662 0.9928 ± 0.0119 

0.15 0.9965 0.9983 0.9971 0.9995 0.8925 0.9975 0.997 0.9826 0.0398 0.9998 0.9835 0.9958 ± 0.0056 

0.2 0.9968 0.9980 0.9972 0.9993 0.9023 0.9976 0.9985 0.9842 0.0361 0.9999 0.9907 0.9971 ± 0.0031 

0.25 0.997 0.9977 0.9974 0.9993 0.9034 0.9976 0.9984 0.9844 0.0357 0.9999 0.9936 0.9976 ± 0.0021 

0.3 0.9972 0.9971 0.9979 0.9989 0.9011 0.9973 0.9973 0.9838 0.0365 1 0.9941 0.9975 ± 0.0018 

0.35 0.9975 0.9971 0.9984 0.9989 0.8980 0.9966 0.9969 0.9833 0.0376 1 0.9938 0.9974 ± 0.0020 

0.4 0.998 0.9974 0.9987 0.9989 0.8965 0.9956 0.9969 0.9831 0.0382 1 0.993 0.9973 ± 0.0024 

0.45 0.9985 0.9979 0.9989 0.9988 0.8955 0.9943 0.997 0.9830 0.0386 1 0.9923 0.9971 ± 0.0028 

0.5 0.999 0.9981 0.9991 0.9985 0.8965 0.993 0.9972 0.9831 0.0382 1 0.9919 0.9970 ± 0.0032 

0.55 0.9994 0.9984 0.9992 0.9981 0.8990 0.9919 0.9975 0.9834 0.0373 1 0.9916 0.9968 ± 0.0036 

0.6 0.9997 0.9986 0.9991 0.9976 0.9026 0.9916 0.9976 0.9838 0.0359 1 0.9918 0.9968 ± 0.0036 

0.65 0.9998 0.9987 0.9991 0.9972 0.9069 0.9917 0.9979 0.9845 0.0343 1 0.9924 0.9969 ± 0.0034 

0.7 0.9999 0.9986 0.999 0.9968 0.9118 0.9918 0.9981 0.9851 0.0325 1 0.9932 0.9970 ± 0.0033 

0.75 0.9999 0.9978 0.9989 0.9964 0.9170 0.9922 0.9982 0.9858 0.0304 1 0.9943 0.9971 ± 0.0030 

0.8 0.9998 0.9937 0.9986 0.9961 0.9235 0.9926 0.9979 0.9860 0.0277 1 0.9959 0.9973 ± 0.0026 

0.85 0.9997 0,6652 0.9979 0.9960 0.9328 0.9924 0.9967 0.9401 0.1235 1 0.9983 0.9973 ± 0.0026 

0.9 0.9968 0.2786 0.9954 0.9973 0.9504 0.9832 0.971 0.8818 0.2665 0.9994 0.9965 0.9914 ± 0.0104 

0.95 0.7913 0.7932 0.9721 0.9459 0.1091 0.6413 0.8536 0.7295 0.2949 0.0266 0.0036 0.6049 ± 0.4173 
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The obtained activation energies with the KAS method along conversion are presented in Figure 

3.9. The values are shown on the top for all experiments and on the bottom for the experiments 

without outliers in cases #2 and #5. The cases with outliers had (together with case #3) higher 

activation energies than the other 4 cases. Including them would lead to an erroneous higher 

determination of activation energies with this method. Excluding the experiments considered as 

outliers led to lower activation energies in these cases, following the general trend for case #2 and 

with lower values for case #5. The predicted activation energies on average (without outliers) are a bit 

above 150 kJ/mol at low conversions and they increase along conversion for all cases, achieving values 

above 170 kJ/mol at a conversion of 0.4 and up to around 180 kJ/mol at a conversion of 0.85 (see 

Table 5). The obtained standard deviations until this conversion are in the range 20 – 25 kJ/ mol (25 – 

30 for all experiments including outliers). At yet higher conversions, the activation energies increase 

significantly, but the obtained deviations among all cases are much higher. The obtained results from 

the KAS method will be critically discussed in the next subsection. 

 

 

 
Figure 3.9: Activation energies along conversion (KAS method) for all experiments (top) and for experiments 

without outliers (#2 at 1 K/min and #5 at 20 K/min – bottom) for beech wood pyrolysis. 
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3.3.2.2 Model fitting results 

 

The results of the model fitting method are shown in Table 3.7. Three components are considered 

for the fit: cellulose, hemicellulose and lignin. In Figure 3.10, the DTG curves for experiments and 

model fitting are shown for case #1 and for all heating rates. In Figure 3.11, the DTG curves for other 

cases at 5 K/min are shown. The main component is cellulose (c ≈ 0.57), which has been modelled with 

a first order reaction and describes the main peak of the DTG curve. Hemicellulose (c ≈ 0.33) and lignin 

(c ≈ 0.1) describe respectively the shoulder at lower temperatures and the tail at high temperatures 

with an nth order reaction. The error in the fitting is generally low, with values around 2% for all cases. 

Similar results are obtained for all cases and the only exception is case #7, where the best fit was 

obtained when the first order reaction describes lignin and cellulose is described with a reaction with 

an order lower than one. The error in the fitting was also a bit higher in this case (3.1%). It should be 

mentioned that the same initial values were employed in the fitting routine for the fitted parameters 

in all cases, and it was checked that with different values a better fit was not obtained. 

 
Table 3.7: Kinetic parameters from model fitting method for beech wood pyrolysis for hemicellulose (HC), cellulose 

(CEL) and lignin (LIG). 

   #1 #2 No out #3 #4 #5 No out #6 #7 Mean Mean No #7 

HC 

log10(A) (s-1) 11.50 10.46 12.86 11.66 11.38 11.97 7.48 11.04 ± 1.73 11.64 ± 0.78 

E (kJ/mol) 147.1 140.5 161.7 150.6 143.6 154.8 107.8 143.7 ± 17.3 149.7 ± 7.7 

n (-) 1.78 1.81 1.79 2.33 1.99 1.84 0.82 1.76 ± 0.46 1.92 ± 0.22 

c (-) 0.324 0.378 0.331 0.370 0.328 0.326 0.225 0.326 ± 0.050 0.343 ± 0.024 

CEL 

log10(A) (s-1) 12.90 14.06 14.63 12.29 11.52 12.80 8.01 12.32 ± 2.17 13.04 ± 1.14 

E (kJ/mol) 179.2 198.9 199.6 175.8 160.8 181.8 126.0 174.6 ± 25.3 182.7 ± 14.8 

n (-) 1 1 1 1 1 1 0.56 0.94 ± 0.17 1 ± 0 

c (-) 0.579 0.552 0.542 0.563 0.567 0.571 0.662 0.576 ± 0.040 0.562 ± 0.013 

LIG 

log10(A) (s-1) 18.55 31.10 25.17 21.24 36.04 15.88 4.70 21.81 ± 10.32 24.66 ± 7.71 

E (kJ/mol) 268.2 440.7 347.6 305.7 461.1 238.9 97.2 308.5 ± 124.8 343.7 ± 90.9 

n (-) 5.88 7.62 7.26 5.20 11.47 4.82 1 6.18 ± 3.19 7.04 ± 2.44 

c (-) 0.097 0.070 0.128 0.067 0.105 0.104 0.113 0.098 ± 0.022 0.095 ± 0.023 

Error fit (%) 2.32 2.04 2.34 2.61 1.74 2.61 3.14 2.40 ± 0.45 2.28 ± 0.34 
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Figure 3.10: DTG experiments (circles) and model fitting (line) for beech wood at heating rates of 1, 5, 10 and 20 
K/min for case #1.  
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Figure 3.11: DTG experiments (circles) and model fitting (line) for beech wood at a heating rate of 5 K/min for cases #2 

to #7. 

The obtained activation energies for cellulose with the fitting routine are around 180 kJ/mol. For 

hemicellulose lower activation energies are obtained, around 150 kJ/mol, with an order of reaction 

close to two. The obtained standard deviations from all cases are moderate, especially when not 

including case #7 (15 and 8 kJ/mol for cellulose and hemicellulose, respectively). For lignin the 

obtained activation energies (over 300 kJ/mol) and reaction orders (around 7) are high, and the 

variability is much higher than for the other compounds. 

 

3.3.2.3 Comparison of isoconversional KAS and model fitting results 

 

In Table 3.8 the activation energy values obtained from the fitting and the isoconversional KAS 

method are compared. For cellulose, the derived activation energy with the fitting method is 

compared to the value from the KAS method obtained at the conversion level with the maximum 

reaction rate in the DTG curve, which is around 0.7. A very good agreement is obtained between both 

activation energies and the highest difference is 5 kJ/mol for case #4. For hemicellulose, the shoulder 

of the DTG curve is selected as a representative point for the comparison. The shoulder is observed at 

conversions around 0.25 and at this point, where the curvature of the DTG curves changes, the 

cellulose and hemicellulose compounds have a similar relevance (see Figure 3.10 and Figure 3.11). 

Therefore, the activation energy from the KAS method at the conversion where the shoulder takes 

place is compared to the averaged activation energy of cellulose and hemicellulose from the fitting 

method. In this case a very good agreement is as well achieved, and the highest deviation is 7 kJ/mol 

for case #6. Therefore, the isoconversional KAS method validates the obtained activation energies 

from the fitting method obtained for cellulose and hemicellulose. For lignin, the comparison is more 

challenging. The lignin compound in the fitting method describes the tail at high temperatures in the 

DTG curve. This tail starts at conversions around 0.9. The activation energies from the KAS method at 

this stage increase for all cases, but also the R-squared values are lower. At a conversion of 0.95 the 

R-squared values are already quite low for most of the cases (see Table 3.6). For the comparison with 

the fitting method, the activation energies of the KAS method at a conversion of 0.92 are selected. At 

this stage the R-squared values are generally acceptable (see Table 3.8). From the comparison the 

results from the isoconversional method suggest that there is an increase in activation energy during 

the last stage of conversion, which was also obtained from the fitting method for lignin, although 

discrepancies in the obtained values are present. 
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Table 3.8: Comparison of activation energies in kJ/mol with fitting method for cellulose (CEL), hemicellulose (HC) and 
lignin (LIG) and KAS isoconversional method at selected points. 

 #1 
#2 No 

out 
#3 #4 

#5 No 
out 

#6 #7 Mean 

Fit CEL 179.2 198.9 199.6 175.8 160.8 181.8 126.0 174.6 ± 25.3 
α maximum (-) 0.713 0.735 0.693 0.723 0.674 0.698 0.711 0.707 ± 0.020 

KAS α maximum 180.8 194.2 199.9 170.6 162.8 183.5 128.3 174.3 ± 23.9 
Difference CEL [Fit CEL – 

KAS max.] 
-1.7 4.7 -0.3 5.1 -2.0 -1.7 -2.3 0.3 ± 3.2 

Fit HC 147.1 140.5 161.7 150.6 143.6 154.8 107.8 143.7 ± 17.3 
Fit (HC+CEL)/2 163.1 169.7 180.7 169.6 152.2 168.3 116.9 159.1 ± 20.5 
α shoulder (-) 0.250 0.283 0.261 0.247 0.242 0.249 0.252 0.255 ± 0.014 

KAS α shoulder 165.3 175.0 185.7 160.5 156.0 175.1 114.5 161.7 ± 23.1 
Difference HC [Fit 

(HC+CEL)/2 – KAS sh.] 
-2.2 -5.3 -5.0 2.7 -3.8 -6.8 2.4 -2.6 ± 3.8 

Fit LIG 268.2 440.7 347.6 305.7 461.1 238.9 97.2 308.5 ± 124.8 
KAS α = 0.92 283.6 249.5 412.6 177.2 257.1 263.2 160.7 257.7 ± 82.3 

R-squared α = 0.92 (-) 0.956 0.990 0.999 0.999 0.851 0.888 0.873 0.937 ± 0.065 
Difference LIG [Fit LIG - 

KAS α = 0.92] 
-15.4 191.1 -65.0 128.5 204.0 -24.3 -63.5 50.8 ± 42.5 

 

3.3.2.4 Discussion 

 

The conduction of TGA for biomass pyrolysis and its evaluation is inherently difficult. Cellulose 

mass loss at 5 K/min can be well described with a single first order reaction with a high activation 

energy (above 200 kJ/mol). The results of this round robin show however that standard deviations of 

9 °C in the position of the maximum in the DTG curve at 5 K/min and 22 kJ/mol in activation energy 

were obtained. Such deviations are therefore to be expected when conducting experiments with 

different devices. 

For beech wood pyrolysis, the obtained standard deviations in the positions of the peak and 

shoulder of the DTG curves (around 10 °C at 5 K/min) are of a similar order as for pure cellulose. These 

deviations arise therefore only from the use of different devices with different operation modes. The 

variability in TGA data for biomass pyrolysis in literature is commonly attributed to the inherent 

heterogeneity in biomass composition. This work shows that the use of different devices and methods 

with the same samples further adds variability in the results. 

The determination of mass loss kinetics from wood pyrolysis is more challenging than for pure 

cellulose. As already discussed in the introduction, experiments at different heating rates are required. 

Isoconversional methods are a suitable tool to assess the reliability of wood pyrolysis TGA 

experiments. The integral isoconversional KAS method has been applied in this work and it was shown 

that outliers can be detected when low R-squared values are present. Two outliers (at 1 K/min for case 

#2 and at 20 K/min for case #5) were detected from the 7 data sets with different TGA devices 

evaluated and therefore removed from further analysis. High R-squared values, over 0.99 during most 

of the conversions (except at the very begin and specially at the end of the conversions) are to be 

expected from reliable experiments at different heating rates, as it is the case for the experiments 

without outliers in this work. 

The kinetics were determined using a fitting method which employs three parallel reactions 

(cellulose, hemicellulose and lignin), and validated with the isoconversional KAS method. A variable 

reaction order was assumed for hemicellulose and lignin, and a first order for cellulose. The obtained 

activation energy for cellulose is high (around 180 kJ/mol), but lower than for pure cellulose. The 
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activation energy for hemicellulose (around 150 kJ/mol) is lower than for cellulose. In both cases, the 

values obtained from the fitting are supported by the isoconversional KAS method with a good 

accuracy. For lignin, very high activation energies are obtained with both fitting and isoconversional 

methods (above 200 kJ/mol), but the deviations for different cases are large. 

The obtained deviations in activation energies for cellulose and hemicellulose with the fitting 

method and for the KAS method for conversions up to 0.9 are around 20 kJ/mol (without outliers). 

These deviations are of similar order as the results with pure cellulose. A closer inspection of the 

results shows that the deviations are especially higher for case #7, obtaining much lower activation 

energies than the average and significant differences in reaction orders. For the other cases, the 

differences are smaller, but it can yet be detected that lower activation energies are obtained for case 

#5 and higher for case #3. These 3 cases (#3, #5 and #7) were also the ones for which higher 

discrepancies were found for the cellulose experiments. The conversion took place at significantly 

lower temperatures for case #5, with the peak in the DTG curve at 15 °C less than the average. This 

behaviour was also seen in the beech wood experiments for this case (see Figure 3.6 and Figure 3.7). 

For cases #3 and #7, a remarkably higher char yield was obtained for cellulose, as well as a higher error 

in the fitting due to char devolatilization at temperatures higher than 370 °C. It is not clear if this 

influences also significantly the beech wood experiments, but anyhow in both cases the deviations 

were higher for cellulose and also the highest initial mass samples were employed. If these cases for 

which deviations were already present for cellulose are not considered for the beech wood analysis, 

the obtained standard deviations are much lower. 

The averaged kinetic parameters for cases #1, #2 (without 1 K/ min), #4 and #6 are shown in Table 

3.9 and the obtained activation energies with the KAS method in Figure 3.12. These selected cases are 

the ones which could reproduce with a good accuracy the experimental results with pure cellulose 

and for case #2 the experiment at 1 K/min was not considered after an analysis of the results applying 

the isoconversional KAS method. The previously described trends remain the same, but the obtained 

deviations are quite lower, with 10 or less kJ/ mol for the conversions up to 0.9 with beech wood, as 

well as for the cellulose and hemicellulose compounds in beech wood and for pure cellulose. Besides, 

the averaged activation energy of the cellulose component in the selected cases (183.9 ± 10.3 kJ/mol) 

is higher than when considering all cases (174.6 ± 25.3 kJ/mol) and very close to the values commonly 

reported in literature from detailed analysis (in the vicinity of 47 kcal/ mol−197 kJ/mol - according to 

Burnham et al. [52]). 

 
Table 3.9: Averaged kinetic parameters from model fitting method and comparison of activation energies to from 

fitting and isoconversional KAS method for selected cases #1, #2 (without 1K/min), #4 and #6. 

 
Beech wood Pure 

cellulose Hemicellulose  Cellulose Lignin 

Fit 

log10(A) (s-1) 11.40 ± 0.65 13.02 ± 0.75 21.69 ± 6.64 16.83 ±0.69 
E (kJ/mol) 148.2 ± 6.0 183.9 ± 10.3 313.4 ± 89.2 220.7 ±8.2 

n (-) 1.94 ± 0.27 1 - 5.88 ± 1.24 1 - 
c (-) 0.350 ± 0.028 0.566 ±0.012 0.084 ±0.019 - - 

Ea KAS (kJ/mol) [α shoulder, max., 0.92] 169.0 ± 7.3 182.3 ± 9.7 243.4 ± 46.3 - - 

Difference (kJ/mol) [Fit (HC+CEL)/2 – KAS 
shoulder, Fit CEL – KAS max., Fit LIG – KAS 

α = 0.92] 
-2.9 ± 4.2 1.6 ± 3.8 70.0 

± 
106.9 

- - 
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Figure 3.12: Activation energies along conversion (KAS method) for selected cases #1, #2 (without 1K/min), #4 and #6. 

 

It also interesting to discuss possible causes leading to results outside the general trends for cases 

#3, #5 and #7, which are the finally not selected cases because they could not reproduce the results 

with pure cellulose. For cases #3 and #7 higher initial masses were employed than other cases (see 

Table 3.1). It is therefore advised to employ initial masses lower than 10 mg (the exact value probably 

depends on the device), as higher values led to deviations in this work. This is consistent with previous 

literature works with cellulose, which showed that thermal lag can only be completely avoided with 

samples of a few mg at low heating rates (up to 10 K/min) and even smaller samples at higher heating 

rates [52, 53]. Despite it, initial sample masses of 10 mg and higher are still commonly employed in 

literature for determining biomass pyrolysis kinetics, as shown in the review of recent works presented 

in the introduction, where the initial sample mass was on average of 9.2 ± 5.0 mg. For case #5, with 

an initial sample mass of 3 mg, it was found after the experiments of the round robin that differences 

in the peak temperature (15 °C lower than the average for pure cellulose) was due to: 1) the 

temperature calibration, as a recalibration considering the nonlinear behaviour of the furnace lead to 

a difference of 3.8 °C in the peak temperature for cellulose (the furnace was originally calibrated with 

melting points of 5 pure metals including Ag and Au - melting points of 962 and 1064 °C -, which led 

to deviations at lower temperatures), and 2) over geometry and purge gas flow direction, as the purge 

gas flows downwards in the employed device (as opposite to the most common devices) promoting 

the decomposition; and this effect can be diminished by using pan lids, leading to a difference of 7.2 

°C in the peak temperature for cellulose. 

Furthermore, deviations in the target heating rate were present for case #3 at 10 and 20 K/min. 

Additionally, for case #4 the heating rates were higher than the target. A detailed analysis shows that 

the experiment at 20 K/min of case #4 is slightly outside the general trend, which is probably due to 

the higher heating rates obtained in that experiment when a significant conversion was still taking 

place. Slightly higher activation energies would be obtained for case #4 without the experiment at 20 

K/min, but the current deviations are considered acceptable. 

Other characteristics of the employed TGA instruments and methods besides the initial sample 

mass have shown to not be critical for deriving reliable kinetics. The finally selected cases as the most 

reliable (#1, #2 without outlier, #4 and #6) span the whole range of tested possibilities regarding TGA 

configuration type (horizontal and vertical), N2 purge flow, sensitivity and temperature accuracy (from 

the lowest to highest values), sample holder (ceramic, platinum and alumina) and calibration method 

(Curie point or melting point), as shown in Table 3.1.  
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The results of this work show that a certain variability is present in the experimental results 

employing several TGA devices with beech wood and pure cellulose pyrolysis, and it is of a similar 

order regarding temperature differences than in the round robin conducted by Gronli et al. [7] with 

pure cellulose. However, these deviations can lead to larger discrepancies in the calculated activation 

energies for beech wood pyrolysis, where several components decompose in parallel. This result 

should not discourage the use of TGA to determine kinetics, but this needs to be conducted with care, 

reproducing first TGA results of pure cellulose and employing isoconversional methods as suggested 

in this work to validate the reliability of the experiments. Besides, kinetics should be derived with 

reliable methods, as in this work combing fitting and isoconversional methods, which is not always the 

case in literature and adds further variability to the reported values. 

Finally, it is not the target of this work to claim that the conducted kinetic analysis for beech wood 

pyrolysis is the optimal one. A parallel scheme was selected as it is the most common option in 

literature and it provides reasonable results for mass loss, although it cannot predict the yield of 

different products as char or bio-oil. An nth order reaction for hemicellulose and first order reaction 

for cellulose provided good results. The determination of the lignin parameters is more complicated, 

and the employed nth order reaction is one possible alternative. With the current approach the lignin 

component is modelling only the tail at high temperatures. Lignin pyrolysis actually covers a wider 

temperature range and it starts reacting at low temperatures [54]. In fact, the proportion of lignin in 

hardwood is around 22% [55], which is higher than the ≈ 10% proportion of the lignin component in 

the fittings in this work. It is already known that the proportions of each component in a parallel 

reaction scheme derived from the fitting method with TGA data does not completely resemble the 

biomass composition, due to interaction of compounds or different char yields. The high deviation in 

this case for lignin is also due to lignin reactions taking place at lower temperatures which are not 

covered by this component in the current fitting. Additionally, a very high reaction order is obtained 

in this work for lignin. This high reaction order, and probably also the very high activation energy for 

lignin in some cases, is mainly an artefact so that it is possible to model a compound with a relatively 

flat DTG curve, which in principle can be obtained for one single reaction with a low activation energy 

(which is not meaningful according to the KAS method) or a high reaction order (which was the case 

of this work). This high reaction order does not represent a real chemical phenomenon and it rather 

masks the complexity of several consecutive chemical reactions being modelled with one single 

reaction. These issues (proportion and reaction order of lignin) are however not a main limitation of 

this work, as it was an advantage that the lignin compound was covering only the conversion at higher 

temperatures, to have an easier comparison with isoconversional methods at high conversions. 

Anyhow, the obtained high values for the activation energy of lignin should be taken with caution, 

especially when there are big differences with the values from isoconversional methods. Furthermore, 

this work supports that for lignin a first order reaction or low activation energies [9, 54] (which are 

employed/derived in many works, and are commonly cause and consequence respectively), are not 

supported by isoconversional methods, at least for the high conversion region. However, other models 

may be more suited to describe lignin than the one employed here (e.g. DAEM [14]). Other reaction 

models can also be employed for cellulose and hemicellulose, but the obtained activation energies 

should be supported by isoconversional methods, as in this work. 
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3.4 Conclusions 
 

The determination of mass loss kinetics for biomass pyrolysis is still an unresolved topic, due to 

the broad range of values reported in literature. An international round robin of TGA pyrolysis 

experiments with pure cellulose and beech wood has been conducted by 7 partners. Cellulose 

pyrolysis has been modelled with one first order reaction and beech wood pyrolysis with 3 parallel 

reactions employing a fitting routine. The isoconversional KAS method has been employed to support 

the kinetic analysis for beech wood. It was shown that certain deviations are obtained in DTG curves 

for all cases, of around 10 °C in the position of the peak at 5 K/min and 20 – 30 kJ/mol in the predicted 

activation energies for cellulose, hemicellulose and conversions up to 0.9 for beech wood. Higher 

deviations are obtained for yet higher conversions and for lignin. 

The following method [9, 16] for determining biomass pyrolysis kinetics has been employed and 

is hereby recommended to increase the reliability of kinetics derived from biomass pyrolysis: 

 

- Pure cellulose pyrolysis experiments conducted at 5 K/min from Gronli et al. [7] should first 

be reproduced, in order to assess the employed TGA device and methods. This study shows 

that a good reproducibility can be generally obtained and the cases with higher deviations 

were the ones who led to higher discrepancies in the determination of kinetics for beech 

wood. Relevant examples were two cases for which an initial mass higher than 10 mg was 

employed, leading to a significantly higher char yield. As often stated in literature, lower initial 

mass samples are recommended to avoid thermal lag.  

 

- Pyrolysis experiments with biomass should be conducted at different heating rates and 

isoconversional methods should be employed to validate the reliability of the experiments, as 

well as of the derived kinetic parameters from a fitting method. This study shows that high R-

squared values (over 0.99), except at very low and high conversions, are to be expected from 

isoconversional methods. Outliers who clearly did not fulfil this criterion were detected for 

two separate cases and not considered for further analysis. Finally, isoconversional methods 

should support the activation energies for cellulose and hemicellulose derived with a fitting 

method, while higher quantitative deviations are expected for lignin. 

 

Following strictly this method, the data of three out of seven cases in this work was not selected 

for the final evaluation, and for a fourth one the data at one heating rate was disregarded. The 

deviations in the values of activation energy for these selected cases following the previous method 

were of 10 kJ/mol or lower (less than half than when considering all experiments), except for lignin. 

An activation energy of around 180 kJ/mol was obtained for the cellulose component in beech wood, 

which was a bit lower than for pure cellulose. A value of 150 kJ/ mol was derived for hemicellulose 

while the in the case of lignin the value was higher than 200 kJ/mol. This method does not completely 

guarantee that optimal kinetics are derived, but at least ensures that the obtained kinetics are 

chemically meaningful and can help in the effort to reduce the variability in biomass kinetics in 

literature, which can be attributed to a significant extent to the lack of consistency in data acquisition 

and kinetic analysis of TGA experiments. 
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4.1 Introduction 
 

The increasing concern regarding environmental change, the looming depletion of conventional 

fossil fuel reserves together with the also increasing need for energy self-reliance and the global 

concern surrounding their use, lead to the employment of alternative and sustainable resources for 

heat and power generation, fuels and chemicals production. Biomass constitutes a potentially clean 

and renewable fuel, which is also readily available worldwide, being the third most abundant fuel 

source after coal and oil. Biomass thermochemical conversion is a candidate for the production of 

heat, power, chemicals and fuels production, with pyrolysis, torrefaction, gasification, combustion and 

hydrothermal liquefaction constituting the majorly employed thermochemical conversion methods 

[1]. 

Pyrolysis can be defined as the thermochemical process of biomass decomposition, either in the 

absence of an oxidation medium, or with a minor amount that does not enable gasification to an 

appreciable extent [2].  The main products of pyrolysis are char, bio-oil and gases and their quality and 

quantity are dependent on the reactor’s operational conditions. Furthermore, pyrolysis is a sub-

process of gasification and tar formation therein. Primary and secondary pyrolysis reactions occur 

during gasification among other reactions such as the water – gas shift and char oxidation [3]. Pyrolysis 

and gasification processes can be modelled or simulated using a variety of different models such as 

thermodynamic equilibrium models, kinetic models, computational fluid dynamics (CFD) models or 

machine learning techniques [4]. The important developments in the computer science and data 

analysis fields have led to an increase in the implementation of machine learning techniques for 

biomass thermochemical conversion processes and especially gasification. Artificial neural networks 

(ANNs) are widely used for this purpose (Table 4.1), as well as other machine learning models like the 

support vector machine (SVM) [5] or the random forest (RF) method [6]. However, the present work 

focuses exclusively on ANNs. 

Artificial Neural Networks (ANNs) can be defined as structures comprised of densely 

interconnected adaptive simple processing elements (artificial neurons or nodes), capable of 

performing massively parallel computations for data processing and knowledge representation. 

Constituting drastic abstractions of their biological counterparts, ANNs employ the functionality of the 

biological networks in the effort to solve complex problems, rather than replicating their operation 

[7]. Since the 1940s, when the modern view of neural networks started and their resurgence in the 

1980s, neural networks have been applied in hundreds of fields including medicine, robotics, 

telecommunications, oil and gas, banking etc. [8]. ANNs employing supervised learning are able to 

“learn” mathematical relationships between inputs and corresponding outputs through “training”, by 

using a data set of input variables and known or associated outcomes. According to the perceived 

relationship between inputs and outputs, the internal weights of the ANN are adjusted and after the 

training, the network can be used for pattern recognition or classification tasks in a separate data set 

[9].  ANNs have several features that make them an attractive option for predictive tasks. To begin 

with, in contrast with traditional model-based methods, ANNs are data-driven self-adaptive methods, 

which do not include, at least to an appreciable extent, a priori assumptions regarding the problem 

under study. Additionally, the generalization capabilities of ANNs allow them to infer the unseen part 

of the sample data correctly, even if significant noise exists, given the obtained right training 

parameters and data. Furthermore, the ANNs are universal function approximators, a characteristic 

that allows them to approximate any continuous function to a desired accuracy, no matter how 

complex or non-linear [10]. However, the use of ANNs comes with some inherent disadvantages, such 

as the limitation to identify possible causal relationships between inputs and outputs explicitly. ANNs 

are actually a “black box”.  Furthermore, ANNs are often computationally expensive and sometimes 
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prone to overfitting, while model development is somehow empirical and methodological issues 

remain to be resolved [9].  

Several studies employing ANN models for the prediction of biomass thermochemical conversion 

processes product yields or behaviour in general can be found in the literature. As can be seen in Table 

4.1, the majority of the cases concerns biomass gasification, however substantial work has been also 

performed regarding pyrolysis. Despite that fact, important lessons can be learned from the 

implementation of ANNs in biomass gasification processes modelling also concerning their use in 

pyrolysis models. Additionally, it is interesting to note that a substantial amount of work has been 

dedicated to the prediction of biomass higher heating value using ANN models [11-17].  Regarding 

pyrolysis ANN models, researchers appear to focus mostly on the use of thermogravimetric analysis 

(TGA) results aiming either to the prediction of the weight loss [18-21] or to the determination of the 

kinetic parameters (activation energy, pre-exponential factor, reaction order) [6, 22]. Fewer studies 

deal with the pyrolysis products composition [23, 24] or pyrolysis gas composition in particular [25], 

while char yield and its characteristics have also been investigated [5, 26]. The overview of the 

gasification ANN models is much more one sided, since most of the studies focuses on the prediction 

of the product gases yield and composition (Table 4.1). Interestingly, in some of these studies the 

gasification temperature [27, 28] is introduced as a prediction of the model, while Serrano et al. [29] 

aimed exclusively to the prediction of the total tar yield. In general, the inherent ability of ANN models 

to process large amounts of data has led to the development of quite a few models that employ data 

available from multiple literature sources for pyrolysis [6, 22, 23, 26], combustion [30] and gasification 

[29, 31, 32]. Nevertheless, the most common approach in ANN development remains the employment 

of one reactor setup for the generation of the data. In the studies where literature data were 

employed, biomass composition in terms of major constituents (cellulose, hemicellulose, lignin) [6, 

22] or proximate and ultimate analysis [23, 26, 29-32] were the main model inputs. Depending on the 

process and the desired outputs, operational parameters were also introduced as inputs but they were 

limited in the temperature [23] and heating rate [6] for pyrolysis and in temperature, equivalence ratio 

[29, 31, 32], gasification agent and steam/biomass ratio [32] for gasification. On a final note, it is 

interesting to mention that the increasing interest on ANNs within the biomass thermochemical 

conversion field is manifested by the fact that most of the relevant studies were published after 2015. 

The artificial neuron is the base unit of ANNs, in which an array of inputs is fed along with a scalar 

weight and a bias resulting in a scalar. This scalar is subsequently passed on using an output function. 

The most common classes of output functions are step, linear (purelin) and sigmoidal (logistic – logsig 

or hyperbolic tangent – tansig). Multiple neurons can be arranged to generate complex and different 

architectures. Often, neurons are arranged in layers, where they are placed in parallel, receiving the 

same inputs but producing different outputs based on the individual weights, biases and transfer 

functions. The multilayer feedforward (FF) network (MFNN) is a series of neuron layers of which the 

outputs are used sequentially as inputs to the next layer. Depending on the definition, the inputs of 

the model can be considered as a layer, while the model outputs constitute the output layer. Any 

number of layers in the middle are the hidden layers and in general, a network with more than one 

layer is defined as an MFNN [8]. MFNNs are almost exclusively used in biomass thermochemical 

conversion ANNs as can be observed in Table 4.1. Alternative architectures are used in some cases 

[23, 33, 34] with the cascade forward (CF) operation being the most prominent one. In a CFNN, each 

neuron layer is connected to all the neurons of the previous layers [33]. In terms of network training, 

supervised training by the means of the Levenberg – Marquardt (LM) backpropagation (BP) method is 

mostly applied in the context of biomass thermochemical conversion ANNs. The BP algorithm firstly 

propagates the input forward through the network, secondly propagates also the sensitivities 

backward through the network (last up to the first layer) and finally updates the weights and the biases 

using the approximate steepest descent rule [35]. The differences between BP algorithms in general, 
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lies in the way that the resulting derivatives are used to update the weights [8]. The LM algorithm is 

an intermediate optimization algorithm between the Gauss – Newton (GN) method and the gradient 

descent algorithm. On the one hand, the GN algorithm is very fast but very dependent on the initial 

weights selection. The gradient descent algorithm is less dependent on the initial weights selection, 

but the speed of convergence is much lower. LM is a hybrid of the two, using gradient descent to 

improve on the initial guesses for its parameters, before transforming to the GN algorithm once it 

approaches the minimum of the cost function. At this point it re-transforms to the gradient descent 

algorithm to improve accuracy [36]. In the context of the present review regarding ANNs for biomass 

thermochemical conversion, the alternative training algorithms proposed by researchers include two 

similar methods, namely the Gaussian curve membership function [27] and the chemotaxis algorithm 

[37]. The latter algorithm, postulates that weight adjustment occurs randomly and follows a 

multivariate Gaussian distribution with a zero mean and therefore adjusts the weights by adding 

Gaussian distributed values to old weights [37]. 

In this work, ANNs were employed for the prediction of the solid, liquid and gas yields from 

pyrolysis processes. A database was constructed using literature data from pyrolysis experiments, 

focused solely on batch type reactors. In this context, a wide range of input parameters was selected 

(lignocellulosic, ash and moisture content, pyrolysis temperature, heating rate, gas residence time, 

holding time, particle and sample size) and their effect on each product type prediction capabilities as 

well as the ability of the ANNs to successfully learn the expected trends were evaluated. As it can be 

also extracted from Table 4.1, ANN models for the prediction of pyrolysis products based on multiple 

studies from different researchers are scarce in the literature. According to the authors knowledge, 

the only attempt similar to the one presented in this study was by Merdun et al. [23], since other 

literature based pyrolysis ANN models focus either on the estimation of kinetic parameters through 

TGA data or on the char product specifically. However the study of Merdun et al., used a smaller 

amount of samples and the literature data were limited only on studies conducted in Turkey. 

Therefore, the applicability of ANNs for a condensed and simplified description of a pyrolysis process 

is going to be investigated, in terms of both accuracy and scientific meaningfulness using a large 

amount of input data and parameters.  

 
Table 4.1: Implementation of ANNs for the description of biomass thermochemical conversion processes in literature 

# 
Thermochemical 

process 
Biomass Type Architecture 

Number 
of 

hidden 
layers 

Transfer 
function 

Training 
algorithm 

Output 
type* 

Data sets 
– Data 

sources** 

Model inputs Model outputs Accuracy Ref. 

1 Pyrolysis Cattle manure FF 2 n.d. n.d. MISO 33 

Pyrolysis 
temperature, 
heating rate, 
holding time, 

moisture content, 
sample mass 

Biochar yield R2 = 0.804 [5] 

2 Pyrolysis Pine sawdust FF 1 
logsig, 
purelin 

BP/LM MIMO 14*** 

Space velocity, 
pyrolysis 

temperature, 
particle size 

H2, CO, CH4 
and CO2 

selectivity 
R2 = 0.999 [25] 

3 Pyrolysis 
Lignocellulosic 
biomass (from 

literature) 
FF 1 

tansig, 
purelin 

BP/LM MISO 150 - 28 
Cellulose, 

hemicellulose and 
lignin content 

Pre-
exponential 

factor, 
activation 

energy and 
reaction order 

n.a. [22] 

4 Pyrolysis 
Durian rinds, 
Banana peels 

FF 2,1 
tansig, 
purelin 

BP/LM MISO 176 
Pyrolysis 

temperature, time 
Weight loss R2 = 0.999 

[18, 
19] 

5 Pyrolysis 

Olive oil 
residue, 

lignocellulosic 
forest residue 

FF 1,2 
tansig, 
logsig 

BP/LM 
MISO, 
MIMO 

8000 
Heating rate, 
temperature 

Weight loss n.a. [20] 

6 Pyrolysis Algal mat FF 1 tansig BP/LM MISO n.d. 

Instantaneous 
temperature, 

target 
temperature, 
heating rate 

Weight loss R2 > 0.97 [21] 

7 Pyrolysis 
Various (from 

literature) 
FF 1 tansig n.d. MIMO 163 

Cellulose, 
hemicellulose and 

lignin content, 
heating rate 

Pre-
exponential 

factor, 
activation 

energy and 
reaction order 

R2 > 0.81 [6] 

8 Pyrolysis 
Various (from 

literature) 
FF, CF 2 logsig BP/LM MIMO 72 – 44 

Moisture, volatile, 
fixed carbon, ash, 

C, H, O, N 
contents, HHV, 

Char, liquid 
and gas 

products 

RMSE = 
5.71 – 9.16 

[23] 
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heating rate, 
temperature 

9 Pyrolysis 
Cotton, tea, 

olive and 
hazelnut 

FF 1 
logsig, 
tansig 

BP/ Gradient 
descent with 

adaptive 
learning 

MIMO 18 

Lignin, cellulose, 
hemicellulose, 
fixed carbon, 

volatile, moisture 
and ash contents, 

temperature 

Char, liquid 
and gas 

products 
R2 = 0.99 [24] 

10 
Pyrolysis 

(carbonization) 
Various (from 

literature) 
FF 1 

tansig, 
purelin 

BP/LM MISO 168 - 20 

C, H, O content, 
fixed carbon, 

volatile matter 
and ash content, 

carbonization 
temperature and 
time, activation 

temperature, time 
and steam to 
biochar ratio 

Activated 
carbon yield 

and BET 
surface area 

R2 > 0.92 [26] 

11 Combustion 
MSW – coal 

mixture 
FF 1 

tansig, 
purelin 

BP/LM MISO 2200 

Feeding rate, 
temperature, 
change rate of 
temperature, 

outlet gas 
temperature, 
steam flow, 

temperature and 
pressure, primary 
and secondary air 

flow 

Heating value n.a. [38] 

12 Combustion 
Various (from 

literature) 
FF 1 

tansig, 
purelin 

BP/LM MISO 100 - 34 

Fixed carbon, 
volatile and ash 

contents, O2 
concentration and 
equivalence ratio 

Pre-
exponential 

factor, 
activation 

energy and 
reaction order 

R2 > 0.94 [30] 

13 Gasification 
Woody biomass 

(from 
literature) 

FF 1 
tansig, 
purelin 

BP/LM MISO 
18, 36 – 

2, 4 

Moisture, ash, C, 
H and O content, 

gasification 
temperature and 
equivalence ratio 

Product gas 
composition 
(CO, CO2, CH4 
and H2) and 

total gas yield 

R2 > 0.98 [31] 

14 Gasification n.d. n.d. n.d. n.d. 

Gaussian 
curve 

membership 
function 

MISO,MIMO 600**** 

Fuel flow, air flow, 
time from last fuel 
supply and syngas 

temperature 

Temperature 
and product 

gas 
composition 
(CO, CO2, CH4 

and H2) 

n.a. [27] 

15 Gasification 

Poplar sawdust,  
pine  saw-dust, 

comminuted 
sugar cane 

bagasse and 
cotton stem 

FF 1 
logsig, 

n.d. 
Chemotaxis 
algorithm 

MISO 
7 or 6 

***** 

Bed temperature 
and gasification 

time 

Product gas 
composition 
(CO, CO2, CH4 
and H2) and 

total gas yield 

n.a. [37] 

16 Gasification n.d. FF,CF 1,2 
tansig, 
logsig, 
purelin 

BP/LM MISO 213 

C, H, O, moisture 
and ash content, 

equivalence ratio, 
reaction 

temperature, 
steam/biomass  
ratio and bed 

material 

Product gas 
composition 
(CO, CO2, CH4 
and H2) and 

total gas yield 

R2 = 0.9394 
– 0.9734 

[33] 

17 Gasification 

Sawdust, 
coconut shell,  
coffee husk, 
sugarcane 

bagasse and 
ground nutshell 

FF 1 
tansig, 
purelin 

BP/LM MIMO 70 

C, H, O, moisture 
and ash content, 
equivalence ratio 

and reaction 
temperature 

Product gas 
composition 
(CO, CO2, CH4 

and H2) 

R2 = 0.987 [39] 

18 Gasification Wood sawdust FF 1 
tansig, 
tansig 

BP/LM 
MISO, 
MIMO 

n.d. 

Equivalence ratio, 
steam to biomass 

ratio and axial 
position in the 

reactor (only for 
the temperature 

model) 

Gasification 
temperature 

and 
product gas 
composition 
(N2, CO, CO2, 
CH4 and H2) 

R2 = 0.968 [28] 

19 Gasification n.d. FF 1 
tansig, 
purelin 

BP/LM MISO 63 – 18 

C, H, O, moisture 
and ash content 
and reduction 

zone temperature 

Product gas 
composition 
(N2, CO, CO2, 
CH4 and H2) 

R2 > 0.98 [40] 

20 Gasification MSW FF 2 
tansig, 
logsig, 
purelin 

BP/LM 
MISO, 
MIMO 

67 

C, H, O, N, S, 
moisture and ash 

content, 
equivalence ratio 
and gasification 

temperature 

LHV and LHVp 
of product gas 
and product 

gas yield 

R2 > 0.98 [41] 

21 Gasification MSW FF 1 
tansig, 
logsig, 
purelin 

n.d. MIMO 91 

Percentages of 
wood, paper, 

kitchen garbage, 
plastic and textile 

in the samples, 
equivalence ratio, 

temperature 

LHV of gas, 
LHV of 

gasification 
products, gas 

yield 

Relative 
error: 8.7 – 
22.3 %****** 

[42] 

22 Gasification 
Various (from 

literature) 
FF 1 tansig n.d. 

MISO, 
MIMO 

181 – 21 

Moisture, ash, 
volatile, C, H and 

O content, 
equivalence ratio, 

steam/biomass 
ratio, temperature 

and gasification 
agent 

H2, CO, CH4, 
CO2 and C2Hn 

yields 

Pearson R – 
correlation: 
0.98 – 0.99 

[32] 

23 Gasification Pinecone, wood 
FF, CF, Time-

delay, 
Elman, NARX 

1 tansig BP/LM MIMO 3831 

Temperature 
distribution, 

Equivalence ratio, 
air flow rate, C, H, 

O, N, Moisture, 
Volatile, Fixed 
Carbon, Ash 

contents 

CO, CO2, CH4, 
H2 yields and 

LHVgas 
R2 > 0.98 [34] 

24 Gasification 
Various (from 

literature) 
FF 1,2 

tansig, 
logsig, 
purelin 

BP/LM MISO 120 – 16 

C, H, O, moisture 
and ash contents, 
equivalence ratio, 

temperature 

Total tar 
concentration 

(including 
benzene) 

R2 > 0.96 [29] 

*The output type refers to multiple input – multiple output (MIMO) or multiple input – single output (MISO) models 
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**In case the data were obtained from literature, the data sources number corresponds to the number of studies used. The data sets include the training, 

validation and testing sets. 
***The number of data sets was not explicitly mentioned in the study. It was calculated by the authors by adding the data points of each input variable (5, 

6 and 3 respectively). 
****Experimental data from five gasification experiments were used for a total time of 60 min with a sampling interval of 30 s. 
*****Separate models were built for each biomass specie and each gaseous compound studied.  
******The relative error was calculated as the predicted value minus the experimental value, all divided by the experimental value 

 

4.2 Methods 
 

4.2.1 Database development 
 

The experimental data required for the development of the ANN model within this work, were 

extracted from literature studies focused on biomass pyrolysis according to the following two criteria. 

Firstly, most of the selected parameters (Table 4.2) need to be reported in the study. Secondly, 

parameters necessary for the database, but not reported in the study can be reasonably estimated 

through data from the study itself or external sources. An example of the latter was the derivation of 

the cellulose, hemicellulose and lignin content from the Phyllis2 database [43] when they were not 

reported in the selected study. Gas residence time is another parameter, that although it plays a 

significant role in a pyrolysis process, it is seldom reported in the relevant studies. For this purpose, 

when necessary, its value was calculated based on the reported reactor volume and the gas flow rate 

of the purging gas. Of course, in this case the impact of the release of volatiles during pyrolysis was 

neglected. 

The parameters reported and therefore extracted from the literature sources, are summarized in 

Table 4.2, along with their respective range. The complete database is provided in the supplementary 

information.  

 
Table 4.2: Biomass pyrolysis experimental parameters obtained from literature sources, which were included in the 

database, serving as inputs and outputs of the developed ANN model respectively. 

Inputs Outputs 

Parameter Range Parameter Range 

Cellulose content (wt % a.r.) 0 – 90.5 Char yield (wt % a.r.) 0 – 98.9 

Hemicellulose content (wt % a.r.) 0 – 95.3 Liquid yield (wt % a.r.) 0 – 81.5 

Lignin content (wt % a.r.) 0 – 93 Gas yield (wt % a.r.) 1 – 69.5 

Ash content (wt % a.r.) 3 – 21  

Moisture content (wt % a.r.) 0.1 – 23.5 

Pyrolysis temperature (oC) 227 – 1129 

Heating rate (Ks-1) 0.12 – 10000 

Gas residence time (s) 0 – 4803 

Holding time (s) 0 – 3600 

Average particle size (mm) 0.035 – 17.5 

Sample size (mg) 0.2 – 250000 

 

From Table 4.2, it is apparent that a wide range of biomass feedstocks as well as experimental 

conditions was studied. This choice was made to evaluate the (inherent) applicability of ANN models 

for a wide range of biomass feedstocks and operating conditions. With respect to the latter, as it is 

evident from the ranges of the heating rates, gas residence and holding times, both slow and fast 

pyrolysis processes were taken into consideration. When it comes to the reactor type, the only type 

that was explicitly excluded from the investigation were continuous feeding reactors, thus such 

reactor-based studies were removed from the database. The significant differences in the definition 

of the aforementioned parameters (e.g. heating rate, holding time, etc.), would render the 

introduction of such setups problematic for the development of the ANN model. Some operational 
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parameters are either not applicable in a continuous process or their estimation would require delving 

into uncertain assumptions regarding transport phenomena and devolatilization behaviour in a 

system. For example, the heating rate, in most cases is irrelevant for continuous processes operating 

in a steady state temperature and it concerns mostly the heating rate of each particle. The holding 

time can also not be easily defined in a continuous pyrolysis process, since it required extensive 

knowledge of a feedstocks devolatilization behaviour. To correctly define or assume values of such 

operational parameters, the knowledge of additional parameters such as the particle size and the 

residence time distributions would also be required. Furthermore, the amount of data available for 

batch – type setups was significantly larger compared to continuous systems. The inclusion of 

continuous setups would be possible if certain operational parameters were removed. However, the 

choice was made to rather differentiate between the two reactor categories, although this way high 

throughput systems are excluded from the study (large scale reactors are typically continuous). 

Regarding the average particle size, this value was calculated (when not reported explicitly) according 

to the upper and lower values of the sieves used. The selected studies along with the respective 

biomass types are presented in Appendix B. Each study was assigned an ID number with which they 

will be referred with in this work. The database includes in total 482 data points. 

The char, liquid and gas yield of the pyrolysis process, were selected as the outputs of the ANN 

model. The char yield refers to the solid residue of the pyrolysis process, therefore including ash if 

present. The liquid yield, in the context of the present database and model, includes all the 

condensable pyrolysis products including water. For this purpose, when the water produced from the 

pyrolysis was mentioned separately in a study it was added to the total liquid product. Otherwise, it 

was considered part of it unless explicitly mentioned. Finally, the gas yield refers to the total amount 

of non-condensable gases produced from the pyrolysis process. All the respective yields were 

converted to a wt% ar basis, according to the data provided in each study. 

At this point, it should be mentioned that significant discrepancies might arise from the incorrect 

employment of different bases (ar, db and daf) and conversion between them, in the expression of 

experimental pyrolysis product yields. This issue was encountered in the construction of the present 

database, but it can also have important implications for the comparability of different literature 

studies that focus on the determination of pyrolysis product yields both in terms of classes (gas, liquid, 

solid) and specific compounds (tars, gases, etc.). Such discrepancies reduce the scientific accuracy and 

therefore the value of several studies and hinder significantly the development of a comparative 

review or of a predictive model for biomass pyrolysis.  

The use of different bases of analysis, is typically meant for the expression of the composition of a 

fuel in an as – received (ar), air – dry, total – dry (db) or dry and ash – free (daf) basis. This allows the 

easier comparison of different fuels with respect to their volatile matter and fixed carbon content. The 

problem arises when such bases are used for the expression of the product yields of in this case 

pyrolysis. When the gravimetrically or volumetrically measured products are expressed on a db or daf 

basis without the simultaneous subtraction of the moisture and regarding daf also ash content from 

the respective products, the mass balance closure values must add up to more than 100 %. This issue 

does not often manifest for two reasons. Firstly, incomplete experimental mass balance closures, 

which are often the case, can compensate for the overestimation of these products. Secondly, another 

common practice in the literature, the calculation of a product class by difference when the other two 

classes’ yields are measured also masks such discrepancies. In the context of the present work, only 

two studies in which the mass of ash and moisture of the initial sample were explicitly subtracted from 

the solid and the liquid product respectively, were found [44, 45]. This method assumes that all of the 

ash of the initial sample ends up in the solid product, as does the moisture in the liquid and in general 

can be viewed as a fair assumption. However, one should keep in mind that depending on the 
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temperature, volatile ash can also end up in the liquid product [46], while moisture could remain in 

the vapour phase and be collected along with the gases.  

The ambiguities arising from the abovementioned different approaches regarding the expression 

of pyrolysis product yields can easily be bypassed by the authors stating firstly the calculation 

procedure followed for the conversion to db or daf basis as done for example by Park et al. [44] and 

Lee et al. [45]. Furthermore, it is essential for the authors to always provide the moisture and ash 

values necessary for the conversion to the basis used. Surprisingly, these values are frequently not 

provided [46-51]. Finally, closing the mass balances by difference often masks intrinsic mass losses of 

the apparatus used, but this can also lead to incorrect conclusions and misplaced amounts of mass in 

certain product yields. This practice was noted in literature more widely, especially for the gas yield 

[49, 52-56], and can have a negative influence on model development but also scientific accuracy. 

 

4.2.2 ANN development 
 

Keras, a high-level Python based neural network application programming interface (API), was 

chosen as the main tool for the design of the ANN model. Keras’ high degree of flexibility and ease of 

use were the main reasons behind this choice. TensorFlow was used as backend, handling low level 

operations such as tensor products, convolutions, etc. For the training of the models Adam was used, 

which is a backpropagation algorithm for first-order gradient-based optimization of stochastic 

objective functions [57]. Adam performed better than other algorithms tested (RMSprop and the 

stochastic gradient descent) and, in general, it is well suited for large data and parameter applications. 

Furthermore, hyperparameters (the model parameters controlling the learning process) have intuitive 

interpretations leading to fewer tuning requirements. With respect to the testing set, it consisted of 

studies that were excluded from the training of the network, representing a wide range of input space. 

In particular, the references with IDs 6, 17, 28, 30, 36, 37 and 38 were used, which in total contribute 

to 11 % of the entire dataset. In general, in the samples selected for the sensitivity analysis there is a 

lower contribution of fast pyrolysis samples. Sample 17 is indeed corresponding to fast pyrolysis, as 

well as 28 and 30, however the latter two are rather on the limit with slow pyrolysis. Unfortunately, 

this is representative of the amount of fast pyrolysis studies present in the total database itself, which 

is indeed somewhat lower compared to slow pyrolysis. It should also be mentioned that it is not 

possible to take specific samples out of a study and use them as part of the testing set as this would 

skew the analysis by making us obtain artificially good performance. 

In total, three different ANN models were developed, each corresponding to each pyrolysis product 

class studied (char, liquid and gas yield), following a MISO approach. Each of the ANN models 

developed was a feedforward network consisting of three layers: the input layer, one hidden layer and 

the output layer. The number of neurons in the hidden layer of each model was determined through 

a trial-and-error optimization process. The transfer functions employed were hyperbolic tangent. To 

prevent overfitting, Gaussian noise was added to the connection weights of the inputs during training. 

As long as the amount of added noise is contained, it can lead to better generalization, since the 

network becomes less prone to memorization of the data points [58, 59]. For the same purpose, 

dropout was also employed. The key idea of this technique is to randomly drop neurons (along with 

their connections) from the network during training. During testing, the full network is used, albeit 

with the connection weights scaled down by the retention probability for the related unit, in order to 

compensate for the higher number of neurons [60]. Both the noise standard deviation (σ) and the 

dropout probability (p) were determined during the optimization of the network’s hyperparameters. 

Features of the database, namely the inputs: heating rate, gas residence time, holding time, 

average particle size and sample size, have values that span over multiple orders of magnitude. To 
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emphasize the order of magnitude of the features and avoid non-meaningful representation, the 

features were passed through a base 10 logarithmic function (Eq. 1), modified to account for the 

possibility of 0 values. In (Eq. 1), x is the original value of the feature and xlow is the lowest value in the 

dataset for this specific feature, excluding zero. 

 

𝑓 (𝑥)  =  {
𝑙𝑜𝑔10(𝑥), 𝑓𝑜𝑟 𝑥 ≥ 𝑥𝑙𝑜𝑤

𝑙𝑜𝑔10(𝑥𝑙𝑜𝑤)  −  1, 𝑓𝑜𝑟 𝑥 =  0         
 (Eq. 1) 

 

 The first step was the scaling of the database input and output values to zero mean and unit 

variance using (Eq. 2), where x stands for each value of the feature, μ is the average of the feature 

being scaled and σ is its standard deviation. This equation is also used for the inverse transformation 

of the outputs, by solving for x. 

 

𝑧 =
𝑥 − 𝜇

𝜎
 (Eq. 2) 

 

The scaling operation, although not necessary, prevents the network from having to learn how to 

adjust the weights of the connections to cope with the different magnitudes of the features described 

[61]. The weights of the connections are randomly initialized by selecting them from a normal 

distribution with zero mean and 0.05 standard deviation. Scaling provides a tangible performance 

boost, by reducing the amount of epochs required by the model.  

Concerning the input layer of the ANN model, the high degree of correlation between heating rate 

and sample size, led to the decision for the removal of the latter from the list. This choice was made 

using mostly qualitative criteria, since the meaningfulness of the correlations was not evaluated using 

hypothesis-testing methods. This correlation is presented and analysed in section 3.1 more 

extensively. This choice limits the flexibility of the model in possible future iterations with additional 

data; however, it is appropriate in the context of the present database. In general, there is a trade-off 

when the inputs of an ANN model are selected. A high number of inputs and therefore a high number 

of free parameters, makes overfitting more likely to occur. On the other hand, reducing the number 

of inputs may lead to loss of information and consequently impaired prediction capability. In this work, 

two different approaches regarding the input features of the model were followed. The first one was 

to include all the possible (10, excluding the sample size) pyrolysis parameters as inputs of the model. 

The second one was to build a “reduced” inputs model, including only the parameters that showed 

the highest influence on the network. This selection was carried out by performing two kinds of tests 

(hereby called powerset and sequential), as described in [61]. From this procedure, only temperature 

was excluded since it was considered a fundamental predictor both in a conceptual way (related to 

the pyrolysis process) but also due to its high degree of correlation with the products as it was evident 

by the analysis of the database (Section 3.1). 

A powerset, which is the set of all the possible subsets of the database features, was used to test 

every possible input combination for each the three networks (char, liquid and gas). To perform this 

test, five ANN models were trained for each combination of inputs and then tested on different 

portions of the database according to a five-fold cross validation procedure. The mean squared error 

of the validation set, which was selected as the performance metric, was averaged and recorded for 

each input combination. From this analysis, the heating rate emerged as a strong predictor for the 

models, scoring consistently low MSE values, followed by the particle size. This result was highly 

expected, given the heating rate’s primary role in a pyrolysis process. In the sequential test, 

temperature and heating rate were considered as fundamental predictors, meaning that they were 

always included in the network’s inputs. For this testing, the remaining candidate inputs were 
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introduced one by one, cyclically to the list of inputs. Five ANN models were trained in the same way 

as it was described for the powerset test. For each cycle, the MSE for the inclusion of each input was 

recorded and the one that scored the lowest was added to the list of inputs. The cycle was repeated 

until the depletion of the input candidates. The results of the sequential test were evaluated using a 

simple order-to-score assignment. The three top scoring parameters for each one of the three 

networks were selected for the reduced versions of the ANNs along with the temperature and the 

heating rate and they are presented in Table 4.3. The values of the hyperparameters used in both the 

powerset and sequential tests are mentioned in Appendix B. 

 
Table 4.3: Results of the sequential test. The parameters are reported in descendent order of strength as predictors. 

Char Liquid Gas 

Parameter Score Parameter Score Parameter Score 
Lignin 152 Lignin 170 Gas residence time 170 
Ash 112 Particle size 124 Moisture 130 

Particle size 100 Cellulose 79 Particle size 110 

  

 Lignin (content) was found to be the strongest predictor for both the char and the liquid ANN 

models. Lignin can be considered as the main source of char formation for biomass materials pyrolysis 

as it has also been reported in the literature [62, 63]. However, the effect of lignin in the prediction of 

the liquid yield can be viewed as an indirect effect of its influence on the char yield. Ash content, which 

is the second stronger predictor for the char model, is also positively correlated with char formation 

due to its presence in the solid residue in general. Particle size was a strong predictor for all three 

models. A small value of particle sizes favouring volatile production, has the opposite effect on char 

production and is in general a crucial factor in a pyrolysis process due to its effects on heat and mass 

transport phenomena [64, 65]. The cellulose content of biomass mainly contributes to volatiles 

formation [66], so its presence in the list of strong predictors for the liquid model can be explained. 

Gas residence time scored higher than all parameters for the gas model. Long gas residence times, 

favour secondary tar cracking thus yielding higher gas yields [2]. However, the qualification of 

moisture as a strong predictor for the gas model can be viewed as a surprise. Moisture, on the one 

hand, can contribute to the formation of smaller molecules via hydrolysis and reforming reactions, 

however other parameters such as the lignocellulosic content for example, were expected to have a 

bigger impact on the gas yield.   A possible explanation could be that the model sees an indirect 

correlation between the liquid yield and moisture and this is passed on to the gas model. Nevertheless, 

as it was also mentioned in the previous chapter, the calculation of the gaseous yield by difference, 

adds a certain degree of unreliability to parts of the database that correspond to these particular 

measurements. 
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4.3 Results and discussion 
 

4.3.1 Analysis of literature data 
 

To identify trends in the available data regarding both input and output parameters, 2D scatter 

plots of all the possible combinations were generated. Additionally, the Pearson’s correlation 

coefficient (R) values of the distributions were calculated. The purpose of this process was to validate 

the database by identifying trends known from the literature, as well as provide some feedback for 

the development of the ANN model. It should be noted, that while high R values do identify 

correlations, low R values do not exclude them in the particular case studied. During biomass pyrolysis 

a wide variety of parameters influence the process and its yields, therefore the correlation between 

just two of them may not always be direct. Finally, as it was also mentioned in Section 2, hypothesis – 

testing methods need to be employed to fully evaluate the quality of the correlations.  

Regarding correlations between inputs and outputs, the one between char yield and gas yield with 

temperature was the most obvious. Figure 4.1 shows that with increasing temperatures the char yields 

decrease, in contrast to the gas yield. Both trends have been well established in literature [67-69]. As 

for the relationship between temperature and the liquid yield, the correlation becomes more evident 

with the removal of part of the dataset and in particular of the values corresponding to ID 34 [70]. In 

this work, a wide set of conditions is studied, with temperatures ranging between 300 and 1100 oC 

and heating rates between 100 and 10000 Ks-1. Along with the large amount of data points from this 

study (97), this wide range of conditions on the one hand helps to expand the input domain of the 

database and the corresponding ANN model. On the other hand, it does not allow this particular 2D 

visualization by skewing it significantly. By removing reference 34 from the data set and using a locally 

weighed linear regression fit, a trend showing the liquid yield increasing until a temperature of 550 oC 

before decreasing emerges. This behaviour is consistent with secondary tar cracking as it has been 

described in literature [67, 71, 72]. 

 

 
Figure 4.1: Char yield (left), gas yield (middle) and liquid yield (right) over temperature for the pyrolysis experiments 

database, excluding reference with ID 34 for the liquid product. Linear regression along with 95 % confidence interval is 
shown for char and gas (R = 0.5226 and R = 0.5376 respectively) and a locally weighed linear regression for the liquid. 

 

From this analysis of the database interesting correlations can also arise between inputs. An 

example is presented in Figure 4.2, where the sample size is plotted against the heating rate with a 

high value of R (0.9293). The trend shown does not represent a causal relationship between the two 

parameters, but it rather shows that usually fast pyrolysis experiments are conducted with small 

samples sizes, while the contrary holds for slow pyrolysis experiments. This observation has a two-fold 

effect on the ANN model development. Firstly, it assists in defining the boundaries of the input space 

since by showing that the network has little or no information on how to behave in the case of slow 

pyrolysis with small sample sizes or fast pyrolysis with big sample sizes. Furthermore, the strong 
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correlation between the two parameters indicates that they contain the same redundant information 

in the context of the database. Similar correlations were found between heating rate and particle size 

and gas residence time, although to a lesser extent (R values of 0.6615 and 0.4587, respectively). 

 

 
Figure 4.2; Logarithmic plot of sample size over heating rate. Linear regression along with 95 % confidence interval is 

shown (R = 0.9293). 

  

4.3.2 ANN results 
 

4.3.2.1 Full and reduced models performance 

The optimal values of the hyperparameters obtained through the optimization process are 

presented in Appendix B, while the values of weights and biases for the hidden and output layers are 

included in the supplementary information. Furthermore, the analysis and presentation of the results 

was performed with root mean square error (RMSE) as a metric. However, to facilitate comparison 

with other models, the corresponding R2 values are also presented in Appendix B. 

The reduced char model (Figure 4.3), using temperature, heating rate, lignin content, ash content 

and particle size as input parameters, performed better compared to the full model in the prediction 

of the char yield (root mean square value of 5.1 wt% ar versus 5.9 wt% ar). In general, char constituted 

the product for which the best estimations were achieved for both types of models used. The fact that 

the reduced model performed better, supports the argument that a reduced representation of data 

can lead to better results due to improved generalization capabilities. Among the data points used in 

this ANN’s testing, 38a1 appears to be the main outlier. The high magnitude of the error for this point 

can be attributed to the combination of an especially large particle size (10 mm), a very low pyrolysis 

temperature (300 oC) along with a value of heating rate which lies in the margin between slow and 

fast pyrolysis (80 Kmin-1). This combination makes this point stand out among the rest, making it 

difficult for the ANN to successfully predict the value. Similar high error values were obtained for this 

data point also in the full char ANN. 
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Figure 4.3: Performance of the reduced char ANN over the test set. Predictions of the networks are shown alongside 

the targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around the zero line. 

To evaluate the influence of each parameter on the best performing networks behaviour, a 

sensitivity analysis was performed by varying each one while keeping the rest unaltered. The purpose 

of this sensitivity analysis is mostly to signify the importance of analysing the performance of an ANN 

not only in terms of the RMSE values obtained but also on whether it is able to indeed “learn” the 

required scientific correlations from the inputs. For this analysis, eight specific samples from the 

testing set were used, each representing different conditions and combinations. In particular, 17a1 

corresponds to a sample with a high ash content that underwent fast pyrolysis at a very high heating 

rate (1000 oC s-1), while 28a1 and 28a4 differ in terms of pyrolysis temperature (700 oC and 1000 oC, 

respectively). Samples 36a1 and 36c1 correspond to low pyrolysis temperature (377 oC) with different 

particle sizes (0.3 mm versus 5 mm). Finally, 37b3 has a lower lignin and higher cellulose content than 

37c1 and 37c3, while the latter two differ in terms of heating rate (0.25 Ks-1 versus 0.5 Ks-1). The results 

of this analysis are presented in Figure 4.4 and as can be observed, char yield values decrease with 

increasing temperature. An increase of the lignin and ash content also appears to lead to an increase 

of the char yield, as it is the case for increasing particle sizes, although to a lesser extent. The latter 

can be seen as a surprise, since a more intense correlation was expected between char yield and 

particle size. A positive correlation between the heating rate and the char yield was also established. 

Although it is difficult to examine the effect of heating rate irrespectively of the rest of the pyrolysis 

conditions, generally slower heating rates favour char production [73]. However, faster heating rates 

can also be linked to lower conversion levels, thus leading to an increase of the solid residue yield, 

which apart from char can also contain some unreacted volatiles, which rather contradicts the 

previous statement. Of course, it is difficult to say whether the ANN shows this behaviour due to the 

aforementioned reason. In general, it appears that the reduced char ANN reproduces the trends 

established by literature successfully. Similar trends were observed also in the corresponding analysis 

of the full char ANN, however some overfitting behaviour was presented for the cases of ash content 

and particle size. 
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Figure 4.4: Predictions of the reduced char ANN for varying values of lignin (a), ash (b), heating rate (c), temperature 

(d) and average particle size (e) for specific test samples. 

 

In the case of the liquid model, the full version (Figure 4.5) performed significantly better (RMSE 

of 6.9 wt% ar) compared to the reduced one (RMSE of 9.3 wt% ar) with temperature, heating rate, 

lignin and cellulose content and particle size as inputs. For the liquid models, being the worst 

performing ones among the three, the loss in generalization performance by the addition of the extra 

inputs in the full model was compensated by the amount of information added. The same kind of 

analysis as in the case of the reduced char model presented above, was also conducted for the full 

liquid model, using the same samples from the database. As can be seen in Figure 4.6, the full liquid 

ANN was able to correctly learn the correlation between temperature and liquid product yield. For 

each of the samples tested, the liquid product maximum yield was obtained in the temperature range 

400 - 600 oC. The behaviour of the heating rate was diverse on the other hand. Figure 4.6 b shows that 

all the samples apart from 36a1 and 36c1 point to a positive correlation between heating rate and 

liquid yield. Similar results were obtained also for the rest of the parameters used as inputs for the 

liquid model, with possible overfitting being encountered for some of them.  
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Figure 4.5: Performance of the full liquid ANN over the test set. Predictions of the networks are shown alongside the 

targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around the zero line. 

 

 
Figure 4.6: Predictions of the full liquid ANN for varying values temperature (a) and heating rate (b) for specific test 

samples. 

 

Regarding the gas prediction models, the reduced version (temperature, heating rate, moisture 

content, gas residence time and particle size) produced a RMSE of 5.6 wt% ar (Figure 4.7), which was 

slightly better compared to the full version (RMSE of 6 wt% ar). In Figure 4.7, for the reference with ID 

36, the variation of the gas yield values due to the heating rate alternating between 0.4 Ks-1 and 0.8 

Ks-1 was correctly predicted. However, this behaviour was not successfully generalized as apparent 

from reference ID 37. For this reference, data points a1, a2, a3, b1, b2, b3, c1, c2, d1 and d2 correspond 

to a heating rate of 0.25 Ks-1 while the rest relate to 0.5 Ks-1. From the results, it can be concluded that 

the heating rate variation does not affect the prediction significantly. Furthermore, by observing 

Figure 4.8 b, it is apparent that while for slow heating rates the positive correlation with gas yields is 

properly established, the trend stops and reverses for faster heating rates. This probably indicates the 

need for the inclusion of more fast pyrolysis experiments in the database. Another interesting 
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observation can be made for the poor performance of samples 30b1 and 30c1, which correspond to 

pure cellulose and lignin pyrolysis experiments, respectively. This poor prediction stems from the fact 

that lignocellulosic content is not an input for the reduced gas network. For sample 30a1 (pure xylan), 

the good prediction can be attributed partly to chance and also to the fact that hemicellulose in 

general is not predominantly linked to the formation of particular product classes, contrary to 

cellulose and lignin [74]. It is interesting to note, that even though the full network performed slightly 

worse overall, it was more successful at the prediction of the ID 30 samples. This observation shows 

that despite the reduced accuracy of the full gas model, the inclusion of certain parameters leads to 

correct learning behaviour. Finally, through Figure 4.8 a, it is possible to affirm that the expected 

behaviour of the gas yield rising for increasing temperatures was correctly predicted, at least 

qualitatively. 

 

 
Figure 4.7: Performance of the reduced gas ANN over the test set. Predictions of the networks are shown alongside 

the targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around the zero line. 

 

 
Figure 4.8: Predictions of the reduced gas ANN for varying values temperature (a) and heating rate (b) for specific test 

samples. 
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On a general note, the superior performance of the char models can be attributed to the higher 

reliability of the char yield measurement from a slow or fast pyrolysis lab scale experiment. The char 

yield typically consists of the residual mass in the reactor after the completion of the experiment, 

along with what is captured in a particle separator, cyclone or filter if one of this methods is employed 

[75]. It can therefore be argued that there is a higher consistency and intrinsic accuracy in the 

measurement of the char yield compared to the gaseous and liquid yields, for which several different 

methods are employed in the literature. Especially in the measurement of the liquid products, several 

methods exist in the literature for its quantification. The various methods employed include different 

sampling train configurations, solvents (and solvent evaporation methods) used, temperatures under 

which the sampling takes place, as well as different types of detectors used for the detection and 

quantification of certain compounds [75, 76]. The lack of robust guidelines for the measurement in 

the liquid product from small scale pyrolysis experiments, as is the tar protocol for larger setups [77], 

can lead to significant discrepancies between studies. Additionally, the previously mentioned 

approach of calculating one of the product classes’ yield by difference can lead to similar results. 

Lastly, it should be mentioned, that the networks that have been obtained in this work, are mutually 

independent and possess no information regarding the mass balance over the three products. 

Therefore, the sum of the predictions of the three models do not add up to 100 %. However, it is 

possible to add the average mass closure of the training set in the model, by normalizing the results 

of each product with it. This can lead to marginal improvement of the predictions for the liquid and 

gas products, but not for the char. The description of these ANNs was omitted for brevity. 

 

4.3.2.2 Char as an input feature 

From the previously presented results, it became obvious that the char models were the best 

performing ones among the ANNs developed. This fact, along with the higher inherent accuracy of 

char measurements from pyrolysis experiments, led to the decision of the inclusion of char as an input 

to the liquid and gas ANN models. For this purpose, the full liquid and the reduced gas ANN were 

trained with char (experimentally derived) as an additional input. It should be mentioned, that for the 

generalization and refinement of the conclusions derived from this particular approach the powerset 

and sequential tests would have to be repeated. Furthermore, correlations between the char yield 

and inputs such as the temperature and the heating rate might exist that make the use all of them 

redundant in the context of the information fed into the ANN models. However, such an investigation 

was outside the context of the present work. 

This move led to significantly improved predictions for both models. More specifically the RMSE 

of the full liquid ANN improved from 6.9 wt% ar to 5.5 wt% ar and the reduced gas ANN from 5.6 wt% 

ar to 4.9 wt% ar. As can be seen in Figure 4.9, the variation of both yields over the char yield, shows a 

negative correlation between them. This was certainly expected, since increasing char yields are 

usually accompanied by decreasing volatile production in thermochemical processes in general. The 

results obtained from those models fall very consistently within ± 25 % accuracy boundaries and the 

difference between the measured and predicted yields is also consistently less than 10 wt% ar, making 

them comparable to the results of Neves et al. [75]. In the aforementioned work, a model for the 

prediction of pyrolytic volatiles was developed employing a system of equations where elemental and 

energy balances are combined with empirical parameters. For this work char was also used as an input 

parameter, however only the results of one study were used for the testing of the model.  
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Figure 4.9: Predictions of the full liquid (left) reduced gas (right) ANN for varying char values for specific test samples 

 

4.3.2.3 Single study ANNs 

In general, pyrolysis regression ANN models for single sets of experimental results are described 

in the literature (e.g. [5, 19, 25, 39]). To investigate the behaviour of the ANN models for single studies, 

references with ID 34 and ID 12 were examined. The first one, which is a study by Nik-Azar et al. [70] 

with beech wood, has a significant amount of data points (97) and only particle size, heating rate and 

temperature were varied experimentally. The second study by Aysu and Küçük [53] had a smaller 

amount of data points (27) and the temperature, the heating rate and the gas residence time were 

varied. Therefore, two ANN models for each reference were developed, with only the corresponding 

data points constituting the training and testing sets in each case. The figures containing the results 

of these models are presented in the Appendix B. The char ANN for ID 34 resulted in an RMSE of 1.9 

wt% ar and the liquid ANN an RMSE of 1.5 wt% ar. The results for ID 12 were even better (RMSEs of 

0.43 wt% ar for char and 0.63 wt% ar for gas), showing that not many data points are required from 

the model, especially for narrower ranges of experimental conditions. It should be mentioned that 

optimization of the hyperparameters was not performed for either case. From this brief analysis, it 

can be shown that ANN models can deliver very good predictions when it comes to a limited range of 

inputs in terms of experimental parameters. However, these models are not generalizable; they are 

reactor and biomass type specific. Furthermore, any variation of the input parameters beyond the 

limits of each study would constitute an extrapolation on behalf of the model. 

 

4.4 Conclusions 
 

The ANN models proposed within this work for the estimation of solid, liquid and gaseous pyrolysis 

product yields focus on generalizability and aim to achieve the best possible results over different 

reactor systems, conditions and biomass types. This was made possible through the creation of a 

unique, large database, consisting of a variety of small-scale experimental pyrolysis studies. It can be 

argued that the implementation of the ANN models was successful, given the quite reasonable values 

of RMSE of the predictions. However, the ANN models cannot be compared to ones obtained from 

single or in general more limited studies. The models developed in this work appeared to be able to 

consistently reproduce the expected behaviours for the respective yields, especially in relation to 

temperature variation. However, a difficulty in extracting useful information from inputs such as gas 

residence time and holding time was also noted. Furthermore, a reduction of the input parameters 

was attempted, based on an evaluation of the most effective parameters. The increased 

generalization capabilities achieved through this method were observed in terms of prediction quality 

improvement for the char and gas ANNs, while in the case of the liquid ANN the loss of information 
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led to worse performance. Finally, it was shown that the inclusion of the experimentally derived char 

yield as an input parameter in the ANN models, can lead to improved predictive capabilities. 

For the cases of the char and gas ANNs, the reduced input networks performance was only slightly 

better compared to the full ones. The liquid product ANN was the worst performing one, with the 

reduced version being also considerably less accurate (RMSE of 9.3 wt% ar) than the full one (6.9 wt% 

ar). Among the three product classes, the char models were the best performing ones, largely due to 

the higher accuracy of char yield experimental measurements compared to the ones for the liquid and 

gaseous products. The wide variety of methods employed for pyrolysis liquid product determination 

as well as the calculation of either the liquid or the gaseous product by difference add to that effect. 

Considering the lower reliability of the gas and liquid yields measurement from pyrolysis experiment, 

the reason for the significantly better performance of the gas models in the present work can be 

sought in the actual numerical values of the yields. In the present database, the standard deviation of 

the gas yield values (10.9 wt% ar), is significantly lower compared to the ones of the char (15 wt% ar) 

and liquid (14.7 wt% ar). This means that there is a lower variability in the reported gaseous yields and 

therefore their prediction, which falls within a smaller interval, entails a smaller error.  

In general, the maximum achievable accuracy for the models obtained in this work is limited due 

to a number of factors. That of course does not exclude the possibility of improvements for example 

by further optimization of the ANNs, the inclusion of continuous reactors in the database by making 

the necessary adaptations in the models, the reduction of the models’ scope (e.g. focus on specific 

pyrolysis regime) or the introduction of stricter criteria for the induction of data in the database. 

Furthermore, the feature reduction method, could be further refined, by utilizing hypothesis – testing 

methods for the derivation of correlations within the dataset. Additionally, the reported lack of fast 

pyrolysis samples could be addressed by the removal of some input parameters and/or by focusing on 

specific regimes, that would allow the expansion of the database to include studies previously left out 

due to incomplete information. In any case however, the limitations induced through discrepancies in 

the literature are still significant. Firstly, the composition of biomass samples can be measured using 

different methodologies of which the results might differ significantly. The standards that are used are 

often not mentioned in the literature. Furthermore, fundamental parameters are also sometimes 

omitted, such as the lignocellulosic composition, the gas residence time, even in some cases the 

heating rate. Finally, the implications of the employment of different methods for products 

measurement, the calculation of product yields by difference and the ambiguity in definition of units 

of measurement have already been discussed thoroughly in the present work. In a world that is rapidly 

shifting its focus towards the realm of big data, it is essential to provide high amounts of quality data 

that can be easily used and compared by these types of models. Therefore, the pyrolysis scientific 

community needs to be aware of using higher standards in terms of reported data quality. 
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5.1 Introduction 
 

Sustainable resources for heat and power generation as well as for fuels and chemicals production 

have been attracting a lot of interest amidst concern for environmental change, the depletion of fossil 

fuel reserves, as well as the increasing need for energy self-reliance. Biomass, the third most abundant 

fuel resource after coal and oil, constitutes such a potentially clean and renewable fuel, which is also 

readily available worldwide. Biomass thermochemical conversion processes constitute interesting 

options for the aforementioned products, with pyrolysis, torrefaction, gasification, combustion and 

hydrothermal liquefaction comprising the main employed thermochemical conversion methods [1]. 

Gasification in particular, is the thermochemical conversion process by which carbonaceous materials 

are converted to a fuel gas or a chemical feedstock in a reducing (oxygen deficient) environment 

requiring heat [2].  

Gasifiers can be classified according to various of their characteristics. One type of classification is 

based on the gas-solid interaction within the unit and it includes fixed or moving bed (downdraft, 

updraft, crossdraft) gasifiers, fluidized bed gasifiers (bubbling, circulating and dual) and entrained flow 

gasifiers (top-fed and side-fed). Another possible way to classify a gasifier is by the gasifying medium 

employed (air, CO2, steam, etc.)  [2, 3].  

An important distinction between gasifier types, can also be made according to the way that the 

heat required for the gasification of a feedstock is provided to the system. Autothermal or direct 

gasification occurs when the feedstock is partially oxidized by the gasification agent (usually air or O2). 

This way, the heat required for the fuel heating, drying, pyrolysis and gasification reaction is provided 

by exothermal oxidation reactions within the gasifier. When an oxidising agent is not employed, an 

external energy source is required and the process is then called allothermal or indirect gasification. 

Steam is most commonly used as an allothermal gasification agent [4, 5]. In regards to autothermal 

gasification, the biggest limitation lies within the separation/removal of diluent gases such as N2, 

either downstream (from the syngas) or upstream (from air) the gasification unit [6].  

According to Karl and Pröll [7], there are three ways of ensuring sufficient provision of heat for the 

operation of such gasifiers. The first one is by the discontinuous intermittent operation of a single 

fluidized bed, the second by the circulation of particles between two interconnected fluidized beds 

and the third through heat transfer surfaces. The first category regards mainly Winkler’s fluidized bed 

gasifier, invented back in 1922, where heating of the fluidized bed was performed through air (or later 

O2) blown combustion up to 1100-1200 oC, repeatedly followed by steam blown gasification. The latter 

two technologies have seen much more application and development in the recent years. The 

interconnected fluidized beds gasification technology, or as it is most commonly referred to: Dual 

Fluidized Bed (DFB) gasification, includes the utilization of two separate gasification and combustion 

reactors [8]. Solid fuel is fed into the gasification reactor, where fuel drying and 

pyrolysis/devolatilization reactions as well as char gasification are taking place in parallel, under 

temperatures typically between 750 oC and 850 oC. The bed material along with the char that remains 

are transported to the combustion reactor which is fluidized with air at temperatures usually between 

900 oC and 970 oC. The combustion of the char provides the heat necessary for the gasification 

reactions. Furthermore, depending on the gasification temperature and therefore the char produced 

through gasification and available for combustion, additional fuel can be required for the combustion 

reactor. In general, the temperature in a DFB gasification process is a self-controlling parameter, 

depending mostly on the fixed carbon content of the fuel employed [9]. Several large-scale 

applications of the DFB technology have been presented in the recent years. The first DFB steam 

gasification pilot plant was established in the 1990s at TU Vienna, Austria which led to the construction 

of an 8 MWth demonstration plant in Güssing, Austria in 2002, a 8.5 MWth plant in Oberwart, Austria 

in 2008 and a 15 MWth plant in Senden, Germany [10]. The Gothenburg Biomass Gasification (GoBiGas) 
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32 MWth plant , along with the supporting 2-4 MW research gasifier at the Chalmers University of 

Technology, Sweden, were established in 2005 and 2007 respectively [11]. According to data from 

2019 [12], the demonstration GoBiGas plant had to shut down, since it had to be commercialised. It 

should also be mentioned that two demonstration plants in Nongbua, Thailand (1 MWth) and Daigo, 

Japan (1.4 MWth) [13], as well as an upcoming project (2023) Gaya, France [14] are inspired by the 

Güssing gasifier. In general, all the aforementioned plants employ the “Güssing concept”, which is 

considered the most successful indirect gasification system worldwide [7]. Another notable DFB 

gasification system is Battelle’s FERCO gasification process (also referred to as SilvaGas or Taylor 

gasification process) which consisted of two interconnected circulating fluidized bed and was 

demonstrated in a commercial scale 40 MWth plant in Burlington (Vermont), USA between 1999 and 

2001 [15]. A similar lab scale system was developed by ECN – part of TNO (Netherlands), with the 30 

kW MILENA gasifier, which is still in operation [16-18]. More DFB gasification systems along with 

important technical details are presented by Karl and Pröll in [7] and more recently by Larrson et al. 

in [19] and Hanchate et al. in [20]. 

Heat exchanger configurations for the delivery of the heat required for the operation of a gasifier 

can be designed in different ways. In one concept, the gasification area is completely separated from 

the “heat provision reactor” and therefore a plethora of different fuels and/or processes for heat 

supply can be employed. Such a reactor was proposed for the first time by Juentgen and van Heek in 

1975 [21], employing helium produced from nuclear reactors at high temperatures (HTR). According 

to Karl [22], the large number of heat exchangers required, due to poor heat transfer between the 

heat carrier gas and the inner tube surface of the heat exchangers, hindered the progress of this 

process. The concept was revisited in the following decades in an effort to reduce the gasification 

temperature, in order to minimize the effect of poor heat transfer, through the application of different 

catalyst types and configurations [23-25], however no commercial demonstrations have been 

presented so far. In the early 90s the MTCI technology was employed in a pilot scale black liquor 

gasifier in Erode, India and in several pulp mills in North America in similar configurations [26, 27]. The 

MTCI gasifier is a steam blown atmospheric fluidized bed reactor, employing in-bed heat exchanger 

tubes for heat provision. Part of the gas produced from gasification was burned in a pulse combustor 

that fed the heat exchanger tubes. The highly turbulent flue gas and the low frequent acoustic 

oscillations produced from pulse combustion can achieve improved heat transfer rates compared to 

conventional heat exchangers [7, 27]. The most recent concept in indirectly heated fluidized bed 

gasifiers is the Biomass Heatpipe Reformer, which was presented for the first time in 2001 and has 

been commercially developed by Agnion Inc. with a 500 kW demonstration plant in Pfaffenhofen, 

Germany and two commercial 1 MW plants in Grassau, Germany and Auer, Italy. The plant in Grassau 

was not a success due to very high tar levels, creep behaviour of the heat pipes and reduced cold gas 

efficiencies due to the combustion chamber design [28].  In 2015, an advanced Heatpipe Reformer 

pilot plant of 100 kW with optimized combustor design was commissioned in Erlangen-Nuremberg 

[29]. According to this concept, gasification takes place in a pressurized chamber and the heat is 

provided by a combustion chamber which is located below it, through several heat pipes. It should be 

mentioned that both the gasifier and the combustor are fluidized reactors. The two fluidized beds are 

connected through a series of heat pipes, where the working fluid (usually an alkali metal such as Na, 

K, etc.) evaporates on one side (combustor) and condenses on the other (gasifier) [29-31]. The use of 

the Heatpipe concept (evaporation-condensation) is claimed to lead to high heat transfer coefficients 

and smaller heat transfer areas by a factor of 10 to 20 [22]. 

In this work, a novel indirectly heated biomass gasification concept is presented along with the 

respective commissioning experiments. In particular, an atmospheric pressure 50 kWth indirectly 

heated bubbling fluidized bed steam reformer (IHBFBSR) was designed, built and commissioned by 

the Dutch company Petrogas - Gas Systems in collaboration with the Process and Energy Department 
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of the Delft University of Technology. The novelty of the reactor lies within the method of heat 

provision for the gasification reactions. For this purpose, two radiant tube natural gas burners, one in 

the bottom (bed area) and one in the top (freeboard) of the reactor, are employed (Figure 5.1). Its 

design aims at the reduction of heat losses, the provision of enough heat for the realization of the 

biomass steam reforming and cracking reactions and the exploration of scale-up possibilities to an 

industrial scale process. The commissioning experiments presented in this work are aimed at obtaining 

understanding of the operation characteristics, fuel conversion and raw product gas composition. 

 
Figure 5.1: Conceptual design of the indirectly heated bubbling fluidized bed steam reformer (IHBFBSR) 

 

5.2 The Indirectly Heated Bubbling Fluidized Bed Steam Reformer (IHBFBSR) 
 

In this section, the novel 50 kWth Indirectly Heated Bubbling Fluidized Bed Steam Reformer 

(hereby referred to as IHBFBSR) is presented. A simplified process flow chart of the reactor is 

presented in Figure 5.2. In this reactor, combustion and gasification reactions are separated to a great 

extent in a novel way, thus avoiding the dilution of the product gas.  

The gases that can be employed as fluidization agents in the IHBFBSR are N2, air and steam. Steam 

is produced at a working pressure between 3.5 and 5 bar and then expanded to near atmospheric 

conditions, depending on the supply. Air and/or nitrogen, which is mainly used during warming up, 

pass initially through a 4.5 kW preheater (EH01), where they are heated up to 150 oC. The steam, along 

with the gases that are preheated by EH01, are fed to a second 6 kW preheater (EH02). The gasification 

media are all fed to the reactor at about 200 mbarg typically. Air can also be directly fed into the 

freeboard as a measure for tar destruction. The secondary air injection point is located ~90 cm below 

TC06 (Figure 5.2). The radiant tube burners are supplied with air and natural gas at 80 mbar and 60 

mbar, respectively. N2 is also distributed to the pressure gauges in the reactor (Figure 5.2) (5 ml/min 

each) and the two cyclones, as well as to the biomass and additive bunkers (4 kg/h). 

The reactor is manufactured out of 310S (AISI) steel with a wall thickness of 4.78 mm and a height 

of roughly 3 m. It is insulated with a 200 mm three-layer matrass. Gases are fed in the windbox and 

subsequently in the reactor, through a distributor plate consisting of 50 tuyeres each with two 2 mm 

holes drilled in a 25o
 angle (downwards). As presented in Figure 5.2, the temperature in the reactor is 

monitored by thermocouples located in and above the bed zone. The last thermocouple (TC07) is 

located at almost the same height as the product gas outlet which is on the reactor inner wall. Pressure 

gauges are located in four spots within the IHBFBSR along with differential pressure transmitters, that 
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allow the recording of the pressure drop over the distributor plate, the bed zone and the freeboard. 

In general, data from the various instruments are recorded through a SCADA/PLC coupling employing 

a LabVIEW interface. The system obtains and records data every 10 s.   

 
Figure 5.2: IHBFBSR simplified process flow chart (left)/ Basic dimensions and main sensors location in the IHBFBSR 

reactor chamber. P: pressure gauge, TC: thermocouple (right) 

 

The two self-recuperative ceramic burners utilized for gasification heat provision were supplied 

by WS – Wärmeprozesstechnik GmbH. Both are placed inside metal radiant tubes in order to protect 

the ceramic burners from the bed material blasting. Both burners operate in an on/off mode; the 

bottom burner is controlled by the average values of thermocouples TC01 – TC05 and the top burner 

by thermocouple TC07. For both burners the maximum allowable set point was at 850 oC according to 

the safety regulations. The burners operate at a constant capacity of 20 kWth and 12 kWth for the 

bottom (REKUMAT C100) and top one (REKUMAT C80), respectively. Regarding the bottom radiant 

tube, its total main body length is ~1.7 m and 1.2 m of this is situated in the bed area. The bottom part 

of the radiant tube heats up the windbox, as shown in Figure 5.2. The top radiant tube is smaller than 

the bottom one, both in terms of diameter (0.1 m versus 0.15 m) and of total main body length (1.3 

m versus 1.7 m). 

Part of the product gas, after the cyclones, is led to the gas analysis section. The gas analysis line 

is traced at 400 oC and a heated candle filter (350 oC) is used as the main method of char and ash 

particles removal. After this point, part of the gas is channelled to the tar sampling system, where tars 

are sampled according to the Tar Protocol CEN/TS 15439 [31]. Downstream the tar protocol is placed, 

a pump a flowmeter and a gas meter. The rest of the gas passes through a water-cooled condenser 

and is led to the gas analysis section. There four bottles, three of them filled with isopropanol and one 

filled with silica gel, are used for tar and moisture removal. Subsequently a Whatman 55 mm paper 

filter and the pump follow and from there the gas is led to the detectors. A micro-GC, samples from 

the product gas stream every 4 minutes, measuring CO, CO2, H2, CH4 and N2. Then the gas flow splits 

into two streams each passing though the O2 detector and the Non-Dispersive Infrared Detector 

(NDIR), for the measurement of CO and CO2. The use of these analysers is necessary for the online 

monitoring of the experiment.  
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5.3 Materials and Methods 
 

5.3.1 Feedstocks, bed material and analytical equipment 
 

The biomass feedstocks employed in this work were two different types of A-quality residual 

wood (termed Premium Green and Excellent Red), supplied by the company Labee Group Moerdijk 

B.V, the Netherlands. Both feedstocks were supplied in the form of pellets with a length of 2 cm and 

a diameter of 0.6 cm. Premium Green (PG), consists out of woodchips, sawdust and wood shavings of 

brown leafage wood from Dutch secondary forest biomass. Excellent Red (ExR), is derived from white 

pine wood woodchips, originating from Scandinavian countries and Russia. Table 5.1 shows the 

proximate and ultimate analysis of the two feedstocks. The moisture and ash content of the biomass 

species was determined according to the NREL/TP-510-42621 [32] and  NREL/TP-510-42622 [33]. The 

fixed carbon and volatile content for each feedstock was determined using an SDT Q600 

Thermogravimetric Analyser (TGA). In this analysis, ~3 mg of sample was loaded in an alumina TGA 

crucible and heated in an inert atmosphere (100 ml/min of N2) up to 600 oC, with a constant 10 oC/min 

heating rate, where the temperature was held for 10 min. Afterwards, N2 was substituted with 100 

ml/min of air and isothermal operation (600 oC) continued for an extra 10 min. The ultimate analysis 

was performed using a Vario MICRO CHNS analyser, with the O content being calculated by difference. 

The lower heating value (LHV) if the two fuels was determined using a Parr 6772 Calorimetric 

Thermometer (bomb calorimeter). 

 
Table 5.1: Proximate analysis, ultimate analysis and Lower heating Value (LHV) for the two woody biomass feedstocks 

(PG and ExR) employed in the IHBFBSR commissioning experiments. 

 PG ExR 

Moisture (wt%) 5.08 5.57 
Volatiles (wt%, d.b.) 78.13 84.07 

Fixed carbon (wt% d.b.) 21.15 15.44 
Ash (wt% d.b.) 0.73 0.49 
C (wt%, d.b.) 48.41 47.88 
H (wt%, d.b.) 6.02 6.44 
N (wt%, d.b.) 0.30 0.06 
S (wt%, d.b.) 0.01 0.01 
O (wt%, d.b.) 44.53 45.13 

LHV (MJ/kg d.b.) 18.98 19.50 

 

Corundum, which is an aluminium oxide (Al2O3) containing also traces of iron oxide, titanium 

oxide and silica, was used as the bed material for the IHBFBSR commissioning experiments. This 

material, supplied by Unicorn ICS B.V., has a density of 3940 kg/m3, a hardness of 9 Mohs and its 

melting point is 1950 °C. The weighted average particle diameter for the bed material employed in the 

experiments was 590 μm (F046) and 490 μm (F054), which classifies them in the Geldart B category 

(sand-like) of solids in bubbling fluidized beds [34]. It has a very high hardness, thus the probability of 

fines production due to attrition of the particles is reduced. Furthermore, depending on the 

fluidization conditions, it has very good heat distribution properties [35]. 

The analysis of the permanent gases (CO, CO2, CH4, H2 and N2), was performed using a Varian 

CP4900 micro-Gas Chromatograph. Separation of the individual gases was achieved on a 1 m CP-COX 

column and detection/quantification by a TCD detector using Argon as carrier gas. For O2, a Hartmann 

& Braun Magnos 6G paramagnetic detector was applied, while for CO and CO2, a Hartmann & Braun 

Uras 10 NDIR was used. For tar detection and quantification, an Agilent Technologies 7890A GC-FID 
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system was employed. The acquisition run time was 90 min, including an increase of temperature of 

the oven from 50 to 300 oC at 5 oC/min rate and a hold time of 38 min. The species measured were: 

benzene, toluene, ethyl benzene, naphthalene, acenaphthtalyne, fluorene, anthracene, 

phenanthrene, pyrene, chrysene, benzo(a)anthracene, benzo(k)fluoranthene, benzo(a)pyrene, 

dibenz(a,h)anthracene, indeno(1,2,3-cd)pyrene, benzo(b)fluoranthene). Moisture content was 

determined using a Mettler Toledo V10S volumetric Karl Fischer Titrator with a polarized DM143-SC 

sensor. 

 

5.3.2 Definition of main process parameters 
 

The experiments conducted within this work, apart from different biomass feedstocks and bed 

material particle sizes, explored also different operational conditions. In particular, steam gasification 

experiments were conducted with different steam to biomass ratios (STBR) and different equivalence 

ratios (ER or λ). These two parameters are described according to the following formulas: 

 
 

𝑆𝑇𝐵𝑅 = 
𝑚̇ 𝑠𝑡𝑒𝑎𝑚 + 𝑋𝐻2𝑂 ∙ 𝑚̇ 𝑏𝑖𝑜𝑚𝑎𝑠𝑠

𝑚̇ 𝑏𝑖𝑜𝑚𝑎𝑠𝑠 (𝑑.𝑎.𝑓.)
 

 

(Eq. 3) 

𝜆 =  

𝑚̇ 𝑂2
𝑚̇ 𝑏𝑖𝑜𝑚𝑎𝑠𝑠 (𝑑.𝑎.𝑓.)
⁄

(
𝑚̇ 𝑂2

𝑚̇ 𝑏𝑖𝑜𝑚𝑎𝑠𝑠 (𝑑.𝑎.𝑓.)
⁄ )

𝑠𝑡𝑜𝑖𝑐

 
(Eq. 4) 

 

 

Where, 𝑚̇ 𝑠𝑡𝑒𝑎𝑚 is the steam mass flow rate, 𝑚̇ 𝑏𝑖𝑜𝑚𝑎𝑠𝑠 the biomass feedstock mass flow rate and 

𝑚̇ 𝑂2 is the oxygen mass flow rate. Regarding the latter, it should be reminded that in the IHBFBSR, 

oxygen is supplied though air. The STBR, correlates the total amount of steam provided either directly 

as a feed or as biomass moisture, to the dry-ash-free biomass input. The λ, or stoichiometric oxygen 

ratio is usually employed for identifying different oxidation regimes, as it compares the amount of 

oxygen used in an oxidation process to the total amount required for stoichiometric combustion of a 

fuel’s unit. From the formula it can be observed that values of λ ≥ 1 correspond to combustion 

processes, while λ = 0 corresponds to pyrolysis (absence of oxidation media). Values in between the 

two, correspond to gasification. Typically, λ ranges between 0.2 and 0.4, while the STBR between 0.5 

and 2 [35]. In regards to the output parameters which were used in order to evaluate the experiments 

conducted, emphasis was given to the cold gas efficiency (CGE), carbon conversion efficiency (CCE), 

permanent gas composition and tar and content [36]. The definitions of the calculated process 

parameters is given below, adapted from [37]. In addition, the overall efficiency of the process was 

calculated based on a simple energy balance as shown also below. 

 

𝐶𝐺𝐸 =  
𝑚̇ 𝑝𝑟𝑜𝑑𝑢𝑐𝑡 𝑔𝑎𝑠 ∙ 𝐿𝐻𝑉𝑝𝑟𝑜𝑑𝑢𝑐𝑡 𝑔𝑎𝑠

𝑚̇ 𝑏𝑖𝑜𝑚𝑎𝑠𝑠 ∙ 𝐿𝐻𝑉𝑏𝑖𝑜𝑚𝑎𝑠𝑠
 

 

(Eq. 5) 

𝑂𝐸 = 
𝑚̇ 𝑝𝑟𝑜𝑑𝑢𝑐𝑡 𝑔𝑎𝑠 ∙ 𝐿𝐻𝑉𝑝𝑟𝑜𝑑𝑢𝑐𝑡 𝑔𝑎𝑠

𝑚̇ 𝑏𝑖𝑜𝑚𝑎𝑠𝑠 ∙ 𝐿𝐻𝑉𝑏𝑖𝑜𝑚𝑎𝑠𝑠 + 𝑄̇ 𝐵𝑢𝑟𝑛𝑒𝑟𝑠 + 𝑄̇ 𝑃𝑟𝑒ℎ𝑒𝑎𝑡𝑒𝑟𝑠
̇

 

 

(Eq. 6) 
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𝐶𝐶𝐸 =  1 − 
𝑚̇ 𝐶,𝑟𝑒𝑠𝑖𝑑𝑢𝑒
𝑚̇ 𝐶,𝑏𝑖𝑜𝑚𝑎𝑠𝑠

 
(Eq. 7) 

 

 

5.3.3 Experimental procedure and overview 
 

Before each test, 75 kg of bed material (corundum F046 or F054) was loaded in the reactor. This 

amount of bed material corresponds to a stationary bed height of roughly 0.59 m. Each experiment 

was initialized by warming up the reactor to an average bed temperature of 850 oC. The average bed 

temperature was defined as the average values of thermocouples TC01 – TC05. This process included 

two separate steps. The first step started by introducing the maximum fluidization media flow, which 

corresponds to 30 kg/h of N2 and 22 kg/h of air. At the same time, both burners were turned on with 

a set point of 850 oC, along with the two preheaters. In order to reach the designated temperature, 

the heat provided by the radiant tube burners does not suffice. Therefore, a biomass combustion step 

was added to the warming up process. This step of the warming up process, was performed with 22 

kg/h of air and the appropriate amount of biomass feedstock to achieve stoichiometric combustion. 

The biomass flow rate for stoichiometric combustion is approximately 4 kg/h for both PG and ExR, 

since the two species have similar compositions. It should also be mentioned that preliminary 

combustion tests were performed with both biomass species, under the exact same conditions as the 

ones employed for the aforementioned warming up step. These tests showed that close to full 

conversion was achieved during this process, since no char was found in the bed (particle or fine form) 

or in the cyclones. Furthermore, after the completion of the combustion warming up step, the 

cyclones were emptied from the combustion produced ashes, to avoid interference with the 

subsequent measurements in the gasification phase. 

After this point the O2 and NDIR detectors which are measuring gas composition online, as well as 

the micro-GC were started. When the set point for the bottom burner was reached gasification could 

be initiated. Steam and air were supplied to the system according to the STBR and λ required. The goal 

was to achieve steady state gasification operation, which corresponds to relatively stable temperature 

and gas composition profiles. When steady state was achieved, tar sampling using the tar protocol 

was initiated. According to this protocol, tar sampling should be performed for at least 30 min with a 

gas flow rate between 0.1 and 0.6 Nm3/h. During the steady state, the average value of each gas as 

measured from the micro-GC, was used for the derivation of the gas composition, which is presented 

in this work. As it will be thoroughly presented in the results and discussion section, the employment 

of different lambda values (λ) between the various experiments also influences the operational 

temperatures throughout the system. This differentiation occurs due to the varying degree of char 

and/or biomass oxidation reactions that take place when different lambda values are employed. The 

reduction of the extent of oxidation reactions in the case of low λ (and therefore low temperature) 

experiments led to increased char accumulation in the bed. That was evident by the increased bed 

height as observed through the thermocouple values. 

During cooling down, to preserve the char in the reactor for weighing and future analysis, only N2 

was fed in the reactor at its maximum flow rate. The tar samples obtained were collected in bottles 

and refrigerated at ~5 oC. Two samples of each tar protocol were taken in HPLC vials for the 

subsequent tar analysis (GC-FID) and Karl Fischer titration. After cooling down, the bed material was 

collected and subsequently sieved to separate the bed material from the larger char particles. This 

was achieved with the use of a 500 or 600 μm sieve, depending on the bed material used, in 

combination with a Retsch AS300 sieve shaker. The char was weighed and stored, while the bed 

material was also weighed and five samples from it were combusted with air at 600 oC for 4 h in a 

muffle furnace (Nabetherm 30), until constant weight (±0.3 mg). The difference in weight was 
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assumed to correspond to the amount of fine char particles. The combustion process was also 

performed for the material removed from the cyclones, which contained both ashes and char 

particles. Through these three processes, the char yield and therefore also the ash yield, of each 

experiment was determined.  

 

5.3.4 Experimental matrix 
 

Table 5.2 presents the experiments performed within this work. For the cases with two set points, 

the first one corresponds to a time before the final steady state was established. The average bed 

temperature (Average bed T), corresponds to the thermocouples TC01 to TC03 average, since for 

every experiment the bed area always included only these thermocouples. The experimental results 

are discussed in the following section. 

 
Table 5.2: Experimental matrix for the PG and ExR steam gasification experiments conducted in the IHBFBSR 

# 
Set 

point 
Bed 

Material 
Biomass 

Average 
bed 
T-oC 

Steam-
kg/h 

Biomass
-kg/h 

Air- 
kg/h 

Sec. 
air- 

kg/h 
λ STBR 

1 - F054 PG 839 (± 1) 9.0 10 11.3 0 0.20 1.0 

2 - F054 PG 840 (± 1) 10.8 10 11.3 0 0.20 1.2 

3 - F054 PG 836 (± 1) 7.3 10 11.2 0 0.20 0.8 

4 - F046 PG 833 (± 1) 10.4 10 11.3 0 0.20 1.2 

5 
SP1 F046 PG 831 (± 1) 7.3 10 11.3 0 0.20 0.8 

SP2 F046 PG 832 (± 1) 7.3 10 11.3 0 0.20 0.8 

6 
SP1 F054 ExR 826 (± 6) 10.5 10 13.3 0 0.23 1.2 

SP2 F054 ExR 839 (± 1) 10.7 10 11.3 0 0.20 1.2 

7 
SP1 F046 ExR 816 (± 6) 10.6 10 13.3 0 0.23 1.2 

SP2 F046 ExR 833 (± 1) 10.5 10 11.3 0 0.20 1.2 

8 
SP1 F046 ExR 740 (± 14) 8.8 8 1.9 0 0.04 1.2 

SP2 F046 ExR 711 (± 1) 8.7 8 1.9 0 0.04 1.2 

9 
SP1 F046 ExR 733 (± 12) 8.6 8 1.9 8 0.04 1.2 

SP2 F046 ExR 704 (± 1) 8.7 8 1.9 8 0.04 1.2 

10 

SP1 F046 ExR 724 (± 8) 8.8 10 1.9 4 0.03 1.0 

SP2 F046 ExR 702 (± 3) 8.8 8 1.9 4 0.04 1.2 

SP3 F046 ExR 710 (± 1) 8.7 8 1.9 4 0.04 1.2 

11 
SP1 F054 ExR 717 (± 10) 8.7 8 1.9 4 0.04 1.2 

SP2 F054 ExR 715 (± 1) 8.7 8 1.9 4 0.04 1.2 

12 
SP1 F054 ExR 727 (± 9) 8.9 8 1.9 8 0.04 1.2 

SP2 F054 ExR 722 (± 1) 8.8 8 1.9 8 0.04 1.2 

 

Experiments were conducted with two sizes of bed material (F054 and F046), as well as with two 

different kinds of wood residue feedstocks. Furthermore, for each bed and biomass specie, STBR 

values of 0.8, 1 and 1.2 were employed as well as different lambdas (λ) which also led to different bed 

temperatures. According to the values of λ employed, the overall temperature of the gasifier is 

influenced. The temperature profiles throughout the system for various operational conditions are 

presented in Appendix C. Experiments with an average bed temperature above 800 oC will be hereby 

referred to as high temperature (HT) experiments, while experiments with lower average bed 
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temperatures will be referred to as low temperature (LT) experiments. Additionally, it should be 

mentioned, that in the case of HT experiments with ExR, the average bed temperature dropped 

significantly during the initiation of steam/air gasification when a λ of 0.2 was employed. To maintain 

a bed temperature comparable to the PG experiments λ was increased to 0.23. To explain this 

difference noted between the two biomass feedstocks one can look at their compositional 

characteristics (Table 5.1). Even though the LHV values are slightly higher for PG (19 MJ/kg versus 19.5 

MJ/kg), the difference between the values is too small. On the contrary, the much lower fixed carbon 

content of ExR (15 wt % versus 21 wt %), can presumably lead to less char formation, mainly from the 

initial pyrolysis stage of the gasification process. The subsequent char oxidation is assumed to be the 

main reason for maintaining the desired gasification temperature, since the LHV of biomass char is in 

general much higher compared to the parent biomass [2]. Therefore, the reason for the observed 

difference in maintaining the required process temperature between the two feedstocks, can be 

attributed to the lower fixed carbon content of ExR. 

Apart from the aforementioned parameters, the effect of the injection of secondary air in the 

freeboard and the duration of the experiment were also studied. Secondary air injection will be 

investigated in terms of its efficiency as a tar reduction method, due to the introduction of oxidizer 

(O2) and the local increase of temperature. Tar reduction efficiency will be compared to the effect on 

the product gas composition. This method was employed, due to the presence of the burner in the 

freeboard. Depending on the effectiveness of the method, the exothermicity of the oxidation 

reactions can lead to potential energy savings for the top burner. Furthermore, the straightforward 

and simple implementation of this concept in the IHBFBSR, was an advantage for the commissioning 

phase of the associated project. The duration of the experiment, as briefly mentioned before, can be 

linked to the accumulation of char in the bed area for LT experiments. Therefore, an early tar sampling 

(SP1) was performed to be able to compare the two states of the experiment. This is mainly in terms 

of the effect of char’s presence on the product gas’ tar content and overall composition.  

 

5.4 Experimental results and discussion 
 

5.4.1 Effect of STBR and bed material particle size 
 

In this section, the effect of STBR and the bed material particle size is examined, using the 

experiments 1, 2, 3, 4 and 5 (SP2) conducted with PG (Table 5.2). These experiments were performed 

in the same bed temperature range (833 – 840 oC) and at =0.2. In terms of the temperature profile 

developed in the reactor, the average values during the steady state for the TC04 – TC05 region were 

higher by 11 oC, on average, for the experiments conducted with F046 compared to F054. This is, 

however, compensated by the reverse behaviour for the TC01 – TC03 area of the bed, leading to an 

average TC01-05 temperature of 850 oC for all the experiments. The difference lies mostly in the 

fluidization and thus heat transfer characteristics of the two bed material sizes. In general, it is 

observed that the smaller bed material size (F054) leads to a lower temperature difference between 

the bed area and the area directly above it, hinting possibly to improved heat transfer compared to 

the larger bed material size (F046). Regarding the freeboard area (TC06 and TC07), the temperatures 

were the same for all the experiments conducted (864 oC and 849 o respectively). 
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5.4.1.1 CCE 

 
Figure 5.3: Effect of STBR and bed material particle size on the CCE (top left), CGE (top right), OE (bottom left) and tar 

content (including benzene) in the product gas for PG steam/air gasification with λ = 0.2 at temperatures between 830 oC 
and 840 oC in the IHBFBSR. Corresponding experimental indexes: 1,2,3,4 and 5 (SP2). 

By examining the CCE and its relationship with the STBR (Figure 5.3), it becomes apparent that it 

is negative for both bed materials studied. The CCE drops by roughly 4 % when the STBR increased 

from 0.8 to 1 and from 1 to 1.2 for F054. For F046 the effect of reducing the STBR is less apparent, 

since the drop was only 1 % between the 0.8 and 1.2 STBR set points. In general, a higher steam supply 

is expected to promote the water-gas shift (WGS) reaction as well as carbon (heterogeneous WGS), 

methane and tar reforming, mainly to CO and H2 [38, 39]. Therefore, higher carbon conversions were 

expected for increasing STBR at least until a certain point. When very large amounts of steam are 

introduced in a steam reformer at temperatures lower than the operating temperature, the 

temperature of the bed also drops. This leads to a subsequent decrease of the carbon conversion 

efficiency [40]. In the IHBFBSR, temperature is controlled according to a set point, so such a behaviour 

would not be noted by the temperature readings. An indirect way to evaluate the system’s behaviour 

is through the operation time of the bottom burner, which can provide a correlation between STBR 

and the power supplied to the system. From Table 5.3, it can be concluded that for both F054 and 

F046 experiments, a significant decrease in the operating time of the bottom burner for a STBR of 0.8 

took place, compared to 1.2 and 1. This indicates that for lower STBR the heat requirement of the 

process is lower. Since the amount of biomass feed and the λ are the same for all these experiments, 

that behaviour can be attributed to a lower carbon conversion efficiency. The total amount of char 

produced from the steam/air experiment corresponds to the amount of carbon residue of the steam 

reforming process that was not converted through the oxidation reactions with air. For lower STBR, 

reduced char conversion by steam, leaves more carbon available for the exothermic oxidation 

reactions. This can lead to reduced heat requirements and increased CCE values for lower STBR, 

explaining the contradiction of the latter with literature. The lower fluidization velocity/gas residence 

time imposed with lower STBR, since the biomass and air flow remain constant, add to this effect.  

Carbon conversion appears to be promoted by employing a larger particle size (87 % versus 94 % 

on average, in favour of F046). However, as it has also been reported in [41], smaller bed material 

particles increase the turbulence in the bed (higher particle-related Reynolds numbers) leading to 
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improved heat and mass transfer in the area and therefore higher carbon conversion. Additionally, it 

should be mentioned that for Geldart B particles, such as in this case, the bubble size is independent 

of the particle size [42], so this aspect of hydrodynamics does not offer any explanations for the 

observed behaviour. Furthermore, slightly higher bed temperatures (~6 oC on average) and lower 

initial freeboard temperatures (by 11 oC on average) were reported for the smaller bed material 

particle size experiments. The latter observation showcases improved heat transfer capabilities 

although the difference in temperature is not that large. The improved heat transfer is also evident by 

the reduced operating time of the bottom burner for F046, as shown in Table 5.3. Consequently, the 

higher carbon conversion noted for the F046 experiments compared to using F054, can be attributed 

to experimental error in char collection. Alternatively, it can be hypothesized, that the improved heat 

and mass transfer for the F054 experiments, increases the accessibility of the char particles, thus 

increasing the tar cracking capabilities of the char bed inventory. This could lead to enhanced 

secondary coking and therefore higher char yields.  

 
Table 5.3: Percentage of actual operating time for the bottom and top IHBFBSR burner for the various STBR steam/air 

gasification experiments conducted with PG as feedstock. 

 Bed Material 

F054 F046 

STBR 1.2 1 0.8 1.2 0.8 

Bottom burner on (%) 96.3 96.7 81.3 86.5 73.1 

Top burner on (%) 84.4 82.3 91.4 91.7 91.1 

 

5.4.1.2 CGE, OE and gas composition 

In regard to CGE and OE, where the differentiating factor among the various experiments is the 

LHV value of the product gas, no clear trends or correlations emerge. Overall, for the F054 steam/air 

gasification experiments with PG, the average CGE was 78.4 % and average OE was 43.3 %. The higher 

CGE value noted for the STBR=1 / F054 experiment can be attributed to the lower N2 content of the 

product gas of this experiment by roughly 2 vol. % compared to the experiments with STBR of 1.2 and 

0.8. The corresponding values for the F046 experiments with PG (which were two instead of three) 

were 70.6 % and 39.8 %, for CGE and OE, respectively. As it was the case for the STBR=1 / F054 

experiment before, also here the low values for the STBR=1.2 / F046 are outliers, due to a much higher 

N2 content in the product gas. In Figure 5.4, the dry nitrogen free (dnf) composition of the gas 

produced, is presented for both F054 and F046 bed material sizes. For both cases, a positive 

correlation of STBR with H2 and a negative one with CO is established. For CH4, a drop is observed, 

namely 0.4 vol. % dnf on average for F054 and 0.7 vol. % dnf for F046. However, the short range of 

experimental points (three for F054 and two for F046) along with the low magnitude of the drop, do 

not allow drawing any concrete conclusions from this observation. Overall, such trends were highly 

anticipated, since the WGS, CH4 reforming and tar reforming reactions are promoted by the addition 

of more steam [43]. Regarding the differences between the two bed materials employed, it can be 

noted that while CH4 production was quite similar for both, the increase in bed material size, seemed 

to lead to lower H2 and higher CO and CO2 yields. Overall, the improved heat and mass transfer 

imposed by the increased turbulence in a system employing lower bed material sizes compared to 

higher ones, has been reported to lead to increased catalytic activity in the case of olivine bed material 

in favour of H2 production [41]. The corundum bed material employed in this work is expected to be 

inert. However the char that is produced and accumulates in the bed can act as a catalyst for reforming 

or cracking reactions of hydrocarbons and its presence in general promotes tar destruction and syngas 

production [44]. Therefore, it can be argued that the increased turbulence of the system when lower 

bed material particle sizes are employed, enhances interaction with char particles that promotes tar 
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conversion. It has been shown in literature [45], that aromatic compounds can decompose over the 

char surface due to coking, forming also H2 in the process. In general, char’s catalytic activity is 

dependent on its pore size, surface area as well as on its mineral content [46]. By decreasing the bed 

material particle size employed and thus increasing the turbulence of the system, the char surface 

area available for tar elimination reactions becomes larger due to the lager accessibility of the char 

particles. 

 
Figure 5.4: Effect of STBR and bed material particle size on the composition of gas produced from PG steam/air 

gasification with λ = 0.2 at temperatures between 830 oC and 840 oC in the IHBFBSR. Corresponding experimental indexes: 
1,2,3,4 and 5 (SP2). 

5.4.1.3  Tar and benzene composition 

The increasing STBR leads to a significant decrease of the amount of tars produced for both cases 

of bed material studied (Figure 5.3). For F054, from a 19 g/Nm3 dry concentration for a STBR of 0.8, 

the tar in total gas content dropped to roughly 6 g/Nm3 dry for a STBR of 1.2. The corresponding drop 

for the F046 experiments was similar, namely from 22 g/Nm3 dry at 0.8 to 9 g/Nm3 dry at 1.2. In 

general, the increase of the STBR leads to the enhancement of tar reforming reactions to produce H2 

and CO, an effect very well described in literature [47, 48]. This observation is also consistent with the 

previous remarks regarding H2 formation intensification with increasing STBR. The individual tar 

compounds formed at each case are presented in Figure 5.5. Benzene production is included 

separately since it is not considered a tar species and is by far the most abundant condensable product 

compound detected.  
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Figure 5.5: Effect of STBR and bed material particle size on the benzene and tar compounds production per kg of d.a.f. 

PG feed, for steam/air gasification with λ = 0.2 at temperatures between 830 oC and 840 oC in the IHBFBSR. Corresponding 
experimental indexes: 1,2,3,4 and 5 (SP2). 

The increase in STBR leads to a decrease of both the amounts of benzene and naphthalene 

formed. Naphthalene belongs to the light polyaromatic tars category [49], constituting its main 

representative in terms of abundance in this work and the second most abundant condensable specie 

formed after benzene. Overall, the increase of STBR led to a decrease in the heterocyclic (phenol), 

light aromatic (toluene, ethyl benzene) and light polyaromatic tars (naphthalene, acenaphthylene, 

fluorene, anthracene, phenanthrene). The only exception was noted for the case of heterocyclic 

(phenol) tars for F046. According to Jess [50], the effect of steam on aromatics conversion can be 

considered as minimal. Furthermore, it has been suggested that the presence of H2 inhibits the 

conversion of benzene and naphthalene in particular [50] or even PAH in general [51]. More 

specifically, even though the presence of H2O increases the tar decomposition rate, the presence of 

H2, whose yield is positively correlated to H2O, depresses the tar decomposition rate. The H2 reacts 

with radicals generated to form a stable tar molecule and a hydrogen radical, thus leading to higher 

concentrations of smaller, more stable PAHs, such as naphthalene and benzene [52]. This effect is not 

presented in the steam gasification experiments with PG presented here, since both benzene and 

naphthalene yields decrease with increasing steam supply. In regard to the total tar yield, its negative 

correlation with STBR has been reported in literature [48, 51]. Correlations between temperature and 

the efficiency of tar suppression, as well as the selectivity towards lighter compounds and the increase 

of STBR have also been reported in [53]. It has also been argued, that the presence of steam does not 

influence aromatic tar yields, as far as no catalyst of temperatures above 1100 OC are employed [54]. 

For benzene in particular, it has been reported that its decomposition rate is independent of steam 

concentration [55]. Finally, Qin et al. [56], argue that enhanced production of H radicals at high 

temperatures during steam gasification can lead to stabilization of tar intermediates and thus prevent 

their polymerization to aromatic compounds. Therefore, the reason for the observed major reduction 

in benzene and naphthalene yields for increasing STBR can be attributed to the catalytic activity of the 

char accumulating in the bed area, promoting benzene and tar steam reforming. 

Furthermore, a 3 g/Nm3 difference in tar production (Figure 5.3), was observed between the two 

bed materials for STBRs of 0.8 and 1.2, with the larger particle size bed material (F046) presenting the 

higher values. For both STBR values studied, the PAH (light and heavy) yield was significantly higher 

for the F046 experiments. However, for the STBR = 0.8 experiments, the BTEX content (xylene was not 

measured) was higher for the F054 experiments (Figure 5.5). The improved heat and mass transfer, 
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due to the turbulence increase of the system, appears to promote tar destruction. Tar production was 

probably reduced through the increased catalytic activity of the char particles accumulating in the 

bed, when the smaller (F054) bed material results are compared to the coarser ones (F046). The higher 

BTEX yield observed for F054 in the case of STBR of 0.8 can be attributed to the more intense 

formation of those products through PAH cracking [50] compared to the case of F054.  

 

5.4.2 Effect of λ – high temperature (HT) versus low temperature (LT) experiments 
 

In this section the F046/ExR experiments with experimental indexes 7 (SP2) and 8 (SP2) are 

compared. The two most pronounced effects of λ reduction concern the temperature of the system 

as well as the increased char accumulation in the bed area. For the two experiments discussed in this 

section, with the decrease of λ from 0.2 to 0.04 the average bed temperature (TC01 – TC03) dropped 

from 833 oC to 711 oC and the maximum freeboard temperature from 878 oC to 825 oC. The average 

freeboard temperature dropped from 865 oC to 804 oC, while the location of the maximum point 

moved from TC05 to TC06. 

 

5.4.2.1 CCE, CGE and OE 

The reduction of λ, expectedly led to lower carbon conversion levels (89 % versus 82 %) (Figure 

5.6). The char mass obtained through the bed sieving process was a factor 8 times higher for the LT 

experiments (0.04 kg/kg of feed versus 0.005 kg/kg of feed). Overall, the decrease in CCE for lower λ 

and temperatures, was expected since both factors enhance char oxidation and in general the 

breakdown of biomass molecular bonds [40]. Regarding CGE, it increased by 4 % for the decrease of 

λ, due to the increase of the product gas LHV from 4.9 MJ/Nm3 to 6.4 MJ/Nm3, but also due to the 

lower amount of ExR feed employed (8 kg/h for LT versus 10 kg/h for HT). On the contrary, the OE of 

the system decreased for lower λ values. This reversal of the behaviours for the OE compared to CGE, 

is attributed to the fact that the bottom burner was on for 95 % of the time for the HT experiment 

compared to the LT experiment where it was on constantly. This corresponds to a power input 

difference of ~3.4 MJ, leading to the slight increase of the overall efficiency for the high λ and 

temperature experiment, despite the fact the LHV of the product gas is significantly lower in this case 

and a higher biomass feeding rate was employed. In regard to the LHV, its value increased for lower λ 

values, apparently due to less effective dilution of the product gas with N2, considering that the CO 

concentration was actually lower and the one of CH4 practically the same for the LT (λ = 0.04) 

experiment.  
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Figure 5.6: Effect of lambda (λ) on the CCE (top left), CGE (top right), OE (bottom left) and tar content (including 

benzene) in the product gas for ExR steam/air gasification with STBR = 1.2 in the IHBFBSR. Corresponding experimental 
indexes: 7 and 8 (SP2). 

5.4.2.2 Gas, tar and benzene composition 

In the graphs of Figure 5.7, the volatile products of ExR steam/air gasification LT and HT 

experiments are presented. The reduction of λ, led to an increase of the H2 yield by ~12 vol. % dnf. 

The CO and CO2 yields decreased by 7.5 and 4 vol. % dnf, respectively, while the CH4 yield was not 

affected. The N2 concentration of the product gas was significantly reduced, namely from 57 vol. % to 

46 vol. % dry. It should also be mentioned that the total gas yields of the two experiments were very 

similar (0.99 and 1.01 Nm3/kg daf for the HT and LT experiment, respectively). On the other hand, the 

water content in the produced syngas increased from 28 vol. % for the HT to 47 vol. % for the LT 

experiment. In regard to total benzene and tar formation (Figure 5.6), the reduction of λ and 

temperature, led to much higher overall yields. Tar content in the gas product (including benzene) 

increased from 17.6 g/Nm3 to 45 g/Nm3 for the reduction of λ from 0.2 to 0.04. Benzene was the most 

abundant condensable specie detected by a huge difference, while naphthalene, acenaphthylene, 

toluene, anthracene and fluorene followed in roughly that order. The yield of each individual 

compound studied, increased by at least three times for the decrease in λ value, except for ethyl 

benzene which was not influenced by this change. The most pronounced effect was evident on the 

yields of phenol and toluene. More specifically, the phenol yield was 14 times and the toluene yield 7 

times higher for the LT experiment compared to the HT one.  

Since steam reforming reactions are endothermic, the reduction of the reactor temperature as an 

indirect effect of λ reduction leads to less H2O and carbon reforming, as it was also evident by the 

decrease of CCE [57]. Consequently, H2O and char yields are higher for lower λ, as it was the case in 

this work. Another effect of the lower system temperature, especially in the bed area, is the steep 

increase of the phenol yield. Despite phenol not being one of the most abundant tars in these 

experiments, its presence in the product gas is indicative of the performance of the IHBFBSR in terms 

of tar removal efficiency. In general, lower temperatures favour the formation of tar species such as 

phenol and toluene, with diversified substituent groups [58]. The present results illustrate, that even 

though for the LT experiments, the average temperature of the freeboard is around 804 oC, it does 

not suffice for cracking of such products. Of course, the reduced amount of air in the system compared 

to the HT experiments enhances this particular behaviour, due to the limitation of tar oxidation 

reactions. For benzene, its yield for the LT experiment was 2.5 times higher than for the HT 

experiment. In general, higher temperature and lambda values reduce the total amount of tars 
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produced but also lead to an increased aromatisation (PAH and BTEX formation) [58, 59]. However, in 

the LT experiments, the operating temperature and/or oxidative media availability does not suffice 

for the decomposition of heavier tars to more stable compounds such as benzene and naphthalene. 

Consequently, benzene formation comes mainly from primary pyrolysis products decomposition in 

this case. For HT experiments where both pathways for benzene formation are available, the lower 

yields indicate its decomposition at least to a certain degree. Therefore, it can be argued that in the 

context of the IHBFBSR, benzene production is largely dependent on the temperature and/or oxidative 

media presence. Naphthalene and PAH yields in general are significantly higher for the LT experiment 

even though their production is expected to be fairly limited at temperatures close to 700 oC [53, 60, 

61]. Therefore, one would expect that the amount of PAH produced from the LT experiments would 

be less than for the HT ones, considering the aforementioned remark. As it mentioned by Milne et al. 

[61] the addition of oxygen at low temperatures can accelerate the destruction of primary pyrolysis 

products (levoglucosan, hydroxyacetaldehyde, furfurals, etc.), but it has a minimal effect on benzene 

and secondary (phenolics, olefins) and tertiary products (BTEX, PAHs) destruction. Therefore, the 

presence of oxygen is not the deciding factor in this situation since temperature is supposed to be the 

limiting factor in the formation of PAH. Considering these observations, two different, however non-

mutually exclusive hypotheses can be made regarding the higher amount of PAH produced from the 

LT compared to the HT experiments. The first one is that PAH formation for LT experiments takes place 

in the freeboard where the temperatures are higher rather than in the bed area. The second 

hypothesis is based on the catalytic effect of the accumulated char bed, which was already presented 

for the PG experiments presented in Section 5.4.1. Therefore, it can be hypothesized that the presence 

of char in the bed could lead to PAH formation at lower temperatures than usual.  

 
Figure 5.7: Product gas composition (top left), N2 yield (top right), tar yield (bottom left) and benzene yield (bottom 

right) for steam/air gasification of ExR with STBR = 1.2 in the IHBFBSR for different values of lambda (λ). Corresponding 
experimental indexes: 7 and 8 (SP2). 
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Regarding H2, it was expected that its yield would be negatively influenced by the reduction of the 

process temperature. H2 production is generally favoured by high temperatures that promote 

endothermic char gasification and steam reforming and/or cracking of light hydrocarbons and tars 

[40, 48]. Furthermore, its production is also linked to tar secondary reactions [60], that for the LT 

experiments appear to be less active. However, elevated values of λ can also increase H2 partial 

combustion rate [40]. Therefore, it can be argued that H2 production in HT experiments is severely 

reduced by the combined effect of partial oxidation and the high temperature of the freeboard (865 
oC on average). The fact that the H2 yield is significantly higher for the LT and low λ experiments points 

to this direction. Regarding the rest of the gases, the increase of CO2 for higher λ can be attributed to 

the enhancement of char, CO and CH4 oxidation reactions [2]. On the other hand, CO values despite 

being expected to drop for higher λ due to increased partial oxidation [62], showed an increasing 

trend. This can be potentially attributed to the increased CCE for higher λ/ temperature experiments, 

which hints to the formation of CO through char partial combustion [2]. Additionally, it is also possible 

that homogeneous tar conversion, can also be responsible for the increased CO formation in this 

particular case [60]. 

 

5.4.3 Effect of secondary air injection 
 

In this section, the effect of the injection of air in the freeboard is going to be examined for both 

bed materials (F046 and F054) studied in this campaign. The LT/ExR experiments which were studied 

in that regard, correspond to the index numbers 8 to 12 as described in Table 5.2. Overall, the 

experiments described in this section were performed with 0, 4 and 8 kg/h of secondary air injected. 

The addition of 4 kg/h and 8 kg/h of secondary air, corresponds to overall lambda (λoverall) values of 

0.13 and 0.21, respectively. These values were calculated using Eq. 2 and considering both the air 

injected through the bottom of the IHBFBSR and the freeboard. For the F046 experiments the increase 

of the amount of secondary air led to the increase of the average freeboard temperature (TC04 – 

TC07) (804, 807 and 814 oC, respectively). The magnitude of the observed differences is low, because 

TC04 is included in this calculation. For the LT experiments, the increased char accumulation in the 

bed leads to the expansion of the “bed” area to include also TC04. This explains the overall low average 

freeboard temperature, since the “char bed” is included in it. If just the last two thermocouples are 

considered (TC06 – TC07), which correspond to locations above the secondary air injection point, the 

corresponding temperature values show the actual changed imposed on the system (818 oC for 0 kg/h 

versus 857 oC for 4 and 8 kg/h). The respective values for F054 are slightly lower in terms of TC04 – 

TC07 average (796 oC and 805 oC for 4 and 8 kg/h respectively) and 848 oC – 856 oC for the TC06 – TC07 

average. Overall, the average bed temperature for the three F046 experiments was 708.6 oC, roughly 

10 oC lower from the corresponding value of the two F054 experiments (Table 5.2). In the previous 

comparison of the effect of bed material particle size on the temperature of the TC01 – TC05 area of 

the IHBFBSR (Section 5.4.1) similar conclusions were derived. Namely, the increased turbulence of the 

system due to the smaller particle size of the bed material for F054 leads to improved heat and mass 

transfer, which in its turn leads to smaller differences in temperature between bed area and early 

(TC04 – TC05) freeboard. This leads to a higher bed and lower initial freeboard temperature for the 

F054 steam/air gasification experiments with ExR, by 10 oC and 23 oC respectively on average, 

compared to the F046 experiments.  
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5.4.3.1 CCE 

The CCE values for F046 (coarser) were similar to F054 for 4 kg/h of secondary air, but they were 

~3.5 % higher for 8 kg/h (Figure 5.8). This result is fairly consistent with the corresponding results of 

Section 5.4.1, however the magnitude of the observed differences is significantly smaller. For CCE, a 

slight increasing trend for increasing amounts of secondary air was noticed in both cases, most notably 

in the case of F046 were the value rose from 82 %, to 83 % and 88 %, respectively. In both cases of 

bed material particle size, the amount of char collected through the bed sieving process was not 

particularly affected by the secondary air injection, as it was expected. However, the total amount of 

fines in the bed and cyclones decreased significantly for increasing secondary air injection. For F054, 

a drop of 15 % was noted in the amount of fines produced from 8 kg/h of secondary air compared to 

the 4 kg/h case. For F046, the corresponding drops were 19 % and 67 % from 0 to 4 kg/h and 4 to 8 

kg/h, respectively. Therefore, it can be argued that the introduction of secondary air leads to partial 

char oxidation reactions in the freeboard, reducing the amount of char collected in the cyclones and 

thus improving carbon conversion. 

 
Figure 5.8: Effect of secondary air injection and bed material particle size on the CCE (top left), CGE (top right), OE 

(bottom left) and tar content (including benzene) in the product gas for ExR steam/air gasification with λ = 0.04 and STBR = 
1.2 in the IHBFBSR. Corresponding experimental indexes: 8, 9, 10, 11 and 12 (SP2). 

5.4.3.2 CGE and OE 

Regarding CGE and OE, contradictory results are obtained from the experiments conducted with 

the two different bed materials. For the F046 experiments, the increase of the amount of secondary 

air employed led to lower CGE and OE values, while the opposite behaviour was observed for the F054 

experiments. For both cases, LHV values decreased for increasing amounts of secondary air, mostly 

due to dilution of the product gas with N2. In particular, for the F046 experiments the LHV fell from 

6.4 MJ/Nm3 dry, to 4.9 and 4 MJ/Nm3 dry, when the secondary air injection was changed from 0 to 4 

and 8 kg/h, respectively. The corresponding values for F054 were 5 and 4.3 MJ/Nm3 dry for 4 and 8 

kg/h, respectively. Considering this trend for the calorific value of the product gas, the observed 

behaviour of the CGE and OE can be attributed to its actual yield. For the F054 experiments the dry-

N2-free gas yield was favoured by the increase in the amount of secondary air injection, rising from 

0.94 to 1.05 Nm3 dnf/kg daf. On the contrary, in the case of F046 the dry-N2-free gas yield decreased 

from 1.01 Nm3 dnf/kg daf for no secondary air added, to 0.92 and 0.87 Nm3 dnf/kg daf, for 4 and 8 

kg/h, respectively.  
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5.4.3.3 Gas composition 

The aforementioned increase of the gas yield in the case of the F054 steam/air gasification 

experiments, for increasing amounts of secondary air injection, in contrast to F046, can be attributed 

to the improved tar conversion achieved with F054, especially when the two respective 8 kg/h 

secondary air injection experiments are compared. The F054 experiments showed better tar 

conversion (Figure 5.8 and Figure 5.10), similarly to the previously presented PG experiments in 

Section 5.4.1. The increased turbulence of the system for lower bed material particle sizes (F054), 

enhances interaction with char particles that accumulate in the bed promoting tar conversion. When 

comparing the 8 kg/h secondary air injection experiments in terms of dry product gas, the N2 in the 

F054 experiments is roughly 4 vol. % lower than for F046. The opposite behaviour is found for H2, CO 

and CO2. In particular, the corresponding yields were higher for F054 compared to F046 by 

approximately 3 vol. %, 0.6 vol. % and 1 vol. %, respectively. As previously discussed, H2 and CO are 

considered as direct products of tar cracking/reforming reactions, which explains the observed 

difference. The difference in CO2 could be due to the occurrence of CO oxidation reactions to a larger 

extent for the F054 experiments, following its aforementioned increased production. Overall, the 

improved tar cracking capabilities of smaller corundum bed particle sizes was also proven here. 

Nevertheless, in terms of the dry-nitrogen-free gas composition, the differences between the bed 

material sizes were marginal, with the exception of H2. 

 
Figure 5.9: Effect of secondary air injection and bed material particle size on the composition of gas produced from 

ExR steam/air gasification with λ = 0.04 and STBR = 1.2 in the IHBFBSR. Corresponding experimental indexes: 8, 9, 10, 11 
and 12 (SP2). 

When studying the effect of secondary air injection in the dry-N2-free gas composition, it is clear 

that it had a negative impact mostly on the H2 and to a lesser extent on the CH4 yield. On the contrary, 

CO and CO2 yields were positively influenced by the increase of the amount of secondary air 

introduced. The reduction of the combustible gases yields was expected due to the addition of the 

secondary air [63, 64], however this was not seen for CO. Therefore, it can be suggested that the 

enhancement of CO production from tar cracking/reforming as well as from the Boudouard and 

carbon oxidation reactions, as it is suggested by the higher CCE values, overcomes the increased effect 

of CO combustion. Furthermore, it is apparent, that the transition from 0 kg/h to 4 kg/h of secondary 

air had no influence at all in the H2 yield for the F046 experiments. Apparently, the increased H2 

combustion rate is matched by the increased production though tar cracking and reforming reactions, 

due to the more reducing environment and the higher temperatures achieved.  

 

5.4.3.4 Tar and benzene composition  

The overall positive effect of secondary air addition on tar reduction, due to the oxidative 

atmosphere and the elevated temperatures achieved in the freeboard (Figure 5.8), has also been 

reported in the literature [63-66]. Its effect on specific compounds is presented in Figure 5.10. With 
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the exception of benzene for 4 kg/h of secondary air, the amount of tars and benzene produced from 

steam/air gasification with corundum F054 were lower than in the F046 experiments, in a behaviour 

consistent with the HT experiments presented in Section 5.4.1. In regard to the effect of the secondary 

air injection, for the F046 experiments, the overall tar yield decreased by ~90 %, regardless of the 

amount. This drop corresponds to a reduction from ~1 vol. % (45 g/Nm3) of the total dry gas to 0.11 

vol. % (5 g/Nm3) and 0.09 vol. % (4 g/Nm3) for 4 kg/h and 8 kg/h of secondary air, respectively. For 

F054, with the increase of the amount of air injected from 4 kg/h to 8 kg/h the total amount of tars 

and benzene produced, decreased by 63 wt. % to 1.9 g/Nm3. 

 
Figure 5.10: Effect of secondary air injection and bed material particle size on the benzene and tar compounds 

production per kg of d.a.f. ExR feed for steam/air gasification with λ = 0.04 and STBR = 1.2 in the IHBFBSR. Corresponding 
experimental indexes: 8, 9, 10, 11 and 12 (SP2). 

As it was also the case for the HT / PG and ExR steam/air gasification experiments, benzene was 

by far the most abundant condensable species detected. The injection of secondary air (4 kg/h) with 

F046 as a bed material led to benzene’s yield reduction by 88 wt. % compared to the no secondary air 

case. With the increase to 8 kg/h for F046, a 17 wt. % reduction of benzene’s yield was observed, with 

the corresponding decrease for F054 being almost three times higher. Naphthalene, acenaphthylene, 

anthracene and toluene were the most abundant tar species formed, with naphthalene presenting 

the higher concentrations by far. Its yield was reduced by 64 % with the increase of secondary air 

amounts from 4 to 8 kg/h for F054. For F046, the increase from 0 kg/h to 4 kg/h and finally to 8 kg/h 

led to a reduction by 87 wt. % and 28 wt. % of the naphthalene yield. In terms of tar classes, 

heterocyclic tars (phenol), were reduced by 92 % and 77 % for an increase of secondary air injection 

from 4 kg/h to 8 kg/h for F054 and F046, respectively. The amount of light aromatics and light 

polyaromatics also decreased with increasing amounts of secondary air. The latter effect was more 

pronounced for F054, where the anthracene yield was reduced by roughly 97 %, while phenanthrene 

disappeared completely absent from the 4 to 8 kg/h steam/air gasification experiment. The reduction 

especially of light aromatic and light PAH has also been reported in the literature for secondary air 

injection systems [66]. Considering heavy polyaromatic tars, while for the F054 experiments their yield 

dropped by 90 % from 4 kg/h to 8 kg/h of secondary air, in the case of F046, after an initial drop of 93 

% from 0 to 4 kg/h, their yield increased by 60 % when the secondary air injection was further 

increased to 8 kg/h. This was mostly due to a steep increase of the pyrene yield by ~60 times. Such an 

observation for the effect of secondary air injection on heavy PAH was also made in [67] with no clear 

indication on the reasons behind it. Pyrene is a product of naphthalene decomposition and constitutes 

a stable PAH without substituent groups [50, 68]. Therefore the increase of its yield might be 

attributed to the decomposition of mainly naphthalene [69], which can be found among the 

gasification products in higher amounts for F046 rather than F054 bed material. It should be 

mentioned that the low amounts of heavy PAH detected, lead to a very high potential influence of an 
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experimental error on the values discussed here. Overall, it can be argued, that the injection of 

secondary air appears to be a very efficient method for tar removal in the context of the IHBFBSR, 

regardless of the class.  

 

5.4.3.5 Overview of the effect of secondary air injection 

In general air injection, either primarily or secondarily, led to the increase of the bed temperature 

of the IHBFBSR, due to increased char and biomass oxidation (Table 5.4). However, the effect of its 

addition on the average TC06-TC07 temperature on the freeboard is negligible. Therefore, it can be 

argued that the difference in terms of the temperature profile between the two methods of supplying 

air, lies mostly on how wide the high temperature zone is and on the location of the maximum. 

However, another effect of the reduction of the primary air is the increased accumulation of char in 

the bed area. As it is evident by the readings of TC04, the temperature at this region is slightly above 

the average bed temperature. The reduction of primary air leads to lower CCE values, even though 

secondary air injection improves the secondary conversion of fine char particles in the freeboard. The 

effect of secondary air addition on the gas yield (dnf) is negative. Despite the fact that lower amounts 

of total air are introduced and therefore dilution by N2 is reduced, the lower degree of char conversion 

plays a significant role on the amount of gas produced. For example, the carbon content in the product 

gas was 1.2 kg dry less for experiment 9 compared to 7. The negative effect of secondary air addition 

on the gas yield is also reflected on the OE values (Table 5.4). However, the LHV of the product gases 

can be viewed as comparable, between the cases of 4 kg/h secondary air injection and 11.3/0 kg/h of 

primary/secondary air. At this level, the effect of N2 dilution is apparently evened out by the increased 

tar conversion due to the catalytic char bed and localised air supply. This “dedication” of the air 

supplied to the system to tar conversion along of course with the effect of the char bed, is reflected 

on tar content in the product gas. Even though less air is injected for experiment 9 (and of course 10), 

the tar content is significantly lower. Additionally, the H2/CO ratio is improved by the reduction of the 

primary and the addition of secondary air. Conclusively, the negative effect of secondary air addition 

on the syngas quality, can be mitigated through the employment of moderate amounts of air 

(λoverall≈0.13) and the catalytic effect of accumulating char, as it was previously suggested also in [66]. 

Furthermore, the results presented both here and Section 5.4.1, strongly suggest that the 

employment of smaller (F054) bed material particle size can lead to improved quality of the produced 

syngas. 

 
Table 5.4: Comparison of the effect of the total amount of air introduced and the respective introduction method for 

steam/air gasification experiments in the IHBFBSR, with a STBR of 1.2, ExR as a feedstock and corundum F046 as a bed 
material. 

Index 
(#) 

Primary/ 
secondary 
air (kg/h) 

Average bed 
temperature/ 
TC04/Average 
TC06-TC07 (oC) 

Overall 
λ (-) 

CCE 
(-) 

Gas 
Yield 
(Nm3 

dnf/kg 
daf) 

LHV 
product 
gas dry 

(MJ/Nm3 
dry) 

OE H2/CO 
Tars in 

total gas 
(g/Nm3) 

7 11.3/0 833/865/859 0.23 0.89 0.99 4.90 0.33 1.2 17.6 

9 1.9/8 704/745/857 0.21 0.88 0.87 3.96 0.26 1.7 3.9 

10 1.9/4 710/731/857 0.13 0.83 0.92 4.86 0.26 2.3 4.9 

8 1.9/0 711/775/818 0.04 0.82 1.01 6.44 0.31 2.2 45 
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5.4.4 Effect of steam/air gasification duration 
 

For the experiments where tar sampling was performed twice, the first sampling point (SP1) was 

initiated after switching from the combustion/warming up regime, to steam/air gasification. The 

second sampling (SP2) was performed after a steady state was achieved. The main purpose of 

performing both samplings, is to investigate the effect of char accumulation in the bed. For HT 

experiments (5,6 and 7), the temperature of the entire system increased with time (Table 5.5). For HT 

experiments, char accumulation still occurs at the bed, however to a much lower extent compared to 

the LT experiments, due to its partial oxidation. On the contrary, for the LT experiments the average 

bed temperature decreases between SP1 and SP2. The behaviour for the TC04 – TC05 region was 

similar, with the temperature increasing with time for the HT experiments and decreasing for the LT 

ones. Increased char accumulation for the LT experiments leads to comparatively lower temperatures 

for TC04, which tends to become equal to the one of the corundum fluidized bed right below. Finally, 

regarding the TC06 – TC07 average temperature, its value increased in all cases, except for 8 kg/h of 

secondary air injection. In this case, the temperature in this region of the freeboard was at roughly 

the same levels throughout the entire the experiment.  

 

5.4.4.1 Gas composition 

Accumulation of char in the bed, appears to be beneficial for the gas yield, with the average 

increase, despite only marginal in some cases, being ~0.15 Nm3 dnf/kg daf. The enhanced catalytic 

activity of the char bed for SP2 vs SP1, which promotes tar decomposition and permanent gases 

formation, potentially explains the observed behaviour. The increase of the gaseous yield appears to 

be more significant for LT experiments (average increase of 0.21 versus 0.05 Nm3 dnf/kg daf), further 

substantiating this conclusion (Table 5.5). Additionally, apart from HT experiment 5 with PG as a 

feedstock, the influence of extended duration of the experiment was beneficial for the H2 yield, which 

increased by 4 vol. % on average for HT and 8 vol. % for LT experiments, between SP1 and SP2. 

Therefore, H2 production is positively associated with tar catalytic conversion in the accumulated char 

bed [70]. In the previous section, it was argued that the effect of secondary air injection on tar 

reduction and therefore H2 production for LT experiments, is more effective than the higher bed 

temperatures of the HT experiments in that regard. This is showcased again here, along with the also 

aforementioned positive impact of secondary air injection on the H2 yield. Contrary to H2, the CO and 

CH4 were lower for SP2. The effect of longer steam/air gasification duration was again more significant 

for the LT experiments regarding these two gases. For CO, its yields decreased by 7 vol. % for LT 

experiments versus less than 1 vol. % for HT on average, between SP1 and SP2. CH4 yields decreased 

by 3 vol. % for HT experiments versus less than 1 vol. % for LT experiments between SP1 and SP2. 

Finally, the CO2 yields presented a small increase (1 vol. % on average) for the LT experiments. 

 

5.4.4.2 Tar and benzene composition 

For HT experiments (5, 6 and 7), the tar content in the product gas increased between SP1 and 

SP2. The increase was marginal (3 wt. %) for the PG experiment, but quite substantial for the two HT 

/ ExR experiments (53 wt. % and 68 wt. %, respectively). For the PG experiment, the marginal 

difference can be attributed to the minor temperature differences between the set points. In the two 

ExR experiments a higher λ was employed for SP1, which can explain the higher tar production 

presented for SP2. Furthermore, char accumulation does not take place on a large extent in HT 

experiments, preventing tar catalytic cracking at such levels as for the LT experiments. Regarding 

individual tar compounds, for both those experiments benzene production more than doubled, while 

phenol yield increased by one order of magnitude, between SP1 and SP2. Contrary to that however, 
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the tar yield increased between SP1 and SP2 for the LT experiment 8. Most of the tar species content 

doubled, as well as benzene’s, between those two sampling points. Phenol concentration, in 

particular, increased by a factor of 74. The fact that char accumulation under these experimental 

conditions is not enough for tar catalytic cracking to an appreciable extent is showcased by phenol 

behaviour. In general, char promotes the decomposition of oxygenated compounds even at 

temperatures lower than the ones achieved in this case [71]. Even though lower temperatures were 

achieved for the LT experiments and thus the effect of thermal cracking of phenol was less than for 

the HT ones, the reduction of its yield between SP1 and SP2, further supports the argument. 

Additionally, heavy PAH production also increased significantly from SP1 to SP2, with the yields of 

benzo(k)fluoranthene, benzo(a)pyrene and benzo(b)fluoranthene, increasing by ~400, 200 and 250 

times, respectively. The yields of those three species combined, contribute to ~1 wt. % of the overall 

tar and benzene yield, therefore the differences between the set points are subject to a thin margin 

of sampling error. However, heavy PAH species are of a high importance, since even in low 

concentrations they can influence the tar dew point greatly [72]. This behaviour of experiment 8, can 

be attributed to the different temperature between the two set points. Namely, the bed and TC04 – 

TC05 temperature decreased by approximately 30 oC for both regions. The increase of temperature in 

the TC06 – TC07 region from 803 oC to 818 oC, was not enough for sufficient thermal cracking of the 

produced tars. Therefore, despite the presence of the accumulated char bed, the temperature of the 

freeboard and the method of air supply are very critical for tar removal during steam/air gasification 

in the IHBFBSR. This remark can be well established through the differences between SP1 and SP2 for 

LT experiments 9, 10, 11 and 12. Starting with the overall tar content of the product gas, its reduction 

was significant in all four experiments from SP1 to SP2 (Table 5.5). The light and heavy PAH yield 

decreased by approximately 56 wt. % on average, while the effect on benzene was similar but less 

pronounced. The catalytic effect of the char accumulated in the IHBFBSR is showcased by the decrease 

by ~52 wt. % on average, of the naphthalene yield for these LT experiments, from SP1 to SP2. In 

general, naphthalene is stable up to temperatures around 900 oC in a steam/CO2 environment [73]. 

Therefore, the reduction of its yield between SP1 and SP2 for the LT experiments with secondary air 

as shown here, can be partly attributed to the presence of char in the bed. The effect of the use of 

char as a catalyst for the conversion of tar and in particular naphthalene, which is also here the most 

abundant tar specie formed, has been well described by El-Rub in [74]. According to this work, tar is 

adsorbed on active sites of the surface of char particles and undergoes catalytic conversion through 

two parallel pathways. The first one involves steam and dry gasification reactions for the formation of 

CO and H2, catalysed by the char’s mineral content. The second path is centred around tar 

decomposition for the formation of free radicals, which polymerize and form coke deposits on the 

char surface. According to Burhenne et al. [75], the presence of CO2 leads to further activation of the 

char bed which improves benzene removal, although the effect of steam is more pronounced, 

especially in the context of the hereby presented IHBFBSR experiments. In general, it can be argued 

that despite that char accumulates continuously in the IHBFBSR bed, the product yields do stabilize to 

the hereby presented values (SP2), signalling that tar conversion peaks, but also does not fall below 

that point. As it has been argued by El-Rub [74], char activity does not decrease with time since its 

micropores grow to meso and macro pores, which are more effective on tar removal and the 

accessible mineral content increases with the conversion of its carbon content. Lastly, for the IHBFBSR, 

the char keeps accumulating in the bed as long as gasification continues. Thus it can be argued that 

the efficiency of the tar conversion process is capped from the process conditions (temperature, λ, 

method of air supply, bed material, etc.) rather than the char catalyst’s activity, as it has also been 

shown in [76]. High temperatures in particular have been shown to favour tar decomposition over a 

char bed [77, 78]. Furthermore, as it has been suggested in [79] for the combined use of char and 

oxidation for tar removal, for high O2 concentrations, char BET surface area can decrease significantly, 
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due to partial oxidation. The fact that air can be added above the accumulated char bed in the IHBFBSR 

can address this problem and provide more flexibility on the amount of oxidizing agent added. Overall, 

the detailed analysis of the properties of the char derived from the IHBFBSR experiments (e.g. BET 

analysis, SEM, XRD, etc.), despite being relevant, was outside the scope of the present study. The 

corresponding investigation will be presented by the authors in a future study. 

 
Table 5.5: Effect of steam/air gasification duration in the IHBFBSR on various process parameters and product yields 

(experiments 5 – 8) 

Index (#) 5 6 7 8 

Set Point SP1 SP2 SP1 SP2 SP1 SP2 SP1 SP2 

Bed Material F046 F046 F054 F054 F046 F046 F046 F046 

Biomass PG PG ExR ExR ExR ExR ExR ExR 

λ(-) 0.20 0.20 0.23 0.20 0.23 0.20 0.04 0.04 

STBR (-) 0.8 0.8 1.2 1.2 1.2 1.2 1.2 1.2 

Sec. air (kg/h) 0 0 0 0 0 0 0 0 

Average Bed T (oC) 831 832 826 839 816 833 740 711 

Average TC04 - TC05 (oC) 876 875 851 864 853 872 823 790 

Average TC06 - TC07 (oC) 838 857 818 855 819 859 803 818 

Gas Yield (Nm3 dnf/kg 
daf) 

1.19 1.23 0.87 0.88 0.88 0.99 0.61 1.01 

LHV product gas 
(MJ/Nm3 dry) 

5.50 5.47 4.20 4.59 4.25 4.90 5.12 6.44 

H20 (vol. %) 25.6 24.4 29.8 18.0 27.8 28.2 31.8 47.4 

H2 (vol. % dnf) 
28.7(± 

0.2) 
24.8(± 

0.1) 
29.4(± 

0.7) 
33.4(± 

0.7) 
28.8(± 

0.6) 
32.7(± 

0.4) 
39.4(± 

1.2) 
44.2(± 

1.4) 

CO (vol. % dnf) 
30.9(± 

0.3) 
31.4(± 

0.2) 
28.8(± 

1.1) 
27.6(± 

0.6) 
29.1(± 

0.8) 
27.8(± 

0.7) 
23.6(± 

1.8) 
20.3(± 

1.6) 

CH4 (vol. % dnf) 
9.9(± 
0.1) 

10.5(± 
0.1) 

9.5(± 
0.4) 

9.3(± 
0.2) 

9.7(± 
0.4) 

9.3(± 
0.3) 

10.9(± 
0.4) 

9.3(± 
0.6) 

CO2 (vol. % dnf) 
30.5(±0.

3) 
33.3(± 

0.3) 
32.3(± 

1.1) 
29.7(± 1) 

32.4(± 
0.8) 

30.2(± 
0.8) 

26.1(± 1) 
26.2(± 

0.3) 

N2 (vol. % db) 52.3(± 1) 
51.6(± 

0.5) 
62.4(± 

1.4) 
59.9(± 

1.4) 
62.0(± 

1.3) 
56.9(± 

1.3) 
58.5(± 

1.4) 
45.8(± 

3.5) 

CGE (%) 74.7 75.4 52.3 54.2 53.3 60.9 40.4 65.1 

OE (%) 41.3 43.1 27.9 28.8 28.4 32.8 19.3 31.0 

Tars in total gas (g/Nm3) 21.2 21.8 8.3 12.8 10.5 17.6 22.8 45.0 

Benzene (g/kg daf) 1.34 1.40 0.37 0.96 0.52 1.13 1.62 2.90 

Heterocyclic (g/kg daf) 5.1E-03 2.9E-03 3.1E-04 5.2E-03 3.6E-04 3.7E-03 7.1E-04 5.3E-02 

Light Aromatic (g/kg daf) 1.2E-01 9.3E-02 1.2E-01 1.0E-01 1.5E-01 1.0E-01 3.6E-01 6.5E-01 

Light PAH (g/kg daf) 7.1E-01 7.3E-01 3.7E-01 2.7E-01 4.1E-01 6.1E-01 1.0E+00 2.3E+00 

Heavy PAH (g/kg daf) 7.1E-02 8.3E-02 3.1E-02 1.4E-02 3.4E-02 2.7E-02 1.4E-02 9.0E-02 
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Table 5.5 (continued from previous page): Effect of steam/air gasification duration in the IHBFBSR on various process 
parameters and product yields (experiments 9 – 12) 

Index (#) 9 10 11 12 

Set Point SP1 SP2 SP1 SP2 SP1 SP2 SP1 SP2 

Bed Material F046 F046 F046 F046 F054 F054 F054 F054 

Biomass ExR ExR ExR ExR ExR ExR ExR ExR 

λ(-) 0.04 0.04 0.04 0.04 0.04 0.04 0.04 0.04 

STBR (-) 1.2 1.2 1.2 1.2 1.2 1.2 1.2 1.2 

Sec. air (kg/h) 8 8 4 4 4 4 8 8 

Average Bed T (oC) 733 704 702 710 717 715 727 722 

Average TC04 - TC05 (oC) 828 770 792 757 794 745 808 754 

Average TC06 - TC07 (oC) 860 857 839 857 828 848 859 856 

Gas Yield (Nm3 dnf/kg 
daf) 

0.86 0.87 0.77 0.92 0.69 0.94 0.85 1.05 

LHV product gas 
(MJ/Nm3 dry) 

4.26 3.96 4.79 4.86 4.65 5.00 4.16 4.32 

H20 (vol. %) 25.3 23.8 29.1 25.7 30.4 23.7 29.0 23.9 

H2 (vol. % dnf) 
31.6(± 

0.7) 
38.2(± 

0.7) 
34.7(± 

1.1) 
44.2(± 

0.5) 
31.9(± 

0.9) 
43.2(± 

0.6) 
31.4(± 

0.9) 
41.3(± 

0.4) 

CO (vol. % dnf) 
29.6(± 

1.4) 
22.5(± 

0.4) 
25.5(± 

1.2) 
19.3(± 

0.3) 
29.8(± 

1.5) 
20.3(± 

0.8) 
30.2(± 

1.4) 
21.6(± 

0.4) 

CH4 (vol. % dnf) 
10.1(± 

0.4) 
7.9(± 
0.2) 

11.4(± 
0.4) 

7.6(± 
0.3) 

11.9(± 
0.3) 

8.1(± 
0.5) 

9.6(± 
0.4) 

6.5(± 
0.4) 

CO2 (vol. % dnf) 28.7(± 1) 
31.4(± 

0.8) 
28.4(± 

0.6) 
28.9(± 

0.3) 
26.3(± 

0.8) 
28.5(± 

1.1) 
28.8(± 

0.8) 
30.6(± 

0.5) 

N2 (vol. % db) 
63.9(± 

1.3) 
63.5(± 6) 

60.7(± 
0.8) 

56.3(± 
1.5) 

63.1(± 
1.1) 

55.7(± 
1.7) 

64.2(± 
1.4) 

59.1(± 
1.2) 

CGE (%) 54.6 51.1 50.6 55.3 47.2 57.4 53.1 59.9 

OE (%) 27.0 26.2 24.1 26.3 22.5 27.4 25.9 30.0 

Tars in total gas (g/Nm3) 13.3 3.9 7.7 4.9 8.1 5.1 3.0 1.9 

Benzene (g/kg daf) 0.84 0.29 0.43 0.36 0.47 0.43 0.22 0.18 

Heterocyclic (g/kg daf) 4.1E-04 1.1E-03 5.9E-03 4.8E-03 6.9E-03 1.5E-03 4.6E-03 1.3E-04 

Light Aromatic (g/kg daf) 1.9E-01 1.5E-02 4.9E-02 3.4E-02 4.1E-02 2.5E-02 1.1E-02 4.3E-03 

Light PAH (g/kg daf) 5.8E-01 1.8E-01 5.1E-01 2.5E-01 4.8E-01 2.2E-01 1.3E-01 6.4E-02 

Heavy PAH (g/kg daf) 2.6E-02 1.6E-02 1.8E-02 6.5E-03 2.3E-02 1.1E-02 4.4E-03 1.1E-03 
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5.4.5 Comparison of IHBFBSR with other allothermal gasification concepts 
 

As can be seen in Table 5.6, the overall performance of the IHBFBSR during these commissioning 

experiments, compares well with other established allothermal gasification systems, some of which 

were already discussed in the introduction section. This is mainly in terms of cold gas efficiency and 

gas composition. The carbon conversion of the IHBFBSR was lower compared to the other systems 

except for the HPR, which is also the most similar concept to the one employed here. Furthermore, it 

presented higher H2:CO ratios among the non-pressurized systems (thus excluding the HPR).  Overall, 

the hereby presented allothermal gasification concept is still in an early developmental stage and no 

extensive process optimization has yet been performed. Therefore, further comparison with these 

established technologies would not be meaningful. However, these initial results and comparison 

provide an important benchmark for future investigation and showcase the potential of the IHBFBSR 

concept.  
 

Table 5.6: Process conditions, working principles, performances and main gas compositions of  Milena (ECN part of TNO), 
FICFB (TU Vienna), SilvaGas, Battelle (USA) and HPR (TU Munich) allothermal gasifiers 

 MILENA 
[80-85] 

FICFB 
[86-88] 

SilvaGas 
[89, 90] 

HPR 
[22, 29, 91] 

IHBFBSR 
[this study] 

Reformer 

Type CFB BFB CFB FBR BFB 
Agent Steam Steam Steam Steam Steam/air 

Pressure atm atm atm 2-10 bar atm 
Temperature (˚C) >700 850-900 800-1000 700-800 700-850 

Combustor 

Type BFB CFB CFB FBR Burner 

Performance 

Carbon Conversion (%) 100 100 100 86 82 - 95 
Cold Gas Efficiency  (%) 80* 80** 70 70 51 - 84 

Product gas composition (vol. % dnf) 

H2 20 34 19 45 36 
CO 50 24 54 21 26 
CO2 13 30 10 24 30 
CH4 17 12 17 10 9 

Ratios (-) 

H2:CO 0.4 1.4 0.4 2.2 1.5 
H2:CO2 1.6 1.1 1.9 1.9 1.2 
CO:CO2 4.0 0.8 5.3 0.9 0.9 
CH4:H2 0.8 0.4 0.9 0.2 0.3 

*Taking into account gas cleaning 

** Total efficiency Güssing plant 
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5.5 Conclusions 
In this work, the results from the commissioning experiments on the novel IHBFBSR were 

presented, along with a description of its operational characteristics for a wide range of experimental 

conditions. During the investigation, the importance of the char accumulating in the bed area for the 

overall process was highlighted, since it appeared to promote H2 production and in-situ tar destruction 

especially for smaller bed material particle sizes. Furthermore, it was found that the injection of 

moderate amounts of air in the freeboard can improve tar reduction and to a lesser extent CCE without 

negatively impacting H2 production, even when compared to the introduction of larger amounts as a 

fluidization agent. Overall, the present study offers a thorough presentation of the IHBFBSR attributes 

for a variety of process conditions, allowing its use as a benchmark for similar systems and future 

works. 

The product gas composition and CGE obtained from the IHBFBSR is favourably compared to some 

similar allothermal gasification systems, while carbon conversion can still be improved. Although the 

presence of the accumulated char bed can have a positive effect on syngas composition in terms of 

quality and tar content, a compromise between this effect and the increase of carbon conversion must 

be found. Additionally, the in-depth investigation of process hydrodynamics and heat/mass transfer 

characteristics through e.g. computational fluid dynamics, can provide important insights as to the 

improvement of the IHBFBSR’s operation. The overall efficiency of the system can also be improved 

through for example, the increase of the burners output and efficiency and better insulation. 

Especially in the freeboard, with the addition of secondary air, lower temperatures and/or burner 

outputs could suffice for the required levels of tar removal. In general, the investigation of more tar 

reduction methods either in-situ (e.g. tar reducing bed material like olivine) or ex-situ (gas cleaning) 

should also be performed. Conclusively, despite the initial results being quite promising in terms of 

the scale-up potential of the IHBFBSR, significant reactor development work remains to be done. 
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6.1 Introduction 

Heat required for the operation of allothermal gasifiers can be provided through discontinuous 
intermittent operation of a single fluidized bed, through the circulation of particles between two 
interconnected fluidized beds, or finally by employing heat transfer surfaces [1]. The first category 
includes mainly Winkler’s fluidized bed gasifier (1922) where air (or later O2) blown combustion up to 
1100-1200 oC was employed, repeatedly followed by steam gasification. In recent years the focus of 
the scientific community has been mostly on the other two technologies. The interconnected fluidized 
beds gasification technology, or Dual Fluidized Bed (DFB) gasification, utilizes two separate gasification 
and combustion reactors [2, 3]. A thorough literature review and technical analysis of the DFB 
gasification technology can be found in [1] and even more recent ones in [4] and [5]. In heat exchanger 
configurations, one concept completely separates the gasification area from the “heat provision 
reactor” to allow the application of a variety of fuels and/or processes. Juentgen and van Heek 
suggested such a concept in 1975 [6], incorporating helium produced from nuclear reactors at high 
temperatures (HTR), which was however abandoned due the poor heat transfer [7]. Another concept 
was the MTCI gasifier, where a pulse combustor fed the heat exchanger tubes located in the main 
steam blown atmospheric fluidized bed reactor, using the gasification product gas. Turbulent flue gas 
flow and low frequency acoustic oscillations from pulse combustion can lead to improved heat 
transfer compared to conventional heat exchangers [1, 8]. The most recent concept in this category is 
the Biomass Heatpipe Reformer. In this case gasification takes place in a pressurized chamber and the 
required heat is generated in a combustion chamber below it and exchanged through several heat 
pipes. Both the gasifier and the combustor are fluidized bed reactors, while for the heat pipes the 
working fluid (Na, K, etc.) evaporates on the combustor side and condenses on the gasifier one [9-11]. 
The use of this particular concept is claimed to increase heat transfer coefficients and reduce the 
required heat transfer areas 10 to 20 times [7].  

In general, gas-solid fluidized beds are widely used in process industries and biomass gasification 
in particular, due to their ability to combine reactor and mixer capabilities and facilitate continuous 
operation [12]. Compared to other gas-solid reactor types, fluidized bed gasifiers offer significant 
advantages, such as rapid mixing and consequently almost isothermal conditions, high heat and mass 
transfer rates between gas and particles also leading to smaller required surface area of heat 
exchangers within the bed, suitability for large-scale operations and more [13]. Due to their 
importance for the process industry, fluidized beds have been widely studied, to better describe 
fluidization phenomena both experimentally and computationally. However, the lack of 
understanding of dense gas-particle flow fundamentals creates difficulties in designing and scaling-up 
such systems. Therefore, designing a fluidized bed reactor often becomes an empirical process, 
requiring expensive and time consuming preliminary pilot-scale experiments [14]. This task becomes 
even more challenging when non-standard or complex reactor geometries are employed. Therefore, 
the development of numerical models for the simulation of fluidized beds hydrodynamics with such 
geometries is of the outmost importance for the corresponding scientific community. 

Complex fluidized bed geometries have been thoroughly studied in the literature in terms of 
numerical models development, however almost solely in the form of horizontally immersed tubes in 
a fluidized bed reactor. Most commonly, Eulerian-Lagrangian methods have been employed in their 
study. The CFD-DEM (Computational Fluid Dynamics-Discrete Element Method) has been widely 
applied [15-19], also coupled with various methods, such as the coarse grain (CG) model [20], the 
immersed boundary method (IBM) [21-23], the virtual dual-grid model (VDGM) [24, 25], the cut cell 
technique in a MFIX (Multiphase Flow with Interphase Exchange) solver [26, 27], the fictitious domain 
(FD) method [28, 29], LES (large eddy simulation) [30, 31], as well as with a combination of the signed 
distancing function (SDF) with the IMB and CG models [32]. Hard sphere, CFD-DPM (Computational 
Fluid Dynamics-Discrete Particle Method) models have also been employed for the simulation of 
complex geometries [33, 34]. Furthermore, Córcoles et al. [35] presented the simulation of a bubbling 
fluidized bed with immersed surfaces, using a Computational Particle Fluid Dynamics (CPFD) model, 



135 
 

based on the multiphase particle-in-cell (MP−PIC) method. Eulerian – Eulerian two-fluid models (TFM) 
have also been employed for the simulation of similar geometries, however to a lesser extent [36-44]. 
In a conceptually different approach then for the cases described above, Jašo et al. [45], investigated 
a fluidized bed membrane reactor for oxidative methane coupling via CFD simulations. In an effort to 
investigate the effect of distributed oxygen feed on the reactor performance several symmetrically 
arranged vertical tubes were placed in a cylindrical reactor geometry. A Eulerian–Eulerian granular 
kinetic flow model was used for the simulation of the fluidized bed, coupled with reaction kinetics, 
while a lab scale reactor with a diameter of 40 mm was used for experimental validation. The analysis 
of the results showed that certain vertical tube configurations influence hydrodynamics in such a way 
that the bottom-fed gas preferably follows a path near the walls of the reactor. A similar reactor 
concept was simulated by de Jong et al. [46], employing a hybrid DPM-IBM method, however without 
experimental validation. From their findings it became apparent that horizontal membrane tubes lead 
to reduced bubble size compared to vertical ones. Finally, Verma et al. [47] employed a TFM coupled 
with the cut-cell method in MFIX, to investigate the hydrodynamics of 3D fluidized beds containing 
vertical U-tubes banks, inspired from the design of carbon capture units. According to the authors, the 
presence of the vertical tubes leads to decreased bubble diameter, while their presence divides the 
bed into smaller, parallel gas-solid flow chambers. 

The focus of this work lies on the numerical modelling and experimental validation, of the 
hydrodynamic behaviour of a novel 50 kWth indirectly heated bubbling fluidized bed steam reformer 
(IHBFBSR). This pilot-scale reactor was designed, built and commissioned by the Dutch company 
Petrogas - Gas Systems together with the Process and Energy Department of Delft University of 
Technology. In this novel reactor concept two radiant tube natural gas burners, one in the bottom 
(bed area) and one in the top (freeboard) of the reactor, provide the heat necessary for gasification 
(Figure 6.1). Its design aims at the reduction of heat losses, the provision of enough heat for the 
realization of the biomass steam reforming and cracking reactions and the exploration of scale-up 
possibilities to an industrial scale process. The IHBFBSR concept proposes a novel approach on indirect 
gasification technology, with its unique reactor design. More details regarding this novel reactor’s 
positioning among similar technologies as well as the results of its commissioning gasification 
experiments can be found in [48]. Overall, studying this complex geometry by employing a narrower 
cylindrical fluidized bed of equivalent hydrodynamic radius would constitute an oversimplification 
which would lead to the loss of information and not allow the representation of flow patterns critical 
to both the present operation and the scale-up of this novel reactor. As it became apparent from the 
previous discussion, the hydrodynamic behaviour of fluidized beds with immersed vertical tubes has 
not been thoroughly reported in literature. Furthermore, complex fluidized bed geometries in general 
have not been thoroughly investigated in terms of numerical modelling coupled with experimental 
validation for pilot scale reactors. Therefore, it can be argued that the present study, apart from 
investigating a novel reactor concept, adds also to the field of fluidized bed hydrodynamics numerical 
modelling. According to the knowledge of the authors, the combination of CFD simulations and 
experiments on the hydrodynamics of a pilot scale bubbling fluidized bed with an immersed vertical 
tube (complex geometry) has not been previously reported in the literature.  
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Figure 6.1: Conceptual design of the indirectly heated bubbling fluidized bed steam reformer (IHBFBSR). 

 
The numerical simulation of the fluidized bed’s hydrodynamic behaviour was performed 

employing the Eulerian-Eulerian TFM approach. This choice was made with the large scale of the 
modelled fluidized bed in mind, due to the relatively lower computational costs of TFM versus DPM 
[49]. Conventional Eulerian-Lagrangian methods (DPM or DEM) which track individual particles, or 
even CG models which track particle “clusters” which are in general more favourable for large-scale 
systems modelling [50], would require the tracking of approximately 108 particles given the scale of 
the setup, even in a reduced simulation domain. Finally, it should be mentioned that in the context of 
this work the TFM model was used as a tool for studying the hydrodynamic behaviour of the IHBFBSR. 
Focusing on TFM method development was outside the scope of the present work.  

 

6.2 Experimental setup 
 

6.2.1 Reactor description 

In the 50 kWth IHBFBSR, biomass gasification experiments with air, nitrogen, steam or 
combinations of the above as fluidization media can be performed. However, for the hydrodynamic 
study performed within this work only air and N2 were employed. A detailed presentation of steam/air 
gasification experiments in the IHBFBSR can be found in [48]. The reactor was manufactured out of 
310S (AISI) steel with a wall thickness of 4.78 mm and a height of ~3 m. It is insulated with a 200 mm 
three-layer mattress material. The dimensions of the reactor, along with the location of 
instrumentation equipment (thermocouples and pressure gauges) are presented in Figure 6.2. Data 
from the various instruments were recorded through a SCADA/PLC coupling employing a LabVIEW 
interface, every 10 s.   
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Before the test, 75 kg of bed material was inserted in the bed area of the IHBFBSR. The bed 
material employed was corundum, an aluminium oxide (Al2O3) containing also traces of iron oxide, 
titanium oxide and silica. This material, supplied by Unicorn ICS B.V., has a density of 3940 kg/m3, a 
hardness of 9 Mohs and its melting point is 1950 °C. The mean particle diameter of the bed material 
was 543 μm, which classifies it in the Geldart B category (sand-like) of solids in bubbling fluidized beds 
[51]. The particle size distribution of the corundum bed material was determined using a Microtrac 
FLEX 10.6.2. Corundum has a very high hardness, thus the probability of fines production due to 
attrition of the particles is reduced. Furthermore, depending on the fluidization conditions, it has very 
good heat distribution properties [52]. 

Two self-recuperative ceramic burners supplied by WS – Wärmeprozesstechnik GmbH were used 
for the provision of heat in the IHBFBSR. Both were placed inside metal radiant tubes for protection 
from bed material blasting. Both burners operate in an on/off mode, with the bottom burner being 
controlled by the average values of thermocouples TC01 – TC05 and the top burner by TC07. The set 
point of the two burners in the context of the present work was 640 oC, which was the maximum 
achievable temperature without the employment of in-bed combustion. The burners operate at a 
constant capacity of 20 kWth and 12 kWth for the bottom (REKUMAT C100) and top one (REKUMAT 
C80), respectively. The total main body length of the bottom radiant tube is ~1.7 m, and 1.2 m of this 
is situated in the bed area. The bottom part of the radiant tube also warmed up the windbox, as shown 
in Figure 6.2. The top radiant tube is smaller, both in terms of diameter (0.1 m) and of total main body 
length (1.3 m). 

 

 
Figure 6.2: Basic dimensions of IHBFBSR and instrumentation (thermocouples – TC and pressure gauges – P locations) 

The fluidization media employed in the present study (air and N2) were introduced in the reactor 
through a distributor plate, after passing through a 6 kW preheater. Depending on the total amount 
of gases introduced, their inlet temperature ranged between 515 and 620 oC. The distributor plate 
consisted of 50 tuyeres, each with 2 mm holes drilled in a 20o downwards angle. Nitrogen was also 
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employed to pressurize the feeding system and to prevent obstruction of the pressure gauge in the 
reactor. For the latter, for each pressure gauge, a 5 ml/min N2 flow was introduced, while 
approximately 4 kg/h of N2 was introduced in the reactor through the feeding system for the 
aforementioned purpose. The biomass feeder outlet in the reactor was located 170 mm above the 
distributor plate and its inside diameter was 50 mm. As can be observed in Figure 6.2, pressure gauges 
located in four spots within the reactor, along with their respective pressure transmitters, were used 
to record the pressure drops over the distributor plate, the bed zone and the freeboard.  

 

6.2.2 Hydrodynamics experiments 

The main purpose of the experiment presented in this section, was to determine the fluidization 
characteristics of the IHBFBSR. Since visual observation is not possible in the IHBFBSR, the variation of 
the bed height during an experiment can be deduced from the thermocouple readings. An example is 
shown in Figure 6.3, where fluidization apparently occurs after roughly 58 min. After this point, the 
reading of TC01, TC02 and TC03 begin to coincide, with the last one joining this group approximately 
10 min later. From this behaviour, it can be safely deduced that the top of the particle bed is located 
between TC03 and TC04. Air and N2 were introduced through the distributor plate at 22 and 26 kg/h, 
respectively, and the total mass flow remained unchanged until the temperature set point (640 oC 
average temperature) was achieved and the system was stabilized (234 min). The secondary N2 side-
flow through the feeder was stable at 4.11 kg/h during the experiment.  After the previously 
mentioned point, the fluidization media flow was gradually reduced in steps of 1 kg/h. The first bed 
height reduction (1st BHR) point was observed when the total flow was firstly reduced to 22 and 25 
kg/h of air and N2, respectively. After reducing the flow of N2, the temperature recorded by TC03 
started to increase compared to TC01 and TC02. This observation suggests that TC03, no longer 
“insulated” by the fluidized bed material, experiences the heat produced by the burner unobstructed. 
By continuing the reduction of the gas flows, such an observation will however no longer be possible. 
This is because the de-fluidized bed height is 0.591 m and thus located above the location of TC02. 
Consequently, the only other variation that can be observed is the de-fluidization of the bed, in the 
2nd bed height reduction point. At this point, which was achieved for 14 kg/h of air only, the 
temperatures of TC01 and TC02 started to diverge. Additionally, the de-fluidization was also observed 
from Figure 6.3, where for 14 kg/h of air only, the pressure difference dipped dramatically. To ensure 
that this was indeed the flow rate corresponding to the minimum fluidization velocity (umf), the flow 
was gradually zeroed. Finally, in the subsequent gradual increase of the air flow, fluidization was 
reinstated at 15 kg/h, which was observed both by the thermocouple and the pressured drop readings.  
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Figure 6.3: Top: Air and N2
  flow rates and temperature profile of the IHBFBSR bed zone (TC01-TC05) with the bed 

height reduction (BHR) points marked during the fluidization experiment conducted in the IHBFBSR. Bottom: Pressure drop 
over the bed during the fluidization experiment conducted in the IHBFBSR. 

From the aforementioned analysis of the experiment conducted in the IHBFBSR, the data included 
in Table 6.1 was used as input for the model developed within this work. The packing limit was 
estimated as the ratio of the bulk density and the actual density of corundum (1636 3950⁄ = 0.414) 
and therefore the void fraction at minimum fluidization conditions was calculated (α𝑚𝑓 = 1 −

0.414 = 0.586). Subsequently, the void fraction (α) at the 1st BHR point was estimated by the 
following formula [13]: 

 
𝐻𝑚𝑓

𝐻
=

(1 − α)

(1 − α𝑚𝑓)
 

 

where 𝐻𝑚𝑓 is the minimum fluidization bed height and α𝑚𝑓 the void fraction at minimum fluidization 

conditions. For the numerical model developed within this work and which will be presented in the 
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following section, the 53 minutes of steady state before the 1st BHR point were used for validation. 
The data obtained regarding the minimum fluidization conditions were used as inputs for the Adjusted 
Syamlal model. The temperature throughout the bed area for the validation BHR point, as measured 
by TC01, TC02 and TC03, was assumed to be at a constant value of 600 oC. The temperature of the 
main gases (air, N2) and the side-flow (N2) entering the reactor was also assumed to be 600 oC. As 
mentioned in Section 2.1, this is very close to the actual value for the main gases. For the side-flow, 
its small amount relative to the reactor’s size, permits this simplification.  The average pressure drop 
over the bed at this point was 55 mbar, while the corresponding bed height was between 0.67 m 
(TC03) and 0.82 m (TC04). The reason for choosing this interval for the validation, was that after the 
1st BHR point the bed area enters a transient state due to a variation in the flow rate. The time spent 
at each subsequent set point (~3 min) did not suffice for a steady state to be re-established. It should 
also be mentioned that given the location of P02, which is not at zero height with respect to the 
distributor plate, the pressure drop between P02 and P03 does not correspond to the pressure drop 
across the entirety of the bed material, but rather approximately 60 % of the overall bed mass. This 
will be considered in the model validation. 
 

Table 6.1: Fluidization data obtained from the corresponding experiment in the IHBFBSR 

 Air N2 
Secondary 

N2 

Total 
volumetric 
flow rate 

Height 
Void 

fraction 

 (kg/h) (kg/h) (kg/h) (m3/h) (m) (-) 

1st BHR 22 26 4 136 0.67 0.63 

2nd BHR 14 0 4 52 0.59 0.59 

 

6.3 Numerical model 

In the two-fluid continuum model (TFM), both gas and solid phases are described as fully 
interpenetrating continua using a generalized form of the Navier-Stokes equations. The accumulation 
of mass in each phase is balanced by the convective mass fluxes, while the sum of all fractions in a cell 
is equal to unity. The non-steady continuity equations for the gas (g) and solid (s) phases are given 
below [53], 

 
𝜕

𝜕𝑡
(𝑎𝑔𝜌𝑔) + ∇ ∙ (𝑎𝑔𝜌𝑔𝑢𝑔⃗⃗⃗⃗ ) = 0 

Eq. 1 
𝜕

𝜕𝑡
(𝑎𝑠𝜌𝑠) + ∇ ∙ (𝑎𝑠𝜌𝑠𝑢𝑠⃗⃗⃗⃗ ) = 0 

  

where α is the volume fraction, ρ is the density and u is the velocity of the corresponding phase. 
According to Newton’s second law of motion, momentum change equals to the sum of forces in a 
domain. The momentum equations for the gas and the solid phase are:  

 
𝜕

𝜕𝑡
(𝑎𝑔𝜌𝑔𝑢𝑔⃗⃗⃗⃗ ) + ∇ ∙ (𝑎𝑔𝜌𝑔𝑢𝑔⃗⃗⃗⃗  𝑢𝑔⃗⃗⃗⃗ ) =  −𝑎𝑔∇𝑝𝑔 − ∇ ∙  𝜏𝑔̅̅̅ + 𝑎𝑔𝜌𝑔𝑔 + 𝐾𝑔𝑠(𝑢𝑠⃗⃗⃗⃗ − 𝑢𝑔⃗⃗⃗⃗ )  

Eq. 2 
𝜕

𝜕𝑡
(𝑎𝑠𝜌𝑠𝑢𝑠⃗⃗⃗⃗ ) + ∇ ∙ (𝑎𝑠𝜌𝑠𝑢𝑠⃗⃗⃗⃗  𝑢𝑠⃗⃗⃗⃗ ) =  −𝑎𝑠∇𝑝𝑠 − ∇𝑝𝑠 − ∇ ∙ 𝜏𝑠̅ + 𝑎𝑠𝜌𝑠𝑔 + 𝐾𝑔𝑠(𝑢𝑔⃗⃗⃗⃗ − 𝑢𝑠⃗⃗⃗⃗ )  

 
where 𝜏̅ is the stress tensor and 𝑝 is the pressure of the corresponding phase, and 𝐾𝑔𝑠 is the interphase 

exchange coefficient. To account for the particle-particle interactions, the kinetic theory of granular 
flow (KTGF) was employed to predict the solid’s fluctuation energy. The granular temperature 𝛩𝑠, 
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which represents the energy associated with the particles’ fluctuating velocity is given by the following 
formula [54]: 
 

3

2
[
𝜕

𝜕𝑡
(𝜌𝑠𝑎𝑠𝛩𝑠) + ∇ ∙ (𝜌𝑠𝑎𝑠𝑢𝑠⃗⃗⃗⃗ 𝛩𝑠)] = −(𝑝𝑠𝐼 + 𝜏𝑠̅): ∇ 𝑢𝑠⃗⃗⃗⃗ + ∇ ∙ (𝑘𝛩𝑠∇𝛩𝑠) − 𝛾 + 𝜑𝑔𝑠 Eq. 3 

 
The collisional dissipation of energy fluctuations 𝛾 represents the energy loss due to particle collisions 
and is derived from [55]: 

𝛾 =
12(1 − 𝑒2)𝑔0

𝑑𝑠√𝜋
𝜌𝑠𝑎𝑠

2𝛩𝑠

3
2 Eq. 4 

 
In the above formula, 𝑔0 is the radial distribution coefficient at contact and 𝑒 is the restitution 
coefficient. The radial distribution coefficient at contact describes the increased probability of 
collisions between particles, caused by structure formation in dense suspensions of particles, and is 
given by [56]:  
 

𝑔0 = [1 − (
𝑎𝑠
𝑎𝑠𝑚𝑎𝑥

)

1
3

]

−1

 Eq. 5 

 
The diffusion coefficient for granular temperature 𝑘𝛩𝑠  was calculated using the Syamlal-O’Brien 

formulation [57]: 
 

𝑘𝛩𝑠 =
15𝑑𝑠𝜌√𝛩𝑠𝜋

4(41 − 33𝜂)
[1 +

12

5
𝜂2(4𝜂 − 3)𝑎𝑠𝑔0 +

16

15𝜋
(41 − 33𝜂)𝜂𝑎𝑠𝑔0] Eq. 6 

𝜂 =  
1

2
(1 + 𝑒) Eq. 7 

 
The term 𝜑𝑔𝑠 describes the damping of the particles’ fluctuating velocities caused by the drag forces 

between the gas and solid phase. The solids pressure 𝑝𝑠 represents the normal force due to particle 
interactions. The solid-phase stress tensor demands for its calculation the employment of the solid 
bulk viscosity 𝜆𝑠, which is the measure of a fluid’s dissipative resistance to compression, and the solids 
shear viscosity, which is the summation of dissipative tangential forces due to shearing particle 
interactions (collisions, kinetic and frictional viscosity). In this work the Syamlal expression for the 
kinetic solid viscosity was employed. The formulas that correspond to the aforementioned values are 
as follows [54, 57]: 
 

𝜑𝑔𝑠 = −3𝐾𝑔𝑠𝛩𝑠 Eq. 8 

𝑝𝑠 = 𝛩𝑠𝜌𝑠𝑎𝑠 + 2𝜌𝑠(1 + 𝑒)𝑎𝑠
2𝑔0𝛩𝑠 Eq. 9 

𝜏𝑠⃗⃗  ⃗ = [𝜆𝑠∇ ∙ 𝑢𝑠⃗⃗⃗⃗ ]𝐼 + 2𝜇𝑠𝑆𝑠⃗⃗  ⃗ Eq. 10 

𝑆𝑠⃗⃗  ⃗ =
1

2
[(∇𝑢𝑠⃗⃗⃗⃗ ) + (∇𝑢𝑠⃗⃗⃗⃗ )

𝑇] −
1

3
∇ ∙ 𝑢𝑠⃗⃗⃗⃗ 𝐼  Eq. 11 

𝜆𝑠 =
4

3
𝑎𝑠𝜌𝑠𝑑𝑠𝑔0(1 + 𝑒) (

𝛩

𝜋
)

1
2

 Eq. 12 

𝜇𝑠 = 𝜇𝑠,𝑐𝑜𝑙𝑙 + 𝜇𝑠,𝑘𝑖𝑛 + 𝜇𝑠,𝑓𝑟  Eq.13 

𝜇𝑠,𝑐𝑜𝑙𝑙 =
4

5
𝑎𝑠
2𝜌𝑠𝑑𝑠𝑔0(1 + 𝑒) (

𝛩

𝜋
)

1
2

 Eq. 14 
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𝜇𝑠,𝑓𝑟 =
𝑝𝑠 sin(𝛾)

2√𝛪2𝐷
 Eq. 15 

𝜇𝑠,𝑘𝑖𝑛 =
𝑎𝑠𝜌𝑠𝑑𝑝√𝜋𝛩

6(3 − 𝑒)
[1 +

2

5
(1 + 𝑒)(3𝑒 − 1)𝑔0𝑎𝑠] Eq. 16 

 
With regards to the drag function, the Adjusted Syamlal-O’Brien model was employed. Therefore, the 
following expression was used for the derivation of the interphase exchange coefficient 𝐾𝑔𝑠 [57]: 

 

𝐾𝑔𝑠 =
3𝑎𝑠𝑎𝑔𝜌𝑔

4𝑢𝑟,𝑠
2 𝑑𝑠

𝐶𝐷 (
𝑅𝑒𝑠
𝑢𝑟,𝑠
) |𝑢𝑠⃗⃗⃗⃗ − 𝑢𝑔⃗⃗⃗⃗ | Eq. 17 

 
where the drag coefficient 𝐶𝐷 and the solids terminal velocity 𝑢𝑟,𝑠 are expressed as: 

 

𝐶𝐷 = (0.63 +
4.8

√𝑅𝑒𝑠 𝑢𝑟,𝑠⁄
)

2

 Eq. 18 

𝑢𝑟,𝑠 = 0.5 (𝐴 − 0.06𝑅𝑒𝑠 + √(0.06𝑅𝑒𝑠)
2 + 0.12𝑅𝑒𝑠(2𝐵 − 𝐴) + 𝐴

2) Eq. 19 

𝐴 = 𝑎𝑔
4.14 Eq. 20 

𝐵 = {
0.8𝑎𝑔

1.28 (𝑎𝑔 ≤ 0.85)

𝑎𝑔
2.65 (𝑎𝑔 > 0.85)

 

 

Eq. 21 

 

6.4 Computational Fluid Dynamics  

Within this work, 3D simulations of the IHBFBSR fluidization behaviour were performed. 
Simulations were performed in Ansys Fluent 19.2 on a computational cluster (28 cores, 56 threads, 
2.40 – 3.30 GHz frequency). Except for the biomass feeding inlet, the reactor can be considered as 
almost axisymmetric, except for the two rings of 25 tuyeres at the bottom of the reactor. This allows 
for simulation using a periodically repeating “wedge” of either 360/25 = 14.4o or 360/5 = 72o. The 72o 
wedge offers a good compromise between reducing the domain as much as possible and at the same 
time ensuring that the biomass feeder’s side flow does not propagate outside the selected region and 
influence the hydrodynamics outside the selected domain. Selecting the even smaller wedge would 
require less computational resources and would have proven to be a much faster option, however 
would also entail the risk of not properly encapsulating the side-flow’s effect on its entirety. It should 
also be mentioned that the bottom radiant tube burner constituted the “inner wall” of the 
aforementioned domain, with the actual reactor wall constituting its “outer wall”. Therefore, the 
bottom radiant tube burner is considered in the simulations through the effects of its boundaries on 
the hydrodynamic behaviour. The assumption that the biomass feeder side-flow’s effect does not 
propagate out of its section will be evaluated from the simulation results. The simulations presented 
within this work were performed with and without the presence of this side-flow. Another assumption 
was made with regards to the modelling of the flow entering the reactor through the tuyeres. As 
mentioned in Section 0, the tuyeres openings are pointed downwards at an angle of 20o and their very 
small diameter leads to an individual inlet velocity which is many orders of magnitude higher (450 
m/s) than the dispersed bulk velocity, leading to a time step in the order of 10-5 s being required to 
meet the Courant-Friedrichs-Lewy (CFL) condition. To achieve reasonable time steps for the 
subsequent simulations, the plane corresponding to the top of the tuyeres (height of 33 mm) was 
assumed to be the bottom of the simulation domain. In this plane the whole cross-sectional area, 
except for the tops of the tuyeres, was considered to be gas flow inlet. The inlet velocity was assumed 
to be uniform due to the strong dispersing effect of the granular particles around and below this plane. 
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The total simulation height was 1 m, the width was 97.72 cm and the side-flow inlet was approximated 
with 16 points. Finally, regarding meshing, polyhedrons were used and all meshes had a maximum 
aspect ratio of 10. Grid independency tests were performed with 15, 20 and 30 times the bed particle 
diameter (dp) grid sizes and are presented in the following section. 

An overview of the species property settings is presented in Appendix D. The time step was 

calculated using the approximation presented in Eq. 22: 

 

𝛥𝑡 ≈
𝐶𝐹𝐿 ∙ 𝛥𝑧

𝑢𝑧
 Eq. 22 

 
where 𝛥𝑧 was approximated based on the grid density, 𝑢𝑧 was assumed to be equal to the bottom 

inlet velocity and 𝐶𝐹𝐿 values of 0.2 and 0.4 were selected. The effect of the CFL values on the 

simulation’s behaviour is discussed in the following section. An overview of the simulation settings 

employed is presented in Appendix D. Within the system, all temperatures for the boundary 

conditions were assumed to be stable at 600 oC, while a no-slip condition was assumed for the burner 

walls, the reactor wall and the tuyeres. The inlet was modelled as a velocity inlet and the outlet as a 

pressure outlet. A symmetry boundary condition was also enforced in the azimuthal direction. For the 

flux of granular temperature at the wall, the Johnson and Jackson boundary condition was employed 

[58] as shown in Eq. 23. 

 

𝑞𝑠 =
𝜋

6
√3𝜑

𝑎𝑠
𝑎𝑠,𝑚𝑎𝑥

𝜌𝜎𝑔0√𝛩𝑢𝑤𝑎𝑙𝑙 −
𝜋

4
√3

𝑎𝑠
𝑎𝑠,𝑚𝑎𝑥

(1 − 𝑒𝑠−𝑤𝑎𝑙𝑙
2 )𝜌𝑠𝑔0𝛩

3
2 Eq. 23 

 
Since the Johnson and Jackson condition is used in combination with the no-slip condition, the 
specularity coefficient φ becomes equal to 1. The particle – wall restitution coefficient 𝑒𝑠−𝑤𝑎𝑙𝑙 was 
assumed equal to 0.2 for this study. With regards to the particle – particle restitution coefficient, 
values between 0.8 and 0.99 were examined. 

The determination of the bed height from the simulations was performed by locating the 
maximum in the gradient of the averaged solid volume fraction. The location of this gradient was 
approximated by employing an adaptation of the methodology described by Mahajan et. al. [59]. In 
particular, the height of the mesh was divided in 1 cm slices and for each slice the average void fraction 
was calculated. Subsequently, the derivative of the void fraction versus the height was calculated using 
linear interpolation and finally the bed height was derived as the height corresponding to the 
maximum gradient. 
 

6.5 Results  
 

6.5.1 Mesh and time step independence (without side-flow) 
The mesh and time independence of the developed model was examined based on the pressure 

drop over the bed area and the fluidized bed height. The pressure drop is measured over the reactor 

volume between the heights of the two pressure gauges P02 and P03, as described in Section 0. The 

mesh and time step independence tests were performed for combinations of CFL equal to 0.2 and 0.4 

and grid sizes 15, 20 and 30 times the bed material particle diameter (dp). The results of the tests in 

regard to the pressure drop over the bed area are presented in Figure 6.4. The average values obtained 

from the mesh and time step independence tests are presented in Appendix D. 
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Figure 6.4: Pressure drop over the bed area for different grid size and CFL combinations from the IHBBFBSR 
hydrodynamics simulations without a side-flow. 

In Figure 6.4, an initial spike in the pressure drop over the bed was observed in all cases, 

corresponding to the initial bed expansion and the subsequent collapse. After this point, the observed 

pressure fluctuations can be connected to bubble eruption at the top of the bed and its implosion 

thereafter. Overall, the magnitude of the fluctuations decreased for coarser meshes, leading to the 

potential loss of information for meshes larger than 30×dp. Regarding the effect of CFL variation for a 

specific mesh size, only a minor effect was apparent in the pressure drop behaviour. In particular, the 

average difference between the mean pressure drop, calculated between 1 and 3 s, ranged between 

0.5 and 1.5 mbar (Appendix D). However, it can also be noted that the magnitude of the fluctuations 

was slightly smaller for higher CFL values, especially for the case of CFL=0.4. As mentioned before, for 

the latter case a loss of information due to the coarser mesh size employed exacerbates the much 

smaller effect of the time step increase. In general, it can be argued that an increase of CFL leads to 

minor accuracy losses, significantly lower than the effect of a mesh size increase. Therefore, no firm 

indication exists that a further decrease of the CFL and therefore the time step, would lead to 

significantly improved accuracy. 
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Figure 6.5: Power spectrum of pressure drop over the bed area for the simulations of the IHBFBSR without side-flow 
for different mesh densities and CFL = 0.2 (left) and CFL = 0.4 (right). With the dotted line, the corresponding Savitzky – 

Golay filtered spectrum (polynomial order: 1, frame length: 9). 

 To determine the dominant pressure drop fluctuation frequency for the aforementioned 
simulations, fast Fourier transform (FFT) analysis was performed. This can provide an insight in the 
bubble frequency and associated particle mixing in a fluidized bed [59]. The resulting power spectra 
are presented in Figure 6.5, along with the Savitzky – Golay filtered spectra, for noise elimination 
purposes. The dominant frequency values for the unfiltered spectra obtained from the different mesh 
density/CFL combination simulations ranged between 3.1 and 4.6 Hz. The observed difference in 
terms of dominant frequency is small between the various combinations and it can be even smaller 
qualitatively, if the case of 15×dp is considered. Figure 6.5 shows that the dominant frequency of 3.1 
Hz for the 15×dp – CFL=0.4 case is followed by a peak at ~4.6 Hz with a slightly lower magnitude. 
Overall, the behaviour in terms of bubble formation, as can be derived from the power spectrum of 
the pressure drop over the bed, was similar for the 20×dp and 15×dp simulations. For the 30×dp cases, 
despite the qualitative agreement in terms of the location of the dominant frequency, less and broader 
peaks could be identified. This is indicative of the more gradual eruptions of the bubbles as they break 
up into the freeboard region, resulting from less sharply defined bubble edges due to the lower mesh 
density employed. Regarding the effect of CFL on the dominant power frequency, no clear trend could 
be derived also for this case. The void fraction contours corresponding to the dominant frequency for 
the 15×dp – CFL = 0.2 case are presented in Figure 6.6. There, the movement of bubbles (light orange) 
that tend to emerge at the inner wall of the reactor can be clearly observed. In Figure 6.6, the x – axis 
denotes the dimensionless radius (0 corresponds to the inner-burner wall and 1 to the outer-reactor 
wall), while the y – axis shows the dimensionless height of the simulated domain, as they were 
introduced in the previous section.  
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(e) 

 

(f) 

 

Figure 6.6: Instantaneous void fraction contours, showing the movement of bubbles (light orange) that tend to 
emerge at the inner wall at a dominant frequency of 4 Hz for the 15×dp – CFL = 0.2 case. Time starts at 2.25 s at a step of 

0.0317 s moving from (a) to (f). 

The determination of the bed height for the mesh and time step independence tests was 
performed using the method described in Section 6.4 and the results are presented in Figure 6.7. 
Focusing on the bed height after stabilization, i.e. after 2.5 s of simulation time, it is clear that a 
decrease of the mesh size from 30×dp to 15×dp, led to a decrease of the bed height. Nevertheless, the 
difference between the 20×dp and 15×dp cases was only 0.03 and 0.04 m, for CFL values of 0.2 and 0.4, 
respectively. The reduction of the time step from CFL = 0.4 to CFL = 0.2, led to a 4.8, 2.6 and 1.4 % 
reduction of the bed height for the cases of 30×dp, 20×dp and 15×dp, respectively.  
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Figure 6.7: Bed height for different mesh density and CFL combinations for the simulations of the IHBFBSR without 
side-flow. 

Overall, the bed height derived from all simulations is well within the range deduced from the 
experimental results (0.67-0.82 m), except for the 30×dp – CFL=0.4 case. Furthermore, the 
aforementioned bed height reduction for decreasing CFL values becomes less significant for coarser 
mesh size. In addition, smaller differences were observed between the 20×dp and 15×dp cases in that 
regard. When the pressure drop dominant frequency is considered, the 20×dp and 15×dp cases again 
presented similar behaviour, in slight contrast with the 30×dp case, where the observed peaks were 
broader. Considering these conclusions from the analysis of the simulations performed, as well as the 
lack of any useful ones from the pressure drop analysis, the 15×dp mesh size was employed in the 
subsequent simulations. From the analysis performed, it became apparent that the simulation results 
were more sensitive towards variations of the grid size, rather than the time step size, a conclusion 
also derived in [60]. Therefore, both CFL values of 0.2 and 0.4 were employed in the following analysis.  

 

6.5.2 Restitution coefficient (without side-flow) 

The restitution coefficient determines the degree of exchange of energy and momentum during 
particle collisions. A restitution coefficient of 1 corresponds to perfectly elastic collisions, while 0 
corresponds to inelastic collisions. For sand-like material such as corundum, the typical range of values 
for the restitution coefficient employed in similar studies is between 0.9 and 0.99 [61-64]. However, 
in the context of this work, values of restitution coefficient between 0.8 and 0.99 were investigated. 
It should be mentioned that a restitution coefficient of 0.9 was employed in the simulations presented 
in the previous section. The average pressure drop, the dominant frequency and the bed height 
derived from the restitution coefficient simulations, are presented in Table 6.2. The simulations were 
performed with a 15×dp grid and a CFL of 0.4. 
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Table 6.2: Average pressure drop (dp), dominant frequency (Savitzky-Golay filter) and bed height derived from 
simulations with different values of the restitution coefficient. The average pressure drop was calculated in the 0.75 – 3.5 s 

interval and the bed height from 2.5 to 3.5 s, both after stabilization. 

Restitution coefficient  
(-) 

Average dp  
(mbar) 

Dominant frequency  
(Hz) 

Bed height  
(m) 

0.8 65.5 5.1 0.72 

0.85 64.1 4.8 0.71 

0.9 64.4 4.2 0.71 

0.95 65.3 4.0 0.73 

0.99 66.2 5.1 0.76 

 
From Table 6.2, the minor influence of the restitution coefficient on the main simulation 

performance metrics employed in this work, can be clearly seen. For the average pressure drop, a 
standard deviation of 1 % was obtained for the five values investigated, while for the bed height the 
corresponding value was 3 %. Regarding the bed height, a slight increase was observed for higher 
values of restitution coefficient of 0.95 and 0.99. In the case of the dominant frequency, due to the 
presence of significant amount of noise in the data (especially in the e = 0.85 case), a Savitzky-Golay 
filter of 1st polynomial order and a frame length of 9 was applied. From this analysis, a 11 % standard 
deviation between the five values of restitution coefficient was obtained. The dominant frequency 
values, ranging between 4 and 5.1 Hz, showcased the small influence of restitution coefficient also in 
this regard. From these findings, it can be derived that the selection of the restitution coefficient value 
within this range, does not influence the three main metrics considered significantly, as has also been 
observed in literature [62]. Therefore, a value of 0.9 for the restitution coefficient was selected for the 
subsequent simulations. However, it remains valuable to examine its effect on the fluidization 
behaviour of the IHBFBSR. In Figure 6.8, the time averaged void fraction contours for all investigated 
restitution coefficient values are presented.  
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 (c) 

 

(d) 

 
          (e) 

 

Figure 6.8: Time averaged void fraction contours of the IHBFBSR bed area for different values of the restitution 
coefficient: (a) e=0.8, (b) e=0.85, (c) e=0.9, (d) e=0.95 and (e) e=0.99. The simulations were performed with a 15×dp grid 

and a CFL of 0.4. 

From Figure 6.8, it can be readily derived that the bubbles tend to move towards the inner and 
outer wall, leaving the highest solids density in the centre of the bed. With decreasing restitution 
coefficient values, the lowest void fraction area (voidage lower than 0.6), clearly observable at the 
centre of the bed for 0.99, becomes wider and thinner for values of 0.95 and 0.9, before disappearing 
completely for 0.85. This could be an indication of improved mixing of the bed for lower values of 
restitution coefficient, something that has also been reported in the literature [64]. Finally, the void 
fraction in the area between 0.15 – 0.4 radius and 0.15 – 0.35 height, presents higher void fraction 
values for restitution coefficient values decreasing from 0.9 to 0.85 to 0.8. Therefore, it can be 
concluded, that a further reduction of the restitution coefficient enhances the already significant 
channelling behaviour of the gas flow near the inner wall of the IHBFBSR. Similar behaviour can also 
be observed at the outer wall, where areas with void fraction above 0.8 start to appear for restitution 
coefficient values lower than 0.95. These trends suggest that for decreasing values of restitution 
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coefficient, most of the particles tend to cluster towards the top of the bed area forcing the gas to 
flow along the inner and outer walls. 

 

6.5.3 IHBFBSR simulation results (without side-flow) 

The previous subsection focused on time-averaged voidages. We now aim to get more insight in 
the bubble behaviour by focusing on the evolution of the instantaneous voidage distribution for a 
fixed restitution coefficient of e=0.9 in Figure 6.9. The lack of bubble formation in the middle of the 
reactor becomes readily apparent, since the area between 0.25 and 0.9 radius is dominated by the 
presence of solid clusters, which become more compact with increasing height. As can be deduced by 
studying Figure 6.9, the few bubbles that are formed in the middle of the reactor, do not seem to be 
able to penetrate the low void fraction area above them. This conclusion is derived by considering the 
high void fraction areas, corresponding to bubbles, noted in the general area between 0.5 and 0.8 
radius. By piecing together the information provided by the contours in Figure 6.9, it can be argued 
that some bubbles formed in the middle of the reactor, after initially traversing through the bed 
material particles (a to c), reach a point where they are forced to move towards the side of the reactor 
(d), unable to pass through the dense top part residing in the middle. Connected to this, the gas flow 
appears to prefer the pathway along the inner (burner) and outer walls of the reactor. This becomes 
even more apparent by studying the time averaged void fraction contour in Figure 6.8 (c). The 
presence of the relatively thin high void fraction layers at the sides, indicate that the bubbles are 
moving up the sides of the reactor, behaving like a slug flow (channelling). This means that a significant 
amount of particles are trickling down the reactor walls, as large slow-moving bubbles are being 
formed. Again from Figure 6.8 (c), these high void fraction layers seem rather similar in terms of 
thickness. This, along with the fact that the outer wall area is significantly larger than the inner one, 
leads to the conclusion that the bubbles at the outer wall of the reactor are larger than the ones near 
the burner. Furthermore, the lower void fraction zones at the bottom of the reactor, clearly 
observable in Figure 6.9 (a) – (d), are most probably due to the walls corresponding to the tuyeres 
heads. Finally, note that the low void fraction area at the middle of the reactor appears to tilt towards 
the right side (outer reactor wall). This could be an indication of a circulating particle flow along the 
horizontal direction of the reactor, caused by the slug flow along the walls of the reactor (channelling). 
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(a) 

 

(b) 

 
 (c) 

 

(d) 

 

Figure 6.9: Void fraction contours of the IHBFBSR bed area at t = 1.26 s (a), t = 1.89 s (b), t = 2.52 s (c), and t = 3.16 s 
(d). The simulation was performed with a 15×dp grid and a CFL of 0.4. 

The gas volume fraction and velocity vector field at the last time step of the simulation are 
presented in Figure 6.10. The selected time step corresponds to a stabilized state of the bed and 
therefore can be considered representative of the overall fluidization behaviour of the IHBFBSR. From 
this figure the previously derived conclusions are verified, since the higher velocities in the system 
(which correspond to bubbles [13]) as well as the higher void fraction areas, are located mainly in the 
upper part of the outer and inner walls of the reactor.  
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Figure 6.10: Gas volume fraction (left) and velocity vector field (right) from the final time step of the IHBFBSR bed area 
simulation without side-flow. The simulation was performed with a 15×dp grid and a CFL of 0.4. 

 

6.5.4 Effect of the N2 purge side-flow on the IHBFBSR fluidization behaviour  

In the previous section, the simulation of the fluidization behaviour of the IHBFBSR bed area for a 
72o “wedge” was presented. However, as was discussed in Section Reactor description, in the 
experimental system an additional N2 feed is employed for the pressurization of the feeding system, 
preventing the back-flow of gases from the main reactor. As a result, a stream of N2 enters the reactor 
through the feeder located at the outer wall. The effect of this flow was assumed to be local, within 
the 72o partition including the feeder outlet. In this section, the testing of this assumption is presented, 
along with the overall fluidization behaviour including this side-flow. The simulations were performed 
with a mesh size of 15×dp, as in the previous cases. Nevertheless, due to the higher gas velocities in 
the system due to the introduction of the side-flow, the CFL had to be reduced to 0.2. According to 
the time step independence analysis presented in 6.5.1, this is not expected to jeopardize the 
comparability with the previously conducted simulations with CFL = 0.4. The void fraction contours at 
four different time-steps of the simulation and the time averaged one are presented in Figure 6.11. 
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(e) 

 

(f) 

 

Figure 6.11: Void fraction contours of the IHBFBSR bed area at t = 0.92 s (a), t = 1.84 s (b), t = 2.76 s (c) and t = 3.69 s 
(d). In (e) and (f) the time averaged void fraction contours for the side-flow and no side-flow cases, respectively. The 

simulation was performed with a 15×dp grid and a CFL of 0.2. The feeder side-flow is located at the outer wall at a 
dimensionless height of 0.2025. 

As it was also the case for the no side-flow simulations presented in a previous section, the 
formation of bubbles at the inner (burner) wall of the reactor can be clearly observed in Figure 6.11 
(a) – (d). On the contrary, the formation of bubbles near the outer radius of the reactor is not as 
apparent as in the previous case. It appears that the side-flow behaves almost like a stream on the 
reactor wall, as it passes through the bed area. This particular behaviour also prevents the formation 
of bubbles near the outer wall of the reactor. This is also noticeable in the comparison of the time 
averaged void fraction contours of the side-flow and no side-flow simulations presented in Figure 6.11 
(e) and (f), showing that the inner radius void fraction layers are similar in both cases. Regarding the 
outer radius, the high void fraction layer (above 0.7) becomes thicker (roughly from 0.85 to 1 radius, 
versus 0.95 to 1) for the side-flow case. Additionally, sub-layers with void-fraction of 0.8 and 0.85 
which were marginally present or not present at all, respectively, for the no side-flow case, are clearly 
observable in Figure 6.11 (e). Another observation can be made in regard to the low void fraction area 
in the centre of the reactor. As was discussed in the previous section, the central low void fraction 
area for the case of no side-flow, presented a tilt towards the outer radius of the reactor. This tilt, 
which is also observable in Figure 6.11 (f), is reversed for the case of the side-flow inclusion, due to 
the aforementioned stream-like flow pattern with which this flow is introduced in the reactor. It 
appears that bed particles tend to concentrate more towards the burner wall, hinting towards an 
increased channelling of the flow towards the outer reactor wall. Another difference between the two 
cases lies in the presence of low void fraction areas in the centre of the reactor. For the side-flow case, 
even though the different void fraction zones present more complex morphologies, mostly 0.6 and 
0.65 void fraction zones can be observed. On the other hand, as was discussed for Figure 6.9, bubbles 
appear to form also in the middle of the reactor, although to a much smaller extent. Nevertheless, the 
lack of void fraction zones lower than 0.65 and the aforementioned complex shapes formed in the 
centre of the reactor for the side-flow case, can indicate better mixing for this particular case 
throughout the height of the reactor. It should be reminded, that in the no side-flow case, the 0.25 - 
0.9 radius area was dominated by particle clusters, which became more compact for increasing height.  

 The method for the determination of the bed height from the simulations performed was 
described in Section 6.4. For the simulations with the inclusion of the N2 purge side-flow, the algorithm 
had a difficulty in determining the bed height for the first 2 s of the simulations. This phenomenon 



156 
 

occurred due to the presence of height layers with a high void fraction. These layers are visible in 
Figure 6.11 approximately from 0.7 to 0.8 height, something that was not the case for the no side-flow 
simulations. The abovementioned fact, along with the more intense bubble formation at the burner 
wall of the reactor, can lead the algorithm to identify the void fraction gradient caused by the bubble’s 
presence as the bed height. This phenomenon can be observed in Figure 6.12 until roughly 2 s. After 
this point the behaviour stabilizes and the corresponding bed height is comparable to the case without 
the side-flow, albeit a little bit higher (0.72 versus 0.71 m). In regard to the average pressure drop over 
the bed, the inclusion of the side-flow to the simulations did not lead to a differentiation to its values. 
This could be attributed to the extreme channelling behaviour as observed in the void fraction 
contours, since the side-flow passes through the bed without effective obstacles. However, the 
pressure drop oscillations’ magnitude was marginally higher for the case of the side-flow. This can be 
attributed to the more intense fluidization due to the larger amount of fluidization media and thus 
higher fluidization velocities employed. Finally, in regard to the dominant frequency, the 
corresponding values for the unfiltered spectra were 4 and 2.7 Hz for the cases without and with the 
side-flow, respectively (Figure 6.12). The corresponding values for the Savitzky – Golay filtered spectra 
were similar both in terms of magnitude and difference between the two cases (4.5 and 3.2 Hz, 
respectively). While it was expected that an increase in the overall fluidization velocity would lead to 
an increase of the dominant frequency, this was not observed. However, with the increase of the 
fluidization velocity imposed by the inclusion of the side-flow in the simulations, the number and 
height of the peaks observed increased. This observation, as it was for the more intense pressure 
oscillations noted before, is a result of the increased amount of fluidization media in the reactor.  
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Figure 6.12: Comparison of the bed height (left), pressure drop over the bed (right) and power spectrum of pressure 
drop over the bed area (bottom) from the simulations of the IHBFBSR with (blue) and without (red lines) side-flow. The 

simulation was performed with a 15×dp grid and a CFL of 0.2. In the power spectrum graph (bottom), with the dotted line, 
the corresponding Savitzky – Golay filtered spectra (polynomial order: 1, frame length: 9). 

As was mentioned in the beginning of this section, the validity of the reduction of the reactor’s 
geometry to 72o partitions is assured as long as the side-flow does not propagate out of the respective 
domain. To investigate the validity of this assumption, the velocity vectors of the gas phase were 
computed and subsequently visualised in Figure 6.13. Depending on the time step, the flow moves 
slightly right or left from the feeder inlet, staying always far away enough from the symmetry 
boundary condition side walls to validate the aforementioned assumption. It can even be argued that 
the geometry domain could be further reduced to 36o, although at the loss of the observation of the 
waving effect in the radial direction of the side-flow stream. Such a decrease of the geometry’s size 
would improve the computational requirements, allowing further decrease of the time step or mesh 
size. 
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Figure 6.13: Velocity vectors of the gas phase from the simulations of the IHBFBSR with side-flow. The simulation was 
performed with a 15×dp grid and a CFL of 0.2. 

Overall, our results show that the side-flow is not well mixed in the reactor. Therefore, there is a 
possibility that in practice a cold spot is formed at the feeder inlet. The presence of such as a cold spot, 
would render the assumption that the N2 side-flow is at the same temperature as the rest of the 
reactor at this point (600 oC) incorrect. In this case, the volume expansion of the N2 gas caused by the 
temperature increase would also affect the internal flow field in ways not covered by the present 
simulations. Furthermore, as was also shown by Ostermeier et al. [65], the gas inlet geometry does 
not influence the global properties of bed height and pressure drop greatly. However, our work shows 
that it has a big influence on the gas and particle flow fields and solids distribution. The 
implementation of heat and mass transfer modelling in future simulations by the authors will allow 
the more in-depth investigation of this particular effect. Finally, regarding the bed height (0.72 with 
side-flow and 0.71 without side-flow) derived from the simulations, it was always within the limits 
imposed by the experiments (0.67 – 0.82 m). However, given the fact that for setting up of the Syamlal 
model, a minimum fluidization velocity including the side-flow was employed, the overall height 
computed might be over-predicted. Considering the behaviour of the side-flow presented in this work, 
it might be more appropriate to exclude it from the calculation of the minimum fluidization velocity 
of the corundum bed, since its effect appears to be insignificant. This conclusion is also supported by 
the clear over-prediction that can be observed for the pressure drop over the bed area. In particular, 
the experimentally derived average pressure drop of 55 mbar is over-predicted by 12.5 % in the side-
flow simulations. 
  

Side flow inlet 
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6.6 Conclusions 

In this work, CFD – TFM simulations of a novel 50 kWth indirectly heated bubbling fluidized bed 
steam reformer (IHBFBSR) were performed to investigate its hydrodynamic behaviour. The results 
were verified with the employment of corresponding experimental results obtained from fluidization 
experiments conducted in a pilot-scale reactor. The hydrodynamic behaviour of the reactor was 
simulated successfully, as evident by the small deviations observed between the experimental and 
computational values obtained for the global hydrodynamic metrics (bed height and pressure drop). 
It was shown that for realistic values of the particle restitution coefficient channelling of the gas flow 
occurs near the reactor walls. This channelling was present for both the side-flow and no side-flow 
simulations. However, larger bubbles appeared to be forming near the outer wall of the reactor for 
the no side-flow simulations, while the opposite behaviour was encountered for the side-flow 
simulations. This was due to the stream-like behaviour of the side-flow moving against the outer wall 
of the reactor, thus preventing the formation of bubbles locally. Additionally, limiting the simulations 
to a 72o symmetry “wedge” was validated by the model findings, which indicated that even further 
reduction is possible. Overall, it can be argued that an increase of the reactor’s diameter could 
potentially lead to a reduction of the observed channelling of the fluidization media and improve the 
mixing achieved in the reactor. This could in turn improve the heat and mass transfer in the system 
and thus also increase the conversion efficiency of the IHBFBSR during gasification experiments.  

Overall, the present work constitutes the first step to study the fluidization behaviour of the novel 
IHBFBSR reactor of TU Delft. This investigation of this geometrically unique fluidized bed 
hydrodynamics lays the groundwork for future heat and mass transfer, as well as chemical reaction 
modelling which will allow the introduction and exploration of more experimental variables in 
conjunction with the simulation work. Apart from further verifying the simulation work performed so 
far, such an approach will allow the utilization of the entire spectrum of the IHBFBSR’s 
analytical/instrumentation capabilities, something that was practically impossible within the context 
of the present work. 
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7.1 Conclusions 
 

 In this dissertation, experimental, analytical and modelling methods were developed in order 

to study biomass pyrolysis. In particular, the experimental and analytical efforts were mostly focused 

on the development of accurate methods for the characterization of biomass feedstocks by means of 

fast (Pyroprobe) or slow (Thermogravimetric Analysis – TGA) pyrolysis. This work was complemented 

and expanded with the development of kinetic and Artificial Neural Network (ANN) models, for the 

investigation of biomass mass loss behaviour in a pyrolysis environment and the prediction of the 

pyrolytic product yields, respectively. Furthermore, the novel Indirectly Heated Bubbling Fluidized Bed 

Steam Reformer (IHBFBSR) commissioning experiments were presented and the reactor’s operational 

characteristics, occurring phenomena, performance metrics and product attributes were showcased. 

Finally, the hydrodynamic performance of the IHBFBSR was investigated in a combination of 

experimental and numerical modelling efforts.  

In Chapter 2, the fast pyrolysis of woody biomass in a Pyroprobe (PP) reactor was examined. The 

main purpose was to study PAH formation at high pyrolysis temperatures, thus relevant also to 

gasification processes, in an efficient, accurate and user – friendly manner. The comparison of the 

results to experiments conducted with a similar type of system (heated foil), showed a definite 

improvement in terms of PAH capture. The PP reactor was also more efficient with respect to the total 

yields determination, due to the absence of thermal lag at lower temperatures, that leads to higher 

char yields for reactors such as the heated foil. Overall, it was also concluded that reactors with 

configurations similar to the heated foil are not applicable for PAH quantification, due to their inherent 

process limitations and the inability to properly sample the produced tars. Overall, the PAH yields 

showed an increasing trend for increasing pyrolysis temperature in the PP, reaching a maximum of 0.2 

wt.% of the overall yield at 1000 oC. Naphthalene and acenapthylene and phenanthrene were the 

main compounds detected. The evolution of PAHs coincided with the increase of the CO, H2 and CH4 

yields, the stabilization of the char yield and the decrease of the total liquid yield, suggesting that it is 

mainly a product of secondary decomposition. Overall, the hereby proposed method was successful 

in quantifying PAH produced from biomass fast pyrolysis experiments, with high reproducibility. The 

flexibility of the system allows the fast conduction of multiple experiments, with minimal complexity 

in terms of sampling, while specific tar compounds can be targeted (PAH, sugars, acids, phenolics, 

etc.), depending on the experimental conditions.   

In Chapter 3, the general confusion that exists in the field of determination of mass loss kinetics 

for biomass pyrolysis, due to the broad range of values reported, was showcased. For this purpose, an 

international round robin of TGA pyrolysis experiments with pure cellulose and beech wood was 

conducted with 7 participants. Cellulose pyrolysis was modelled as a singular first order reaction and 

beech wood pyrolysis through 3 parallel reactions, using a fitting routine. The isoconversional KAS 

method was used to complement and enhance beech wood pyrolysis kinetic analysis. In terms of the 

devolatilization behaviour, deviations were observed of around 10 °C in the position of the peak at 5 

K/min and 20 – 30 kJ/mol in the predicted activation energies for cellulose, hemicellulose and 

conversions up to 90 % for beech wood. Higher deviations were obtained for higher conversions and 

for lignin. To increase the reliability of the determination of biomass pyrolysis kinetics, a method was 

developed and is hereby recommended. The first step includes the conduction of pure cellulose 

pyrolysis experiments at 5 K/min, to assess the employed TGA device and methods in comparison to 

relevant literature. The present work highlighted that when discrepancies were seen at this step, this 

led to further ones when other biomass feedstocks were examined. For example, in two cases where 

an initial mass of over 10 mg was employed, a significantly higher char yield was obtained. In general, 

lower initial mass samples are recommended to avoid thermal lag. The second step of the proposed 

method includes the conduction of the biomass pyrolysis experiments at various heating rates and the 



167 
 

utilization of isoconversional methods in order to validate the reliability of the experiments and the 

derived kinetic parameters. This study shows that high R-squared values (over 0.99), except for very 

low and high conversions, are to be expected from isoconversional methods. When this this criterion 

was not fulfilled, the corresponding measurements were disregarded for the rest of the study. Finally, 

isoconversional methods can support the determination of the activation energies for cellulose and 

hemicellulose using a fitting method, however certain deviations are expected for lignin. Within the 

context of the round robin presented in this work, the employment of the above-described method, 

led to the dismissal of the data of three out of seven cases, while for a fourth one the data at one 

heating rate were disregarded. The deviations in activation energy for these cases were less than 10 

kJ/mol (less than half than when considering all experiments), except for lignin. An activation energy 

of around 180 kJ/mol was obtained for the cellulose component in beech wood, a value of 150 kJ/ mol 

was derived for hemicellulose while for lignin the value was above 200 kJ/mol. While this method does 

not completely guarantee the derivation of optimal kinetics, it ensures that they are chemically 

meaningful. Such an approach can assist the reduction of the variability in biomass kinetics 

determination, which can be attributed significantly to the lack of consistency in data acquisition and 

kinetic analysis of TGA experiments. 

The ANN models proposed in Chapter 4 for the prediction of the pyrolysis product yields focus on 

generalizability, to achieve the best possible results for a variety of biomass feedstocks, reactor types 

and process conditions. With this in mind, a large database consisting of a variety of small-scale 

experimental pyrolysis studies was built. This effort constituted a first-of-its-kind attempt in terms of 

employing ANN models for such a wide range of literature data. Overall, while the implementation of 

the ANN models was successful (reasonable prediction of RMSE values), they cannot be compared to 

ones obtained from single or in general more limited studies. The derived models were able to 

reproduce the expected trends in relation to temperature variation but at the same time other 

parameters such as residence and holding time did not appear to have any effect. Reducing the input 

led to increased generalization capabilities (prediction quality improvement) for the char and gas 

ANNs, while in the case of the liquid ANN the loss of information was not beneficial (RMSE of 9.3 wt.% 

ar. versus 6.9 wt.% ar.). An important finding was that by adding the char yield as an input parameter 

in the ANN models, can lead to improved predictive capabilities. For the cases of the char and gas 

ANNs, the reduced input networks performance was only slightly better compared to the full ones.  

Among the three product classes, the char models were the best performing ones, largely due to the 

higher accuracy of char yield experimental measurements. The liquid product ANN was the worst 

performing one, most likely due to the wide variety of methods employed for pyrolysis liquid product 

measurement or determination (e.g. calculation by difference). The reason for the significantly better 

performance of the gas models can be attributed to the lower standard deviation of the gas yield 

values (10.9 wt% ar), compared to the ones of the char (15 wt% ar) and liquid (14.7 wt% ar).  

The results from the commissioning experiments on the novel IHBFBSR were presented, along 

with a description of its operational characteristics for a wide range of experimental conditions in 

Chapter 5. Through the conduction of these experimental campaigns, it was found that char 

accumulating in the bed area for the overall process, appeared to promote H2 formation and in-situ 

tar destruction, especially when smaller bed material particle sizes were employed. Furthermore, it 

was found that by injecting moderate amounts of air in the freeboard, tar reduction and (to a lesser 

extent) CCE can be improved without compromising H2 production, even when compared to the 

introduction of larger amounts as a fluidization agent. Finally, the product gas composition and CGE 

obtained, compares favourably to similar allothermal gasification systems, while carbon conversion 

can still be improved. Overall, the present study offers a thorough presentation of the IHBFBSR 

attributes for a variety of process conditions, allowing its use as a benchmark for similar systems and 

future works. 
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Finally, in Chapter 6, the CFD-TFM simulations of the IHBFBSR for the investigation of its 
hydrodynamic behaviour were presented. The results of the simulations were successfully verified 
with the corresponding experimental results obtained from fluidization experiments. The simulation 
of the reactor’s hydrodynamic behaviour showcased small deviations compared to the experimental 
and computational values of the global hydrodynamic metrics (bed height and pressure drop). 
Through the simulations, it was observed that for realistic values of the particle restitution coefficient 
the gas flow forms channels near the reactor walls, regardless of the presence of a side flow from the 
reactor’s feeding system. However, when no side-flow was implemented, larger bubbles appeared to 
be forming near the outer wall of the reactor, with the opposite behaviour being evident for the side-
flow simulations. This can be attributed to the stream-like behaviour of the side-flow, which moves 
against the outer wall of the reactor without forming bubbles locally. Overall, the present work 
constitutes the first step to study the fluidization behaviour of the novel IHBFBSR reactor of TU Delft.  

 

7.2 Recommendations 
 

In Chapter 2, it was seen that the PP system produced reasonably satisfactory mass balance 

closure values (80 wt% on average). Char and gas yields were determined with high accuracy, however 

gravimetric liquid analysis was lacking. This was mostly due to the inability to properly quantify the 

condensable products in the impinger bottle. Often, a trade-off exists between the gravimetric 

determination of the total pyrolysis liquid yield and the quantification of its constituents. For example, 

adding a solvent evaporation step might improve the mass balance closure values, but at the same 

time it would hamper the efficiency of determination of the liquid compounds. In this work, it was 

shown, that while a single cold trap is sufficient for comparatively lower PAH condensation at low 

pyrolysis temperatures concentrations, the same does not hold for higher temperatures. For this 

purpose, more research effort is required in regard to the development of an improved 

condensation/trapping system combined to a PP system or the exploration of alternative 

experimental strategies that can combine the two targets. An initial attempt to improve the mass 

balance closure values of the PP reactor is presented in Appendix A.  

The TGA-based round robin work described in Chapter 3, was later expanded with the conduction 

of additional campaigns on Miscanthus pyrolysis and Miscanthus char oxidation/gasification. The 

results of this endeavour were reported within the context of the European project BRISK II (grant 

agreement number: 731101). Overall, the conduction of similar studies using the proposed 

methodology, could enhance its usefulness, by further corroborating its results and highlighting 

potential shortcomings. Additionally, the further expansion of this methodology and its adaptation to 

be implementable for a variety of biomass feedstocks and thermochemical conversion processes 

(pyrolysis, gasification), could be similarly beneficial. The coupling of kinetic data obtained through 

this method, with more generalized models of biomass pyrolysis or gasification (e.g. ASPEN+), could 

improve their reliability and completeness. As described in the relevant chapter, the chaos 

surrounding the biomass thermochemical conversion kinetics literature highly due to the lack of 

standardization, constitutes an important short-coming of the field and leads to the perpetuation of 

scientifically inaccurate and therefore inconsequential practices. The relative ease with which TGA 

data can be generated and the simplicity with which basic (and often inaccurate) kinetics can be 

derived, has saturated the field and reduced the perceived importance and impact of such studies. 

While it is not claimed that the proposed method is the final answer to issue of biomass pyrolysis 

kinetics, it showcases a scientifically sound and well-rounded attempt. Scientists in the field should 

respond to this work by testing its boundaries and limitations, expanding it, enhancing it, or even 

potentially replacing it. Overall, the recommendation of the author is that the community should strive 
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to produce less, but more meaningful kinetic data on biomass thermochemical conversion, focusing 

on the development and employment of specific standards. 

In regards to the ANN models developed within Chapter 4, the results could be improved by the 

further optimization of the ANNs, the inclusion of continuous reactors in the database and necessary 

models adaptations, the reduction of the scope (e.g. focus on specific pyrolysis regime) or by imposing 

more stringent criteria for the induction of data in the database. Additionally, the feature reduction 

method, could be further refined through hypothesis – testing methods for obtaining correlations 

within the dataset. The lack of relevant fast pyrolysis samples could be addressed by the removal of 

some input parameters and/or by focusing on specific regimes, that would allow the expansion of the 

database to include omitted studies. However, the limitations imposed due to the presence of 

discrepancies in the literature are still significant. Firstly, even though the composition of biomass 

samples can be measured using different methodologies with varying results, the employed standards 

are often not mentioned in the literature. Furthermore, during the literature research, it was often 

seen that fundamental parameters are also regularly ill-reported (e.g. lignocellulosic composition, gas 

residence time, heating rate). As it was also discussed in the relevant chapter, those significant 

ambiguities exist in the literature due to the employment of different methods for products 

measurement and yields calculation and presentation. It was often encountered that different bases 

of yield expressions (ar., db., daf.) were incorrectly employed or converted, with the effect of this error 

often masked by the incomplete mass balance closure values, or the calculation of a product class by 

difference. Such ambiguities can be easily surpassed by explicitly referring to the calculation procedure 

and the provision of the moisture and ash values necessary for the attempted conversion. 

Nevertheless, it was found in multiple studies that such basic requirements were not met. 

Furthermore, closing the mass balances by difference often covers intrinsic mass losses of the 

experimental setup and can therefore lead to incorrect conclusions and misplaced amounts of mass 

in certain product yields. This particular practice constitutes a gross simplification of the pyrolysis 

process studies and limits the scientific importance of the data. In a world that is rapidly shifting its 

focus towards the realm of big data, it is essential to provide large amounts of high-quality data that 

can be easily used and compared by these types of models. Therefore, the pyrolysis scientific 

community needs to be aware of using higher standards in terms of reported data quality. 

Concerning the work performed surrounding the IHBFBSR presented in Chapter 5, it should be 

mentioned that despite the fact that the presence of the accumulated char bed can have a positive 

effect on syngas quality and tar content, a compromise between this effect and the increase of carbon 

conversion must be found. Furthermore, increasing burners output and efficiency as well as better 

insulation, could improve the overall efficiency of the system. In particular for the freeboard, when 

adding secondary air, lower temperatures and/or burner outputs could suffice to achieve the desired 

levels of tar removal. However, the investigation of alternative tar reduction methods either in-situ 

(e.g. tar reducing bed material like olivine) or ex-situ (gas cleaning) is also essential in order to compare 

the performance. In terms of alternative feedstocks, already experiments with Miscanthus and plastic 

waste have been conducted in the setup. Despite the results being promising, important adaptations 

need to be made to the setup to facilitate the conduction of experiments with such feedstocks. For 

biomass feedstocks with elevated ash content, special consideration of the process parameters should 

be made in view of agglomeration challenges. Additionally, the utilization of additives (e.g. Kaolin) 

could also assist to the suppression of agglomeration phenomena. In regard to plastic feedstocks, the 

adaptation of the feeding system to avoid melting of the feed and subsequent blockage is of the 

essence, as well as the optimization of the sampling system to avoid blockages. Finally, the extensive 

characterization of the system’s char product as well as the applicability of the produced syngas in 

industrial applications should be investigated. Conclusively, while the initial results are quite promising 
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in terms of the scale-up potential of the IHBFBSR, significant reactor development work remains to be 

done. 

Finally, from the simulations presented in Chapter 6, it was shown that limiting the simulations to 

a 72o symmetry “wedge” was validated by the model findings. This also indicates that even further 

reduction is possible, which could reduce the computational time significantly. However, most 

importantly, the results of this study suggest that an increase of the reactor’s diameter could 

potentially lead to a reduction of the observed channelling of the fluidization media and improve the 

reactor’s mixing capabilities. In its turn this would improve the heat and mass transfer in the system 

and consequently benefit the conversion efficiency of the IHBFBSR. Overall, further experimental and 

simulation work should be performed to validate and enhance the results of this study, by exploring 

different operational parameters of the reactor. This investigation of this geometrically unique 

fluidized bed’s hydrodynamics can be utilized in future heat/mass transfer and chemical reaction 

modelling, which will allow the employment of additional experimental variables and data. Apart from 

further verifying the simulation work performed so far, such an approach will allow the utilization of 

the entire spectrum of the IHBFBSR’s analytical/instrumentation capabilities, something that was 

practically impossible within the context of the present work. 
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A. Appendix – Tar sampling in a Pyroprobe 

reactor 
 

Temperature calibration 
 

As it was mentioned in a previous section, the actual temperature inside the quartz tube differs 

from the set temperature of the coil by 100 oC according to the manufacturer. However, previous 

measurements on the instrument showed that this difference may be higher. For this reason, a 

calibration campaign was performed for finding the correlation between the set temperature and the 

actual temperature inside the holder. The probe was removed from the furnace and an empty holder 

was placed in the coil. For the measurement of the temperature inside the coil, a 0.2mm Pt-PtRh (13 

%) type R thermocouple was used, connected to an Omega device for the reading of the values at a 

frequency of 500 Hz. Such a thermocouple was selected due to the increased sensitivity required, 

imposed by the fact that a very high heating rate (600 oC/s) and short pyrolysis duration (10 s) are 

employed in the experiments. The results of these measurements may differ a little from reality, since 

during the experiments the probe is placed inside the pyrolysis chamber which is heated up to 300 oC. 

However, it is hypothesized that these conditions may have a more significant effect on the heat 

transfer phenomena than the actual temperature experienced by the sample during pyrolysis. 

Measurements were performed between 500 oC and 1300 oC at increments of 100 oC. For each 

temperature point, three measurements were performed and then the average values were taken. 

From them, the maximum temperature observed was the final output for each set temperature point. 

The results of the measurements are presented in Figure A.1. It can be observed that the relationship 

between the measured and set temperature values is linear with R = 0.9938.  

 

 
Figure A.1: Plot of the measured temperature inside the holder versus the set temperature of the filament coil. 

The linear expression derived was used for the determination of the required set temperature for 

achieving a corresponding pyrolysis temperature and the results are presented in Figure A.1. It should 

be mentioned that the correspondence derived through this campaign was very similar to the one 

obtained from the calibration campaign for the previous filament coil. It should also be noted that the 

temperature correction regards only the quartz tube effect and not the effect of the sample’s presence 

in the tube, since such measurements cannot be conducted in the current setup. Furthermore, due to 
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the low thermal conductivity of the quartz tube, the actual heating rate that the sample experienced 

is also expected to be lower than the imposed 600 oC/s heating rate of the probe coil (approximately 

450 oC/min). Finally, the required holding time for the experiment is also adapted to also include the 

required time for the sample to reach the final pyrolysis temperature. For the reasons described 

before, the actual heating rate also differs slightly from the one actually achieved. The required 

holding times to achieve 10 s of pyrolysis regardless of the temperature for a set heating rate of 600 
oC/s are presented in Table A.1. 

 
Table A.1: Correspondence between set filament temperature, actual sample temperature and holding time. 

Filament Temperature (oC) Sample Temperature (oC) Adjusted Holding Time (s) 

500 612 11.2 

600 744 11.5 

700 876 11.9 

800 1008 12.5 

900 1141 12.9 

1000 1273 13.5 

 

Further optimization of tar sampling  
 
Overall, as it was mentioned in the corresponding section, the mass balance closure values of fast 

pyrolysis experiments conducted in the Pyroprobe reactor, fail to reach 100 %. First of all, as it has 
been observed during Pyroprobe maintenance, there is the possibility of tar condensation before the 
trap, namely in the oven. Furthermore, some losses can occur by the evaporation of very volatile 
compounds, during the time between the removal of the trap from the reactor until the gravimetric 
measurement. Another reason that leads to an unclosed mass balance originates from the micro GC 
limitations, since higher hydrocarbons such as C2H4, C2H6, C3H6 and C3H8 cannot be detected. According 
to Hajaligol et al. [1], these gaseous products are derived from secondary decomposition of tar and 
therefore their yield is increased with temperature. It is indicated in literature [2, 3] that the total yield 
of these products can sum up to a 2 % wt. - 5 % wt. for lignocellulosic species. Additionally, the water 
produced, included both in the liquid and gaseous product is also unaccounted for. Pyrolytic water 
can account for 10 % wt. - 12 % wt.  [4]. Furthermore, light tars that escape the trap and condense in 
the isopropanol filled impinger bottle also cannot be measured gravimetrically. Finally, there is always 
the possibility of error during the gravimetric measurements of the liquid and solid product as well as 
in the determination of the gaseous products through the micro GC and the ideal gas law 
implementation. 

 

Table A.2: Proximate, ultimate, elemental analysis and LHV of Miscanthus feedstock utilized in the fast pyrolysis 
experimental campaign. 

Proximate analysis 

Moisture (wt%, a.r.) 10.4 

Volatiles (wt%, a.r.) 70.7 

Fixed carbon (wt%, 

a.r.)a 
17 

Ash (wt%, a.r.) 1.9 

Ultimate analysis 

C (wt%, d.b.) 49.05 
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H (wt%, d.b.) 6.03 

N (wt%, d.b.) 0.88 

S (wt%, d.b.) 0.06 

Cl (wt%, d.b.) 0.04 

O (wt%, d.b.)a 43.98 

Elemental Analysis 

Al (ppm, d.b.) 44.03 

Ca (ppm, d.b.) 1745.72 

Fe (ppm, d.b.) 103.99 

K (ppm, d.b.) 4214.93 

Mg (ppm, d.b.) 799.59 

Na (ppm, d.b.) 80.75 

Si (ppm, d.b.) 2252.09 

Zn (ppm, d.b.) 4.30 

LHV (MJ/kg, d.b.) 17.79 

 
During a fast pyrolysis experimental campaign with Miscanthus as the feedstock (composition 

described in Table A.2), a significant amount of liquid products appeared to condense in the condenser 
assembly, right after the pyroprobe trap. At this point, it should be reminded to the reader, that the 
trap's weight measurement before and after the experiment produces the liquid product yield 
presented in this work. As it can be observed in Figure A.2, the colour of the isopropanol filled 
condenser changed after the experiment from transparent to yellowish. This phenomenon has not 
been presented before in the long experience of the operator with this apparatus, even though a wide 
range of products has been studied (lignocellulosic biomass, marine biomass, sludge, etc.). In an older 
study performed using the same Pyroprobe reactor [5], it was determined that volatile compounds 
including benzene and toluene mainly condense in the condenser. The same was also the case for a 
fraction of the PAHs produced. Therefore, it can be safely hypothesized that a significant amount of 
liquid products that fail to condense in the trap, end up in the condenser, significantly affecting the 
mass balance closure values and leading to an underestimation of the total liquid product yield. To 
tackle this issue, two approaches were examined. The first one was to identify the amount of liquid 
products that remain in the condenser, either by removal of the IPA impinger and the employment of 
a second trap, or by evaporating the IPA. The latter approach can lead to the evaporation of significant 
amounts of the liquid products collected. The losses included in this approach can jeopardize the 
gravimetric measurement of the liquid products but also the individual compounds detection and 
quantification through the subsequent analysis. The second approach, was the reduction of the 
nitrogen flow rate. In the aforementioned campaign with Miscanthus, a N2 flow rate between 15 and 
20 ml/min was employed. This range of values was established as a good experimental point since 
very high flow rates can lead to flying char particles inside the apparatus and low liquid product 
condensation in the trap. On the other hand, low flow rates may result to tar condensation in the 
tubes in the reactor's oven due to the increased gas residence time.  
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Figure A.2: On the left the isopropanol filled condenser before the initiation of a Miscanthus fast pyrolysis experiment 

at 900 oC. On the right the condenser after the completion of the same experiment 

Starting with the gravimetric measurement of the liquid products that condense downstream the 
trap, when no IPA condenser is employed, fast pyrolysis experiments with Miscanthus were conducted 
at 600 oC and 700 oC at a heating rate of 600 oC/min and a holding time of 10 s, using both 
configurations. The only difference between the two sets of experiments was the use of the impinger 
condenser in one and the employment of a second trap in the other. All the experiments were 
performed in duplicate and the comparison of the results of these different tar sampling schemes is 
presented in Figure A.3. As it can be observed, the char and gas yields were not affected by the change, 
as it was expected in particular for the char. Char formation cannot be influenced by such changes 
downstream the pyrolysis chamber, unless they lead to an increase in the system’s pressure for 
example. For the liquid product, at 600 oC its total yield was roughly 46.2 wt. % which consisted of 
45.9 wt. % collected in the first trap and 0.3 wt. % in the second, when no condenser was employed. 
The difference with the original setup’s tar sampling configuration was less than 1 wt. %. At 700 oC, 
for the no-condenser configuration the total amount of liquid products was approximately 4.2 wt. % 
higher than the corresponding value for the original setup. However, this difference was mostly due 
to a 3.1 wt. % increase in the liquid collected in the first trap. Overall, it was shown, that such a 
modification of the sampling system provides only incremental improvements on the mas balance 
closure values. Furthermore, this improvement, potentially comes in the expense of the subsequent 
tar analysis due to the lack of the use of a solvent like IPA, to assist in tar condensation. 
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Figure A.3: Product yields from fast pyrolysis of Miscanthus in Pyroprobe for different liquid product sampling 

configurations 

The second approach on gravimetric measurement of the liquid product downstream the first 

trap, included the employment of the original sampling configuration. However, after the completion 

of the experiment, the 2 ml of IPA/liquid product solution of the condenser were emptied on a glass 

petri dish. After approximately 2 h, the IPA was evaporated and the dish was weighed for the 

determination of the tar product left behind. For this purpose, fast pyrolysis experiments with 

Miscanthus were conducted at 600 oC, 700 oC, 800 oC, 900 oC and 1000 oC at a heating rate of 600 
oC/min and a holding time of 10 s. A wide temperature range was employed, to examine whether the 

products variation with temperatures influences the process. The amount of tar yields measured only 

in the petri dish with this configuration for each of the duplicate experiments performed are presented 

in Figure A.4. As can be seen, the variability between the experiments is high. The overall increasing 

trend implies a preference for the collection of heavier tars using this method, since those are 

favoured in high temperatures as discussed in the previous section and they are also more difficult to 

evaporate. However, the low overall yields (below 2 wt. %) and the observed differences between the 

experiments indicate that this method lacks the required precision. It is important to consider that, as 

it will be shown in the experiments presented in the following section, the overall yields measured are 

within the usually acceptable error margin of the gravimetric measurements. Finally, this method is 

destructive for the sample collected, which therefore cannot be analysed further. Thus, it is difficult 

to determine which species actually remain in the dish and make the comparison with the original 

sampling method. 
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Figure A.4: Tar yield of impinger condenser after the evaporation of IPA, collected from fast pyrolysis of Miscanthus at 

600 oC/min in the Pyroprobe 

Another attempt to improve the gravimetric liquid product measurement and therefore the mass 
balance closure of the fast pyrolysis experiments in pyroprobe, included the analysis of the effect of 
the N2 purge mass flow rate. For this purpose, Miscanthus experiments were conducted at 1000 oC, 
with a heating rate of 600 oC/min and a holding time of 10 s, employing three different mass flow rates 
of N2. These mass flow rates were 20-15 ml/min, 10 ml/min and 5 ml/min. The temperature of 1000 
oC was selected in order to test the effect of the N2 flow rate for the maximum possible amount of 
volatiles in the system. The results are presented in Figure A.5. From the results, it can be clearly 
derived that with the reduction of the flow rate to 10 ml/min, the liquid product was sampled much 
more effectively, while the gas product was not influenced at all. With the further decrease of the flow 
rate to 5 ml/min, the liquid yield continued to decrease. However, the simultaneous decrease of the 
gas product by roughly 10 wt. %, indicates that the increased residence time imposed by the lower 
flow rate influences it negatively. In particular, it is possible that the increased residence time leads to 
more secondary reactions that hinder the formation of permanent gases, since with the exception of 
H2 which is produced at amounts less than 1 wt. %, all the product gases yields measured were lower 
in this case. Overall, since the purpose of the Pyroprobe is to limit secondary reactions to a minimum 
level and the mass balance closure values were not improved with a flow rate of 5 ml/min, the 10 
ml/min flow rate was selected for the continuation of the fast pyrolysis experiments. Additionally, 
employing low mass flow rates, can lead to tar condensation in the tube located in the Pyroprobe oven 
or the exit of the pyrolysis chamber. Finally, the addition of ice around the impinger bottle, did not 
influence the gravimetric results at all, however its employment was also chosen, in an effort to 
facilitate tar and moisture condensation.  
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Figure A.5: Miscanthus fast pyrolysis product yields for different N2 purge mass flow rates (600 oC/s heating rate, 10 s 

holding time) 
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B. Appendix - Estimation of lignocellulosic 

biomass pyrolysis product yields using 

artificial neural networks 
 

 

Table B.1: Studies from literature included in the database, along with the amount of data points 

ID Biomass Type Data 
points 

Reference 

2 Wood mixture, reed 12 [1] 

3 Hazelnut, almond, walnut and sunflower shells 32 [2] 

4 Cotton cocoon shell, tea factory waste, olive husk 12 [3] 

5 Torrefied and non – torrefied ash wood 25 [4] 

6 Leaucaena leucocephala 1 [5] 

7 Coffee waste 6 [6] 

10 Switchgrass 12 [7, 8] 

11 Pine needles 23 [9] 

12 Giant fennel 27 [10] 

13 Laurel extraction residue 23 [11] 

14 Safflower seed cake 19 [12] 

15 Hazelnut cupula 12 [13] 

16 Euphorbia rigida, sesame stalk 4 [14] 

17 Rice straw 3 [15] 

18 Maple fruit 12 [16] 

19 Miscanthus X Giganteus 27 [17] 

22 Rice straw 5 [18] 

23 Geodae – Uksae 1 7 [19] 

24 Bagasse, coco peat, paddy straw, palm kernel shell, 
umbrella tree stem, umbrella tree bark 

6 [20] 

26 Sugarcane bagasse 15 [21] 

27 Rice husk 18 [22] 

28 Spruce wood 4 [23] 

29 Xylan, cellulose, hemicellulose and mixtures 6 [24] 

30 Xylan, cellulose and hemicellulose 3 [25] 

31 Lignin 7 [26] 

33 Cotton seed cake 12 [27] 

34 Beech wood 97 [28] 

35 Beech and fir wood, agricultural residues 18 [29] 

36 Beech wood 10 [30] 

37 Wheat straw, almond shell, olive stone, grape refuse 20 [31] 

38 Pine wood 4 [32] 
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Table B.2: Hyperparameter values used in the powerset and sequential tests 

Parameter Powerset test Sequential test 

Hidden layers 1 1 

Neurons in hidden layers 15 15 

Batch size 30 30 

Epochs 1250 1500 

Learning rate 0.001 0.001 

Noise (σ) 0 0.02 

Dropout probability 0 0.2 

 
Table B.3: Hyperparameter values for the ANN models developed in the present study 

Parameter Full 
char 

Reduced 
Char 

Full 
liquid 

Reduced 
liquid 

Full 
gas 

Reduced 
gas 

Full 
liquid 
with 
char 
input 

Reduced 
gas with 

char input 

Hidden 
layers 

1 1 1 1 1 1 1 1 

Neurons in 
hidden 
layers 

9 9 18 9 9 9 18 9 

Batch size 30 30 30 30 30 30 30 30 

Epochs 500 750 1500 1500 750 1500 750 750 

Learning 
rate 

0.01 0.0001 0.001 0.01 0.01 0.001 0.003 0.003 

Noise (σ) 0.3 0.2 0.3 0.3 0.1 0.2 0.3 0.2 

Dropout 
probability 

0.2 0 0.2 0.2 0.2 0 0.2 0 

 

Table B.4: Correspondence between RMSE and R2 values for the ANN models developed within the present study 

ANN RMSE  (wt% ar) R2 

Reduced Char 5.1 0.75 

Reduced Gas 5.6 0.86 

Full Liquid 6.9 0.7 

Full Liquid w/ char 5.5 0.81 

Reduced Gas w/ char 4.9 0.89 

Full Char 5.9 0.66 

Reduced Liquid 9.3 0.47 

Full Gas 6 0.84 

Char ID 34 1.9 1 

Liquid ID 34 1.5 0.99 

Char ID 12 0.43 0.91 

Gas ID 12 0.63 0.62 
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A) Full char ANN 

 
Figure B.1: Performance of the full char ANN over the test set. Predictions of the networks are shown alongside the 

targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around the zero line. 

B) Reduced liquid ANN 

 
Figure B.2: Performance of the reduced liquid ANN over the test set. Predictions of the networks are shown alongside 

the targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around the zero line. 
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C) Full gas ANN 

 
Figure B.3: Performance of the full gas ANN over the test set. Predictions of the networks are shown alongside the 

targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around the zero line. 

D) Full liquid with char as an input ANN 

 
Figure B.4: Performance of the full liquid ANN with char as an input over the test set. Predictions of the networks are 

shown alongside the targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around 
the zero line. 

 

 



 

183 
 

  

E) Reduced gas with char as an input ANN 

 
Figure B.5: Performance of the reduced gas ANN with char as an input over the test set. Predictions of the networks 

are shown alongside the targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar 
around the zero line. 
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F) Single study ANNs 

 
Figure B.6: Performance of the liquid, char and gas ANN over the test set for reference 34. Predictions of the networks 

are shown alongside the targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar 
around the zero line. 

 

 
Figure B.7: Performance of the char and gas ANN over the test set for reference 12. Predictions of the networks are 

shown alongside the targets for each single sample in the test set. Indicative boundary lines are shown ±5 wt% ar around 
the zero line. 
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C. Appendix - Indirectly heated bubbling 

fluidized bed steam reformer 
 

Setup presentation 
 

In this section, the novel indirectly heated biomass gasification concept is presented along with 

the respective commissioning experiments. It constitutes an atmospheric pressure 50 kWth indirectly 

heated bubbling fluidized bed steam reformer (IHBFBSR) which was designed, built and commissioned 

by the Dutch company Petrogas - Gas Systems in collaboration with the Process and Energy 

Department of the Delft University of Technology. The novelty of the reactor lies within the method 

of heat provision for the gasification reactions. In this reactor concept two radiant tube natural gas 

burners, one in the bottom (bed area) and one in the top (freeboard) of the reactor, are employed 

(Figure C.1). Its design aims at the reduction of heat losses, the provision of enough heat for the 

realization of the biomass steam reforming and cracking reactions and the exploration of scale-up 

possibilities to an industrial scale process. The commissioning experiments presented in this work are 

aimed at obtaining understanding of the operation characteristics, fuel conversion and raw product 

gas composition. 

 

 
Figure C.1: Conceptual design of the indirectly heated bubbling fluidized bed steam reformer (IHBFBSR) 
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A simplified process flow chart of the reactor is presented in Figure C.2. As mentioned earlier, the 

novelty in this reactor concept lies within the provision of heat by two burners placed vertically at 

both ends of the gasifier. This way combustion and gasification reactions remain separated to a great 

extent, thus avoiding the dilution of the product gas. In the following paragraphs the main sections of 

the IHBFBSR system are going to be discussed. 

 

 
Figure C.2: IHBFBSR simplified process flow chart 

Starting from the biomass and additive feeding section, this part of the setup consists of a funnel 

(SB01) and four bunkers, two for biomass (SB02 and SB03) and one for the additive (SB04). The 

biomass feeding system is designed for pelletized feedstocks. The additive bunker (SB04) and the 

bottom biomass bunker (SB03) are connected through two separate volumetric screw feeders to the 

main bunker (SB05) where the additive and the biomass are mixed. At this point it should be 

mentioned that the use of an additive depends on the experiment to be conducted. The conceptual 

design of the IHBFBSR process, includes the use of additives such as Kaolin (Al2Si2O5(OH)4) for the 

reduction of the probability of agglomerate formation. By using  alumina – rich compounds like kaolin, 

alkali – aluminum silicates can be formed. These silicates have a much higher melting temperature 

than the alkali silicates that are formed from biomass ash melting when no additive is used [1]. 

However, the use of additives is not required for example when low ash content biomass feedstocks, 

such as wood, are employed. The maximum feeding rate for the additives is 1 kg/h for clay – like 

materials such as kaolin and can also be used for feeding materials with similar bulk densities (e.g. 

char). From the main bunker (SB05), the main volumetric screw feeder leads the biomass into the 

reactor, just above the distributor plate. The nominal maximum fuel thermal power input for the 

reactor is 50 kW, which decides the maximum biomass feeding rate depending on the biomass type. 

The SB02 bunker is pressurized with N2 and biomass is fed in and through it using ball valves. A 

constant N2 flow of 4.11 kg/h is fed through the remaining bunkers, as well as the hoppers and main 

screw feeder, towards the reactor to avoid product gases back-flowing in the feeding system. To avoid 

pyrolysis reactions in the screw feeder due to elevated temperatures, the screw feeder is cooled down 

using a water-cooled jacket. The biomass/additive feeding system was supplied by Gericke B.V. 

The gases that can be employed as fluidization agents in the IHBFBSR are N2
 (purity 99.999 %), air 

and steam. Steam is produced using a dedicated CERTUSS steam generator with a working pressure 

between 3.5 and 5 bar at temperatures between 103 oC and 105 oC, depending on the supply. The 
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steam line is insulated with a 2 mm layer of BCTEX fabric tape (GCC-1000 ˚C) provided by Horst GmbH 

and a 50 mm layer of Rockwool 810 provided by Rockwool B.V. Air (7 barg, 20 oC) and/or nitrogen (11 

barg, 20 oC), which is mainly used during heating up, first pass through a 4.5 kW preheater (EH01), 

where they are heated up to 150 oC. The steam, along with the gases (if any) that are preheated by 

EH01, are fed to a second 6 kW preheater (EH02), which according to the throughput, heats up the 

gaseous mixture (set point: 650 oC). The gasification media are fed to the reactor at a pressure in the 

order of magnitude of 200 mbarg, again depending on the throughput. Air can also be directly fed into 

the freeboard, to assist with tar cracking, directly from the main supply. The secondary air injection 

point is located roughly 90 cm below TC06 (Figure C.3). In regard to the radiant tube burners, air and 

natural gas are supplied to them at 80 mbar and 60 mbar respectively. As mentioned in the previous 

paragraph, roughly 4 kg/h of N2 flow into the reactor from the feeding system along with an extra 2.6 

kg/h of N2. This extra amount of N2 is equally distributed (5 ml/min flows) between the pressure 

gauges in the reactor (Figure C.3) and the two cyclones. In the case of the pressure gauges the N2 flow 

helps to prevent blockages and thus false readings, while for the cyclones, the N2 flow rate assists with 

reducing ash accumulation. In both cases, the N2 flow is added to the total produced gas flow. In 

general, all the pipes and both electrical heaters are insulated by a 100 mm Superwool plus blanket 

layer finished with isolation sealing rope and aluminium foil. 

The reactor is manufactured out of 310S (AISI) steel with a wall thickness of 4.78 mm and a height 

of roughly 3 m. The reactor vessel is insulated with a 200 mm three-layer matrass, provided by 

Thermoheat B.V. The first layer consisted of Thermoseal CH84, the second from Superwool plus bulk 

and the third one from Thermoseal RC materials. Gases are fed in the windbox and from there in the 

reactor, through a distributor plate. The distributor plate consists of 50 tuyeres each with two 2 mm 

holes drilled in a 25o
 angle (downwards). The area above the distributor plate occupied by the bed 

material constitutes the bed zone and its height is determined by both the amount of bed material 

employed and the fluidization agent flow rate. As presented in Figure C.3, the temperature in the 

reactor is monitored by thermocouples located in and near the bed zone. The first five thermocouples 

start 220 mm above the distributor plate and are located 150 mm apart from each other. The last 

thermocouple (TC07) is located at almost the same height as the product gas outlet which is on the 

reactor wall. Pressure gauges are located in four spots within the IHBFBSR along with differential 

pressure transmitters, that allow the recording of the pressure drop over the distributor plate, the bed 

zone and the freeboard. In general, data from the various instruments are recorded through a 

SCADA/PLC coupling employing a LabVIEW interface. The system reads and records data every 10 s.   
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Figure C.3: Basic dimensions and main sensors location in the IHBFBSR reactor chamber. PG: pressure gauge, TC: 

thermocouple 

The two self-recuperative ceramic burners utilized for gasification heat provision were supplied 

from WS – Wärmeprozesstechnik GmbH and operate in a high velocity combustion mode. Both 

burners operate in an on/off mode; the bottom burner is controlled by the average values of 

thermocouples TC01 – TC05 and the top burner by thermocouple TC07. For both burners the 

maximum allowable set point was set at 850 oC according to the safety regulations. The burners 

operate at a constant capacity of 20 kW and 12 kW for the bottom (REKUMAT C100) and top one 

(REKUMAT C80), respectively. Regarding the bottom radiant tube, its total main body length is 

approximately 1.7 m and 1.2 m of this are in the bed area. Its bottom part is heating up the windbox, 

as shown in Figure C.3. The top radiant tube is smaller both in terms of diameter (0.1 m versus 0.15 

m) and total main body length (1.3 m versus 1.7 m). As mentioned before, both burners operate at a 

constant capacity on/off mode. Thus, after a certain point of continuous operation, the temperature 
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on the burners and the radiant tube becomes stable. To determine this temperature during an actual 

experiment, K-type thermocouples were placed on four heights of the bottom burner and two of the 

top one. At each height three thermocouples were placed in its circumference. It should be clarified, 

that for the bottom burner, the thermocouples were placed in the part of the burner within the bed 

are, thus above the distributor plate. In the part of the burner within the windbox, thermocouples 

were not placed due to practical limitations having to do with the installation of the burner. Less, 

thermocouples were placed on the top radiant tube, due to its similarity with the bottom one and 

practical limitations of the employed devices (Omega) and software. All the thermocouples were 

placed on the burner rather on the radiant tube, since the fluidization of the bed could either cause 

mechanical damage on the thermocouple and most likely move its position on the tube, thus affecting 

the reading. The aforementioned temperature readings are presented in Table C.1.  
 

Table C.1: Temperature at the circumference of various heights of the bottom and top radiant tube burners.  

Bottom Burner 

Thermocouple 
(#) 

Temperature 
(oC) 

Average Temperature at a 
certain height (oC) 

Height – Distance from 
distributor plate (m) 

1 1109 

1104 1.18 2 1094 

3 1108 

4 985 

983 0.88 5 1006 

6 959 

7 969 

972 0.48 8 979 

9 967 

10 915 

924 0.05 11 930 

12 928 

Top Burner 

13 1122 

1106 n.a. 14 1108 

15 1089 

16 978 

983 n.a. 17 983 

18 988 

 

The product gas, after passing through the cyclones, which were insulated using a 100 mm layer 

of Superwool Plus blankets, isolation sealing rope and aluminium foil, is led in its majority to the flare. 

The rest of the product gas is led to the gas analysis section. The sampling of the gas is initiated with 

the opening of a needle valve, which allows the product gas to pass to the gas analysis system. Then 

follows a quartz fibre candle filter, employed for the removal of char and ash particles that can lead 

to clogging of lines and damage the analytical equipment. The gas analysis line until this point is traced 

at 400 oC and the filter is heated at 350 oC by means of a heating cable (HS-450 ˚C) provided by Horst 

GmbH and a Tyco IJ-GL glad silk heated jacket respectively. After this point, part of the gas is 

channelled to the tar sampling system, where tars are sampled according to the Tar Protocol CEN/TS 

15439  [2]. The tar sampling system consists out of 6 impinger bottles, out of which the 2nd, 3rd, 4th and 

5th are equipped with a quartz filter and all five first are filled with 100 ml of isopropanol. The first, 

second and fourth bottle are submerged in a water bath (25 oC – 40 oC) and the rest in an ice bath. 
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Downstream the tar protocol lies a pump used to assist with maintaining a steady flow and afterwards 

a flowmeter and a gas meter. Continuing with the gas analysis part, after the junction with the tar 

protocol section, the gas passes through a water-cooled condenser. In this condenser ends up the 

larger part of the water contained in the product gas in steam gasification experiments. Downstream 

lies a series of four bottles, three of them filled with isopropanol and one filled with silica gel. The 

isopropanol filled bottles are mainly used for tar removal from the gas stream, while the silica gel 

bottle assures the non-presence of water in the gas stream that passes though the detectors. 

Subsequently follow a Whatman 55 mm paper filter and the pump and from there the gas flows 

towards the detectors. A u-GC, samples from the product gas stream every 4 minutes, measuring CO, 

CO2, H2, CH4 and N2. Then the gas flow splits into two streams each passing though the O2 detector 

and the Non-Dispersive Infrared Detector (NDIR), for the measurement of CO and CO2. The use of 

these two detectors, might appear redundant due to the presence of the u-GC. However, the presence 

of the O2 detector allows the operator to: a) verify that there is not an excess of O2 when the reactor 

is in combustion mode, b) ensure good operation while in air gasification mode, c) ensure that not an 

excessive amount of secondary air is used, and most importantly d) signal potential leakages in the 

gas analysis system. The NDIR detector, despite being able to detect less permanent gases than the u-

GC, has the advantage that it yields the results in real time during the experiments, while the u-GC has 

a 4 min lag. Thus, it assists significantly with the monitoring of the experiments. Finally, the product 

gas streams coming out of the two detectors are joined again before passing through a gas meter and 

fed into the vent.  

 

Experimental procedure and overview  
 

Before each test, 75 kg of bed material (corundum) were loaded in the reactor using a flange 

located at its top. This amount of bed material corresponds to a stationary bed height of roughly 0.59 

m according to the reactor geometry and bed material properties.  

The experiment is initialized by warming up the reactor to an average bed temperature of 850 oC. 

The average bed temperature is defined as the average values of thermocouples TC01 – TC05. This 

process, which includes two separate steps, was repeated with negligible variations for all the 

experiments described within this work.  The first step starts by introducing the maximum fluidization 

media flow, which corresponds to 30 kg/h of N2 and 22 kg/h of air. At the same time, both burners are 

turned on with a set point of 850 oC, while the two preheaters are also turned on (set points 150 oC 

and 650 oC respectively). The choice to introduce the maximum available gas input was made to 

achieve fluidization as quickly as possible, in order to improve heat transfer and consequently reduce 

the time required for heating up the reactor. In order to reach the designated temperature set point 

the heat provided by the radiant tube burners does not suffice. Therefore, a biomass combustion step 

is added to the warming up process. Combustion is performed with 22 kg/h and the appropriate 

amount of biomass feedstock to achieve a lambda (λ) of 1, that corresponds to stoichiometric 

combustion. The biomass flow rate for stoichiometric combustion is approximately 4 kg/h for both PG 

and ExR, since the two species have similar compositions.  

 Regarding the preheaters, the first one (EH01) achieves heating up the N2 and air mixture (30 kg/h 

and 22 kg/h respectively) at 150 oC. The same stands also for the pure air flow for the combustion step 

and the flow employed for the gasification step. The behaviour of the second preheater, whose set 

point is always 650 oC, can be observed in Figure C.4, through a representative example. The process 

of warming up the reactor was the same for each experiment conducted. During this flow regime, the 

second preheater (EH02) achieves to heat up the gaseous mixture to a maximum temperature of 490 
oC after roughly 3 h. However, after around 90 min (463 oC), the heating rate was below 1 oC/min and 

dropping. Furthermore, as it can also be seen in Figure C.4, the gaseous mixture suffers significant 
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heat losses on the way to and in the windbox. In particular, the average temperature difference is 130 
oC and the heat losses at steady state conditions (after roughly 3 h) are roughly 1.7 kW. The heat losses 

were calculated using the following formula: 

 

𝑄̇(𝑘𝑊) = (𝑚𝑁2̇ ∙  𝑐𝑝𝑁2
+ 𝑚𝑎𝑖𝑟̇ ∙  𝑐𝑝𝑎𝑖𝑟) ∙ 𝛥𝑇 (Eq. 8) 

 

where, 𝑚̇ is the flowrate of N2 (kg/s) and air respectively, the specific heat 𝑐𝑝 (J/kgK) for both gases 

was obtained for the average value of the temperatures after EH02 and the windbox according to [3], 

and 𝛥𝑇 (K) is the corresponding temperature difference. 

After the initiation of combustion, as is also visible in Figure C.4, the preheater is able to achieve 

higher temperatures, due to the reduction of its throughput to 22 kg/h of air. However, this reduction 

of the total flow has a negative effect on the windbox temperature which effectively decreases. In 

total, the average temperature difference between the two points was approximately 204 oC and the 

average heat loss was calculated at 1.35 kW, using the same procedure as mentioned earlier. 

 

 
Figure C.4: Temperature of the N2 – air flow after the second preheater and in the windbox for three different 

experimental regimes. 

The last part of Figure C.4 (air = 11 - 12 kg/h and steam = 10 kg/h), corresponds to the steam/air 

gasification part of the experiment. The purpose behind the selection of this particular combination 

of steam and air will be discussed later. At this point, in order to showcase the second preheater’s 

behaviour as well as the conditions in which the fluidization media enter the reactor, this experiment 

will be compared to one were roughly 1.9 kg/h of air and 8.7 kg/h of steam were used. In Figure C.5, 

the high and low total flowrate experiments are compared, in terms of the aforementioned criteria. 
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The same observation made earlier, can also be repeated here. Namely, the reduction of the total air 

and steam flowrate leads to better performance of the preheater, however this reduction leads to 

increased heat losses in the windbox. Overall, due to the significant reduction of the total flow rate, 

the heat losses from the EH02 to the windbox, were 1.5 kW for the high flow rate case versus 0.9 kW 

for the low one, with the corresponding entry temperatures in the main reactor being 480 oC and 430 
oC respectively. It should be mentioned that the average windbox temperature was 480 oC for high 

flowrate experiments (air ≥ 11 kg/h and steam = 10 kg/h) and 440 oC for the low flowrate ones (air = 

1.9 kg/h and steam ≈ 8.5 kg/h) for the experiments examined within this work. Therefore, the 

behaviour presented through this particular experiment is representable of the gasification media 

inlet conditions within the context of the present work, considering the main gasification experiment 

(thus excluding warming up). Conclusively, as the installation currently stands, a clear trade-off exists 

between the reduction of heat losses and the gasification inlet temperature. 

 

 
Figure C.5: Temperature of the air – steam flow after the second preheater (EH02) and in the windbox for a high total 

flowrate (air = 11 kg/h and steam = 10 kg/h) and a low total flowrate (air = 1.9 kg/h and steam = 8.7 kg/h). 

The experimental campaign presented hereby, is focused on biomass steam reforming. Therefore, 

as explained earlier, conceptually the presence of air in the process is not desired, since it leads to the 

dilution of the product gas. However, through experimentation, it was observed that the heat 

provided from the burners did not suffice for maintaining high enough temperatures for the 

conduction of gasification experiments (> 700 oC). To achieve meaningfully high temperatures, 

different amounts of air were introduced along with steam. The presence of O2 in the reactor, led to 

exothermal combustion reactions of either biomass and/or its char, that initially led to a temperature 

increase and eventually stabilization. In the following paragraphs, the necessity of this approach as 

well as its application are going to be presented through experimental examples. 
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A representative example of the temperature profile of the bed zone (TC01 – TC05) is presented 

in Figure C.6. In the context of this work, this particular experiment can be characterized as a high 

temperature (HT) experiment, since the average temperature of the bed area during gasification (last 

two regions) is around 850 oC. Experiments where the average bed temperature during gasification is 

lower than 850oC will be referred to as low temperature (LT) experiments. This categorization 

concerns only experiments with PG, since all the ExR experiments were conducted at high 

temperatures. In the experiment presented in Figure C.6, the first two regions correspond to the 

warming up of the reactor, firstly with the air/N2 combination and subsequently with combustion of 

biomass (ExR in particular). The different regimes can be marked very clearly by the changes observed 

in the thermocouples readings. To begin with, just before 50 min, TC02 which until this point was 

stabilizing at room temperature, jumped to temperatures above 200 oC and started coinciding with 

TC01 which also jumped at the same time. This point marks the start of fluidization and the 

thermocouples temperature serves as a rough indicator of the bed’s height. For example, after roughly 

65 min TC03 value, which until this point was rising steadily, slightly dropped and started coinciding 

with the TC01 and TC02 ones. Therefore, it can be safely surmised that the bed height ranges between 

the locations of TC03 and TC04. As time goes by, it can be observed that TC04 temperature increase 

starts stagnating and most importantly small oscillations in the readings begin to appear. The 

appearance of these oscillations can be linked to acoustic vibrations caused by the bubbling fluidized 

bed which height is approaching TC04 location. In general, it should be reminded, that the increasing 

temperature’s effect on the gases properties (density, viscosity) leads to an simultaneous increase of 

the fluidization velocity and therefore of the corresponding bed height [4]. Due to the overall 

stagnation of the bed temperatures increase, combustion of biomass was initiated to expedite the 

process. In this particular experiment for example, the average bed temperature heating rate moving 

average dropped from 4 oC/min to below 2 oC/min within the approximately 100 min duration of the 

first warming up region. Switching to a combustion regime, expectedly led to the increase of the 

heating rate and the set point of the system (Average temperature of TC01 – TC05) was reached within 

approximately 40 min. This increase is at a certain degree “artificial” and it does not only concern the 

actual bed region. The latter is now comprised only by TC01 and TC02 as seen in Figure C.6. The 

reduction of the total flow, led to a decrease of the bed height, thus TC03 either came out of the bed 

area or is marginally in. The second seems as the most likely option, since the recorded temperature 

values are not as high as in the cases of TC04 and TC05. It is apparent that the bed material prevents 

the effective heat transfer from the radiant tube to the thermocouples. When the thermocouples 

depart the fluidization region and are therefore “revealed” to the radiant tube, their temperature rises 

fast. Overall, switching to combustion mode, apart from the temperature gain due to the 

exothermicity of the process, mainly evident by the temperature increase in the fluidization region 

(TC01-TC02), has also an indirect effect leading to the desired result which is to increase the 

temperature of the bed area. Namely, the reduction of the total flow, firstly reduces the total amount 

of flow needed to be heated up by the system and secondly “reveals” TC03 to the radiant tube burner. 
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Figure C.6: Temperature profile of the IHBFBSR bed zone (thermocouples: TC01-TC05) for a high temperature (HT) 

steam gasification experiment with ExR as a feedstock and corundum F046 as bed material. The heating rate moving 
average refers to the average bed temperature heating rate with a period of 20.  

At this point it should be mentioned, that when the set point for a burner is reached, the burners 

switches off. According to the temperature hysteresis selected, which in this case is 1 oC for the bottom 

burner and 5 oC for the top one, the burner will switch on and off. As it is shown in Figure C.6, when 

this set point is reached and as long as the average temperature does not fall below 849 oC, the burner 

(bottom) will not turn back on. As a result, the temperature in the actual fluidization area (TC01 – 

TC03) is maintained due to the exothermicity of combustion. However, the temperature for the two 

thermocouples above is dropping, since the burner is now off. In any case, the target, which was to 

reach the certain temperature for the initiation of steam gasification is reached this way. After this 

point and some minutes of the stabilization and preparation, steam was fed into the system. As can 

be seen in  Figure C.7 and the first two regions, the behaviour of the system during warming up is fairly 

repeatable for the different experiments, so the remarks made here can be generalised for all the 

experiments conducted. 
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Figure C.7: Temperature profile of the IHBFBSR bed zone (thermocouples: TC01-TC05) for a low temperature (LT) 

steam gasification experiment with ExR as a feedstock and corundum F046 as bed material. The heating rate moving 
average refers to the average bed temperature heating rate with a period of 20. 

Figure C.6 and Figure C.7, provide the opportunity for a direct comparison of a HT and a LT 

experiment in terms of the temperatures in the bed area. Starting from the same initial point, namely 

an average temperature of 850 oC, the switch from combustion to steam gasification mode was 

performed. For the HT experiment (Figure C.6), the incoming 22 kg/h air flow was substituted initially 

with 13 kg/h (λ = 0.23) of air plus 10 kg/h of steam. The air input was later changed to 11 kg/h (λ = 

0.196). In the case of the LT experiment, combustion air was substituted with 1.9 kg/h (λ = 0.04) of air 

plus 8.6 kg/h of steam. As mentioned before, the combustion part of the experiment is always 

performed with a PG or ExR feed of 4 kg/h, corresponding to a λ = 1. For the gasification phase and 

the two experiments presented in Figure C.6 (HT) and Figure C.7 (LT), the biomass feed (ExR) was 10 

kg/h and 8 kg/h respectively. These values correspond to a STBR of approximately 1.2 for both cases. 

It should be mentioned that the combination of 8 kg/h feed and λ = 0.04, corresponded to the lower 

limit of the system. This means, that this was the minimum amount of ExR feed and the minimum 

amount of air that were required to maintain a bed temperature above 700 oC.  

It is interesting to note the differences in the heating behaviour between the two systems for the 

respective gasification regimes, starting with the bed height, as it is observed through the 

thermocouples values. In the case of the HT experiment, which corresponds to the higher total 

fluidization flow (Figure C.6), TC03 is part of the actual bed zone, something that is not the case in the 

LT experiment (Figure C.7). In the LT experiment, the reduction of the total air flow led to the reduction 

of the bed height. In the HT case, even the incremental increase in terms of total flow compared to 

the combustion interval, led to an increase in the bed height as it is evident by the similar values of 

TC01 – TC03. On the contrary, for the LT case, TC03 was outside the bed area initially, as the actual 

bed temperature (TC01 – TC02) was dropping. As mentioned earlier, the employment of the different 

lambdas (λ), leads to different operational temperatures throughout the system, due to the varying 

degree of char and/or biomass oxidation reactions. This reduction of the extent of oxidation reactions 
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in the case of the LT (and thus low λ), leads however to increased char accumulation in the bed. That 

is evident by the fact that in Figure C.7, the value of TC03 over time becomes equal to the TC01 – TC02 

values. Without the addition of more bed material or the increase of the flow rate due to an 

operational intervention or through the increase of the produced gas amount somehow, char 

accumulation in the bed area is the only plausible reason for the observed behaviour. The char 

accumulated in the bed after a certain gasification interval becomes part of the reactor’s solid 

inventory. Of course, it is being consumed at the same time by gasification and oxidation reactions, 

but it is also being replenished by the continuous biomass feed and subsequent char production. This 

particular phenomenon, as well as its effect on the produced syngas is going to be discussed in a later 

section. In this section, its effect is discussed only in terms of its effect on the system’s operation. It 

can be argued that char is also accumulated at HT experiments, which is the case of course. 

Nevertheless, the increased air presence, leads to lower amounts of it compared to the LT 

experiments. Furthermore, as it has been shown in the discussion for the heating behaviour for the 

other operational regimes, it is often the case that TC03, falls in and out of the actual bed area. This is 

because the distance between the stationary bed height (~0.6 m for 75 kg of F046) and TC03 is only 

0.07 m. For the HT experiments, TC03 is as mentioned before, barely in the actual bed area and its 

distance from TC04 is 0.15 m. Therefore, with the lower degree of char accumulation, it is difficult to 

see its effect on the system, at least through this approach. Finally, it should be added that the amount 

of char recovered from LT experiments was significantly higher compared to the HT cases as it will be 

discussed in following sections.  

At this point, it is important to explain the reason behind the employment of 13 kg/h of air for the 

initial gasification stage in the case of the HT experiment presented in Figure C.6, since later the flow 

is reduced to 11 kg/h. This particular experiment concerns the gasification of ExR, as mentioned 

before. The goal was to perform the ExR gasification experiments with similar STBR and lambda as 

with the PG experiments that were conducted earlier. Such an experiment with PG is presented in 

Figure C.8 and the differences with the ExR experiment in Figure C.6 are minimal for what the two 

initial warming up regions are concerned. The differences were observed with the initiation of 

steam/air gasification. Namely, in the case of the PG experiment (Figure C.8), the average temperature 

of TC01 – TC03 dropped to 813 oC before stabilizing at roughly 833 oC after 60 min. For the ExR 

experiment (Figure C.6), the average temperature of TC01 – TC03 fell initially from 830 oC below 810 
oC within 2 min since the switch to air/steam gasification. This steep drop led to the decision, at this 

particular moment, to increase the air supply to 13 kg/h in order to maintain an overall actual bed 

temperature comparable to the PG experiment. Thereafter, the drop continued until 800 oC, for 

roughly 15 min. After this point, the TC01 – TC03 average temperature started increasing until the 

desired point (between 830 and 840 oC) for roughly 120 min, when the amount of air was set again at 

11 kg/h. To explain this difference noted between the two biomass feedstocks one can look at their 

compositional characteristics (Table 5.1). Even though the LHV values are slightly higher for PG (19 

MJ/kg versus 19.5 MJ/kg), the difference between the values is too small. On the contrary, the much 

lower fixed carbon content of ExR (15 wt % versus 20 wt %), can presumably lead to less char 

formation, mainly from the initial pyrolysis part of the gasification process. The subsequent, char 

oxidation is assumed to be the main reason for maintaining the desired gasification temperature, since 

the LHV of biomass char is in general much higher compared to the parent biomass [5].  
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Figure C.8 Temperature profile of the IHBFBSR bed zone (thermocouples: TC01-TC05) for a high temperature (HT) 

steam gasification experiment with PG as a feedstock and corundum F046 as bed material. The heating rate moving 
average refers to the average bed temperature heating rate with a period of 20. 

The values from the thermocouples located at the freeboard part of the setup are of course very 

significant in the overall process. However, their behaviour depends on significantly less factors than 

the corresponding bed area thermocouples. In particular, since the O2 supplied with air is mostly 

consumed by the time the total flow reaches this part of the system and the rest of the cracking and 

reforming reactions taking place are endothermic, the temperature of this area is mainly influenced 

by the top radiant tube burner. However, the fact that oxidative reactions take place in the bed zone, 

alone with the fact that the bottom burner has a higher capacity (20 kW versus 12 kW), leads to higher 

temperatures in the thermocouples TC04 and TC05 compared to TC06 and TC07. As a result, the flow 

incoming to the TC06-7 area also heats up this part of the reactor, with TC05 consistently presenting 

the higher temperature in the reactor. This argument is further backed by the values in Table C.1, 

which show that the temperature of the burner increases as we move towards its tip. Conclusively, 

the top part of the reactor is heated from the top burner and the incoming flow from the bottom. 

However, this is mostly the case in HT experiments, since in LT experiments the temperature of the 

bed area is significantly lower than the one that can be achieved in the top part with only the burner 

contributing. Thus, this part of the heating process of the freeboard is no longer valid. This leads to 

significantly lower temperatures throughout the system, top part included, with TC06 becoming the 

highest temperature point of the reactor. As mentioned in the description of the setup, there is also 

the possibility of feeding air on the top part of the reactor (approximately 1.5 m higher than the 

distributor plate, just below TC06). Such secondary air injection can lead to higher temperatures and 

thus significant tar reduction and it is considered as a valid gasifier modification for tar reduction from 

the literature [6]. The effect of air injection on the composition of the product gas and the final tar 

yield will be further analysed on the experimental results section. However, in the context of the 

present analysis, it can be mentioned that the exothermal oxidation reaction that occur lead to 

significant increase of the local temperature. It should also be mentioned that this measure was 
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applied only for the case of LT and thus ExR experiments, which facilitate the investigation of this 

process effect due to the low temperatures employed. All the different behaviours of the freeboard 

area encountered in this specific experimental campaign are depicted in the two graphs of Figure C.9. 

 

 
Figure C.9: Temperature profile of the freeboard zone of the IHBFBSR (TC06 – TC07) for a high (HT) and a low (LT) 

temperature steam gasification experiment with ExR and a HT with PG as a feedstock and corundum F046 as bed material 
(left) with STBR = 1.2. On the right, again the temperature profile of the freeboard zone of the IHBFBSR (TC06 – TC07) for 

LT experiments in which various amounts of secondary air were injected (0, 4 and 8 kg/h) with ExR as a feedstock and 
corundum F046 as bed material under λ = 0.04 and STBR = 1.2. The LT experiment on the left is the same as the 0 kg/h one 

on the right. 

Overall, it can be concluded by studying Figure C.9 that the warming up regions behaviour leads 

to the same results for all the different experiments presented. At this point it should be reminded 

that the top burner set point is 850 oC (controlled by TC06) and its hysteresis ± 5 oC. The differences 

between the experiments in terms of the duration of each stage, which was not specifically set, do not 

allow a comparison based on time. Nevertheless, for all the experiments with ExR the temperature of 

the two thermocouples arrived at similar values before the initiation of gasification (approximately 

815 oC for TC06 and 780 oC for TC07). For PG the corresponding values were significantly higher, 

namely 836 oC for TC06 and 810 oC for TC07. For both feedstocks though, the same pattern was noted, 

with the switching from the initial warming up stage to the combustion one, leading to a significant 

increase of the heating rate. This is attributed to both the heat produced from the combustion and 

the reduction of the total flow as it was discussed in the previous paragraph. However, in continuation 

of the previous remark about the TC06 and TC07 peak values from warming up for ExR and PG, it is 

interesting to note the shape of their temperature profile in steady state gasification conditions. For 

the HT experiments with PG, the burner switches on and off, which means that the designated 

temperature for TC06 was exceeded for 5 oC and subsequently went below 845 oC. Despite the fact 

that for the ExR – HT experiments the temperature was similar on average, the burner remains 

continuously on. This is perhaps a minor difference, however it is consistent with the previously 

mentioned difficulty of achieving the required bed temperature for the ExR experiments which led to 

the increase of the air flow for the first part of the gasification stage. Furthermore, regarding the HT 

and LT – ExR experiments, the main differences are again apparent at the tail of the graphs were the 

difference in terms of the average temperature achieved is approximately 40 oC for both TC06 and 

TC07. In the graph on the right of Figure C.9 though, it can be readily observed that the injection of 

even 4 kg/h of air in the freeboard is enough to push the TC values towards their maximum achievable 

set points. With the further increase of the flow rate to 8 kg/h, the burner starts to switch on and off, 

which indicates the ease with which the set point is reached. The frequency of the temperature 

oscillations caused by the on/off operation of the burner, is indicative of this ease and can be 

favourably compared to the HT – PG case depicted on the left of Figure C.9.   
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Finally, another operational parameter that should be discussed, despite not being controlled 

directly by the operators, is pressure. The pressure of the system can be measured in terms of the 

pressure differential as described in Figure C.3, since the four pressure gauges installed allow the 

recording of the pressure drop over the distributor plate, the bed zone and the freeboard. The 

pressure is also recorded at the system’s exit, right after the second cyclone. This value, however, is 

highly dependent on the condition of the flare line in general. In particular, the flare line of the 

IHBFBSR setup is several meters long since it has to reach a certain point outside the building where 

the product gas can be safely combusted by the flame. Before this flame, a flame-retardant mesh is 

placed which helps with the trapping of tar and char particles that could damage the equipment 

downstream. However, this mesh remains open in certain percentages according to the level of 

impurities collected, causing significant variations in the pressure of the system. Even though this 

mesh is cleaned on a regular basis, it is difficult to assess its condition after one or two experiments. 

This particular characteristic of the setup does not allow the direct comparison of the pressure values 

obtained from the various experiments. Regarding singular experiments however, some interesting 

observations can be extracted, in particular from the differential pressure readings. These 

observations, that will be discussed in the following paragraph, were consistent among the different 

experiments as trends rather than as pure values.  

In Figure C.10, an example of the behaviour of the pressure drop over the system is presented. 

From this figure, it can be readily observed, that the pressure drop over the freeboard is constantly 

zero as expected, since no obstructions to the flow are encountered in this region of the reactor. The 

largest pressured drop initially, is observed for the distributor plate. That can be explained by the 

presence of the bed material, which prior the fluidization rests on top of the plate. The introduction 

of air and N2 initially, lead to a steep increase of the pressure drop over the distributor plate and to a 

less degree over the bed area. At this stage, the passing fluids (air and N2) percolate through the void 

spaces between the stationary bed material particles and the whole system is essentially a fixed bed. 

When the minimum fluidization velocity is reached for a specific set of conditions, the pressure drop 

decreases immediately, since after this point, the fluidization of the bed material allows for the easier 

passage of the gases. This initial drop in the pressure difference over the distributor plate, coincided 

for all the experiments conducted with the thermocouple readings of the actual bed area coming 

together as described for Figure C.6. Afterwards, the pressure drop over the distributor plate increases 

along with temperature as the reactor is heating up, before dropping to much lower values with the 

reduction of the total flow for the combustion stage. From that it becomes obvious, that the main 

reason for this high pressure drop after fluidization is the distributor plate itself and the tuyeres 

employed, rather than the bed material itself. After this point the pressure drop over the distributor 

plate becomes similar to the one over the bed area, albeit a little lower. Switching to the various steam 

and air combinations, did not appear to have significant effect on the pressure drops, as long as the 

total amount of flow introduced remained similar. Finally, as it can be derived from the interval directly 

after the initiation of fluidization, the magnitude of the oscillations of the readings increases slightly 

with time and thus intensification of fluidization. This stands for both the distributor plate and the bed 

area pressure differentials.  
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Figure C.10: Differential pressure drops over the distributor plate, the bed area and the freeboard during a HT steam 

gasification experiment with ExR as a feedstock and corundum F046 as bed material. 

In Figure C.11 and Figure C.10, two LT experiments with and without secondary air injection are 

presented. The reason was to illustrate the similarities between experiments performed under similar 

conditions. Firstly, it should be mentioned that, as it was expected, secondary air injection did not 

influence the differential pressure readings. Regarding the distributor plate pressure differential one 

interesting remark can be made, however. The switch from combustion (22 kg/h of air) to steam 

gasification (1.9 kg/h of air and 8.6 kg/h of steam) mode is denoted by the green and the black dashed 

lines for the 0 and 8 kg/h air injection experiments respectively. Through pure chance, the switching 

from the initial warming up part to the combustion one, coincided for the two experiments in terms 

of time, and it is thus denoted by the red dashed line. At around 107 min, a very big drop of the 

distributor plate pressure differential is noted for the 8 kg/h secondary air experiment. This drop did 

not coincide with any other external or internal events in the system. This drop was followed by the 

expected drop after the reduction of the total flow through switching to the steam gasification regime. 

Additionally, a similar observation can be made for the 0 kg/h secondary air experiment. In particular, 

after switching to the combustion mode, the pressure differential dropped to approximately 68 mbar, 

which is higher as a value compared to the 8 kg/h experiment. In principle the pressure differential 

between the two experiments should be the same since the exact same operational parameters are 

employed. At 220 min however, a drop on the differential pressure values is also noted for the 0 kg/h 

experiment, again with no other event coinciding. As it can be deduced from Figure C.11, the two 

experiments are exact duplicates in terms of both the differential pressures examined after these two 

sudden drops. This particular behaviour, since it is limited to the distributor plate, can be attributed 

to blocked tuyeres. Bed material particles, can block some of the tuyeres of the distributor plate which 
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are later unblocked at random moments, causing the observed pressure differential drop in the 

distributor plate. However, as it was evident in Figure C.10, these blockages do not occur for every 

experiment. Finally, it can be concluded that the behaviour of the LT experiments is similar to the one 

described for the HT experiments in Figure C.10. 

 

 
Figure C.11: Differential pressure drops over the distributor plate and the bed area during two LT steam gasification 

experiments with different amounts of secondary air injected (0 and 8 kg/h). ExR was employed as a feedstock and 
corundum F046 as the bed material. The red dotted line denotes the time were combustion was initiated for both 

experiments. The initiation of the steam gasification regime is marked with the green and the black line for the 0 kg/h and 
8 kg/h experiments respectively. 

As was presented with the use of the previous graphs, the behaviour of the differential pressure 

build-up throughout the system, is consistent between the various experiments and only subject to 

major differentiations in terms of the total flow introduced to the system. Therefore, a final factor 

that needs to be examined in terms of its effect on the pressure differential in the system, is the bed 

material employed, in terms of total amount and particle size. The total amount of bed material 

certainly influences directly the pressure differential of the bed, however in the context of the present 

work this parameter was not changed. However, from preliminary experiments that were conducted 

and are not presented here for brevity, it was shown that, as it is expected, the increase of the amount 

of bed material introduced, leads to a higher pressure differential in the bed area. In regard to the 

distributor plate, increasing amount of bed material leads to a decreasing pressure differential, but to 

a lesser extent than the bed area. These findings can explain the behaviour noted at the tail of Figure 

C.12, where a slow but steady increase of the bed area differential pressure and a similar decrease of 

the distributor plate differential pressure is noted. Such an observation is not possible for HT 

experiments as it is also evident in Figure C.11. Therefore, this particular observation can be linked to 

the aforementioned char accumulation in the bed area. For the LT experiments the less degree of 
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oxidation reactions due to the lower amounts of air introduced, leads to higher char amounts in the 

bed area compared to the HT experiments. Conclusively, it can be argued that the increasing bed 

inventory through char accumulation for the LT experiments leads to this particular behaviour of the 

differential pressures of the system.  

 
Figure C.12: Differential pressure drops over the distributor plate and the bed area during LT (left) and HT (right) 

steam gasification experiments with corundum F054 and F046 used as bed material. ExR (left) and PG (right) was used as 
feedstock for the LT and HT respectively.  

In regard to the effect of the bed material particle size, the differences between the two particle 

sizes in terms of the bed area and distributor plate differential pressure are presented in Figure C.12 

for both HT and LT experiments. As it can be readily observed, the most important remarks regard the 

mostly steady steam gasification region approximately after 250 min for both the graphs on the right 

and left. Observations regarding the switching between regimes and the char accumulation for LT 

experiments that are noted here, were discussed in the previous paragraphs and are therefore 

omitted here. For the LT experiments the average pressure drop over the distributor plate after 250 

min was 45 mbar and 47 mbar for F054 and F046 respectively. The corresponding pressured drops for 

the bed area were 57 mbar for F054 and 53 mbar for F046. For the HT experiments the results were 

somewhat similar. In particular, the average pressure drop over the distributor plate after 250 min 

was 46 mbar for F054 and 48 mbar for F046, while the corresponding values for the bed area were 58 

mbar and 51 mbar. In an initial minor remark, it should be mentioned, that the HT and LT experiments 

present very similar behaviours, also in terms of numerical results, except for the effect of char 

accumulation. This is despite the fact that HT experiments with PG and LT experiments with ExR were 

used. Concerning, the bed particle size comparison, it was proven consistently that with larger particle 

sizes (F054<F046), lower pressure drops over the bed area are expected. This behaviour is consistent 

also with fluidization theory, since though Ergun’s equation, the frictional pressure drop has a negative 
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relationship with particle size [4]. The opposite was observed for the distributor plate pressure drop 

but at a lower extent.  

Overall, the experimental procedure followed for each experiment is summarised in the following 

bullet points. It should be mentioned that this is a generalization of the process, since significant 

differences exist between each experiment as discussed in the previous paragraphs.  

 

▪ The bed material (corundum F046 or F054) was inserted from a flange located on the top of 

the reactor. In the context of the present work, 75 kg were used for each experiment. 

▪ Air (22 kg/h) and N2 (30 kg/h) start being fed in the reactor. 

▪ Preheaters are turned on. The set points are 150 oC and 650 oC for the first and the second 

one respectively. 

▪ The cyclone automatic system is turned on. This practically means that every four minutes the 

cyclones are emptied through an automatic valve system. 

▪ The flare line tracing and the actual flare are turned on. This regards the part of the product 

gas line downstream the cyclones. 

▪ The main feeder is initiated at 100 %, although no biomass is being fed yet. This is done in 

order to avoid bed material accumulating at the front part of the screw. This way blockages 

can be avoided. 

▪ Both burners are turned on, with the set point temperature at 850 oC. 

▪ The tracing of the gas sampling system is turned on.  

▪ When the heating rate of the system drops and the temperatures start to stagnate (usually 

around 550 oC), combustion mode is initiated. For both PG and ExR, the biomass feeder is set 

at 11 % (corresponds to 4 kg/h of feed) and N2 flow is set to zero. Air is kept at 22 kg/h. At this 

point it should be clarified that the main feeder considers feeding material from the main 

bunker (SB05) to the reactor bed area. The biomass feeder feeds from the biomass bunker 

(SB03) to the main bunker (SB05). 

▪ It should be mentioned at this point, that biomass is fed at a one 20 kg bag per time rate on 

SB01, which is a funnel and subsequently to SB02 bunker. The whole bunker system is 

pressurized from and including bunker SB02. A sensor placed on the main bunker (SB05) 

notifies the operator with a red light when the total amount of biomass in the bunker is getting 

low. In practice, for ExR and PG feeds this corresponds to approximately 3 kg of biomass. 

▪ After this point gas analysis is also started. That concerns the O2 detector and the NDIR which 

are measuring gas composition online, as well as the u-GC which has a delay of 4 min as 

described earlier. Minor supervision of the sampling line is required, since the amount of tar 

produced is minimal in this stage (combustion). 

▪ When the set point for the bottom burner is reached, meaning the average (TC01 – TC05) bed 

temperature becomes 850 oC, the cyclone bins are emptied. This is done in attempt to 

separate the ash and char particles produced during the combustion phase from the 

subsequent gasification one. In practice however, part of the ash that is on the cyclone main 

body is not removed at this point. This is a certain limitation for the system, mostly in the 

determination of the final ash yield but also for the amount of char that is collected through 

this process. This particular effect is mitigated through the use of low ash content biomass 

such as PG and ExR. Furthermore, the amount of char produced through the combustion 

process can be considered as negligible. 
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▪ At the same time, the CERTUSS boiler is turned on. Approximately 15 min are required for the 

boiler to warm up and build up the required pressure to be ready to supply the steam. 

▪ When the above steps are completed, gasification may be initiated. Steam and air are supplied 

to the system according to the STBR and λ required. The biomass feeder is set to the required 

percentage. The amount of biomass fed to the reactor is actually controlled through the 

biomass feeder, since the main feeder is operating constantly at 100 %. The biomass feeder is 

calibrated prior to the conduction of each experimental campaign employing a new type of 

feedstock. 

▪ Since steam gasification is initiated, the goal is to achieve steady state operation. This 

practically means that the temperature throughout the reactor stabilizes, as well as the values 

obtained from the u-GC regarding the gas composition. When steady state is achieved, tar 

sampling using the tar protocol is initiated. According to this protocol, tar sampling should be 

performed for at least 30 min with a gas flow rate between 0.1 and 0.6 Nm3/h. The latter is 

monitored through a gas meter placed downstream the impinger bottles. Practically, the 

duration of the sampling depended on the amount of tar produced as a result of the 

experimental conditions employed. For experiments with high amounts of tar produced, the 

tar sampling system had to be unblocked, so the process might be interrupted. In particular, 

even though gas is sampled downstream the cyclones, it was observed that char particles, 

along with tars, blocked the frit of the impinger bottles. In this case, tar sampling was paused 

and the blocked frits were replaced. In any case, especially for LT experiments, constant 

monitoring of the tar sampling system was required. Of course, multiple samplings can be 

performed during an experiment. For example, in the LT experiments, tar sampling was also 

performed in the start of gasification mode. 

▪ The gas sampling system is in operation since the start of the gasification process, to monitor 

the produced syngas. This can also serve as an indication of the performance of the system. 

During the experiment, the operators monitor the CO and CO2 values from the NDIR, the O2 

levels from the O2 detector and the H2 and CH4 values from the u-GC. For example, very low 

levels of H2 are expected during the combustion process, where mostly CO2 and to a lesser 

extent CO are produced. Furthermore, the O2 value can serve as an indicator on whether 

stoichiometric combustion is achieved during that stage. During the gasification stage, the 

values of those gases are also monitored and the quality of the sampling is evaluated 

according to the expectations from the respective experimental conditions. In particular 

regarding the O2 though, its detection during the gasification interval can be either due to an 

excess amount of secondary air or due to blockages/leakages in the gas sampling system. The 

latter is the most common reason for the detection of O2. If there is severe blockage in a 

certain point of the gas sampling train the flow will be interrupted and that will be immediately 

obvious from all the measurements. However, the present of smaller blockages, can allow part 

of the flow to pass by. However, due to the pressure increase downstream the blockage, 

atmospheric air is sucked into the sampling system through tiny holes in the tubing, impinger 

caps, etc.  

▪ After the finalization of the experiment, the reactor is shut down and cooling down is initiated. 

That includes turning of both preheaters, both burners and the gas sampling tracing. The flare 

and the corresponding line tracing stay open a little longer, since reactions continue to take 

place in the reactor where biomass char is still present. The biomass feeder is also turned off, 

with the main feeder remaining open a little longer, to ensure that the main bunker (SB05) is 
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completely empty. To preserve the char in the reactor for weighing and future analysis, only 

N2 is fed in the reactor at its maximum amount. This way oxidation reactions can be avoided. 

Oxidation reactions would firstly consume the char and secondly lead to an increase of the 

reactor’s temperature. Secondary air however is employed to expedite the cooling down of 

the freeboard. The N2 flow is maintained at high levels until the bed area temperatures fall 

below 500 oC at least. After this point, the N2 flow is reduced to 5 kg/h and is kept constant 

overnight. The automatic cyclone cleaning system also operates overnight to ensure that the 

cyclones are emptied.  

▪ The tar samples from the tar protocol(s) measurements performed are collected in bottles 

and refrigerated at ~5 oC. Two samples of each tar protocol are taken in HPLC vials for the 

subsequent tar analysis (GC-FID) and Karl Fischer titration. 

▪ When the bed temperature falls below 50 oC, which is something that happens overnight, the 

bed material can be removed from the reactor. This is done through a flange located roughly 

at the height of the feeder, approximately 90o from it.  

▪ The bed material is collected and subsequently sieved to separate the bed material from the 

larger char particles. This is done with the use of a 500 or 600 μm sieve, depending on the bed 

material used, in combination with a Retsch AS300 sieve shaker. The char is weighed and 

stored, while the bed material is also weighed and five samples from it are introduced in a 

muffle furnace (Nabetherm 30). In the muffle furnace, the bed material samples are 

combusted at 600 oC for 4 h, under an air environment. This process is performed as many 

times as required in order to achieve a constant weight (±0.3 mg). The difference in weight is 

assumed to correspond to the amount of smaller char particles that remained in the bed from 

the sieving process. The combustion process is also performed for the material removed from 

the cyclones, which contains both ashes and char particles. Through these three processes, 

the char yield and therefore also the ash yield, of each experiment is determined.  
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D. Appendix - Two phase modelling of 

Geldart B particles in the IHBFBSR 
 

Table D.1: Ansys Fluent species property settings 

Parameter Input 

Air 
Phase type Eulerian 

Density Ideal Gas Law 
Viscosity Kinetic Theory 

Molecular Weight (kg/kmol) 28.966 
Corundum 

Phase type Granular 
Density 3950 

Bulk density (kg/m3) 1636 
Particle diameter 543 μm 

Granular temperature model PDE 
Granular viscosity Syamlal O’Brien 

Granular bulk viscosity Lun et. al [1] (kg/ms) 
Granular conductivity Syamlal O’Brien 

Solids pressure Lun et. al [1] 
Elasticity modulus Derived 

Packing limit (-) 0.4141 
Wall 

Fluent database Default settings 
Roughness constant (-) 0.5 

Granular condition Johnson – Jackson 
Wall restitution coefficient (-) 0.2 

 
Table D.2: Ansys Fluent simulations settings 

Parameter Input 

Model TFM 
Volume fraction parameter formulation Implicit 

Simulation dimension 3D 
Drag model Adjusted Syamlal 

Restitution coefficient 0.8 – 0.99  
Convergence continuity 10-4 

Convergence (remaining) Default 
Turbulence model settings 

K – epsilon model Realizable 
Near – wall treatment Standard wall functions 

Turbulence multiphase model Mixture 
Model constants Default 

Run conditions 
Grid size Variable 

Time steps Variable 
Max iterations 2000 – 3000  
Data frequency  Variable 
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Table D.3: Pressure drop over the bed (dp) (mean, maximum and minimum) and dominant frequency values 

calculated between 1 and 3 s of the simulation and bed height (from 2.5 to 3.5 s) for the mesh density/CFL combinations 
used in the independence tests without side-flow. 

Mesh 
size 

CFL 
Mean dp 
(mbar) 

Max dp 
(mbar) 

Min dp 
(mbar) 

Dominant 
frequency (Hz) 

Bed height 
(m) 

30×dp 0.2 67.3 72.7 61.7 4.5 0.79 

30×dp 0.4 67.8 71.0 63.3 4.5 0.83 

20×dp 0.2 66.1 85.2 45.3 3.7 0.74 

20×dp 0.4 64.6 73.3 57.8 4.6 0.76 

15×dp 0.2 64.4 86.9 49.2 4.0 0.71 

15×dp 0.4 65.0 76.1 51.3 3.1 0.72 

Experimental 55.0 60.7 46.7 n.a. 0.67-0.82 
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