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Summary
One of the greatest concerns of this century is climate change due to rising greenhouse gas emissions.
The ammonia industry is responsible for 1.4% of the global CO2 emissions, thereby having a negative
climate impact. However, ammonia is an essential ingredient in nitrogen fertilisers and is also consid
ered as a potential energy carrier. Ammonia is currently produced in the energy intensive HaberBosch
process, where natural gas, coal or oil are used as the hydrogen and energy source. For these reasons,
it is necessary to investigate more sustainable alternatives. One of the alternatives is electrochemi
cal ammonia synthesis, where ammonia is formed out of nitrogen and water, and renewable energy
sources fuel the process.

The goal of this thesis is to give insight into the required performance metrics of the electrolyser and
its production process in order for this technology to become technologically feasible and competitive
with a HaberBosch process. This is done by investigating different options for the pretreatment, elec
trochemical ammonia synthesis and separation steps, and comparing their energy requirements. The
final product of this thesis is a process design for an electrochemical ammonia synthesis plant with a
production capacity of 1,500 tonnes per day. Cryogenic distillation and pressure swing adsorption are
researched and modeled as nitrogen generators. An adsorption column for the pressure swing adsorp
tion unit is modeled in Matlab, while Aspen is used for modeling of the distillation column. Subsequently,
an alkaline and a proton exchange membrane electrolyser are considered as ammonia synthesisers.
The electrochemical cells are modeled as black boxes, operating at 353 K and 1 bar and 30 bar re
spectively. Next, a distillation column and a flash drum are modeled in Aspen as ammonia separators.
Finally, four different process diagrams are created, two that are based on an alkaline electrolyser
and two based on a proton exchange membrane electrolyser. Their overall energy consumptions are
analysed and for both types of electrolysers the most optimal route for ammonia production is found.

The results of this thesis point out that cryogenic distillation is preferred over adsorption for the
generation of nitrogen, with an energy consumption of 0.56 kWh ⋅ kg−1N2 for compression, cooling and
distillation. Adsorption can be competitive with cryogenic distillation when the nitrogen recovery rate is
increased, or at lower production capacities. In a reasonable case for future electrolysers, operating
at a cell voltage of 1.77 V and a Faradaic efficiency of 100%, the energy consumption for an alkaline
electrolyser amounts to 12.00 kWh ⋅ kg−1NH3 and to 11.95 kWh ⋅ kg−1NH3 for a proton exchange membrane
electrolyser. A distillation column was considered as utility for the separation of ammonia from the KOH
solute product stream from an alkaline electrolyser. For the cathodic product stream from a proton ex
change membrane electrolyser, containing only ammonia, hydrogen and nitrogen, flash separation
was determined to be the best separation technology. For both separation options, it was found that
an ammonia concentration of at least 10 mol% in the cell’s product stream is required for an efficient
separation. Ultimately, with electrolysers operating at 1.77 V and a Faradaic efficiency of 70%, the total
energy consumption of an alkaline based process is equal to 17.30 kWh ⋅ kg−1NH3 and 15.45 kWh ⋅ kg−1NH3
for a proton exchange membrane based process, with overall energy efficiencies of 30% and 33% re
spectively. Based on the energy consumption of their respective pretreatment and separation steps,
a proton exchange membrane electrolyser is favoured over an alkaline electrolyser. In order for an
alkaline based process to be advantageous, its electrochemical cell should consume at least 1.80
kWh ⋅ kg−1NH3 less than a proton exchange membrane electrolyser. Finally, currently it is not possible for
AEL or PEMEL based ammonia synthesis processes to be competitive with the HaberBosch produc
tion process in terms of energy consumption. However, with Faradaic efficiencies of 100% and minimal
overpotentials, a PEMEL based process does come close to reaching this objective.
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𝐸0𝑐𝑒𝑙𝑙 Standard equilibrium cell potential V
𝐸𝑒𝑙 Electrical energy consumption electrolyser J · kg−1NH3
𝐸𝑒𝑞 Equilibrium potential V
Δ𝐸𝑒𝑞 Equilibrium cell potential difference V
𝐸𝑝−𝑡 Energy consumption pretreatment step J · kg−1NH3
𝐸𝑠𝑒𝑝 Energy consumption separation step J · kg−1NH3
𝐸𝑡ℎ Thermoneutral potential V
𝐹 Faraday constant = 96485 C ·mol−1
𝐹𝐸 Faradaic efficiency %
Δ𝐺0 Gibbs free energy of formation J ·mol−1
𝐻 Enthalpy J ·mol−1
𝐼 Applied current A
𝑛 Electron transfer number 
𝑚 Mass flow rate kg · s−1
𝑀 Molarity mol · L−1
𝑀𝑖 Molar mass of component 𝑖 g ·mol−1
𝑝 Pressure bar
𝑃𝑐𝑒𝑙𝑙 Power consumption cell W
𝑞𝑖 Adsorbed concentration of component 𝑖 mol ·m−3

𝑞∗𝑖 Equilibrium adsorption concentration of component 𝑖 mol ·m−3

𝑅 Universal gas constant = 8.314 J · K−1 ·mol−1
𝑟𝐻2 Reaction rate hydrogen mol · s−1
𝑟𝑁𝐻3 Reaction rate ammonia mol · s−1
𝑡 Time s
𝑇 Temperature K
𝑣 Gas flow velocity m · s−1
𝑉 Volumetric flow rate m3 · s−1
𝑥𝑖 Mole fraction of component 𝑖 
𝑧 Length along the adsorption column m
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Introduction

1.1. Motivation
The rapid changes in the global climate have become a prevailing concern of mankind. Climate change
includes changes in temperature, precipitation and a rise in sea levels, that consequently lead to ex
treme droughts, floods, storms and so on [87]. These prevailing concerns are reflected in the Paris
Agreement, where goals are set and obligations are imposed to its participating countries to keep this
change minimised. The most important and wellknown goal of the Paris Agreement is to keep the
global average temperature to well below 2 oC above preindustrial levels and to pursue efforts to limit
this increase to 1.5 oC [83].

The steady rise in atmospheric carbon dioxide concentration over the past years has led to the
acceleration of global warming and climate change [86]. Therefore, it is essential to limit carbon dioxide
emissions. This requires either a significant drop in energy use or a change in how we harvest, produce
and use energy. Transportation, electricity production and industry are the three largest sources of
carbon dioxide emissions [84]. Numerous innovations are currently researched and implemented to
reduce carbon dioxide emissions in various fields. One of the industries in which a significant amount
of reduction in emissions is possible is the ammonia industry. At room temperature and pressure,
ammonia is a gas, but it can be liquefied by increasing the pressure to around 10 bar or by cooling it to
around 240 K [49]. It is the fundamental ingredient in nitrogen fertilisers and, due to its easy liquefaction,
lower heating value of 18.6 MJ ⋅ kg−1 [73] and high hydrogen content, it is considered as a potential
energy carrier [43]. However, ammonia is currently produced in the energy intensive HaberBosch
process, which is responsible for 1.4% of the global carbon dioxide emissions [82]. A less energy
intensive and less carbon dioxide emitting alternative for the production of ammonia is thus necessary
to reach the goals stated in the Paris Agreement.

One of the emerging technologies for ammonia synthesis is via an electrochemical route. In elec
trochemical ammonia synthesis, ammonia is produced directly from water and nitrogen and is driven
by an electrochemical potential. This technology requires an electrical current, optimally derived from
renewable energy sources, nitrogen, obtained from atmospheric air, and water as a hydrogen source in
stead of fossil based resources, allowing a more sustainable production of ammonia. Current research
is focused on finding appropriate ion conductive materials and catalysts for electrochemical ammonia
synthesis [5, 28]. However, little research is done on the larger scale implications of this process. The
current work is therefore a process based analysis of electrochemical ammonia synthesis and aims
to give insight into the required performance metrics of the electrolyser in order for this technology to
become technologically feasible and competitive.

1
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1.2. The need for ammonia
The global annual demand for ammonia (NH3) was estimated to be 170 million tonnes in 2020, with
a growth of 1.5% per year since 2015 [22]. This large demand for ammonia and its growth rate are
caused largely by its use in the fertiliser industry. Ammonia is used in fertilisers since nitrogen, in the
form of ammonia, is an essential building block for the growth of crops. Due to the growing food de
mand, caused by a growing world population, the demand for ammonia will keep increasing rapidly.
Moreover, ammonia is used, for instance, as a refrigerant or for the manufacturing of chemicals. Be
sides, ammonia has the potential to act as an energy vector, where ammonia is used as an alternative
energy carrier [43].

In the HaberBosch process, currently the most used ammonia synthesis technology, nitrogen is
obtained from air, while hydrogen can be provided by a variety of sources, such as coal, oil or nat
ural gas. The negative value for the enthalpy of formation of ammonia from nitrogen and hydrogen
(Equation 1.1), indicates the exothermic behaviour of this reaction. However, due to the strong N≡N
triple bond in nitrogen, reduction without a catalyst is very difficult and even with a catalyst, a consid
erable amount of energy is required for the activation of this molecule. Therefore, the HaberBosch
process is carried out at temperatures of around 700 K. However, at these temperatures, the equilib
rium of the reaction (Equation 1.1) shifts all the way to the left. In order to shift the equilibrium towards
the right, the HaberBosch process is carried out at elevated pressures, favouring the production of
ammonia.

N2 + 3H2 ↔ 2NH3 Δ𝐻 = −92 kJ ·mol−1 (1.1)

A less emitting and more energy efficient alternative for the HaberBosch process is desirable. Elec
trochemical ammonia synthesis, where ammonia is electrochemically derived from water and nitrogen
(Equation 1.2), is suggested as an alternative technology. In electrolysis, an electric current is used to
drive an otherwise nonspontaneous reaction, assisted by a catalyst. Electrochemistry is believed to
be a viable technology for the carbonfree production of ammonia from renewable resources [40].

N2 + 3H2O ↔
2
3O2 + 2NH3 Δ𝐻 = 383 kJ ·mol−1 (1.2)

This thesis investigates the different options for pretreatment, electrochemical ammonia synthesis
and separation steps, and aims to find the most optimal route, in terms of energy consumption, for
producing ammonia. In addition, this thesis aims to formulate technological performance targets for
ammonia electrolysers. First, a literature review is carried out, which serves to understand the different
technologies. The literature review is concluded with the research questions. Next, the methods that
are used are discussed and choices for certain technologies are justified. Hereafter, the results from
the previous section are evaluated and this thesis ends with a discussion, recommendations and a
conclusion.
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2.1. Current and emerging technologies for ammonia synthesis
This section deals with the current and emerging technologies for ammonia synthesis: the Haber
Bosch process, the electrical HaberBosch process and electrochemical ammonia synthesis. Their
technologies, characteristics, advantages and disadvantages will be discussed here.

2.1.1. HaberBosch process
Today, 96% of ammonia is produced through the HaberBosch process [78]. Fossil fuels, such as nat
ural gas, coal and oil, provide the energy and hydrogen needed for the reactions. New ammonia plants
are almost exclusively based on natural gas (methane), therefore the process based on natural gas
will be elaborated in this section. The unit operations of the HaberBosch process will be discussed in
three separate parts, namely feed pretreatment, the core process, where hydrogen and subsequently
ammonia production take place, and product separation.

The three main feeds for the process are natural gas, steam and air. The pretreatment of natural
gas mainly consists of sulphur removal and the removal of other impurities that damage the Steam
Methane Reforming (SMR) catalyst. Next, steam is added to the natural gas to convert larger hydro
carbons to methane [79]. Conventionally, two SMR reactors consecutively convert methane to syngas
(a mixture of mainly hydrogen and carbon monoxide). In the second steam reformer, oxygen is used,
as will be shown later in this section. Later on in the process, nitrogen is needed for the formation
of ammonia. Therefore, air, which is rich in both nitrogen and oxygen, is injected before the second
steam reformer and little pretreatment is needed. When a single SMR reactor is used, an additional
air separation unit is required for the separation of nitrogen from air.

The core part of the process consists of two SMR reactors, a WaterGas Shift (WGS) reactor and
the HaberBosch reactor itself, as can be seen in Figure 2.1. In the first SMR reactor, syngas is formed
in the highly endothermic reaction of methane with steam (Equation 2.1). Additional natural gas is
burned to provide the necessary heat for this reaction.

CH4 + H2O −→ CO+ 3H2 Δ𝐻 = 206 kJ ⋅mol−1 (2.1)

In order to increase the hydrogen yield, unconverted methane reacts in a second SMR reactor. In
this case, air is injected as an oxygen source and as a nitrogen source for the ammonia synthesis
downstream. The second SMR reactor is autothermal because the feed stream is heated by the first
SMR reactor and the reaction is exothermic (Equation 2.2).

2CH4 +O2 −→ 2CO+ 4H2 Δ𝐻 = −71 kJ ⋅mol−1 (2.2)

The next step is the WGS reaction (WGSR). Additional steam is added and carbon monoxide is
converted to carbon dioxide and more hydrogen (Equation 2.3).

3
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Figure 2.1: Schematic diagram of the conventional HaberBosch process. Yellow lines: process gas, dark blue lines: wa
ter/steam, light blue lines: air, purple lines: ammonia. Reprinted from reference [78].

CO+ H2O −→ CO2 + H2 Δ𝐻 = −41 kJ ⋅mol−1 (2.3)

Subsequently, carbon dioxide is removed and the gas mixture is compressed and fed to the Haber
Bosch reactor, where nitrogen and hydrogen are converted into ammonia (Equation 1.1). The Haber
Bosch reactor typically operates at 1525 MPa and 675725 K [78]. These high temperatures have
an adverse effect on the formation of ammonia. Therefore the reaction typically takes place at ele
vated pressures, thereby favouring the formation of ammonia and increasing the singlepass conver
sion rates. However, the conversion rates are still low and a recycle is needed to increase the ammonia
production rate.

In conventional HaberBosch processes, ammonia is separated by condensation at temperatures
of around 248 K [8]. Unreacted hydrogen and nitrogen are compressed, reheated and recycled into
the ammonia synthesis loop.

Stoichiometrically, the HaberBosch process, including SMR and WGSR, emits 1.07 kgCO2 ⋅ kg−1NH3
(calculation can be found in Appendix A). The emissions are higher in reality and have been esti
mated to be 1.5 kgCO2 ⋅ kg−1NH3 [68]. Although this number has decreased since the introduction of this
technology and integrated carbon capture technologies are being developed [34], a process that is
independent of fossil fuels is highly desirable. Moreover, the HaberBosch process is an energy in
tensive process, that requires an energy input of 7.7  8.8 kWh ⋅ kg−1NH3 [20]. The lower heating value
(LHV) of a fuel is the total amount of heat that is liberated during the combustion of a fuel minus the
latent heat of vaporisation. In other words, the LHV is the amount of heat that is available when the fuel
is burned in an engine. With a LHV for ammonia of 5.17 kWh ⋅ kg−1NH3 [33], this indicates an average
energy efficiency of 62.67%.

2.1.2. Electrical HaberBosch process
Hydrogen, needed for ammonia synthesis, can be produced through different routes. In the classi
cal HaberBosch process, hydrogen is obtained from natural gas. However, hydrogen can also be
obtained, for instance, from conversion of biomass or through water electrolysis [58, 98]. The electri
cal HaberBosch process is based on the latter. Electricity, optimally derived from a renewable energy
source, is used to split water into oxygen and hydrogen. Hereafter, nitrogen is reacted with the obtained
hydrogen in a similar HaberBosch process as described before.

Using electricity from renewable energy sources decreases the carbon footprint of the ammonia
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production process (compared to a HaberBosch process with SMR). A wind energy powered elec
trical HaberBosch process is estimated to emit 0.12  0.53 kgCO2 ⋅ kg−1NH3 , where the carbon intensity
largely depends on the size of the wind turbine [78]. Also, energy losses are reduced due to a de
crease in compression losses and higher achieved product purity. This reduces the need for purge
and allows the possibility of powering the compressors more efficiently [78]. Although less heat inte
gration is possible, energy losses are decreased by 1.17 kWh [78], resulting in a required energy input
of 6.83 kWh ⋅ kg−1NH3 . However, the future of electrical HaberBosch processes will largely depend on
the electrolyser efficiency [78]. Moreover, installation and operation costs need to be reduced, while
reliability, durability and safety need to be increased.

If a fully sustainable process is desired, ammonia can only be produced when there is a surplus
of renewable energy. However, most renewable energy sources are nondispatchable and therefore
highly intermittent. This requires either flexibility in ammonia production, with high ramp rates, or hydro
gen or battery storage to ensure continuous ammonia production. The former is hard to realise due to
the inability of high pressure processes with extensive heat integration to operate outside steadystate,
while the latter leads to an increase in capital costs and asks for additional advancements in the con
sidered technology. In fact, battery storage is currently too expensive, thus hydrogen storage will be
needed to ensure continuous ammonia production during periods of renewable energy shortages [49].

2.1.3. Electrochemical ammonia synthesis
The last ammonia synthesis route that will be described in this section is inspired by the natural pro
cess where nitrogen from the atmosphere is reduced to ammonia under the presence of nitrogenase
enzymes. In electrochemical ammonia synthesis, a catalyst stimulates the reduction of nitrogen to
ammonia with the electrochemical potential as thermodynamic driving force. In contrast to the Haber
Bosch process, electrochemical ammonia synthesis can take place at near ambient temperatures and
pressures, possibly favouring the production of ammonia [88].

The amount of energy required for electrochemical ammonia production depends firstly on the en
ergy required in the form of two halfreaction potentials. These halfreactions depend on the type of
electrolytic cell. Different options for these cells will be discussed in section 2.3. The Gibbs free energy
of formation (Δ𝐺0) for the reduction of nitrogen with water is equal to 5.54 kWh ⋅ kg−1NH3 (see Appendix B).
This value indicates the minimum amount of energy needed for the electrochemical formation of am
monia. The overall reaction for the electrochemical nitrogen reduction into ammonia is as follows:

N2 + 3H2O −→
3
2O2 + 2NH3 (2.4)

Three moles of electrons are transported for the formation of one mole of ammonia (𝑛 = 3), leading
to a standard equilibrium cell potential 𝐸0𝑐𝑒𝑙𝑙 = −1.17 V (Equation 2.5).

𝐸0𝑐𝑒𝑙𝑙 = −
Δ𝐺0
𝑛 ⋅ 𝐹 = −1.17 V (2.5)

Where 𝐹 is Faraday’s constant. The standard equilibrium cell potential, also called the reversible
cell voltage, is the difference between the standard equilibrium potentials of the halfreactions (𝐸0).
The overall cell voltage is a summation of the reversible cell voltage and several terms for irreversible
voltages, also called overpotentials [17]. The first correction gives an equilibrium potential for each of
the half reactions and takes into account the influence of the temperature and activity of the oxidised
and reduced species, 𝑎𝑜𝑥 and 𝑎𝑟𝑒𝑑 respectively, as described by the Nernst equation:

𝐸𝑒𝑞 = 𝐸0 +
𝑅𝑇
𝑛 ⋅ 𝐹 ln( 𝑎𝑜𝑥𝑎𝑟𝑒𝑑

) (2.6)

The difference between the equilibrium potentials of the halfreactions gives the equilibrium cell
potential difference, Δ𝐸𝑒𝑞. The overall cell voltage (𝐸𝑐𝑒𝑙𝑙), however, is a summation of the equilibrium
cell potential difference, an activation overpotential (𝜂𝑎𝑐𝑡), concentration overpotential (𝜂𝑐𝑜𝑛𝑐), and a
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resistance due to the electrolyte (𝜂Ω) and membrane (𝜂𝑚𝑒𝑚).

The difference between the equilibrium potentials of the halfreactions gives the equilibrium cell
potential difference, Δ𝐸𝑒𝑞. The overall cell voltage (𝐸𝑐𝑒𝑙𝑙), however, is a summation of the equilibrium
cell potential difference, an activation overpotential (𝜂𝑎𝑐𝑡), concentration overpotential (𝜂𝑐𝑜𝑛𝑐), and a
resistance due to the electrolyte (𝜂Ω) and membrane (𝜂𝑚𝑒𝑚).

𝐸𝑐𝑒𝑙𝑙 = Δ𝐸𝑒𝑞 + 𝜂𝑎𝑐𝑡 + 𝜂𝑐𝑜𝑛𝑐 + 𝜂Ω + 𝜂𝑚𝑒𝑚 (2.7)

Factors influencing each of these terms are summarised bellow:

• The activation overpotential is related to the energetic barrier that needs to be overcome to start
electron transfer and thus the reaction. 𝜂𝑎𝑐𝑡 is closely related to the catalyst.

• The concentration overpotential is related to a boundary layer on the electrode surface, for in
stance when a reactant is rapidly consumed at the electrode, resulting in concentration differ
ences.

• The overpotential associated with the electrolyte is influenced by the electrolyte conductivity and
volume, and by the current density.

• The overpotential associated with the membrane is influenced by the membrane’s resistance,
conductivity and thickness, and by the current density.

The power consumed by a cell (𝑃𝑐𝑒𝑙𝑙) is calculated as follows:

𝑃𝑐𝑒𝑙𝑙 = 𝐸𝑐𝑒𝑙𝑙 ⋅ 𝐼 (2.8)

where 𝐼 is the applied current.
Subsequently, the electrical energy consumption for the production of one mole ammonia (𝐸𝑒𝑙) is

found by division of the consumed power by the ammonia production rate 𝑟𝑁𝐻3 (in mol ⋅ s−1):

𝐸𝑒𝑙 =
𝑃𝑐𝑒𝑙𝑙
𝑟𝑁𝐻3

(2.9)

Finally, additional energy needs to be provided for feed pretreatment, compression, heating and
product separation. Since electrochemical ammonia synthesis is still at a low technology readiness
level (TRL), no reallife data is available for its energy consumption. However, a full technoeconomic
analysis has estimated an energy consumption of around 17 kWh ⋅ kg−1NH3 [29]. One of the challenges
is the achievement of sufficient energy efficiency and ammonia production rate at the same time, which
largely depends on finding the right catalyst [49]. Another subject that needs more elaboration are the
technological performance targets for electrochemical ammonia synthesis. Currently, most articles re
fer to the ARPAe REFUEL guidelines [29, 30, 49]. However, these guidelines are set by a Unites States
government agency in 2016, are not well justified and are focused on ammonia as a fuel. Therefore,
this work aims to reformulate these technological targets from a process point of view.

2.2. Pretreatment technologies
Water and nitrogen are the main feeds for electrochemical ammonia synthesis. These components
are not readily available, or at least not in large quantities. Therefore, nitrogen and water need to be
obtained from their resources, air and some kind of water resource respectively, and purified up to a
desired purity that differs per electrochemical technology. Nitrogen can be obtained from air through
an Air Separation Unit (ASU), while water needs to be purified for use in an electrolyser. Different tech
nologies and requirements for pretreatment for ammonia production will be described in this section.
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2.2.1. Air separation
Air is used as a nitrogen source for the synthesis of ammonia. However, atmospheric air is made up
of multiple components, such as nitrogen, oxygen and argon. The components present in dry air with
their respective mol% are given in Table 2.1. For example, it is necessary to remove oxygen from the
feed gas, since it will otherwise react with protons in the electrochemical cell to form H2O and hence
reduce the Faradaic efficiency [40]. This section describes different air separation methods that are
suited to provide nitrogen for electrochemical ammonia synthesis.

Table 2.1: Composition of dry air [85].

Component Concentration (mol%) Boiling point (K)
Nitrogen, N2 78.08 77.35
Oxygen, O2 20.95 90.15
Argon, Ar 0.93 87.25
Helium, He 0.005 4.25
Neon, Ne 0.0018 27.05
Carbon dioxide, CO2 [59] 0.000415 194.69
Krypton, Kr 0.00011 119.95
Xenon, Xe 0.000009 165.15

Cryogenic air separation
Cryogenic air separation is the oldest method for the separation of the different components of air, in
vented by Carl Linde in 1895 [12]. Nowadays, this method is still used on large scales for the separation
of air and also for obtaining nitrogen for the HaberBosch process. Cryogenic air separation relies on
the different condensation temperatures of the different components of which air is constituted. The
critical temperature and pressure of air lie at 𝑇𝑐𝑟𝑖𝑡 = 132.5 K and 𝑝𝑐𝑟𝑖𝑡 = 37.7 bar, meaning that air
can only be liquefied below temperatures of 132.5 K. This leads to a very energy intensive process
for the cooling of air. Cryogenic distillation units exist that separate all different components present in
air. However, only nitrogen is needed for the production of ammonia. Figure 2.2 shows a schematic
diagram of a simplified cryogenic air separation process where each unit has its own function:

• Ambient air is filtered to remove any dust particles that may be present in atmospheric air. Here
after, the air stream is compressed to a pressure of around 6 bar.

• In a direct contact cooler, process air is cooled through the evaporation of water.

• Carbon dioxide, water vapour and hydrocarbon are removed in one of the two (or more) molecular
sieve units, that are utilised alternately in order to allow for regeneration of the sieves.

• Purified process air is cooled to liquefaction temperature of 101 K at 6 bar.

• Purified and cooled process air enters the distillation column at an intermediate stage. In the
distillation column, a nitrogen enriched stream, which has a lower vapour pressure than most
other components of air, will leave at the top of the distillation column, while an oxygen enriched
stream, leaves at the bottom of the distillation column.

• A condenser and reboiler are commonly added to distillation columns to provide respectively a
vapour and liquid flow to feed the cascade.

Cryogenic air separation is known to be very capital and energy intensive. Cryogenic ASUs are
not designed for operation outside steadystate, due to their comprehensive heat integration [7, 36].
However, cryogenic ASUs are widely used due to their large production capacities with high nitrogen
purities. Linde’s GAN cryogenic distillation units, for instance, are able to produce 99.9999 mol% purity
nitrogen at production rates of up to 2,500 Nm3 ⋅ h−1 [46].
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Figure 2.2: Schematic diagram of a simplified cryogenic air separation process

Pressure Swing Adsorption
For long, other methods than cryogenic methods were not well suited for air separation due to their
small capacities and low product purities. However, other methods, such as Pressure Swing Adsorp
tion (PSA), are becoming more and more attractive with improvements in volume, product purities and
production flexibility [80]. PSA methods are driven by the concept of adsorption, where generally oxy
gen is adsorbed onto an adsorbent bed, while nitrogen is able to pass and leave the vessel. Figure 2.3
shows a schematic diagram of a simplified PSA process, where nitrogen is obtained from air through
the following steps:

• Ambient air is prefiltered of dust and compressed to increase the air flow.

• Air enters one of the adsorbers where carbon dioxide and residual moisture are adsorbed at the
entrance of the vessel. The vessels are packed with carbon molecular sieves and, when in use
for nitrogen separation, the vessel is pressurised, thereby selectively adsorbing oxygen onto the
surface of the adsorbent, while nitrogen is able to pass.

• Gaseous nitrogen can be stored in a buffer tank if nitrogen production and consumption are not
exactly matched.

• When the carbon molecular sieves of one vessel are saturated with oxygen, and thus its per
formance has declined, the valves are switched and air starts to flow through the other vessel.
The saturated vessel is depressurised, thereby releasing the adhered oxygen molecules while
air flows past the sieves. An oxygen enriched purge stream leaves the vessel and the vessel can
be used again for air separation. The use of two (or more) vessels allows for continuous nitrogen
production.

One of the advantages of PSA for nitrogen generation is its process simplicity, especially compared
to cryogenic distillation of air, thereby reducing capital cost. Due to its use of pressure instead of temper
ature for the separation of nitrogen from air, this process is able to use efficient electrical compressors,
making this method better compatible with renewable energy. Moreover, with this technique, sufficient
nitrogen flow rates with appropriate purity can be achieved. As an example, Air Products’ PRISM Nitro
gen Generation System can deliver nitrogen with a purity of up to 99.9995 mol% at 2,600 Nm3 ⋅ h−1 [3].
Although PSAs operate most economically at full capacity, these processes are very flexible, since they
can start up and power down within minutes [32, 80].
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Figure 2.3: Schematic diagram of a simplified pressure swing adsorption process.

Membrane air separation
The last technology for air separation that will be discussed in this section is membrane air separation
and is based on the different permeabilities of the different components of air. Permeability is a function
of a molecule’s ability to dissolve in, diffuse through and dissolve out of the membrane. The selectivity
of a membrane is the ratio of the permeabilities of the components that need to be separated.

The process of membrane air separation is comparable to the process of a PSA system, but the
adsorber is replaced by a vessel filled with either thousands of hollow fibres or spiral wound sheets, the
membranes. Prefiltered and dried air is pressurised, enters the vessel and flows through the fibres or
tubes. A pressure difference causes a flow through the membrane. However, due to their specific per
meability, some components are more likely to permeate the membrane, mainly due to their size [80].
Oxygen and carbon dioxide are smaller in size than nitrogen and therefore permeate the membrane
more easily. A nitrogenrich product stream will thus leave the fibres, while an oxygenrich stream will
be found on the permeate side of the membrane. Figure 2.4 shows a schematic representation of this
process.

Air in Nitrogen 
out

Oxygen enriched 
permeate out

H2O CO2 H2 He O2 Ar N2

Fast Slow

Figure 2.4: Schematic diagram of an air separation fibre, the relative permeation rates for different components are represented
by the arrow. Red: oxygen molecules, green: nitrogen molecules.
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Capital investment for membrane air separation systems are generally a linear function of the de
sired production rate, where more membranes are installed parallel with increasing demand [76]. As
with PSA systems, membrane ASUs have a fast startup time, due to their near ambient operation, and
are compatible with renewable energy to run their compressors. The downside of membrane air sepa
rators is their limited product purity and smaller capacities compared to cryogenic distillation and PSA.
The Membrane Nitrogen Generation systems from Air Products is able to achieve nitrogen purities of
99.9 mol% at a nitrogen flow rate of 800 Nm3 ⋅ h−1 [2].

2.2.2. Water purification
Feed water impurities lead to byproducts in the electrolytic cell and thereby reduce the Faradaic effi
ciency [41]. Therefore, the feed water needs pretreatment to attain high purity levels. Generally, water
is filtered and treated to remove any residual bacteria [10]. Subsequently, deionisation of water takes
place to reduce the amount of particles that may hinder the desired reaction in the elecrolyser. Differ
ent electrolyser types accept different water purities. Alkaline electrolysers require a water purity of 10
ppm total dissolved solids (TDS) [57], while solid oxide electrolysers and proton exchange membrane
electrolysers require process water with a maximum of 0.5 ppm TDS [56]. When the accepted water
purity is achieved, the purified water may be used directly in the subsequent process or is stored in
vessels for later use.

In arid regions, with fresh water scarcity, the use of fresh water for ammonia production may give
rise to new problems such as competition with its use as drinking water. Consequently, seawater is
regularly suggested to be used instead of fresh water [18, 49, 63]. However, seawater needs inten
sive pretreatment to remove all organic and inorganic particles. Seawater can be desalinised through
thermal distillation or by membrane separation, where the former involves heat and the latter pres
sure for separation purposes. Thermal distillation, that utilises renewable resources for heating, has
low efficiencies compared to membrane separation, or more specifically, reverse osmosis [99]. Re
verse osmosis mainly utilises pumps to create a pressure difference, making it therefore an adequate
technology for using renewable electrical energy.

2.3. Electrolytic cells for ammonia synthesis
The actual conversion of nitrogen and water to ammonia takes place in the electrolytic cell. This section
describes important individual cell components and the cell’s operating variables. Moreover, different
types of electrolytic cells will be discussed and each of their advantages and disadvantages are re
viewed.

2.3.1. Factors influencing ammonia formation in the electrolytic cell
Ammonia formation rate, Faradaic efficiency and cell potential are three important values that char
acterise the performance of electrolytic cells. The first two are preferably maximised, but otherwise
balanced as much as possible, while the overpotential is ideally minimised. The ammonia formation
rate typically lies in the range of 10−13 − 10−8 mol ⋅ cm−2 ⋅ s−1 [28], while the Faradaic efficiencies differ
largely for different electrolysers. First, two important components of an electrolytic cell, the electrolyte
and electrodes, will be described. Then the influence of the operating temperature is analysed. Finally,
the behaviour and influence of the applied current and imposed cell potential are outlined.

Electrolyte
The electrolyte is the medium between the two electrodes. The properties of the electrolyte are of
utmost importance to the performance of the electrolytic cell and become more and more concern
ing with increasing temperature and pressure [28]. In order to transport ions effectively, and thus
minimise ohmic losses, the electrolyte must exhibit high ionic conductivity, typically in the range of
10−3  10−1 S ⋅ cm−1 [5, 25]. The conductivity of the electrolyte increases almost linearly with temper
ature, while the thickness of the electrolyte layer is inversely related to its conductivity [26]. However,
a certain electrolyte layer thickness is required for mechanical stability. Moreover, solid electrolytes
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must be dense to prevent crossover of product gases and have similar thermal expansion coefficients
as other cell components, this is especially relevant for high temperature electrolysis [5, 28].

Electrode
The electrodes must show both electric conductivity, since the electrodes convey electrons to the sur
face where the reactions take place, and catalytic activity, for breaking themolecular nitrogen triple bond
and, subsequently, the synthesis of ammonia [25, 28]. In order to increase the Faradaic efficiency of
the system, the working electrode should prevent the delivered H+ from forming gaseous hydrogen,
i.e. it should suppress the hydrogen evolution reaction [53]. Therefore, Marnellos et al. [54] suggested
palladiumbased electrodes in 1998 to promote ammonia formation, while suppressing hydrogen for
mation. Since then numerous different catalysts have been tested, such as ruthenium, platinum and
silver based catalysts, as well as conductive oxides and composite materials [4, 38, 42, 48, 93]. More
over, the electrodes should exhibit longterm stability under the operating temperatures and current
densities, and have sufficient catalytic surface area [5]. Currently, the challenge lies in finding a well
suited electrode material for electrochemical ammonia synthesis [25].

Temperature
As described earlier, operating temperature influences the ionic conductivity of the electrolyte. Con
sequently, an increase in ionic conductivity leads to an increase in the ammonia formation rate. Ex
periments conducted in low temperature electrolysis (298  373 K), intermediate (373  673 K) and
high temperature electrolysis (573  873 K) confirm this interpretation and indeed show an increase in
ammonia formation with increasing temperature [13, 31, 48]. However, after a certain temperature, a
decrease in ammonia formation was observed. For low temperature electrolysis (see Figure 2.5a) this
phenomenon is associated to a decrease in proton conductivity due to water loss in the membrane. For
high temperature electrolysis on the other hand (see Figure 2.5b), this can be attributed to the decompo
sition of ammonia at such high temperatures, to such an extent that the increase in ammonia formation
is not able to keep up with the simultaneous decomposition of ammonia. Moreover, elevated operating
temperatures lead to faster degradation of the cell and its main components and higher investment
costs [28]. It should be noted that for high temperature electrolysis reasonable Faradaic efficiencies
have been demonstrated, while for low temperature electrolysis Faradaic efficiencies generally do not
exceed 1% (yet) [90].
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Fig. 8. Dependence of the rate of ammonia formation on the operating temperature.
The electrolytic cell was: wet H2, Ni-BCGO|BCGO|Ag-Pd, dry N2, the applied direct
current through the cell was 1.5 mA.

Fig. 9. Relationship between the rate of ammonia formation and the applied current
at 480 ◦C. The electrolytic cell was: wet H2, Ni-BCGO|BCGO|Ag-Pd, dry N2.

identical to the reported that using BaCe0.8Gd0.2O3−ı as electrolyte
for ammonia synthesis [8].

The relationship between the rate of ammonia formation and
the applied current at 480 ◦C is shown in Fig. 9. It can be seen
from Fig. 9 that the blank test under open circuit conditions
(the imposed current is zero) demonstrates no ammonia detected
under this conditions. The rate of ammonia formation increases
with increasing applied current, and then increased slightly after
1.5 mA. It may be considered that 1.5 mA is the optimum current
for ammonia synthesis in this study. The rate of NH3 formation is
4.63 × 10−9 mol s−1 cm−2 at 1.5 mA. Because the protonic transport
number of BCGO is almost unity, according to the literature [11], the
ratio of the practical rate of ammonia formation to the theoretical
one in this study, i.e. the current efficiency, is above 70%.

The rate of NH3 formation in this study is higher than
that (3.09 × 10−9 mol s−1 cm−2) using BaCe0.8Gd0.2O3−ı as elec-
trolyte [8]. This may be due to that BCGO film is employed as
electrolyte in this study. Moreover, compared with pyrochlore-
type complex oxides of La1.95Ca0.05Zr2O7−ı and complex

perovskite-type oxides Ba3(Ca1.18Nb1.82)O9, it is found that
the rate of NH3 formation for BCGO is higher than those
for La1.95Ca0.05Zr2O7−ı (2.0 × 10−9 mol s−1 cm−2) [15] and
Ba3(Ca1.18Nb1.82)O9 (2.16 × 10−9 mol s−1 cm−2) [16]. This may
be because the protonic conductivity of BCGO is higher than
that of La1.95Ca0.05Zr2O7−ı [15] and slightly higher than that of
Ba3(Ca1.18Nb1.82)O9 [17], besides the thickness of electrolyte for
NH3 formation in this study is less than those of La1.95Ca0.05Zr2O7−ı

and Ba3(Ca1.18Nb1.82)O9. The effects on the rate of ammonia for-
mation are complex, including other factors such as electrode
materials, area of electrode, synthesis temperature and applied
current, etc. besides electrolyte materials and thickness of elec-
trolyte. The optimized conditions for ammonia synthesis at
atmospheric pressure need to be further investigated.

4. Conclusions

BaCe1−xGdxO3−˛ (0.05 ≤ x ≤ 0.20) prepared via a microemulsion
method formed a single phase of BaCeO3 perovskite structure when
the sample was sintered at 1500 ◦C for 10 h. The conduction in the
samples of 0.05 ≤ x ≤ 0.20 is predominantly protonic in hydrogen
atmosphere from 300 to 600 ◦C. Among these samples, the max-
imum protonic conductivity with a value of 1.4 × 10−2 S cm−1 at
600 ◦C was observed for the sample of x = 0.15. The ammonia syn-
thesis at atmospheric pressure was performed successfully in an
electrolytic cell using BCGO film. The optimum temperature and
applied current for ammonia synthesis were 480 ◦C and 1.5 mA,
respectively. The rate of NH3 formation and the current efficiency
were 4.63 × 10−9 mol s−1 cm−2 and above 70% under the conditions,
respectively. The rate of NH3 formation in this study is higher than
those using La1.95Ca0.05Zr2O7−ı and Ba3(Ca1.18Nb1.82)O9 as elec-
trolytes.
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Figure 8  Dependence of the ammonia production rate on the 
imposed potential at 25 ℃. 

The rates of evolution of ammonia measured by 
spectrophotometry under different temperatures at 2.5 V 
are described in Figure 9. The rates of evolution of 
ammonia increase rapidly when the temperature in-
creases, and reach the highest value at 80 . The ℃ rate of 
ammonia decreases on the contrary with the increasing 
of temperature because of water decreasing.15 Figure 9 
shows too that the highest rates of ammonia were re-
spectively up to 1.03×10－8 and 1.05×10－8 mol•    
cm－2•s－1 when SPSF and Nafion membranes were used. 

 
Figure 9  Dependence of the ammonia production rate on the 
temperature in wet H2/N2. 

From above, the Nafion membrane has better per-
formance in ammonia synthesis than the SPSF mem-
brane, which is because the proton conduction of Nafion 
membrane is higher than SPSF membrane, the proton 
conduction is related to the rate of water loss, and the 

rate of water loss of Nafion membrane is more slowly 
than that of SPSF membrane. 

Conclusion 

The IR spectra of PSF and SPSF after drying the 
samples at 60  in ℃ an oven show that PSF can be proc-
essed and SPSF obtained well. SPSF and Nafion mem-
branes can be applied well to the ammonia synthesis by 
electrochemistry, and the rates of ammonia synthesis are 
higher than that using high temperature proton conduc-
tion (HTPC) to synthesize ammonia. SPSF can be used 
to synthesize ammonia like the Nafion membrane, the 
proton conduction of Nafion membrane is higher than 
SPSF membrane, but the rates of evolution of ammonia 
are almost the same for both of them, and the highest 
rates are 1.03×10－8 and 1.05×10－8 mol•cm－2•s－1. So 
the SPSF membrane can completely replace the Nafion 
membrane in the electrochemical synthesis of ammonia. 
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Figure 2.5: Dependence of ammonia formation rate on the operating temperature.
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In summary, a balance needs to be found between the operating temperature and the ammonia
production. Thereby reducing investment and operating costs and material degradation at lower tem
peratures, while keeping ionic conductivity and ammonia formation sufficiently high. There are limiting
factors for the operating temperature for each cell type and the optimal operating temperature differs
per electrolyte, membrane and catalyst.

Current
The applied current determines the rate of reaction at the electrodes. When a current is absent, no
electrons will be provided and thus no ammonia can be formed at the cathode. Upon imposing a
current, the rate of electron flow will increase, and thus the rate of ammonia formation will increase [5].
Wang et al. [93] investigated the ammonia formation rate as a function of the applied current and found
that indeed the rate of ammonia formation increased with increasing current. However, they also found
a strong decrease of ammonia formation after 0.5 mA ⋅ cm−2 (applied current of 1 mA at a surface area
of 0.5 cm2), as can be seen in Figure 2.6. This decrease in ammonia formation may be due to the high
rate of H+ supply, subsequently poisoning the catalyst, favouring the formation of gaseous hydrogen
and thereby hindering ammonia formation [25].W.B. Wang et al. / Journal of Membrane Science 360 (2010) 397–403 401

Fig. 5. The relationship between the rate of ammonia formation and operating tem-
perature under a direct current of 1 mA. The dotted line is the attainable maximum
rate of ammonia formation at the cathode, i.e. the ideal Faradaic rate of ammonia
formation.

at temperatures below 600 ◦C Rg was less than Rp. That is, com-
pared with the electrolyte membrane, the resistance for electrode
polarization increased more quickly as the temperature declined.
The result indicates that under the current conditions the electrode
polarization Rp was a dominant factor to reduce the performance
of the membrane reactor at the temperature below 600 ◦C.

The rates of ammonia formation obtained with the membrane
reactor as a function of temperature were measured under a
direct current of 1 mA. As shown in Fig. 5, the rate of ammo-
nia formation increased, arrived at a maximum at 530 ◦C, and
then decreased at temperatures over 530 ◦C. The maximum rate of
ammonia formation (4.1 × 10−9 mol s−1 cm−2) was obtained under
a direct current of 1 mA at 530 ◦C, which was considered to be the
optimum temperature for ammonia synthesis. Compared with the
value (2.1 × 10−9 mol s−1 cm−2) in our prior report [22], the value is
almost double that one. In our case, the current efficiency has been
improved obviously. The rate of NH3 formation based on our BCY15
membrane reactor is also higher than those for pyrochlore-type
complex oxides La1.95Ca0.05Zr2O7−� [13] and complex perovskite-
type oxides Ba3(Ca1.18Nb1.82)O9 [16]. One important reason is that
the co-sintering BCY15 electrolyte membrane reactor had lower
resistance loss and lower electrode polarization. Combination with
the preceding AC impedance spectrum analysis we know that with
the increasing temperature the polarization resistance and the elec-
trolyte membrane resistance may decrease, which is beneficial to
improving the ammonia formation rate. But on the other hand, the
electron conduction and ammonia decomposition rate increases
with the increase of temperature. Under low oxygen partial pres-
sure and in the reducing atmosphere, the electronic conduction
of cerates may appear at elevated temperatures according to the
following reactions (1) and (2).

OX
O ↔ 1

2
O2 + V··

O + 2e− (1)

2CeX
Ce + 2e− ↔ 2Ce′

Ce (2)

Eq. (1) shows that each oxygen vacancy generated is combined
with two free electrons. Eq. (2) suggests that a part of Ce4+ may
be reduced to Ce3+ in the reducing atmosphere and the reduc-
tion reaction results in the introduction of electronic conduction.
For the oxygen partial pressure experimental dependence of the
total electrical conductivity of BCY15 at intermediate tempera-
ture (300–600 ◦C), our research shows that the electron conduction
was negligibly small and not a key factor under current condi-

Fig. 6. (a) The relationship between the rate of ammonia formation and direct cur-
rent applied on the BCY15 membrane reactor at 530 ◦C and (b) the membrane reactor
potential vs. the applied direct current at 530 ◦C.

tion. As reported by the Stoukides and coworkers research group,
at temperatures over 500 ◦C, ammonia decomposition becomes a
dominant factor and there is a stronger increase of decomposition
rate than of the formation rate and thus the overall rate decreases
[9,10]. The two different effects mentioned above may result in the
maximum of the rate of ammonia formation.

The dotted line in Fig. 5 shows the attainable Faradaic maximum
rate of ammonia formation at the cathode, i.e. the ideal Faradaic
rate. According to Faraday’s Law, the current I corresponds to a
molar flux of I/2F moles of hydrogen per second and the theoret-
ical rate of ammonia formation is 2/3 × I/2F. In the current case,
the conversion rate of electrochemically supplied H2 was about
60.0% under a direct current of 1.0 mA at 530 ◦C. Provided that
the electrochemically supplied hydrogen reacts fully with N2, the
ammonia decomposition rate was ca. 40.0% under current condi-
tion. The value was higher than the result reported in literature [8].
The main reason for this difference is due to different configurations
between ammonia synthesis reactors.

Fig. 6(a) presents the relationship between the rate of ammo-
nia formation and the applied DC current at 530 ◦C with the
as-prepared membrane reactor. The trend was similar to that in
Fig. 5. The rate of ammonia formation increased with increas-
ing applied current, and then decreased after 1.0 mA. The change
of the rate of ammonia formation with the applied DC current
may be due to that nitrogen chemisorption was hindered by the
high rate of H+ supply, which poisoned the catalyst cathode sur-
face [10], i.e. the resulting electrode polarization. Fig. 6(b) shows

Figure 2.6: Dependence of ammonia formation rate on the applied current. The current is applied at a surface area of 0.5 𝑐𝑚2

and therefore the current density is 0.5𝐼 𝑚𝐴 ⋅ 𝑐𝑚−2. Reprinted from reference [93].

Faradaic efficiency is a measure to describe the amount of current that is used to produce the
desired product, ammonia in this case. Faradaic efficiency changes rapidly with changing voltage,
current and temperature [14, 16], and a tradeoff needs to be made between these parameters. Xu
et al. [97] investigated the electrochemical synthesis of ammonia from nitrogen and hydrogen with a
Nafion membrane as proton conductor. The highest rate of ammonia formation was found at 350 K
and 2 V and was equal to 1.13 ⋅ 10−8 mol ⋅ cm−2 ⋅ s−1, with a Faradaic efficiency of 90.4%. Faradaic
efficiencies for ammonia synthesis from nitrogen and water, on the other hand, resulted in much lower
Faradaic efficiencies. Lan et al. [42] obtained Faradaic efficiencies of 0.83% at 350 K, 1.2 V and an
ammonia formation rate of 9.37 ⋅ 10−10 mol ⋅ cm−2 ⋅ s−1.

Cell potential
The imposed cell potential has an influence on the transport of charge between the two halfcells, and
thus on the formation of ammonia. In subsection 2.1.3, it has been found that the standard equilibrium
cell potential 𝐸0𝑐𝑒𝑙𝑙 = 1.17 V. Taking into account that additional potential (overpotential) needs to be
applied to overcome resistances, the overall cell potential (𝐸𝑐𝑒𝑙𝑙) always needs to more negative than
1.17 V.

The thermoneutral potential is the potential where not only the reaction takes place, but also the heat
that is produced during the reaction is sufficient to keep a constant temperature. The thermoneutral
potential (𝐸𝑡ℎ) is given by:
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𝐸𝑡ℎ = −
Δ𝐻0
𝑛 ⋅ 𝐹 (2.10)

With a change in enthalpy at standard equilibrium conditions (Δ𝐻0) of 382.55 kJ ⋅mol−1 and an
electron transfer number of n = 3 for the formation of one mole of ammonia, the thermoneutral potential
𝐸𝑡ℎ = −1.32 V. When the imposed cell potential is larger than the thermoneutral potential, heat will be
generated.

When no cell potential is applied, no ammonia will be formed at the cathode and with increasing
cell potential, the ammonia formation rate increases as well [45]. Limited research has been done
on the relation between cell potential and ammonia formation rate in ammonia synthesis from nitro
gen and water. However, Liu et al. [47] carried out a similar research for ammonia synthesis from
nitrogen and hydrogen. For several protonconducting ceramics, they found that the ammonia pro
duction rate increased significantly when the cell potential was increased from 0 to 0.6 V, but beyond
this voltage, an increase in potential only led to a minor increase in ammonia formation. It is expected
that similar results can be found for ammonia synthesis from nitrogen and water, because the electro
chemistry is comparable. A study on ammonia synthesis from nitrogen and water by Chen et al. [15]
indeed pointed out that ammonia formation was low and constant with cell potentials between 0 and
1.5 V. When the cell potential was changed to 2 V, the ammonia formation rate was increased to
3.6 ⋅ 10−12 mol ⋅ cm−2 ⋅ s−1. Further research should be carried out to analyse the effect of the cell
potential on ammonia formation rate between 1 and 2 V in further detail.

2.3.2. Types of electrolytic cells
Electrochemical conversion of nitrogen and water to ammonia takes place in an electrolytic cell. Elec
trolytic cells are primarily composed of two electrodes (anode and cathode) and a conductive material
separating them. This section deals with four types of electrochemical cells for ammonia synthesis: an
alkaline electrolyser (AEL), a proton exchange membrane electrolyser (PEMEL), solid oxide electrol
yser (SOEL) and an anion exchange membrane electrolyser (AEMEL), whose corresponding cells are
depicted in Figure 2.7.
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Figure 2.7: Schematic diagrams of four simplified electrochemical ammonia synthesis cells (blue: alkaline solution, grey: anode,
green: cathode, yellow: membrane).

2.3.3. Alkaline electrolysers
AELs are characterised by two electrodes that are placed in a liquid alkaline electrolyte, typically con
sisting of a concentrated potassium hydroxide (KOH) or sodium hydroxide (NaOH) solution, as depicted
in Figure 2.7a. A diaphragm separates the two electrodes and prevents mixing of the gaseous prod
ucts, while allowing passage of hydroxide ions (OH−). These hydroxide ions react at the anode to
gaseous oxygen and water as follows:

6OH− −→ 3
2O2 + 3H2O+ 6e− (2.11)
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Electrons are released in this oxidation reaction, driven by the applied potential. These electrons
are used for the reduction halfreaction that takes place at the cathode. Here, nitrogen and water react
to form ammonia and OH−:

N2 + 6H2O+ 6e− −→ 2NH3 + 6OH− (2.12)

Alkaline electrolysis is a mature technology that was already commercialised for water splitting in
the late 19th century [96]. Consequently, AELs are well optimised, efficient and cheap in comparison to
newer technologies. However, current densities are lower in comparison to other water electrolysers
and product crossover through the diaphragm can be problematic for the nitrogen reduction reaction
as this might cause lower ammonia purities compared to other technologies [67]. Moreover, their load
range is limited due to crossover of hydrogen to the oxygen side at low production rates, resulting in
a flammable mixture. Also, cold startup times are long (typically 2 hours) to prevent gas leakage and
minimise mechanical stress due to a change in temperature [11]. Warm startup times are reasonable
(1  5 minutes) and AELs can be held in standby mode to ensure flexible operation. However, standby
losses will have to be taken into account.

2.3.4. Proton exchange membrane electrolysers
PEMELs rely on the conduction of protons, as can be seen in Figure 2.7b. Nafion® membranes are
the most popular proton conducting membranes for proton exchange membrane (PEM) electrolysis
and serve as a separator between the two halfcells [28]. At the anode, water is converted to gaseous
oxygen and protons (H+):

3H2O −→
3
2O2 + 6H+ + 6e− (2.13)

The proton conductivity of the membrane allows the H+ diffusion and migration towards the cathode
where it reacts with nitrogen to ammonia:

N2 + 6H+ + 6e− −→ 2NH3 (2.14)

Advantages of PEMELs are their ability to operate at high current density, their compact system
design and high purity products production [67]. Their ability to operate at partial load and shorter start
up rates compared to AEL, due to a more compact system and lower heat capacities, are advantageous
for flexible operation [11]. However, capital investment for these electrolysers is significant due to the
requirement for noble metal catalysts that are able to tolerate the acidic environment caused by the
membrane [11, 23]. This corrosive acidic environment also causes the durability of these cells to be
comparatively low. However, PEMELs are on their way to be commercialised and research is conducted
on improving their performances.

2.3.5. Solid oxide electrolysers
SOELs are characterised by amembrane that conducts either oxides (O2−) or protons (H+) and typically
operates at elevated temperatures of up to 1200 K [11, 21]. The oxidation and reduction halfreactions
for proton conducting SOEL are the same as for PEMELs (Equation 2.13 and Equation 2.14), while
in oxide conducting SOELs, O2− ions react at the anode to gaseous oxygen and at the same time
electrons are released:

3O2− −→ 3
2O2 + 6e− (2.15)

The O2− ions are formed in the reduction halfreaction at the cathode, where nitrogen and water
react to ammonia and O2− ions:
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N2 + 3H2O+ 6e− −→ 2NH3 + 3O2− (2.16)

Three types of proton conducting electrolytes are being explored: solid acids, oxides and composite
electrolytes, which typically operate at temperatures between 500 and 800 K. For oxide conducting
SOELs, zirconia or ceriabased electrolytes are the most popular. Zirconiabased electrolytes show
good chemical stability, but low electrochemical performance, while ceriabased electrolytes exhibit
low stability, but high electrochemical performance. Temluxame et al. [81] suggested a ceria doped
zirconia electrolyte, that showed low activation energy and high ionic conductivity, while performance
decay rate was low compared to separate zirconia or ceriabased electrolytes.

Temluxame et al. also investigated the influence of temperature on the ionic conductivity of oxide
conducting membranes and found that with increasing operating temperature, the ionic conductivity
also increased. Haile et al. [31] found a similar relation for proton conducting electrolytes. The op
eration of these electrolysers at elevated temperatures is thus advantageous for the material’s ionic
conductivity and therefore, up to a certain limit, for its Faradaic efficiencies [11]. Faradaic efficiencies
are thermodynamically limited due to ammonia degradation and hydrogen formation at the cathode at
elevated temperatures [21]. Finally, SOELs are still in the research stage and more research is required
to improve the cell’s durability.

2.3.6. Anion exchange membrane electrolysers
AEMELs combine the advantages of alkaline and PEM electrolysis. In this last type of electrolyser that
will be discussed here, the two electrodes are separated by an anion exchange membrane that is able
to transport OH− anions. The oxidation and reduction reactions are equivalent to those for alkaline
electrolysis, and Figure 2.7d depicts a schematic diagram for AEMELs.

Advantages of an AEMEL is its use of cheaper catalyst materials, similar to AEL, its resistance
to product crossover due to dense membranes and its dynamic operation like PEMELs. However,
this technology’s ionic conductivity and chemical stability (mainly due to lower membrane stability) are
inferior to that of AELs and PEMELs and advancements are needed in this technology [44, 55].

2.4. Separation technologies
This section deals with different separation technologies for the separation and purification of products
and unconverted reactants. The compositions of the product streams depend on the type of electrolytic
cell and the crossover of reactants and products. In an electrolytic cell, diffusivity, or crossover, of
components depends on operating temperature, membrane thickness, pressure and concentration
gradients, and flow rates [61, 62]. Crossover is generally undesired, since it decreases efficiencies.
However, small crossovers usually go handinhand with an increase in concentration and ohmic re
sistances, and thus higher overpotentials [1]. Consequently, a balance needs to be found between
crossovers and the overpotential. For this section, the separation of products streams for an elec
trolytic cell will be analysed and crossovers are neglected, resulting only in the presence of reactants
and products on the side of the cell where they are consumed or produced.

2.4.1. Ammonia purification
The cathodic product stream consists of different components, depending of the cell type, but generally
consists of ammonia, unreacted nitrogen, hydrogen that is formed as a side product and water. The
concentration of hydrogen in the cathodic product stream depends on the Faradaic efficiency. In the
classical HaberBosch process, ammonia is separated by condensation. Other technologies that have
been studied and tested are absorption and separation by membranes.

Condensation
Separation by condensation relies on the relative volatilities of the components that are present in the
feed stream. In the HaberBosch process, a pressurised stream leaving the reactor is cooled and
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enters a flash column at 50 K and around 140 bar [78]. Due to a sudden pressure decrease in the flash
column, more volatile components, mainly nitrogen and oxygen gas, enter the vapour phase and will
leave the column at the top. The liquid leaving at the bottom of the flash column is rich in ammonia
and can be flashed another time to increase its quality, or is directly stored in a cooled or pressurised
ammonia tank [64]. Nitrogen and hydrogen are compressed, heated and recycled back into the reactor,
requiring a significant amount of energy [72]. A purge is necessary to prevent build up of impurities.
Additionally, a membrane may recover and recycle valuable hydrogen from the purge, if this is cost
and energy efficient [72]. For electrochemical ammonia synthesis from nitrogen and water however,
hydrogen can not be redirected to the cell along with nitrogen and needs to be separated.

Electrochemical ammonia synthesis is conducted at lower pressures and therefore requires com
pression and cooling before flash separation. Kugler et al. [40] modeled electrochemical conversion
to ammonia in a PEMEL cell, followed by compression, cooling and distillation of the cathodic product
stream to achieve product purities of 99.5%. The first flash column facilitates separation of ammonia
from hydrogen and nitrogen. A second column ensures separation of hydrogen and nitrogen. This
separation process is very energy demanding and requires an energy input of around 1 kWh per kg
of produced ammonia, which translates to around 8% of the total energy input for electrochemical am
monia production. Gomez et al. [29] compresses and cools the cathodic stream to 11 bar and 271 K.
Consecutively, a flash drum provides ammonia with a purity of 99.9%. Based on Aspen Plus simula
tions, this purification process requires an energy input of 0.9 kWh ⋅ kg−1NH3 .

Absorption
A second method for separation of ammonia is through absorption. This technology is based on the
different absorption capacities of the different feed stream components. For HaberBosch processes,
this enables the fast removal of ammonia, without large pressure or temperature differences [77]. This
allows the reaction to operate at lower pressures, while ammonia formation rates are kept high.

Malmali et al. [50] has investigated a reactionseparation process with absorption of ammonia on
calcium chloride at an absorption temperature of 460 K and a desorption temperature of 600 K. In this
study, ammonia was formed in a HaberBosch process. Ammonia formation and absorption took place
concurrently, thereby keeping the mole fraction of ammonia at a minimum and the ammonia formation
rate at a maximum. Consequently, it was possible to produce ammonia rapidly at pressures as low as
25 bar.

Due to operation at relatively low pressures, separation by absorption is also interesting for electro
chemical ammonia synthesis, although this has not been studied extensively yet. In another reasearch
article from Malmali et al. [51], ammonia showed high absorption capacities on magnesium chloride
and calcium bromide at 420 K and 4 bar. These operating conditions can be interesting for combina
tion with electrochemical ammonia synthesis, eliminating the need for pressurisation of the separation
stream.

Membranes
Separation bymembranes is the last ammonia separation technology that will be discussed here. Sepa
ration bymembranes is based on the different gas diffusivities and permeabilities of ammonia, hydrogen
and nitrogen. Wei et al. [94] investigated the separation of ammonia by zeolitic imidazolate frameworks
(ZIF) membranes. Due to the polarpolar interaction between ammonia and the membrane, ammonia
was preferentially adsorbed. Moreover, ammonia is a lighter molecule than nitrogen, and therefore
its gas diffusivity is larger than that of nitrogen, leading to good selectivities for NH3/N2 separation.
However, selectivities for NH3/H2 separation were low due to fast hydrogen diffusivity. Advantages of
separation by membranes are its operation at near ambient temperature and at reduced pressure (<
30 bar). Nonetheless, improvements in selectivity are crucial for widescale use of this technology.

2.4.2. Water treatment
The anodic product streammainly consists of water and oxygen, the latter being formed as a byproduct.
The condensation temperatures of water and oxygen lie far apart and can be separated by condensa
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tion at near ambient conditions. Figure 2.8 shows the solubility of oxygen in pure water for different
temperatures and pressures. The solubility of oxygen decreases with pressure and temperature, and
lies around 1.152 ⋅ 10−3 mol ⋅ kg−1 at 303 K and 1 bar [27].

cles about the solubility of oxygen and ozone in liquids.
Most datasets published before 1980 can be found in their
work. The measurements are all listed in Table 2.

Most measurements in pure water are in similar arrange-
ment at pressures near 1 bar and temperatures below

350 K. Pray et al. (1952), Pray and Stephan (1953), Sten-
phan et al. (1956), Broden and Simonson (1978), Zoss
(1954) provide data in the high pressure and high tempera-
ture range (from 373.15 to 560.93 K with the partial pres-
sure of oxygen up to 201.7 bar), which are the only
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Fig. 7. The calculated isobaric solubility of O2 in pure water.
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Figure 2.8: Solubility of oxygen in pure water for different temperatures and pressures. Reprinted from reference [27].

Kugler et al. [40] found that simple condensation of the anodic product stream was sufficient to
achieve oxygen and water purities of 99.5%. Oxygen is a valuable byproduct and can be sold for
medicinal or industrial purposes. Oxygen is used, for instance, in steel production, where a purity of
95 vol% is required for iron ore treatment via the blast furnace route, and a purity of 99.5 vol% for the
basic oxygen furnace route [37]. Another option is to fuel a fuel cell with oxygen and hydrogen (from
the cathodic side) to provide electricity for the electrolytic cell [24].

2.5. Conclusion
Ammonia is essential for the production of fertilisers and can act as an energy vector, thereby providing
a means of energy storage. For these reasons the demand for ammonia is likely to keep increasing in
the coming years, while the energy consumption and carbon dioxide emissions of the currently used
ammonia production process, the HaberBosch process, are alarming. Electrochemical ammonia syn
thesis is a promising alternative, which is able to utilise renewable energy for the production of ammonia
from water and nitrogen.

To ensure a sustainable and energy efficient process, pretreatment of the raw materials, the cell’s
performances and product separation have to be taken into account. For pretreatment of the raw
materials (air and water) energy consumption and compatibility with sustainable energy sources have
to be taken into account. The performance of the electrochemical cell is mainly dependent on the
ammonia formation rate, the Faradaic efficiency and the cell potential, which in turn are dependent
on the electrolyte, electrodes, current and operating temperature. Ultimately, a tradeoff will need to
be made between these different factors. Finally, for the separation and purification of ammonia, the
required purity and energy consumption need to be taken into account. For water purification on the
other hand, simple condensation is considered adequate for this application.
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2.5.1. Research questions
Following on this literature review and with the intention of investigating and designing an electrochem
ical ammonia synthesis process, the following research question and subquestions have been defined:
Research question:
Under what range of operating conditions is an electrochemical ammonia synthesis process compet
itive with a HaberBosch plant that produces 1,500 tonnes of ammonia per day in terms of energy
consumption?
Subquestions:

• What pretreatment and separation steps for electrochemical ammonia synthesis are the least
energy consuming?

• What type of electrolyser is best suited for industrial electrochemical ammonia synthesis that is
competitive with a HaberBosch process?

• Within what range of current, potential and Faradaic efficiency must an ammonia producing elec
trolyser operate to be competitive with the HaberBosch process?

• How are the energy efficiencies influenced by the electrolyser parameters?

• How is the ammonia production rate influenced by the electrolyser parameters?
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Medium size ammonia production plants have a capacity of 400,000 to 600,000 tonnes of ammonia
production per year [75]. In order to compete and be comparable to current HaberBosch plants, a
design will be made with a capacity of 550,000 tonnes per year, which is equal to 1,500 tonnes of
ammonia per day. In this chapter, the options for, consecutively, pretreatment, electrolysis and sep
aration units are explored. Cryogenic distillation and PSA are considered and modeled as ASUs. An
AEL and a PEMEL are designed as electrolysers for ammonia synthesis. Distillation and flash separa
tion are modeled for the separation of ammonia from other (by)products. This chapter ends with four
overall process diagrams that are possible options for the production of ammonia via either an AEL or
a PEMEL.

Aspen Plus® (further referred to as Aspen) is used to model the chemical processes and to deter
mine the energy consumption of the separate process units in chapter 4. MATLAB® (further referred
to as Matlab) is used to solve the set of partial differential equations that the describe the adsorption
process.

3.1. Pretreatment of air
Three air separation technologies, such as membrane separation, cryogenic distillation and PSA have
been suggested for producing high purity nitrogen required for the synthesis process. Membrane sep
aration technologies are not yet able to provide sufficient flow rates (see section 2.2) and are not con
sidered further in this study. Cryogenic distillation and PSA, which are well established in industries,
are designed to provide 99.9 mol% purity nitrogen. For both ASUs, an air intake consisting of 78 mol%
N2 and 22 mol% O2, at ambient temperature and pressure, is assumed.

3.1.1. Cryogenic distillation
The cryogenic distillation column is designed to separate nitrogen and oxygen at a temperature of 90 K
and a pressure of 6 bar. The PengRobinson equation of state is chosen as thermodynamic property
model, which correlates well with experimental data for nitrogen and oxygen [89]. The feed stream is
dry air, which is compressed and cooled to achieve the right pressure and temperature (see Figure 3.1).
The ideal number of trays, feed stage, reflux ratio and distillate to feed ratio have been determined by
sensitivity analyses in Aspen and are as follows:

• Number of stages: 45

• Feed stage: 10

• Reflux ratio: 0.6

• Distillate to feed ratio: 0.7

19
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Figure 3.1: Cryogenic distillation for nitrogen generation, modeled in Aspen Plus.

3.1.2. Pressure Swing Adsorption
Commonly used adsorbents in PSA for nitrogen generation are carbon molecular sieves (CMS), which
is selected as adsorbent material in the model [6, 35]. An adsorption column is not readily available in
Aspen. Therefore, the adsorption equilibria of oxygen and nitrogen are modeled in a Matlab subroutine.
The following assumptions are made:

• The system is isothermal.

• The adsorption equilibrium is linear and is described by Henry’s adsorption isotherm.

• The mass transfer rate of a component in the gas phase to the adsorbed phase is expressed by
a linear driving force (Equation 3.3).

• The flow velocity of the gas mixture varies along the length of the column and is expressed by
Equation C.4.

• At 𝑡 = 0 the concentration in the gas phase and adsorbed phase of both components in the column
is zero.

The concentration of both components (𝐶𝑖) at a certain time (𝑡) and location in the column (𝑧) can be
found by solving the following material balance for nitrogen and oxygen (i = nitrogen, oxygen):

𝛿𝐶𝑖
𝛿𝑡 − 𝐷𝐿

𝛿2𝐶𝑖
𝛿𝑧2 + 𝑣

𝛿𝐶𝑖
𝛿𝑧 + 𝐶𝑖

𝛿𝑣
𝛿𝑧 +

1 − 𝜖
𝜖

𝛿𝑞𝑖
𝛿𝑡 = 0 (3.1)

Where 𝐷𝐿 is the axial dispersion coefficient, 𝑣 is the gas flow velocity, 𝜖 is the adsorption bed voidage
and 𝑞𝑖 is the amount of adsorbed nitrogen or oxygen.
The overall material balance correlates the total amount of components in the gas phase and in the
adsorbed phase:

𝐶𝑡𝑜𝑡
𝛿𝑣
𝛿𝑧 +

1 − 𝜖
𝜖 ∑

𝑖

𝛿𝑞𝑖
𝛿𝑡 = 0 (3.2)

The mass transfer rate describes the rate at which either of the components is adsorbed:

𝛿𝑞𝑖
𝛿𝑡 = 𝑘𝑖(𝑞

∗
𝑖 − 𝑞𝑖) (3.3)

Where 𝑘𝑖 is the linear driving force (LDF) of each component and 𝑞∗𝑖 is the equilibrium adsorption
concentration of component 𝑖. A linear adsorption equilibrium, with adsorption constant 𝐾𝑖, has been
assumed and is described by:

𝑞∗𝑖 = 𝐾𝑖𝐶𝑖 (3.4)
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Boundary conditions:

𝐶𝑁2(𝑧 = 0, 𝑡) = 𝐶𝑁2 ,𝑖𝑛 , 𝐶𝑂2(𝑧 = 0, 𝑡) = 𝐶𝑂2 ,𝑖𝑛
𝑣(0, 𝑡) = 𝑣𝑖𝑛

(3.5)

Initial conditions:
𝐶𝑁2(𝑧, 𝑡 = 0) = 0, 𝐶𝑂2(𝑧, 𝑡 = 0) = 0
𝑞𝑁2(𝑧, 𝑡 = 0) = 0, 𝑞𝑂2(𝑧, 𝑡 = 0) = 0

(3.6)

The adsorption column (see Figure 3.2) is modeled as a cylinder with length 𝐿 and an area 𝐴 that
is constant over its length. Filtered ambient air enters the column at 𝑧 = 0 with a molar flow rate 𝐹𝑖𝑛
and a velocity 𝑣𝑖𝑛. The adsorption column operates at a temperature 𝑇 and pressure 𝑝. The column
is discretised over its length into space steps with length Δ𝑧 and over time with time steps of Δ𝑡 using
the Euler backward method for first derivatives and a central difference scheme for second derivatives.
The discretisations can be found in Appendix C.

𝐹𝑖𝑛, 𝑥𝑁2
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L
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𝐹𝑜𝑢𝑡, 𝑥𝑁2
, 𝑥𝑂2

𝑧 = 0

𝑧 = L

Figure 3.2: Discretisation of the PSA column.

The concentrations of both components vary in time and space and therefore the aforementioned
set of equations (Equation 3.1 to Equation 3.4) also vary in time and space. For each point in time
and space, a different solution to this set of equations can be found. The parameters that are used for
finding the solution to the set of equations are shown in Table 3.1.

Matlab is unable to be directly coupled to Aspen. However, Excel can be used as mediator between
these two to exchange information as can be seen in Figure 3.3. The adsorption column is modeled
as a ’User block’ with variables as in Table 3.1 that can be adjusted in Aspen. The calculations for the
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Table 3.1: Parameters in PSA model [70, 72].

Parameter Value
Axial dispersion coefficient, 𝐷𝐿 (m2 ⋅ s−1) 4.876 ⋅ 10−4
Bed voidage, 𝜖 () 0.4
Adsorption equilibrium constant nitrogen, 𝐾𝑁2 () 8.9
Adsorption equilibrium constant oxygen, 𝐾𝑁2 () 9.25
LDF constant nitrogen, 𝑘𝑁2 (s−1) 7.62 ⋅ 10−3
LDF constant oxygen, 𝑘𝑁2 (s−1) 44.71 ⋅ 10−3
Length column, 𝐿 (m) 3.5
Area column, 𝐴 (m2) 0.56745
Operating temperature column, 𝑇 (K) 298
Operating pressure column, 𝑃 (bar) 9.4
Adsorption cycle time, 𝑡𝑎 (s) 30

adsorption column are executed in Matlab and finally the results for the product streams are commu
nicated back to Aspen via Excel.

Excel MatlabAspen Plus

Feed flow data 
and operating 

parameters

Feed flow data 
and operating 

parameters

Product flow 
data

Product flow 
data

Figure 3.3: Communication between Aspen, Excel and Matlab in the process modeling of the adsorption column.

In practice, the PSA system looks like in Figure 2.3, with two adsorption columns that are active
alternatively. In this study, however, only the active column is shown in the process diagram and the
desorption of the adsorbent is not modeled as shown in Figure 3.4.
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Figure 3.4: Pressure Swing Adsorption for nitrogen generation, as modeled in Aspen Plus.

3.2. Electrochemical cell
Four different types of electrochemical cells were described in subsection 2.3.2. However, Faradaic
efficiencies of SOELs are currently limited and AEMELs need advancements in their ionic conductivity
and chemical stability for this technology to be technical feasible. AEL and PEMEL are currently the
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most promising water electrolysers [11]. Whether they are better able to synthesise ammonia than
SOEL and AEMEL needs to be proven in the future, but this is outside the scope of this research.
Therefore, an AEL and a PEMEL are modeled in this section.

The electrochemical cell is considered as a ’black box’, this means that the cell is not modeled in
detail, and heat and mass transfer, flow patterns and the cell set up are not taken into account. In
Figure 3.5 the electrochemical cell is represented as the black box, with a certain temperature, pres
sure, cell potential, and a current that depends on the required ammonia formation rate, with incoming
streams as the feed streams and the outgoing streams containing the products and byproducts.

𝑇, 𝑃, 𝐸𝑐𝑒𝑙𝑙 , 𝐼𝐹𝑒𝑒𝑑 𝐵𝑦 𝑝𝑟𝑜𝑑𝑢𝑐𝑡

Figure 3.5: Electrochemical cell considered as a black box in the simulation with predefined temperature, pressure and cell
potential and a current that needs to be determined.

Buttler et al. investigated current stateoftheart water electrolysers and gave a summary of their
operation parameters [11]. In this study, the A485 Hydrogen electrolyser is taken as a reference for
the AEL and the Siemens SILYZER 200 is taken as a reference for the PEMEL [60, 74]. The average
temperature of both cells have been set at 353 K. The AEL operates at atmospheric pressure and the
PEMEL operates at a pressure of 30 bar. We assume a singlepass conversion of 25%, since at lower
conversions the process is unlikely to be economically feasible [92].

The electrochemical cells have two feeds, a nitrogen feed and a water or potassium hydroxide
solution for a PEMEL or an AEL cell respectively. One of the streams leaving the AEL contains the
volatile components produced in the cell, while the other stream contains dissolved ammonia in a KOH
solution, as can be seen in Figure 3.6a. The two streams leaving the PEMEL are the streams leaving the
anodic and the cathodic side of the cell, which consist of oxygen and water, or ammonia, hydrogen and
nitrogen respectively (see Figure 3.6b). It is assumed that no water is present in the cathodic product
side, since the permeability of water through the membrane is small and at high current densities water
is directly consumed at the electrodes [95].
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KOH-SOL GASES

SOLUTENITROGEN

(a) AEL

USER2

PEM

WATER ANODE

CATHODENITROGEN

(b) PEMEL

Figure 3.6: Electrochemical cells simulated in Aspen Plus.

The electrochemical cell itself is modeled as a user block, for which the feed details and cell speci
fications are collected, send to an Excel file where calculations are made for the product streams and
finally the calculated values are send back to Aspen to define the product streams. The current required
for the production of a certain amount of ammonia is described by Faraday’s law:

𝐼 =
𝑟𝑁𝐻3 ,𝑐𝑒𝑙𝑙 ⋅ 𝑛 ⋅ 𝐹

𝐹𝐸 (3.7)

Where 𝐹𝐸 is the Faradaic efficiency. Where 𝑟𝑁𝐻3 ,𝑐𝑒𝑙𝑙 is the ammonia formation rate inside the cell. Note
that this value is larger than the production rate of 1,500 tonnes per day due to ammonia loss in the
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separation process. 𝑛 represents the amount of moles of electrons required for the formation of one
mole of ammonia, which is equal to three.

It is assumed that the only sideproduct is hydrogen (with 𝑛 = 2). Therefore, the amount of hydrogen
that is produced, is calculated as:

𝑟𝐻2 =
𝐼 ⋅ (1 − 𝐹𝐸)

𝑛 ⋅ 𝐹 (3.8)

3.3. Separation of ammonia
In this subsection, the separation of ammonia from an electrolyte and the separation of ammonia from
a gaseous mixture of hydrogen and nitrogen are modeled. The first is applicable for the solute stream
coming from the AEL, while the second is relevant for the cathodic product stream of a PEMEL.

3.3.1. Distillation
The solute stream consists of a 1MKOH solution containing ammonia at atmospheric pressure and 353
K. Ammonia and the electrolyte are separated using a distillation column which is modeled in Aspen.
Since the process involves the separation of ammonia from an electrolyte, a special thermodynamic
property model is needed to describe the relation between the different components. The Electrolyte
NRTL/RedlichKwong model has been proven to accurately describe the interaction between the con
cerned components at atmospheric pressures and is therefore chosen as thermodynamic property
model [52].

The solute stream from the AEL enters the distillation column as shown in Figure 3.7a. In the col
umn, ammonia is separated from the electrolyte and leaves at the top, this stream is called ’ammonia’.
The bottom stream contains the electrolyte and some unseparated ammonia. A distillation column has
been designed for different concentrations of ammonia in the solute stream, the specifications of these
columns can be found in Appendix D.

DISTL

SOLUTE

AMMONIA

BOTTOM

(a) The distillation of ammonia from a KOH solution.

FLASH

GASES

AMMONIA

CATHODE

(b) The separation of ammonia from a gaseous mixture by
a flash drum.

Figure 3.7: Two technologies for the separation of ammonia from the electrochemical cell’s product stream, modeled in Aspen
Plus.

3.3.2. Flash separation
The cathodic product stream from the PEMEL consists of ammonia, nitrogen and hydrogen, at 30 bar
and 353 K. The product stream is pressurised, which suggests flashing at an intermediate pressure to
allow for pressurised storage of ammonia. The bottom product of the flash drum contains at least 99.9
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mol% purity ammonia and the stream leaving the top of the flash drum contains hydrogen and nitrogen.
Figure 3.7b shows a diagram of the flash separation in a PEMEL based process.

For the modeling of the flash drum in Aspen Plus, the PengRobinson equation of state is chosen,
which has been proven to well estimate the relation between ammonia, nitrogen and hydrogen [39, 89].

3.4. Overall process diagrams
The separate process units are combined to four different overall process diagrams, shown and elabo
rated in this section. A complete overview of all streams, with mass and energy flows, can be found in
Appendix E. Note that all heaters and chillers are modeled as separate units. Thus no heat integration
has been applied in this study.

3.4.1. Process diagrams for an alkaline electrolyser
For the alkaline electrolyser, two combinations can be designed for the entire production process. The
first option consists of a cryogenic distillation column for the generation of nitrogen, followed by an AEL
and another distillation column for the separation of ammonia from the electrolyte (see Figure 3.8). The
second option consists of a set of PSA columns. However, only one column is modeled (ADS in the
process diagram). In order to attain the appropriate product flows while only one column is modeled,
the air feed (stream AIR2) is divided by the total number of PSAs. The visible adsorption column can be
considered as one PSA in a number of parallel connected PSAs. After the adsorption subprocess, the
streams leaving the adsorption column are multiplied by the number of PSAs, ensuring the correct flow
of nitrogen. The ASU is followed by an AEL and again a distillation column for the separation process
(see Figure 3.9). In both cases ammonia is compressed to a pressure of 10 bar and cooled down to a
temperature of 298 K after separation, which are conventional storage conditions for ammonia [66].
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Figure 3.8: Overall process diagram for an AEL with cyrogenic distillation for nitrogen distillation.
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3.4.2. Process diagrams for a PEM electrolyser
Also for the PEMEL two combinations of production processes can be designed. The first one involves a
distillation column for nitrogen generation, followed by a PEMEL cell and a flash drum for the separation
of ammonia (see Figure 3.10). For the second option the distillation column is replaced by a set of
adsorption columns (similar to the case with an AEL) for the generation of nitrogen (see Figure 3.11).
Since the PEMEL cell operates at 30 bar and the flash drum at 15 bar, the cathodic product stream
does not need to be compressed, but can be stored directly after separation.
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Figure 3.10: Overall process diagram for a PEMEL with cryogenic distillation for nitrogen generation.
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4
Results

In this chapter, the results of the different simulations are shown for the production of a process plant
that is able to produce 1,500 tonnes of ammonia per day. First, cryogenic distillation and PSA for the
generation of nitrogen are compared and their optimal operating parameters are defined. Subsequently,
distillation and a flash drum for the separation of ammonia from the product stream are compared, their
operating parameters and the optimal ammonia concentration in the product stream are determined.
Afterwards, four combinations of pretreatment and separation steps are created and evaluated. Finally,
the relation between the cell’s operating parameters and its energy consumption is calculated, and
the operating parameters at which the entire system is competitive with a HaberBosch process are
determined.

4.1. Pretreatment analysis
4.1.1. Cryogenic distillation
After allocating the operating parameters from subsection 3.1.1 and the feed stream values from sec
tion 3.1 to a distillation column in Aspen, the simulation can be carried out. The energy consumption
per kilogram of separated nitrogen is presented in Table 4.1.

Table 4.1: Energy consumption of a cryogenic distillation unit for nitrogen generation.

Utility Function Energy consumption (kWh ⋅ kg−1N2 )
COMP Air compressor 0.114
CHILL Air cooler 0.279
DISTL (Reboiler) Distillation reboiler 0.080
DISTL (Condenser) Distillation condenser 0.089
Total 0.56

4.1.2. Adsorption column
Figure 4.1b shows the concentration of each component in the gas phase along the length of the
adsorption column at an intermediate time step 𝑡. As can be seen, oxygen is gradually removed from
the gas phase and almost no oxygen leaves the end of the column. The concentration of nitrogen in
the gas phase increases in the first half of the column. This is due to the fact that at earlier time steps
nitrogen was adsorbed at these locations (see Figure 4.1a), but is now being desorbed to accommodate
the adsorption of oxygen, which has a higher adsorption equilibrium constant. In the remainder of the
column, more nitrogen is adsorbed since the adsorbent is not fully saturated here. Finally, at time step
𝑡, a product stream leaves the column at 𝑧 = L with 𝐶𝑁2(𝑧 = L, 𝑡) and 𝐶𝑂2(𝑧 = L, 𝑡).

27
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Figure 4.1: The concentration of each component at intermediate time steps along the length of the adsorption column.

The nitrogen purity of the stream leaving the adsorption column changes during one cycle. However,
the nitrogen is collected in a wellstirred storage tank and therefore the stream leaving the storage tank
has a constant concentration which is calculated as:

𝐶𝑁2 =
1
𝑁𝑡

𝑡=𝑡𝑎
∑
𝑡=0

𝐶𝑁2(𝑧 = L, 𝑡) (4.1)

Operating parameters that need to be determined are the operating pressure, operating tempera
ture and adsorption cycle time. These are optimised using the Model Analysis Tool in Aspen until the
required nitrogen purity is achieved and the nitrogen recovery is at least 10 mol%. The pressure de
pendency of the nitrogen purity and nitrogen recovery are displayed in Figure 4.2a. The nitrogen purity
increases with increasing pressure, but its recovery decreases with a rise in pressure. The opposite can
be observed in the plot for the temperature dependency (see Figure 4.2b) . Here, the nitrogen purity
declines with increasing temperature, while the nitrogen recovery becomes larger as the temperature
rises.
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The optimal operating temperature and pressure are determined by choosing a combination of these
two variables that gives a nitrogen purity of at least 99.9 mol%. This purity is achieved at a pressure of
9.4 bar and a temperature of 298 K. To attain this pressure, dry air is compressed before entering the
column, causing the temperature to rise. Therefore, the air stream is cooled down to a temperature of
298 K. The adsorption cycle time 𝑡𝑎 is set at 30 s, which is comparable to earlier studies and in which
time most oxygen in adsorbed [6, 70].

The energy consumption for the production of nitrogen via this PSA process was found to be equal
to 1.82 kWh ⋅ kg−1N2 .

Finally, the assumption of a zero pressure drop is checked by calculating the pressure drop using
Ergun’s equation:

𝑑𝑝
𝑑𝑧 = −150

(1 − 𝜖)2
𝜖3

𝑉 ⋅ 𝜇
𝐴𝑐 ⋅ 𝐷2𝑝

− 1.75(1 − 𝜖)𝜖3
𝑉 ⋅ 𝑚
𝐷𝑝 ⋅ 𝐴2𝑐

(4.2)

The parameters that are used for the calculation are summarised in Table 4.2. The resulting pres
sure drop is equal to 1.05 ⋅ 104 Pa per meter column. For a column length of 3.5 m (as in this study),
the pressure drop over the entire column is 0.37 bar.

Table 4.2: Parameters used in Ergun’s equation for the calculation of pressure drop in a reactor, values from own PSA simulation
(subsection 3.1.2).

Symbol Description Value
𝜖 Bed voidage 0.4 [71]
𝑉 Volumetric flow rate 0.223 m3 ⋅ s−1
𝜇 Dynamic viscosity (air) 1.81 ⋅ 10−5 Pa ⋅ s [19]
𝐴𝑐 Bed cross sectional area 0.56745 m2

𝐷𝑝 CMS particle diameter 0.003 m [69]
𝑚 Mass flow rate 2.60 kg ⋅ s−1

4.2. Separation analysis
4.2.1. Distillation
The distillation column for separating ammonia from an electrolyte is modeled for different concentra
tions of ammonia in the 1 M KOH solute product stream with the column specifications in Table D.1.
Table 4.3 gives an overview of the ammonia recovery and the energy consumption of the distillation
process for different ammonia concentrations, obtained from Aspen. These values are also plotted in
Figure 4.3. It can be seen in this figure that the energy requirements for the distillation column increase
rapidly at concentrations below 10 mol% of ammonia. It is therefore assumed necessary to achieve
a concentration of at least 10 mol% of ammonia in the solute leaving the AEL. This means that an
electrolyte flow rate nine times as large as the ammonia formation rate is required.

Table 4.3: Energy requirement for a separation process of ammonia from a 1 M KOH solution for different concentrations of
ammonia in the cathodic product stream.

NH3 purity (mol%) NH3 recovery (mol%) Energy consumption (kWh ⋅ kg−1NH3 )
4 99.4 10.04
5 99.9 8.13
10 99.5 1.75
15 99.5 1.36
20 99.4 1.11
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Figure 4.3: Energy requirement for the distillation of ammonia from an electrolyte for different concentrations of ammonia in the
solute product stream of an AEL.

4.2.2. Flash separation
A flash separation unit is designed for different concentrations of ammonia in the cathodic gaseous
product stream. The selected operating parameters and resulting energy requirements are shown in
Table 4.4.

Table 4.4: Energy requirement for a separation process of ammonia from a gaseous mixture for different concentrations of
ammonia in the cathodic product stream and a flash drum operating at different temperatures.

Concentration am
monia (mol%)

Operating temperature
flash drum (K)

Operating pressure
flash drum (bar)

Energy consumption
(kWh ⋅ kg−1NH3 )

1 140.55 15 11.05
5 151.65 15 2.44
10 157.15 15 1.41
25 167.15 15 0.80
50 184.05 15 0.60

The energy consumption of the flash drum is plotted in Figure 4.4a. It can be observed that the
energy consumption for the separation process increases radiply at concentrations below 10 mol% of
ammonia. The required operation temperature of the flash drum is also plotted in Figure 4.4a and also
gives an estimation for the required operation temperature of the flash drum at intermediate concen
trations.

The influence of the Faradaic efficiency of the PEMEL on the separation process was studied as
well. The concentration of ammonia in the cathodic product stream has been set at 10 mol%, so
the Faradaic efficiency does not influence this concentration. However, the Faradaic efficiency does
influence the amount of hydrogen that is produced as byproduct. The Faradaic efficiency does thus
influence the H2 ∶ N2 ratio, which influences the energy requirement for the separation of ammonia from
hydrogen and nitrogen. Figure 4.4b gives the energy consumption and required operating temperature
of the flash drum for different Faradaic efficiencies. It can be seen that a higher Faradaic efficiency,
and therefore lower hydrogen content, requires a lower operating temperature of the flash drum and
therefore a higher energy consumption. This can be attributed to the fact that the volatilities of hydrogen
and ammonia are further apart and therefore less energy is required to separate these components.
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Figure 4.4: Operating temperature of the flash drum and its energy requirement for the separation process of ammonia from a
gaseous mixture.

4.3. Energy consumption pretreatment and separation
The energy consumption per kilogram of produced ammmonia can be calculated by adding the energy
consumption for all equipment, except for the electrochemical cell, for each of the process diagrams.
The energy consumption in kWh ⋅ kg−1NH3 is retrieved from Aspen and presented in Table 4.5, Table 4.6,
Table 4.7 and Table 4.8.

4.3.1. Process with an alkaline electrolyser
For the options where ammonia is produced by an AEL, one of the most energy consuming steps is the
distillation of ammonia and the electrolyte. It is found that the separation of ammonia from an electrolyte
is energy consuming, due to the dissolved ammonia. Separation becomes even more troublesome if
lower concentrations of ammonia are found in the solute stream, as was shown in subsection 3.3.1.

Table 4.5: Energy consumption of the utilities in an AEL based process with distillation for nitrogen generation.

Utility Function Energy consumption (kWh ⋅ kg−1NH3 )
Nitrogen
pre
treatment
(distillation)

COMP1 Air compressor 0.38
CHILL1 Air cooler 0.94
DISTL1 ASU distillator 0.57
HEAT2 Nitrogen heater 0.45

Water pre
treatment

HEAT3 Water heater 0.72

Separation
(distillation)

DISTL2 Ammonia separation
distillator

1.29

HEAT4 Ammonia heater 0.38
COMP2 Ammonia compressor 0.14
CHILL5 Ammonia cooler 0.43
Total 5.30

For a process where nitrogen is produced by PSA columns and ammonia is synthesised by an AEL,
most energy is consumed by the first cooler. The air stream is considerably heated due to compression
and needs to be cooled down again before being fed to the adsorption column. This air stream is
relatively large, because the PSA has a nitrogen recovery of around 11.4 mol%, therefore requiring a
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large feed to produce enough nitrogen. This causes the high energy requirements of the generation
of nitrogen by PSA. Also here, the distillation of ammonia and the electrolyte requires a signification
amount of energy.

Table 4.6: Energy consumption of the utilities in an AEL based process with PSA for nitrogen generation.

Utility Function Energy consumption (kWh ⋅ kg−1NH3 )
Nitrogen
pre
treatment
(PSA)

COMP1 Air compressor 3.04
CHILL1 Air cooler 3.06
CHILL2 Nitrogen cooler 0.002
HEAT3 Nitrogen heater 0.15

Water pre
treatment

HEAT4 Water heater 0.72

Separation
(distillation)

DISTL Ammonia separation
distillator

1.29

HEAT5 Ammonia heater 0.38
COMP2 Ammonia compressor 0.14
CHILL6 Ammonia cooler 0.43
Total 9.21

4.3.2. Process with a PEM electrolyser
For a system where nitrogen is produced via cryogenic distillation and ammonia is synthesised by a
PEMEL cell, most energy is consumed by the cooling down of the air stream. However, this energy
requirement is smaller than that in the case of a PSA, because the molar flow of the air stream is
smaller.

Table 4.7: Energy consumption of the utilities in a PEMEL based process with distillation for nitrogen generation.

Utility Function Energy consumption (kWh ⋅ kg−1NH3 )

Nitrogen
pre
treatment
(distillation)

COMP1 Air compressor 0.38
CHILL1 Air cooler 0.92
DISTL ASU distillator 0.56
HEAT2 Nitrogen heater 0.22
COMP2 Nitrogen compressor 0.10
HEAT3 Nitrogen heater 0.12

Water pre
treatment

PUMP Water compressor 0.006
HEAT4 Water heater 0.44

Separation
(flash)

FLASH Ammonia flash separator 0.75

Total 3.50

Also for a PEMEL cell with PSA for nitrogen generation most energy is required for the cooling down
of the air stream.

It can be concluded that for both electrolysers, a process that uses cryogenic distillation as a pre
treatment step is the most optimal in terms of energy use. For a process with an alkaline electrolyser,
the separation of ammonia should be done via distillation. For a process with a PEMEL, ammonia can
be separated from the gaseous mixture through flash separation.
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Table 4.8: Energy consumption of the utilities in a PEMEL based process with PSA for nitrogen generation.

Utility Function Energy consumption (kWh ⋅ kg−1NH3 )

Nitrogen
pre
treatment
(PSA)

COMP1 Air compressor 3.04
CHILL1 Air cooler 3.06
CHILL2 Nitrogen cooler 0.005
COMP2 Nitrogen compressor 0.15
CHILL3 Nitrogen cooler 0.10

Water pre
treatment

PUMP Water compressor 0.006
HEAT4 Water heater 0.44

Separation
(flash)

FLASH Ammonia flash separator 0.75

Total 7.55

4.4. Energy consumption electrochemical cell
The entire process should be competitive with a HaberBosch process in terms of energy use. This
means that the energy consumption of the pretreatment (𝐸𝑝−𝑡), electrolyser (𝐸𝑒𝑙) and separation (𝐸𝑠𝑒𝑝)
steps together should be comparable to the energy consumption by a HaberBosch process (𝐸𝐻−𝐵),
which translates to around 8.8 kWh ⋅ kg−1NH3 (see subsection 2.1.1):

𝐸𝐻−𝐵 ≈ 𝐸𝑝−𝑡 + 𝐸𝑒𝑙 + 𝐸𝑠𝑒𝑝 (4.3)

The efficiency of all pretreatment and separation utilities is incorporated in the calculations made
by Aspen. The electrical energy efficiency of the electrolyser is defined as the amount of power that is
used to provide a current over the total power input. Electrical energy losses are mainly due to heat
generation within the cell. In order to determine these losses, more information on the reactions and
heat transfer in the cell needs to be known and therefore, in this study, an electrical energy efficiency
of 100% is assumed.

The energy consumption for the pretreatment and separation steps for a process with an AEL and
a PEMEL have been calculated in section 4.3 and the amount of energy required by the electrolyser is
calculated as:

𝐸𝑒𝑙 =
𝑃𝑐𝑒𝑙𝑙
𝑟𝑁𝐻3

= 𝑈𝑐𝑒𝑙𝑙 ⋅ 𝐼
𝑟𝑁𝐻3

(4.4)

Note that the ammonia production rate used here (𝑟𝑁𝐻3 ) is different from the ammonia formation rate
(𝑟𝑁𝐻3 ,𝑐𝑒𝑙𝑙) from Equation 3.7. 𝑟𝑁𝐻3 ,𝑐𝑒𝑙𝑙 is the rate at which ammonia is produced in the electrochemical
cell, while 𝑟𝑁𝐻3 is the rate at which ammonia leaves the entire production process, which is lower
since some ammonia is lost during the separation step. In order to find the relation between the cell
parameters and the ammonia formation rate, the amount of ammonia formed in the cell (𝑟𝑁𝐻3 ,𝑐𝑒𝑙𝑙) is
plotted as a function of the applied current for different Faradaic efficiencies in Figure 4.5a. As can
be observed, a higher Faradaic efficiency results in an increase in ammonia formation. The applied
current is also linearly related to an increase in the ammonia formation rate, described by Faraday’s
law (Equation 3.7).

The cell’s energy requirements are linearly related to the applied current (see Equation 4.4). Thus,
in order to find the relation between the cell’s parameters and the energy consumption, first the required
current is plotted as a function of the Faradaic efficiency, for different ammonia formation rates in the
cell (𝑟𝑁𝐻3 ,𝑐𝑒𝑙𝑙) in Figure 4.5b. The required current increases rapidly at lower Faradaic efficiencies for
all 𝑟𝑁𝐻3 ,𝑐𝑒𝑙𝑙. Unless stated otherwise, in the remainder of this thesis we assume a Faradaic efficiency
of 70%, since higher Faradaic efficiencies do not influence the required current drastically.
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Figure 4.5: Relation between the Faradaic efficiency, applied current and ammonia formation rate, described by Faraday’s law.

For both cells, an overpotential of 0.6 V is assumed, as is predicted to be a reasonable prediction
by Wang et al. [91]. This results in a cell potentials of 1.77 V.

4.4.1. Alkaline electrolyser
The ammonia recovery rate using distillation with an AEL is 99.5 mol%. To maintain an ammonia pro
duction rate of 1,500 tonnes per day, the electrochemical cell needs to achieve an ammonia formation
rate of 1024.50 mol ⋅ s−1. Using Faraday’s law (Equation 3.7) and a Faradaic efficiency of 70%, the
required current is calculated to be 423.64 MA.

With a cell potential of 1.77 V, an electrical energy input of 12.00 kWh ⋅ kg−1 is needed for the elec
trochemical cell. The energy consumption for pretreatment and separation steps in an AEL process
is 5.30 kWh ⋅ kg−1NH3 (see Table 4.5). This leads to a total energy consumption of 17.30 kWh ⋅ kg−1NH3 for
a process where ammonia is produced by an alkaline electrolyser.

4.4.2. PEM electrolyser
For a process with a PEMEL cell, the ammonia recovery rate for the separation step is 99.9 mol%. This
results in a required ammonia formation rate of 1020.40 mol ⋅ s−1. Again, using Faraday’s law and a
Faradaic efficiency of 70%, the applied current should be 421.94 MA. Applying Equation 4.4 and a cell
potential of 1.77 V, this results in an energy consumption of 11.95 kWh ⋅ kg−1NH3 .

For the pretreatment and separation steps in a PEMEL process, the energy consumption is 3.50
kWh ⋅ kg−1NH3 (see Table 4.7), leading to a total energy consumption of 15.45 kWh ⋅ kg−1NH3 for a process
where ammonia is produced by a PEMEL.

Figure 4.6a shows the required current for different Faradaic efficiencies for an AEL and a PEMEL.
The minimal current that is needed to produce the fixed amount of ammonia lies around 300 MA for
both cells and increases with decreasing Faradaic efficiency. The energy consumption of the cells for
different cell potentials and Faradaic efficiencies is plotted in Figure 4.6b. The cells will require at least
5 kWh ⋅ kg−1NH3 , even at 100% Faradaic efficiency and the standard equilibrium cell voltage.
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Figure 4.6: Required current for different Faradaic efficiencies of an AEL and a PEMEL cell and the resulting electrical energy
consumption of the cell at different Faradaic efficiencies and for a range of cell potentials.

In order to find the relation between the electrolyser parameters and the energy efficiency of the en
tire process, the energy consumption of the different processes have been calculated. Subsequently,
the energy efficiency of the entire process is calculated as the LHV of ammonia over the energy con
sumption of the entire process, and is plotted for different cell potentials and Faradaic efficiencies in
Figure 4.7a and Figure 4.7b. The overall energy efficiency declines with decreasing Faradaic efficiency
and increasing cell potential. The energy efficiency of a PEMEL based process is higher at all cell po
tentials and Faradaic efficiencies than an AEL based process, due to a lower energy consumption of
its subprocesses. At a cell potential of 1.77 V and a Faradaic efficiency of 70%, the overall energy
efficiency is 29.88% for an AEL based process and 33.46% for a PEMEL based process. Even at the
lowest overpotentials and a Faradaic efficiency, an overall energy efficiency of 50% is merely reached.
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(a) Process with an AEL cell.
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(b) Process with a PEMEL cell.

Figure 4.7: Energy efficiency for two overall ammonia production processes.





5
Discussion

5.1. Nitrogen pretreatment
The energy consumption for nitrogen generation by cryogenic distillation, as found in our Aspen model,
is 0.56 kWh ⋅ kg−1N2 . This is compared to the 0.42 kWh ⋅ kg−1N2 found by Aneke et al. [7]. The energy
consumption for the system designed by Aneke is lower, which is mainly due a better designed system
with high and low pressure columns. The result found by Aneke is promising because this means that
the energy consumption of the pretreatment process can be reduced if the system is optimised.

The energy consumption for nitrogen generation via PSA is 1.82 kWh ⋅ kg−1N2 . For the modeling of the
adsorption column, a linear adsorption equilibrium was assumed, as suggested by Sánchez et al. [72].
However, a nonlinear adsorption isotherm gives a better description of the adsorption equilibrium of
oxygen and nitrogen on CMS [6]. A zero pressure drop was assumed, however this pressure drop
influences the assumption of a constant fluid density and therefore the fluid velocity. Also the adsorption
equilibrium is influenced by a pressure difference. Nevertheless, a pressure drop of 4% (0.37 bar on a
pressure of 9.4 bar) was calculated in subsection 4.1.2 and is considered small enough to not have a
significant effect on the current simulation.

As was shown in section 4.3, a PSA unit for the generation of nitrogen is more energy consuming
than cryogenic distillation at this scale. This same result was found by Sánchez et al., who compared
membranes, PSA and distillation systems at different scales [72]. Most energy is consumed by cooling
down of the large air stream that is heated due to compression to 9.4 bar. When heat integration is
applied, energy from the air stream can be used to heat other streams within the process and thereby
reduce the heating costs in a process where a PSA unit is used. Nonetheless, heat integration was not
investigated and therefore cryogenic distillation was chosen above the adsorption technique.

5.1.1. Validity adsorption model
The PSA column that is modeled in this study is compared to a dynamic model made by Sadeghzadeh
Ahari et al. [70]. Sadeghzadeh Ahari modeled the pressurisation, adsorption, blow down and desorp
tion of the column, but here only the adsorption steps are compared to each other.

The column dimensions and operating conditions are adjusted to match those of the study by
Sadeghzadeh Ahari (𝐿 = 1 m and 𝐴𝑐 = 0.00049 m2). Subsequently, the nitrogen purity for different
column lengths, adsorption times and inlet flow velocities is measured.

Figure 5.1 shows the dependency of the nitrogen purity on different parameters, compared to
Sadeghzadeh Ahari. As can be seen in these figures, the models follow the same trend, but the model
designed in this thesis approximates the nitrogen purity 1.5 mol% higher for the adsorption time de
pendency and around 1 mol% lower for the inlet flow velocity dependency. The difference between
the data in Figure 5.1a is smaller. Also, for higher flow velocities and larger column lengths (as for the
model designed in this research), the differences decrease.
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(a) For different column lengths.
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(b) For different adsorption cycle times.

0.16 0.17 0.18 0.19 0.2 0.21 0.22

Inlet flow velocity (m/s)

88

89

90

91

92

93

94

95

N
itr

og
en

 p
ur

ity
 (

m
ol

%
)

This study
Sadeghzadeh Ahari (2006)

(c) For different inlet flow velocities.

Figure 5.1: Nitrogen purity dependency on different parameters, compared to Sadeghzadeh Ahari et al. (2006) [70].

5.2. Ammonia Separation
In a system with an AEL, a distillation column needs to be used for the separation of ammonia from
the electrolyte since ammonia is dissolved in the electrolyte and a flash drum will be unable to provide
sufficient separation. For an AEL based process, with an electrolyser that has a Faradaic efficiency of
70% and operates at a cell potential of 1.77 V, the energy consumption of the distillation unit represents
7.5% of the total energy consumption. Adsorbents and membranes have been proven to be able to
separate ammonia from gaseous hydrogen and nitrogen, but separation of ammonia from an electrolyte
has not been proven by this technique (see section 2.4).

For a system in which a PEMEL is used for the production of ammonia, flash separation is a feasible
separation technique. Other separation technologies, such as distillation, PSA or membranes are
unnecessarily more capital intensive than flash separation [72]. Especially for PEMEL cells that operate
at higher pressures, such as 30 bar, a flash drum can be placed directly after the electrochemical cell,
which saves pressurisation costs. For a PEMEL based process, with an electrolyser that has a Faradaic
efficiency of 70% and operates at a cell potential of 1.77 V, the flash drum requires 4.9% of the total
energy consumption of the process, which is 0.75 kWh ⋅ kg−1NH3 . This is higher than the 0.47 kWh ⋅ kg−1NH3
that is required for the distillation of ammonia from hydrogen and nitrogen as found by Kugler et al. [40].
Kugler used a conversion rate of 35% and a Faradaic efficiency of 80% (in this study a 25% conversion
and 70% Faradaic efficiency were assumed), which influences the concentration of ammonia in the
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product stream and therefore the energy consumption of the separation step. An advantage of cells
operating at a higher pressure and flashing at an intermediate pressure, is that this allows for easy
storage of ammonia.

For both separation technologies, it was found that an ammonia concentration of at least 10 mol%
is required for efficient separation. At concentrations below this value, the energy requirements for
the separation process grow rapidly. This is the same result that Wang et al. found [91]. In order to
reach this concentration of ammonia in the product streams, they recirculate the electrolyte until the
required ammonia concentration is reached. For the separation of ammonia from an electrolyte, this
observation can be attributed to the solubility of ammonia in a KOH solution [65]. For the separation of
ammonia from a gaseous mixture of hydrogen and nitrogen, this observation is ascribed to the vapour
pressure of ammonia, causing the presence of ammonia in the vapour phase [68].

5.3. Preferred electrochemical cell
In this thesis two processes are modeled, one for a process with an AEL and one for a process in which
a PEMEL is used. The electrolyser choice influences the design of the entire process. Pretreatment is
influenced because the two electrolysers have different operating temperatures and pressures. While
the separation steps are different due to a difference in components that are present in the product
streams from the electrolysers. When comparing the two processes, all pretreatment and separation
steps in a PEMEL based process are less energy consuming. However, the final selection also depends
on the energy consumption by the cell itself. Which type of electrochemical cell is best suited for
ammonia synthesis and which type of cell requires the least amount of energy still needs to be proven.
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Figure 5.2: Total energy consumption of an AEL and a PEMEL based process compared.

Depending on the amount of energy required by the cell itself, the total energy consumption by the
production process can be found in Figure 5.2. An AEL cell should always consume 1.80 kWh ⋅ kg−1NH3
less energy than a PEMEL cell in order to be competitive with a PEMEL based process. This figure
also shows the energy consumption of a HaberBosch process and the lower bounds for an AEL and
a PEMEL process, which are based on a cell voltage of 1.17 V and a Faradaic efficiency of 100%. It
can be observed that even in the most optimal situation, the electrochemical based processes require
slightly more energy.

To illustrate the energy consumption by the different subprocess, a breakdown of the energy re
quirements for the different ammonia production routes is presented in Figure 5.3. For this illustration,
a Faradaic efficiency of 70% and a cell potential of 1.77 V are assumed. It can be observed that for all
electrochemical routes, the NH3 electrolysis step is most energy intensive.
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Figure 5.3: Energy requirements of the different subprocesses for different NH3 production plants. For the electrochemical
routes, a Faradaic efficiency of 70% and a cell potential of 1.77 V are assumed. Dashed horizontal line indicates the LHV of NH3
(5.7 kWh ⋅ kg−1NH3 ).

5.4. Required electrolyser operation parameters
In this section, the total energy consumption of an electrochemical ammonia synthesis process is com
pared to a HaberBosch based process with an energy consumption of 8.8 kWh ⋅ kg−1NH3 .

The pretreatment and separation steps in an AEL based process require at least 5.30 kWh ⋅ kg−1NH3 .
This means that the energy consumption of the electrochemical cell should be lower or equal to 3.50
kWh ⋅ kg−1NH3 . However, even with a Faradaic efficiency of 100% and at the standard equilibrium cell
voltage of 1.17 V this is impossible. At these operating parameters, the electrochemical cell itself would
require 5.55 kWh ⋅ kg−1NH3 .

The pretreatment and separation steps require at least 3.50 kWh ⋅ kg−1NH3 for a PEMEL cell based
process. This results in the maximum allowed energy consumption by the PEMEL cell to be 5.30
kWh ⋅ kg−1NH3 . Also for this process, even in the most optimistic predictions for future ammonia electrol
ysers, with a Faradaic efficiency of 100% and at a cell potential of 1.17 V, the PEMEL cell requires
5.53 kWh ⋅ kg−1NH3 . This results in a total energy consumption of 9.66 kWh ⋅ kg−1NH3 . The target of being
competitive with a HaberBosch process is not achieved with these operating parameters, but with op
timisation of the process and the operating parameters (see chapter 7), this is perhaps possible. At a
70% Faradaic efficiency, the cell potential should be equal to or below 0.69 V to stay below the allowed
energy consumption. However, this is below the standard equilibrium cell voltage, so no ammonia will
be produced at this voltage.

The results for the electrochemical cell are compared to the results from a research by Wang et
al. [91]. Wang estimated an energy consumption of the electrolyser of 11.82 kWh ⋅ kg−1NH3 , determined
at an overpotential of 0.6 V (thus a cell potential of 1.77 V) and a Faradaic efficiency of 90%. Our
results, 12.00 kWh ⋅ kg−1NH3 for an AEL and 11.95 kWh ⋅ kg−1NH3 for a PEMEL, come very close to these
findings.

As discovered in this study, the energy requirements of an electrochemical process are well above
the energy consumption of current HaberBosch based processes. However, electrolysers are not
very efficient and optimised yet, while the HaberBosch process has been optimised for over a cen
tury. Therefore, this study represents one of the first process analyses of electrochemical ammonia
production and allows for development in this area.



6
Conclusion

The focus of this thesis was to investigate different options for pretreatment, electrochemical ammonia
synthesis and separation steps, and to find the most optimal route for producing ammonia. Further
more, technological performance targets for electrochemical ammonia synthesis were formulated.

Cryogenic distillation and pressure swing adsorption for nitrogen generation are modeled and com
pared in this study. It has been found that a distillation process has an energy consumption of 0.56
kWh ⋅ kg−1N2 and an adsorption process has an energy consumption of 1.82 kWh ⋅ kg−1N2 . Based on the
requirement that the process should consume the least amount of energy, a cryogenic distillation unit
is preferred. Also when analysing the complete production processes with either a distillation or an
adsorption step, the processes with a distillation unit demand the least amount of energy.

The ideal Faradaic efficiency of the cell lies above 70%, because at lower Faradaic efficiencies,
the current that is required to achieve the predefined ammonia formation rate increases rapidly. An
increase in cell potential is linearly related to an increase in energy consumption by the electrolyser and
should therefore be minimised. A process where no electrolyte is needed would be the ideal process for
ammonia production since the separation step of these processes is less energy consuming. Therefore,
a PEMEL cell is considered the most promising type of electrochemical cell for an industrial ammonia
synthesis process.

For an AEL based process, a distillation unit is required for the separation of ammonia from the
electrolyte. This subprocess, including ammonia compression for storage, requires 2.24 kWh ⋅ kg−1NH3 .
For a PEMEL based process, flash separation has been proven to provide sufficient separation, with
an energy requirement of 0.75 kWh ⋅ kg−1NH3 .

The energy efficiency of the entire process is influenced by the applied cell potential and by the
Faradaic efficiency for a fixed ammonia formation rate. Only at a 100% Faradaic efficiency and a cell
potential below 1.3 V, an overall energy efficiency of above 50% can be achieved. Not for an alkaline
cell, nor for a PEMEL cell based process it is possible to stay below the energy consumption of a
HaberBosch process. However, at Faradaic efficiencies of 100% and zero overtotential, a PEMEL cell
based process does come close with a total energy consumption of 9.66 kWh ⋅ kg−1NH3 .

To conclude, an AEL or a PEMEL based ammonia synthesis process should be able to produce
ammonia at an energy consumption of around 8.8 kWh ⋅ kg−1NH3 . In order to achieve this, low energy
consuming pretreatment and separation technologies are selected. With a Faradaic efficiency of 70%,
cell potential of 1.77 V, nitrogen conversion rate of 25 mol% and an ammonia concentration of 10 mol%
in the electrolyser product stream, the energy consumptions for AEL and PEMEL based processes are,
respectively, 12.00 kWh ⋅ kg−1NH3 and 11.95 kWh ⋅ kg−1NH3 .
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7
Recommendations

7.1. Adsorption model
In this thesis, only the adsorption step of the PSA was modeled. In order to get more accurate results
it is advised to also take into account the pressurisation, blow down and desorption steps since these
steps require energy as well.

The dimensions of the adsorption column were set equal to those modeled by Sanchez et al. [72].
This resulted in a low throughput per column and therefore a large number of parallel operating columns
was needed, which might be not economic. In further modeling of the PSA unit, its dimensions should
be scaled up and its validity should be checked.

At high pressures, which are needed for a 99.9 mol% nitrogen purity, the nitrogen recovery is rela
tively low. This recovery rate should be increased to make PSA a reasonable alternative to cryogenic
distillation for air separation. Better oxygen adsorbents could be researched or a different adsorber set
up could be tried. It is also possible that ammonia synthesis with PSA for nitrogen generation is only
interesting at low production capacities.

7.2. Separation technologies
The energy consumption of the modeled distillation and flash separation processes strongly depend
on the ammonia concentration of the cell’s product stream. Therefore, options to increase the ammo
nia concentration, such as product recycles into the electrolyser, longer residence times or different
temperatures and pressures, should be explored.

For the flash separation of ammonia from the gaseous product stream from a PEMEL cell, it was
assumed that only hydrogen and nitrogen were present besides ammonia due to the zero crossover
assumption. In further studies it should be checked whether this assumption is valid, because it is
possible that at higher pressures crossover of small particles does take place.

7.3. Electrolyser analysis
In this study, Faraday’s law was used to calculate the required current for the production of a fixed
amount of ammonia, and the cell’s power is calculated as the sum of the cell potential and the total
current. These calculations assume a known Faradaic efficiency and current or give an indication
for what these values should be. However, this does not give an indication of the process inside the
electrochemical cell. For our calculations this is not required, but for further research it is valuable to
also take into account the influence of the operating parameters (temperature, pressure, volume flows,
etc.) on overpotentials, the ammonia formation rate and Faradaic efficiencies. Moreover, it is valuable
to analyse the effect of the cell potential on the ammonia formation rate, to determine the most optimum
operating potential. An electrical energy efficiency of 100% was assumed in this study. However, in
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future studies, this efficiency should be investigated, since it is expected that there are losses due to, for
example, heat production inside the cell. For a better understanding of the cell’s operation, reactions
inside the cell, heat and mass transfer and flow patterns will need to be taken into account. Also, other
types of electrochemical cells, such as SOELs and AEMELs should be further researched in order to
determine which cell is best fit for an ammonia production process.

7.4. Overall recommendations
Generally, the process should be optimised to increase energy efficiencies. This study has indicated
what technologies are likely feasible and what technologies or process units have significant energy
requirements. Heat integration plays an important role in the optimisation of the process, but also
stream recycles and a different set up for the PSA columns could increase the system’s efficiency.

It is advised to compare the different technologies and different overall processes on other criteria
than the energy consumption. An exergy balance will give more insight into where useful energy is
lost and a cost analysis will give better insights in the capital and operating costs. Additionally, the
environmental impact, such as CO2 emissions, of the different technologies should be compared.
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A
Stoichiometric carbon dioxide emissions

HaberBosch process
The stoichiometric CO2 emissions of the HaberBosch ammonia synthesis process are based on the
following assumptions:

• 60 mol% methane reacts in the first SMR reactor and 39 mol% methane reacts in the second
SMR reactor [9].

• All carbon monoxide is converted in the WGSR.

• All hydrogen converts to ammonia.

Table A.1: Stoichiometric CO2 emissions HaberBosch process

Reaction CH4 (mol) CO (mol) CO2 (mol) H2 (mol) NH3 (mol)

SMR CH4 + H2O −→ CO+ 3H2 0.6 0.6  1.8 
2CH4 +O2 −→ 2CO+ 4H2 0.39 0.39  0.78 

WGSR CO+ H2O −→ CO2 + H2  0.99 0.99 0.99 
Ammonia
synthesis

N2 + 3H2 −→ 2NH3    3.57 2.38

With molar masses MCO2 = 44.01 g ⋅mol−1 and MNH3 = 17.031 g ⋅mol−1:

CO2 emissions:
MCO2 ⋅molCO2
MNH3 ⋅molNH3

= 1.07 kgCO2 ⋅ kg−1NH3
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B
Gibbs free energy for nitrogen reduction

The overall reaction for nitrogen reduction with water is shown in Equation B.1 and some thermochem
ical properties for the elements are given in Table B.1.

1
2N2 +

3
2H2O −→

3
4O2 + NH3 (B.1)

Table B.1: Thermochemical properties of components for ammonia formation at 298 K and 1 atm

N2 H2O O2 NH3
Enthalpy of formation, ℎ0𝑓 (kJ ⋅mol−1) 0 285.83 0 46.19
Absolute entropy, 𝑠0 (J ⋅mol−1K−1) 191.5 69.95 205.03 192.33

The Gibbs free energy of formation, Δ𝐺0, is found as follows:

Δ𝐺0 = Δ𝐻0 − 𝑇Δ𝑆0 (B.2)

Δ𝐻0 = −12ℎ
0
𝑁2 −

3
2ℎ

0
𝐻2𝑂 +

3
4ℎ

0
𝑂2 + ℎ0𝑁𝐻3 = 382.55 kJ

Δ𝑆0 = −12𝑠
0
𝑁2 −

3
2𝑠
0
𝐻2𝑂 +

3
4𝑠
0
𝑂2 + 𝑠0𝑁𝐻3 = 145.43 J ⋅ K−1

Subsequently, the Gibbs free energy of formation at 298 K and 1 atm can be found:
Δ𝐺0 = Δ𝐻0 − 𝑇Δ𝑆0 = 339 kJ ⋅mol−1NH3 = 5.54 kWh ⋅ kg−1NH3 .
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C
Discretisation PSA column

The adsorption column for air separation is discretised over its length into space steps with length Δ𝑧
and over time with time steps of Δ𝑡 using the Euler backward method for first derivatives and a central
difference scheme for second derivatives. An illustration of the discretisation in time and space of the
column is shown in Figure C.1.
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Figure C.1: Illustration of the discretisation in time and space of the PSA column.

With 𝐿𝑡 as the length of one time step 𝑡 and 𝐿𝑖 as the length of one step along the length of the adsorption
column, the terms in Equation 3.1 are discretised as follows:

𝛿𝐶𝑖
𝛿𝑡 =

𝐶𝑖(𝑖, 𝑡) − 𝐶𝑖(𝑧, 𝑡 − 1)
𝐿𝑡

(C.1)

𝛿2𝐶𝑖
𝛿𝑧2 =

𝐶𝑖(𝑧, 𝑡) − 2𝐶𝑖(𝑧 − 1, 𝑡) + 𝐶𝑖(𝑧 − 2, 𝑡)
𝐿2𝑖

(C.2)

𝛿𝐶𝑖
𝛿𝑧 =

𝐶𝑖(𝑧, 𝑡) − 𝐶𝑖(𝑧 − 1, 𝑡)
𝐿𝑖

(C.3)

An expression for the change in flow velocity along the length of the column can be found by rewriting
Equation 3.2 and results in:
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52 C. Discretisation PSA column

𝛿𝑣
𝛿𝑧 (𝑧, 𝑡) = −

1 − 𝜖
𝜖𝐶𝑡𝑜𝑡(𝑧, 𝑡)

∑
𝑖

𝛿𝑞𝑖
𝛿𝑡 (𝑧, 𝑡) (C.4)

𝛿𝑞𝑖
𝛿𝑡 =

𝑞𝑖(𝑧, 𝑡) − 𝑞𝑖(𝑧, 𝑡 − 1)
𝐿𝑡

(C.5)

Where:

𝑞𝑖(𝑧, 𝑡) =
𝐿𝑡𝑘𝑖𝑞∗𝑖 (𝑧, 𝑡) + 𝑞𝑖(𝑧, 𝑡 − 1)

1 + 𝐿𝑡𝑘𝑖
(C.6)

Since:

𝑘𝑖(𝑞∗𝑖 (𝑧, 𝑡) − 𝑞𝑖(𝑧, 𝑡)) =
𝑞𝑖(𝑧, 𝑡) − 𝑞𝑖(𝑧, 𝑡 − 1)

𝐿𝑡
(C.7)

Which can be found by combining Equation 3.3 and Equation C.5.



D
Separation process of ammonia from an

AEL solute product stream
Table D.1 gives the distillation column specification and energy requirement for a separation unit that
separates ammonia from a 1 M KOH solution originating from an AEL.

Table D.1: Distillation column specifications and energy requirement for a separation process of ammonia from a 1 M KOH
solution for different concentrations of ammonia in the solute product stream.

Concentration
ammonia
(mol%)

Number of
stages ()

Feed
stage
()

Reflux
ratio ()

Distillate to
feed ratio ()

Ammonia
recovery
(mol%)

Energy consump
tion (kWh ⋅ kg−1NH3 )

4 32 7 1.7 0.0392 99.4 10.04
5 25 4 1.5 0.0491 99.9 8.13
10 22 4 1.3 0.0995 99.5 1.75
15 14 4 1.25 0.147 99.5 1.36
20 10 5 1.15 0.1959 99.4 1.11
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E
Stream summary

E.1. AEL with distillation

AIR1 AIR2 AMM1 AMM2 AMM3 AMMONIA
Temperature (K) 569.45 89.95 239.45 240.15 466.85 298.15
Pressure (bar) 6 6 1 1 10 10
Vapor Frac 1 0 0 1 1 0
Solid Frac 0 0 0 0
Mole Flow (kmol/hr) 10683.43 10683.43 3670.06 3670.06 3670.06 3670.06
Mass Flow (kg/hr) 308646.97 308646.97 62503.14 62503.14 62503.14 62503.14
Volume Flow (cum/hr) 84460.31 377.41 91.37 72334.18 13959.05 103.76
Enthalpy (Gcal/hr) 20.50 29.81 62.36 41.91 34.62 57.89
Mole Flow (kmol/hr)
HYDRO01
NITRO01 8333.08 8333.08
OXYGE01 2350.36 2350.36
AMMON01 3670.06 3670.06 3670.06 3670.06
WATER
K+
OH
NH4+
KOH(S)
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56 E. Stream summary

BOTTOM DRYAIR GASES KOH KOHSOL
Temperature (K) 373.65 298.15 353.15 298.15 298.15
Pressure (bar) 1 1 1 1 1
Vapor Frac 0 1 0 0 0
Solid Frac 0 1 1 0
Mole Flow (kmol/hr) 33214.94 10683.43 11956.95 716.80 41099.80
Mass Flow (kg/hr) 612723.43 308646.97 289075.67 40216.40 754814.11
Volume Flow (cum/hr) 604.22 264690.52 750.23
Enthalpy (Gcal/hr) 2210.21 0.02 0 0 2740.99
Mole Flow (kmol/hr)
HYDRO01 2371.00
NITRO01 8333.08 5631.41
OXYGE01 2350.36 3954.55
AMMON01 18.44
WATER 31765.36 39666.20
K+ 716.80 716.80
OH 716.80 716.80
NH4+ < 0.001
KOH(S) 716.80

NIT1 NIT2 OXYGEN SOLUTE WAT1 WATER
Temperature (K) 77.35 353.15 84.25 353.15 353.15 298.15
Pressure (bar) 1 1 1 1 1 1
Vapor Frac 0 1 0 0.122 0 0
Solid Frac 0 0 0
Mole Flow (kmol/hr) 7478.40 7478.40 3205.03 36885.00 41099.80 39666.20
Mass Flow (kg/hr) 209507.54 209507.54 99139.42 675226.57 754814.16 714597.70
Volume Flow (cum/hr) 260.39 219575.72 94.84 131779.1 740.95 716.63
Enthalpy (Gcal/hr) 21.58 2.85 9.77 2247.52 2753.58 2709.65
Mole Flow (kmol/hr)
HYDRO01
NITRO01 7475.51 7475.51 857.56
OXYGE01 2.89 2.89 2347.47
AMMON01 3688.49
WATER 31765.35 39666.20 39666.20
K+ 716.80 716.80
OH 716.80 716.80
NH4+ 0.01
KOH(S)
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E.2. AEL with PSA
Table E.1: Stream summary for an AEL with distillation process

ABS1 ABSORBED AIR1 AIR2 AIR3 AMM1
Temperature (K) 298.15 298.15 658.65 298.15 298.15 239.45
Pressure (bar) 9.4 9.4 9.4 9.4 9.4 1
Vapor Frac 0 0 1 1 1 0
Solid Frac 0 0 0 0 0 0
Mole Flow (kmol/hr) 319.36 55888.68 63525.90 63525.90 362.10 3670.06
Mass Flow (kg/hr) 9263.79 1621160 1835280 1835280 10461.09 62503.19
Volume Flow (cum/hr) 371201.08 166721.26 950.31 91.37
Enthalpy (Gcal/hr) 0 0 163.46 1.14 0.01 62.36
Mole Flow (kmol/hr)
HYDRO01
NITRO01 239.75 41955.86 49550.20 49550.20 282.44
OXYGE01 79.62 13932.82 13975.70 13975.70 79.66
AMMON01 3670.06
WATER
K+
OH
NH4+
KOH(S)
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AMM2 AMM3 AMMONIA BOTTOM DRYAIR
Temperature (K) 240.15 466.85 298.15 373.65 298.15
Pressure (bar) 1 10 10 1 1
Vapor Frac 1 1 0 0 1
Solid Frac 0 0 0 0 0
Mole Flow (kmol/hr) 3670.06 3670.06 3670.06 33214.94 63525.9
Mass Flow (kg/hr) 62503.19 62503.19 62503.19 612723.38 1835280.00
Volume Flow (cum/hr) 72334.23 13959.06 103.76 604.22 1573910.00
Enthalpy (Gcal/hr) 41.91 34.62 57.89 2210.21 0.12
Mole Flow (kmol/hr)
HYDRO01
NITRO01 49550.20
OXYGE01 13975.70
AMMON01 3670.06 3670.06 3670.06 18.439
WATER 31765.36
K+ 716.80
OH 716.80
NH4+ < 0.001
KOH(S)

GASES KOH KOHSOL NIT1 NIT2 NIT3
Temperature (K) 353.15 298.15 298.15 298.15 298.15 298.15
Pressure (bar) 1 1 1 9.4 9.4 9.4
Vapor Frac 0 0 0 0 0 1
Solid Frac 1 1 0 0 0 0
Mole Flow (kmol/hr) 11956.95 716.80 41099.80 42.73 7478.41 7478.41
Mass Flow (kg/hr) 289095.76 40216.41 754814.14 1197.30 209527.82 209527.82
Volume Flow (cum/hr) 750.23 19647.98
Enthalpy (Gcal/hr) 0 2740.98 0 0 0.13
Mole Flow (kmol/hr)
HYDRO01 2371.00
NITRO01 5626.36 42.69 7470.47 7470.47
OXYGE01 3959.58 0.05 7.94 7.94
AMMON01
WATER
K+ 716.80
OH 716.80
NH4+
KOH(S) 716.80
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NIT4 NIT5 SOLUTE WAT1 WATER
Temperature (K) 195.55 353.15 353.15 353.15 298.15
Pressure (bar) 1 1 1 1 1
Vapor Frac 1 1 0.122 0 0
Solid Frac 0 0 0 0 0
Mole Flow (kmol/hr) 7478.41 7478.41 36885.00 41099.80 39666.20
Mass Flow (kg/hr) 209527.82 209527.82 675226.57 754814.16 714597.73
Volume Flow (cum/hr) 121247.56 219575.81 131779.21 740.95 716.63
Enthalpy (Gcal/hr) 5.36 2.85 2247.52 2753.58 2709.65
Mole Flow (kmol/hr)
HYDRO01
NITRO01 7470.47 7470.47
OXYGE01 7.94 7.94
AMMON01 3688.49
WATER 31765.35 39666.20 39666.20
K+ 716.80 716.80
OH 716.80 716.80
NH4+ 0.01
KOH(S)
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E.3. PEM with distillation
Table E.2: Stream summary for a PEMEL with distillation process

AIR1 AIR2 AMMONIA ANODE CATHODE
Temperature (K) 569.45 90.15 172.95 353.15 353.15
Pressure bar 6 6 15 30 30
Vapor Frac 1 0 0 0 0
Mole Flow kmol/hr 10496.00 10496.00 3670.05 18098.74 11543.93
Mass Flow kg/hr 303232.07 303232.07 62503.51 381148.27 221614.16
Volume Flow cum/hr 82978.53 371.14 82.02
Enthalpy Gcal/hr 20.14 29.26 67.17 0.00 0.00
Mole Flow kmol/hr
HYDRO01 0.08 2362.27
NITRO01 8186.88 8186.88 0.15 5507.03
OXYGE01 2309.12 2309.12 3939.96
AMMON01 3669.83 3674.64
WATER 14158.78

DRYAIR GASES NIT1 NIT2 NIT3 NIT4
Temperature (K) 298.15 172.95 77.35 123.15 231.35 353.15
Pressure bar 1 15 1 6 30 30
Vapor Frac 1 1 0 1 1 1
Mole Flow kmol/hr 10496.00 7873.88 7347.20 7347.20 7347.20 7347.20
Mass Flow kg/hr 303232.07 159110.65 205831.99 205831.99 205831.99 205831.99
Volume Flow cum/hr 260046.79 7302.24 255.82 11604.69 4511.83 7197.98
Enthalpy Gcal/hr 0.02 7.19 21.21 9.31 4.05 2.56
Mole Flow kmol/hr
HYDRO01 2362.19
NITRO01 8186.88 5506.88 7344.35 7344.35 7344.35 7344.35
OXYGE01 2309.12 2.85 2.85 2.85 2.85
AMMON01 4.80
WATER
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OXYGEN1 OXYGEN2 WATREC WAT1 WAT2 WATER
Temperature (K) 84.25 298.15 298.15 298.35 353.15 298.15
Pressure bar 1 1 1 30 30 1.
Vapor Frac 0 1 0 0 0. 0
Mole Flow kmol/hr 3148.80 4045.65 14053.09 22033.00 22033.00 22033.00
Mass Flow kg/hr 97400.06 127977.39 253170.88 396930.66 396930.66 396930.66
Volume Flow cum/hr 93.18 100176.09 254.71 399.42 422.63 399.34
Enthalpy Gcal/hr 9.60 6.12 965.81 1513.90 1490.36 1514.24
Mole Flow kmol/hr
HYDRO01
NITRO01 842.53
OXYGE01 2306.27 3939.92 0.04
AMMON01
WATER 105.72 14053.06 22033.00 22033.00 22033.00

E.4. PEM with PSA
Table E.3: Stream summary for a PEMEL with PSA process

ADS1 ADSORBED AIR1 AIR2 AIR3
Temperature C 0.05 0.05 658.65 298.15 298.15
Pressure bar 9.4 9.4 9.4 9.4 9.4
Vapor Frac 0 0 1 1 1
Mole Flow kmol/hr 319.02 55827.78 63400.00 63400.00 361.38
Mass Flow kg/hr 9253.42 1619350.00 1831640.00 1831640.00 10440.36
Volume Flow cum/hr 370465.41 166390.84 948.43
Enthalpy Gcal/hr 0.01 1.00 163.14 1.13 0.01
Mole Flow kmol/hr
HYDRO01
NITRO01 239.56 41922.42 49452.00 49452.00 281.88
OXYGE01 79.46 13905.36 13948.00 13948.00 79.50
AMMON01
WATER
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AMMONIA ANODE CATHODE DRYAIR GASES
Temperature C 172.95 353.15 353.15 298.15 172.95
Pressure bar 15 30 30 1 15
Vapor Frac 0 0 0 1 1
Mole Flow kmol/hr 3670.02 18116.66 11605.53 63400.00 7935.52
Mass Flow kg/hr 62502.86 381540.06 223339.85 1831640.00 160836.99
Volume Flow cum/hr 82.02 1570790.00 7357.76
Enthalpy Gcal/hr 67.16 0 0 0.12 7.25
Mole Flow kmol/hr
HYDRO01 0.08 2362.27 2362.19
NITRO01 0.15 5568.63 49452 5568.48
OXYGE01 3944.88 13948
AMMON01 3669.79 3674.64 4.84
WATER 14171.78

NIT1 NIT2 NIT3 NIT4 NIT5
Temperature C 0.05 0.05 293.15 452.55 353.15
Pressure bar 9.4 9.4 9.4 30 30
Vapor Frac 0 0 1 1 1
Mole Flow kmol/hr 42.36 7413.72 7413.72 7413.72 7413.72
Mass Flow kg/hr 1186.94 207715.04 207715.04 207715.04 207715.04
Volume Flow cum/hr 19142.00 9377.82 7263.09
Enthalpy Gcal/hr 0.001 0.130 0.39 7.87 2.58
Mole Flow kmol/hr
HYDRO01
NITRO01 42.32 7405.95 7405.95 7405.95 7405.95
OXYGE01 0.04 7.77 7.77 7.77 7.77
AMMON01
WATER

OXYGEN WATREC WAT1 WAT2 WATER
Temperature C 353.15 353.15 298.35 353.15 298.15
Pressure bar 30 30 30 30 1
Vapor Frac 1 0 0 0 0
Mole Flow kmol/hr 4009.87 14106.79 22046.00 22046.00 22046.00
Mass Flow kg/hr 127354.87 254185.20 397164.86 397164.86 397164.86
Volume Flow cum/hr 3872.23 270.65 399.65 422.88 399.58
Enthalpy Gcal/hr 2.60 953.97 1514.79 1491.24 1515.13
Mole Flow kmol/hr
HYDRO01
NITRO01
OXYGE01 3941.49 3.39
AMMON01
WATER 68.39 14103.39 22046.00 22046.00 22046.00
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